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Nomenclature
A hydraulic permeability

b friction parameter defined by

Equation (36)

B salt permeability

c9s bulk solute concentration at high-

pressure side (g l�1)

c0s solute concentration at low-

pressure side (g l�1)

c-s solute concentration at high-

pressure side of the membrane (at

membrane surface) (g l�1)

�cs mean solute concentration in the

membrane
ð�csÞln logarithmic mean solute

concentration in the membrane

�cv concentration of water in the

membrane

D2 solute diffusion coefficient
�Ds diffusivity of the solute in the

membrane (m2 s�1)
�Dv diffusivity of the solvent in the

membrane (m2 s�1)

E0 apparent activation energy for

solvent transport (kJ kmol�1)

Fi driving force on component i

Fij frictional force between i and j

Ji flux of component i
1



2 Reverse Osmosis and Nanofiltration
Js molar flux of solute (kmol m�2 s)

Jv solvent volume flux (m3 m�2 s)

k distribution coefficient of solute

k1, k2, k3 transport parameters in the solution–

diffusion imperfection model as

defined by Equations (23) and (24)

K distribution coefficient of solute

between bulk solution and pore fluid

lp hydraulic permeability coefficient

(m s�1 kPa)

lsp pressure-induced solute transport

parameter (kmol m�2 s kPa)

lpp coupling coefficient

Lp hydraulic permeability

ps solutepermeabilitycoefficient (m2 s�1)

pv water permeability coefficient

(m2 s�1 kPa)

R and R solute retention

Rmax maximum solute rejection

R universal gas constant (kJ kmol�1 K)

T temperature (K)

u linear velocity of the pore fluid

ui linear velocity of component i

Vs solute partial molar volume

(m3 kmol�1)

Vv partial molar volume of water

(m3 kmol�1)
x coordinate direction perpendicular

to the membrane (m)

Xij friction coefficient between mol i

and surrounding j

" frictional pore area of the membrane

� thickness of the membrane skin layer

��s solute chemical potential difference

across the membrane (kJ kmol�1)

�� osmotic pressure difference across

the membrane (kPa)

�x membrane thickness (m)

�P pressure difference across the

membrane (kPa)

�v density of water

s reflection coefficient

� tortuosity factor

! transport parameter defined by

Equation (6) (kmol m�2 s�1 kPa�1)
Subscripts
p in the pore

il intermediate layer

sl skin layer

pl porous layer

1 and/or v solvent (water)

2 and/or s solute

3 and/or m membrane
2.01.1 Introduction

Several models on reverse osmosis (RO) transport
mechanisms and models have been developed to
describe solute and solvent fluxes through RO mem-
branes. The general purpose of a membrane mass
transfer model is to relate the fluxes to the operating
conditions. The power of a transfer model is its
ability to predict the performance of the membrane
over a wide range of operating conditions. To realize
this objective, the model has to be integrated with
some transport coefficients often determined based
on some experimental results.

When theories are proposed to describe mem-
brane transport, either the membrane can be treated
as a black box in which a purely thermodynamic
description is used, or a physical model of the mem-
brane can be introduced. The general description
obtained in the first case gives no information on
the flow and separation mechanisms. On the other
hand, the correctness of data on the flow and
separation mechanisms obtained in the second case
depends on the chosen model.

The transport models can be divided into three
categories:

1. phenomenological transport models which are inde-
pendent of the mechanism of transport and are based

on the theory of irreversible thermodynamics
(irreversible thermodynamics – phenomenological
transport and irreversible thermodynamics –

Kedem–Spiegler models);
2. nonporous transport models, in which the membrane

is supposed to be nonporous or homogeneous

(solution–diffusion, extended solution–diffusion,
and solution–diffusion-imperfection models
(SDIMs)); and

3. porous transport models, in which the membrane
is supposed to be porous (preferential sorption-
capillary flow, Kimura–Sourirajan analysis, finely

porous and surface force-pore flow, and friction
models).
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Most models for RO membranes assume diffusion or

pore flow through the membrane while charged-

membrane theories include electrostatic effects. For

example, Donnan exclusion models can be used to

determine solute fluxes in the often negatively

charged nanofiltration membranes.
Moreover, RO membranes have, in general, an

asymmetric or a thin-film composite structure

where a porous and thin top layer acts as selective

layer and determines the resistance to transport.

Macroscopically, these membranes are homoge-

neous. However, on the microscopic level, they are

systems with two phases in which the transport of

water and solutes takes place. Figure 1 provides a

schematic presentation of a thin-film composite

membrane structure with (1) the highly selective

skin layer which acts as a barrier, (2) the intermediate

porous layer where the selectivity decreases to zero,

and (3) the nonselective porous sublayer.
The porous sublayer influences the total hydrau-

lic permeability (Lp) from Reference 1:

1

Lp
¼ 1

Lp

� �
sl

þ 1

Lp

� �
il

þ 1

Lp

� �
pl

ð1Þ

But it has almost no influence on the solute rejection
properties of the membranes. Therefore, most trans-

port and rejection models of RO membranes have

been derived for single-layer membranes focusing

almost only on the surface thin layer.
Transport models can help in identifying the most

important membrane structural parameters and

showing how membrane performance can be

improved by varying some specific parameters. One

of the main membrane intrinsic parameters is the

reflection coefficient, s, introduced by Staverman

[2] and defined as

� X
– l�p

lp
¼ �P

��

� �
Jv ¼ 0

ð2Þ
Skin layer (σsl)

Intermediate layer (σsl > σil > 0)

Nonselective porous sub-
layer (σpl = 0)

Figure 1 Schematic presentation of thin-film composite

membrane structure.
where s describes the effect of the pressure driving
force on the flux of solute and represents the relative
permeability of the membrane to the solute:

1. s¼ 1 for a high-separation membrane and
2. s¼ 0 for a low-separation membrane in which the

solute is significantly carried through the mem-
brane by solvent flux.

In RO, the intrinsic retention Rmax is related to s and
normally s�Rmax (as reported in Reference 3). Pusch
[4] derived the following relationship between Rmax

and �:Rmax ¼ 1 – 1 – �ð Þ? �csmax

c9
s

where �csmax is the mean salt concentration at infinite
Jv

.

2.01.2 Phenomenological Transport
Models

2.01.2.1 Irreversible Thermodynamics-
Phenomenological Transport Model

The membrane is treated as a black box when nothing
on the transport mechanism and membrane structure is
known. In this case, the thermodynamics of irreversible
thermodynamics (IT) processes can be applied to
membrane systems. According to the IT theory, the
flow of each component in a solution is related to the
flows of other components. Then, different relation-
ships between the flux through the membrane and the
forces acting on the system can be formulated.

Onsager [5] suggests that fluxes Ji are related to
the forces Fj through the phenomenological coeffi-
cient Lij:

Ji ¼ LiiFi þ
X
i 6¼j

Lij Fj for i ¼ 1; . . .; n ð3Þ

For systems close to equilibrium, the cross-
coefficients are equal:

Lij ¼ Lji for i 6¼ j ð4Þ

Kedem and Katchalsky [6] used the linear phe-
nomenological relationships (Equations (3) and (4))
to derive the phenomenological transport:

Jv ¼ lp �P –���ð Þ ð5Þ

Js ¼ !��þ 1 – �ð ÞJvð�csÞln ð6Þ

where parameters lp, !, and s are simple functions of
the original phenomenological coefficient Lij.

Usually RO systems are far from equilibrium;
therefore, Equation (4) may not be correct. Moreover,
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phenomenological transport equations (5) and (6)
have been rarely applied for describing RO membrane
transport both because the often large concentration
difference across the membranes invalidates the
linear laws and because this analysis does not
give much information regarding the transport
mechanism.
2.01.2.2 IT-Kedem–Spiegler Model

Spiegler and Kedem [13] bypassed the problem of
linearity by rewriting the original IT equations for
solvent and solute flux in differential form:

Jv ¼ pv
dP

dx
–�

d�

dx

� �
ð7Þ

Js ¼ p
d�cs

dx
þ 1 –�ð Þ�csJv ð8Þ

where pv is the water permeability, x the coordinate
direction perpendicular to the membrane, and ps the
solute permeability. Integrating Equations (7) and (8)
over the thickness of the membrane by assuming pv,
ps, and s constant, the following equations for the
solvent flux Jv and retention R are achieved:

Jv ¼
pv

�x
�P – ���ð Þ ð9Þ

R ¼ � 1 – exp – Jv 1 –�ð Þ�x=ps½ �f g
1 – � exp – Jv 1 –�ð Þ�x=ps½ � ð10Þ

where �x is the membrane thickness. Equation (10)
can be rearranged as follows:

c9s

c0s
¼ 1

1 – �
–

�

1 –�
exp – Jv 1 –�ð Þ�x

ps

� �
ð11Þ

However, similar to phenomenological transport
equations, Spiegler and Kedem relationships also do
not give information on the membrane transport
mechanism.
2.01.3 Nonporous Transport Models

2.01.3.1 Solution–Diffusion Model

The solution–diffusion model assumes that (1) mem-
brane surface layer is homogenous and nonporous
and (2) both solute and solvent dissolve in the surface
layer and then they diffuse across it independently.
Water and solute fluxes are proportional to their
chemical potential gradient. The latter is expressed
as the pressure and concentration difference across
the membrane for the solvent, whereas it is assumed
to be equal to the solute concentration difference

across the membrane for the solute:

Jv ¼ A �P –��ð Þ ð12Þ

A ¼
�Dv�cvVv

R T�x
ð13Þ

Js ¼ B cs- – cs0ð Þ ð14Þ

B ¼
�Dsk

�x
ð15Þ

where A is the hydraulic permeability constant lp, B is
the salt permeability constant, cs- and cs0 are, respec-
tively, the salt concentrations on the feed and
permeate sides of the membrane. �Dv and �Ds are the
diffusivities of the solvent and the solute in the
membrane, respectively; �cv is the concentration of
water in the membrane; Vv is the partial molar
volume of water; R is the universal gas constant; T

is the temperature; k is the partition or distribution
coefficient of solute defined as follows:

K ¼ kg solute m – 3 membrane

kg solute m – 3 solution
ð16Þ

k measures the solute affinity to (k > 1) or repulsion
from (k < 1) the membrane material.

Following Equations (12)–(15), differences in
solubilities and diffusivities of the solute and solvent

in the membrane phase are important in this model

since these differences strongly influence the fluxes

through the membrane. Moreover, these equations

prove that the solute flux through the membrane is

independent of water flux.
Because the concentration of salt in the permeate

solution c0s is usually much smaller than cs-, Equation

(14) can be simplified as follows:

Js ¼ Bc-s ð17Þ

Equations (12) and (17) show that the water flux is
proportional to the applied pressure, whereas the

solute flux is independent of pressure. This means

that the membrane selectivity increases with increasing

pressure. The membrane selectivity can be measured

as solute rejection R given by

R ¼ 1 –
c0s

c-s

� �
� 100% ð18Þ

By combining Equations (12)–(18) with the rela-
tionship (19) between c0s, Jv, and Js, the membrane

rejection can be expressed as follows:

c0s ¼
Js

Jv
�v ð19Þ
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R ¼ 1 –
�v B

A �P –��ð Þ

� �
� 100% ð20Þ

where �v is the density of water.
The main advantage of the solution–diffusion model

is its simplicity. One of its restriction is that it foresees
rejection equal to 1 at infinite flux �P !1ð Þ, a limit
not reachable for many solutes. Therefore, this model is
appropriate for solvent–solute-membrane systems
where the separation is close to 1. Moreover, it can be
noted that Equation (5) is reduced to the solution–
diffusion model when s¼ 1.
2.01.3.2 Extended Solution–Diffusion
Model

In the solution–diffusion model, the effect of pressure
on solute transport is neglected [8, 19]. In order to
include the pressure term, the salt chemical potential
gradient has to be written as

��s ¼ RT ln
c-s

c0s

� �
þ Vs�P ð21Þ

where ��s is the solute chemical potential difference
across the membrane and Vs is the solute partial
molar volume.

For sodium chloride–water separation, Burghoff

et al. [8] suggest ignoring the pressure term
Vs�P

RT

� �

when ln
c-s

c0s

� �
>> 8:0� 10 – 6�P.

Including pressure, particularly for organic-water
systems, the solute flux is given by

Js ¼
�Dsk

�x
c-s – c0sð Þ þ lsp�P ð22Þ

where lsp is the pressure-induced transport parameter.
Equation (22) has been proved to be accurate for

different organic solutes with cellulose acetate mem-
branes [8].
2.01.3.3 Solution–Diffusion-Imperfection
Model

The solution–diffusion model is one of the most
referred membrane models. It presupposes that the
membrane surface is homogenous/nonporous and it
has the limitation that the intrinsic value of retention
is always unity.

The SDIM developed by Sherwood et al. [9]
considers that small imperfections exist on the mem-
brane surface due to the membrane-making process,
and solvent and solute can flow through them without
any change in concentration. Therefore, SDIM
includes pore flow as well as diffusion of solute and
solvent through the membrane and it can be considered
a compromise between solution–diffusion and porous
models. Moreover, Jonsson and Boesen [10] proved
that SDIM can be used to determine a parameter
identified with the reflection coefficient. According
to the model, water and solute fluxes can be written as

Jv ¼ k1 �P –��ð Þþ|fflfflfflfflfflfflfflfflfflfflffl{zfflfflfflfflfflfflfflfflfflfflffl}
diffusion

K3�P|fflffl{zfflffl}
pore flow contribution to water flux

¼ k1 þ k3ð Þ �P –
k3

k1 þ k3
��

� �
ð23Þ

Js ¼ k2��þ K3�Pc9s|fflfflfflffl{zfflfflfflffl}
pore flow of solute through the membrane

ð24Þ

where K3�P is the term proportional to the pressure-
driving force; k1 and k2 are the transport parameters
for diffusive water and solute flux, respectively; and
k3 is the transport parameter for the pore flow.

Equations (23) and (24) can be rearranged to give
the reduction factor [3]:

c9s

c0s
¼ c9sJv

Js
¼

�P –��ð Þ þ k3
k1

�P

k2
k1

��
c9s
þ k3

k1
�P

ð25Þ

and comparing Equation (23) with Equation (5), s
can be obtained:

� ¼ 1

1þ k3
k1

ð26Þ

where the ratio k3=k1 is a measure of the relative
contribution of pore flow compared to diffusive flow.

This model has been successfully applied for the
performance description of several solutes and
membranes [10], particularly it is proper for those
membranes exhibiting lower separation than that cal-
culated from solubility and diffusivity measurements.
2.01.4 Porous Transport Models

Among the transport models in which the membrane
is supposed to be porous, friction and finely porous
models are described in this section.
2.01.4.1 Friction Model

Friction model considers that the transport through
porous membrane occurs both by viscous and diffu-
sion flow. Therefore, the pore sizes are considered so
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small that the solutes cannot pass freely through the
pores but friction between solute-pore wall and sol-
vent-pore wall and solvent–solute occurs. The
frictional force F is linearly proportional to the velo-
city difference through a proportional factor X called
friction coefficient indicating the interaction between
solute and pore wall:

F23 ¼ –X23 u2 – u3ð Þ ¼ –X23u2 ð27Þ

F13 ¼ –X13 u1 – u3ð Þ ¼ –X13u1 ð28Þ

F21 ¼ –X21 u2 – u1ð Þ ð29Þ

F12 ¼ –X12 u1 – u2ð Þ ð30Þ

Equations (27)–(30) are derived considering the
membrane as reference (u3¼ 0). Considering that the
frictional force per mole of solute F23 is given by

F23 ¼ –X23u2 ¼ –X23

J2p

c2p
ð31Þ

Equation (27) can be written as

F23 ¼ –X23

J2p

c2p
ð32Þ

Jonsson and Boesen [10] have presented a detailed
description of this model and they have shown that,
as F21 is the effective force for diffusion of solute in
the center of mass system, the solute flux per unit
pore area J2p is given by

J2p ¼
1

X21
c2p – F21ð Þ þ c2p ? u ð33Þ

A balance of applied and frictional forces is equal
to

F2 ¼ – F21 þ F23ð Þ ð34Þ

Neglecting the pressure term and in the case of dilute
solution behavior, F2 is equal to

F2 ¼ –
RT

c2p

dc2p

dx
ð35Þ

Defining b as the term that relates the frictional
coefficients X23 (between solute and membrane) and
X21 (between solute and water)

b ¼ X21 þ X23

X21
ð36Þ

and inserting in Equations (29), (32), and (34)–(36),
J2p can be written as

J2p ¼ –
RT

X21?b

dc2p

dx
þ c2p?u

b
ð37Þ

The coefficient for distribution K of solute
between bulk solution and pore fluid is given by
K ¼ c2p=c2 ð38Þ

with Jv ¼ "?u, Ji ¼ J2?", and � ¼ �?x, using the pro-
duct condition

c02 ¼
J2p

u
ð39Þ

and integrating Equation (37) with the boundary
conditions x ¼ 0 : c2p ¼ Kc92; x ¼ �?�: c2p ¼ Kc0

2

the following equation for the ratio c9
2=c0

2 is obtained:

c92

c02
¼

1þ b
k

exp u" �?�
"

X21
RT

� �
– 1

	 

exp u" �?�

"
X21
RT

� � ð40Þ

In this derivation K, b, and X21 are assumed to be
independent from the solute concentration.

2.01.4.2 Finely Porous Model

The finely porous model was developed by Merten
[11] using a balance of applied and frictional forces
proposed by Spiegler [12]. It is a combination
between viscous flow and frictional model presented
in detail by Jonsson and Boesen [10]. The premise of
the model is to describe, reasonably, the transport of
water and solutes in the intermediate region between
solution–diffusion model and Poiseuille flow:

1. the first is reasonable when applied to very dense
membranes and solutes which are almost totally
rejected, whereas

2. Poiseuille flow can be used to describe the trans-
port through porous membranes consisting of
parallel pores.

Jonsson and Boesen [10] showed that the following
equation can be used to determine Rmax from RO
experiments:

c92

c02
¼ b

K
þ 1 –

b

K

� �
exp –

�?�

"
?

Jv

D2

� �
ð41Þ

where D2 is the solute diffusion coefficient.
From Equation (41), the maximum rejection Rmax

(at Jv!1) is given by

Rmax ¼ � ¼ 1 –
K

b
¼ 1 –K

1

1þ X23
X21

ð42Þ

Equation (42) shows how rejection is related to a
kinetic term (the friction factor b) and to a thermo-
dynamic equilibrium term (K). Spiegler and Kedem
[13] derived the following corresponding expression:

� ¼ 1 – K
1

1þ X23
X21

1þ X23�u2

X21�u1

� �
ð43Þ

Equations (42) and (43) are identical apart the correction
term X13�u2=X21�u1 which is much smaller than 1 for



Fundamentals in Reverse Osmosis 7
highly selective membranes because the solubility of the
solute in the membrane must be as low as possible. This
can be achieved by a proper choice of the polymer.
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2.01.5 Comparison and Summary of
Membrane Transport Models

In this section, an overview of several transport mod-
els commonly used to describe solute and solvent
transport mechanisms through the membranes is pre-
sented. As discussed, each of the models is based on
substantially different assumptions. However, some
of them have nearly similar mathematical forms.
Certainly, a model is suitable for describing experi-
mental data if agreement between the adopted model
and experimental results exists. However, the simple
agreement does not guarantee that the model is cor-
rect. The real power of a model is when it is suitable
also for predicting the behavior of real membranes
under various experimental conditions. Moreover, in
each model, some coefficients emerge that must be
determined based on experimental data. Therefore,
the success of a model is also measured in terms of its
ability and simplicity to describe mathematically the
data with coefficients reasonably constant over the
range of operative conditions.

Without doubt there is not a certain model if the
membrane structure is not known. In this situation,
information on the diffusion and solubility is obtained
through the application of the solution–diffusion
model, whereas a porous model will give information
about the porous nature of the membrane.
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Figure 2 Effect of pressure (a), feed salt concentration (b),

and temperature (c) on the properties of good-quality

seawater desalination membranes (SW-30) [14, 17].
2.01.6 Influence from Operating
Conditions on Transport

In the previous sections, an overview of several trans-
port models commonly used to describe membrane
transport was presented. As earlier stated, the power
of a transport model is to describe and to predict
the behavior of membranes under various experi-
mental conditions. The real performance of a
membrane is, in fact, a strong function of operating
conditions and this has to be seriously taken into
account when a membrane system is designed.
Predicting the effect of operating conditions on the
membrane performance requires the use of one of the
described transport models. For example, applying
the solution–diffusion model to limited data, the
transport parameters A and B can be determined.
These parameters can then be used to predict the
effect of operating conditions on membrane
performance.

In this section, the influence of various operating
conditions on the membrane performance and, there-
fore, the application of transport model for predicting
membrane performance is presented. In particular,
the effects of pressure, concentration, feed-flow rate,
temperature, and pH are described in succession.
2.01.6.1 Effect of Pressure

The effect of feed pressure on water flux and salt
rejection is clearly shown in Figure 2(a).
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The primary effect of increasing the operating
pressure is to enhance the driving force which, in
turn, increases water flux (as predicted by Equation
(5) or (12)) and salt rejection (through Equation (20)).
In fact, at a pressure equal to the feed osmotic pres-
sure, the water flux approaches zero and is similar for
the salt rejection. As the pressure increases, water
flux grows linearly whereas salt rejection rises fast
and approaches the limiting rejection higher than
99%.
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2.01.6.2 Effect of Concentration

Feed concentration has marked effects on membrane
performance due to the increase in osmotic pressure
with increasing concentration (Figure 2(b)). At a
constant feed pressure, as concentration increases,
water flux and salt rejection fall and approach zero
when the osmotic pressure equals the applied hydro-
static pressure. Dickson [15] highlights the
interesting trend of separation with increasing con-
centration (Figure 3): it first increases (due to the
flux drop off which reduces the concentration polar-
ization phenomena) and then decreases (because the
further rise in concentration lowers the driving force
and the separation).
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Figure 3 Comparison of the experimental and calculated

reverse osmosis performance for NaCl–water system for a

variety of cellulose acetate membranes with different

porosities [15].
2.01.6.3 Effect of Feed Flow

The changing of feed-flow rate influences the pres-
sure drop and the mixing in the system and,
therefore, the mass transfer coefficient k. The depen-
dence of k on feed-flow rate, cell geometry, and
solute system is described by the following equation:

Sh ¼ a?Reb?Sc1=3 ð44Þ

where a and b are parameters that can be determined
experimentally. Equation (44) is a generalized corre-
lation of mass transfer which illustrates the
relationship among Sherwood (Sh), Reynolds (Re),
and Schmidt (Sc) number.

The effect of changing feed-flow rate on the RO
performance for different cellulose acetate mem-
branes is shown in Figure 4.
2.01.6.4 Effect of Temperature

The increasing of temperature causes a growth in
water flux and a reduction in salt rejection
(Figure 2(c)). This happens because transport of
both salt and water, as represented by Equations
(12) and (17), increases exponentially with increasing
temperature as described by the following Arrhenius
dependence for the pure water permeability coeffi-
cient A:

A ¼ A0exp
– E0

RT

� �
ð45Þ

where E0 is the apparent activation energy associated
with the solvent transport process. For most membranes,
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the activation energy is around –0.0017 kJ kmol�1 [15].
As shown in Figure 2(c), the water flux more than
doubles when temperature is increased by 30 �C,
whereas the salt rejection coefficient (depending on
the ratio B/A in Equation (20)) decreases as the tem-
perature increases.
2.01.6.5 Effect of pH

Unlike concentration, pressure, feed flow, and tem-
perature, the effect of pH cannot be predicted by any
of the described transport models. pH effect becomes
significant and needs to be taken into account either
when it is so high or low to irreversibly damage the
membrane, or in the presence of solutes which ionize
with pH changing. In order to avoid membrane
replacement due to mistaken operating conditions,
manufacturers usually supply limits on the pH for
their membranes. In the case of ionizable solutes, the
separation can be strongly effected by pH change, for
example, in the case of phenol and boron.

Figure 5 shows how the phenol separation
changes with the pH of feed solution: at low pH,
the separation is about zero because the phenol is
completely undissociated; with increasing pH,
separation increases due to the phenol dissociation;
at pH higher than 12, the separation becomes inde-
pendent of pH because phenol is now completely
dissociated.

A situation similar to that described in the case of
phenol can be also found in the case of boron. At the
natural pH of most of seawater used in desalination
ution
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(pH� 7–8), boron is mainly present as boric acid in

molecular form. As can be seen from Figure 6, at

these pH values, the percentage of the nondissociated

species H3BO3 is between 99.3% (pH 7) and 93.2%
(pH 8) of the total boron.

At pH� 7–8, the rejection of H3BO3 is in the
range of 82–92% for most seawater RO membrane

products in the market, and between 30% and 80%

for brackish water RO products (Figure 7).
The boron rejection performance is increased in

the alkaline region due to the two following effects:

1. Effect of atomic or molecular size. At high pH values
(alkaline conditions), boric acid dissociation pro-

ceeds according to Equations (46)–(48), ionization

takes place, and a hydration radius is achieved

which is greater than that of the boron molecule.

The rejection performance of the RO membrane

therefore improves.

H3BO3 , HþþH2BO�3 pKa ¼ 9:14 ð46Þ

H2BO3
– , HþþHBO2�

3 pKa ¼ 12:74 ð47Þ
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HBO2 –
3 , HþþBO3�

3 pKa ¼ 13:8 ð48Þ

2. Effect of electrical charge of the molecule. In the alkaline
region, ionization of boron causes a negative
charge, and since the RO membrane also has a
negative charge, the two repel each other and the
rejection performance of the RO membrane is
enhanced.

As normal seawater is in the range of neutral pH, boron
does not dissociate and the boron molecular form exists
without electrical charge. Therefore, the two effects
described above do not occur and the boron rejection
by the RO membrane is low. A treatment in which
normal seawater would be directly rendered alkaline to
achieve the boron to dissociation but cannot be
adopted because the many hardness components con-
tained in the seawater would give scaling problems at
high pH levels. Given the above conditions, nowadays,
most parts of seawater desalination plants use RO
systems with several pass-stages. At the first pass-
stage, the salt in the seawater is removed along with
most of the boron. By treating the resulting product
water with other boron removal RO membrane ele-
ments at ultralow pressure working at high pH and,
eventually, with boron-selective resins, the boron con-
centration is brought to below the regulation value.
2.01.7 Experimental Verification of
Solute Transport

As earlier stated, the power of a transport model is to
predict the behavior of a specific membrane toward
solutes never tested. This capability is of extreme
 value 
9 10 11 12

SW30HR-380 
BW30-400 
BW30LE-440 

ements (SW for seawater elements, BW for brackish water
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importance esteemed the large number of exiting
solutes that can be removed through the commer-
cially available membranes. Taking into account that
RO is not a filtration process but rather a solution–
diffusion process, the retention by RO membranes
also depends on the used membrane material.
Therefore, the prediction can be realized only if the
relationship between the transport model parameters
and the physicochemical nature of the solute for a
specific solvent-membrane system is known. In fact,
whereas low molecular weight organic solutes often
have a poor rejection on many types of RO mem-
branes, the rejection of electrolytes, such as sodium
chloride and magnesium sulfate, is high. An example
of the different rejection performance of high-
pressure RO membranes, medium-pressure brackish
water desalting membranes, and low-pressure nano-
filtration membranes for various solutes is provided
in Table 1.
Table 1 Rejection of current good-quality commercial membr

Parameter
Seawater membrane
(SW-30)

Bra
(CA

Pressure (psi) 800–1000 300

Solution concentration (%) 1–5 0.2–

Rejection (%)
NaCl 99.5 97

MgCl2 99.9 99

MgSO4 99.9 99.9

Na2SO4 99.8 99.1
NaNO3 90 90

Ethylene glycol 70 NA

Glycerol 96 NA
Ethanol NA 20

Sucrose 100 99.9

NA, not available.
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Figure 8 Water vs. sodium chloride permeability for cellulose a

reported rejection coefficients were calculated using the Equatio
Examples on the influence of membrane intrinsic
characteristics on permeate flux and solute rejection

are shown in Figures 8 and 9.
The effect of various degrees of acetylation on

solute rejection is shown in Figure 8. It is shown

that, for example, as sodium chloride rejection

decreases from 99.5% to 99% the degree of acetyla-

tion of cellulose acetate membranes diminishes from

39.8% to 37.6%.
Figure 9 shows the effect of annealing tempera-

tures on flux and rejections of cellulose acetate

membranes. As it can be seen, the salt rejection of

the membrane can be raised if it is heated for few

minutes in a bath of hot water (i.e., the annealing

procedure). Through this conventional procedure,

the micropores are eliminated and a denser and

higher salt-rejecting skin is created. Therefore,

whereas NaCl rejection is improved, permeate flux

decreases.
anes [17]

ckish water membrane
)

Nanofiltration membrane
(NTR-7250)

–500 100–150
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60
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cetate membranes with various degrees of acetylation. The

n (20) for dilute salt solutions [17].
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The reported examples describe the strong
dependence of flux and separation from the physical
and chemical nature of the solute–solvent-membrane
system.

In this section, the experimental verification of
solute transport in various solutions (single salt,
mixed salt, organic solute, and mixed organic solutes)
is described. The behavior in the presence of mem-
brane charge is also briefly discussed. Further, the
topic of transport in nonaqueous solutions is also
presented. Finally, the effect of fouling and concen-
tration polarization in membranes is also discussed.
0.002

0.3

0.004 0.006

NaCl

0.2
0.5

Jv (cm s–1)

∗

∗

∗

∗

Figure 10 Retention vs. permeate flux for different NaCl

concentration on a DDS 930 cellulose acetate RO
membrane [7].
2.01.7.1 Single-Salt Solutions

The separation of single electrolytes is determined
by electrostatic forces which force ions to avoid
regions of low dielectric constant. In fact, the reten-
tion of electrolytes changes with concentration
(Figure 10) and in the presence of other solutes.

Figure 10 shows that the NaCl retention level
decreases when its concentration increases in the
range 0.000 2–0.01 eq. l�1 due to Donnan exclusion:
RO cellulose acetate membrane contains small
amount of carboxylic groups which gives it the prop-
erties of a weak cation-exchange membrane.
Figure 11 is the confirmation of this theory: the
dissociation of carboxylic acid groups and the con-
sequent Donnan exclusion raise with increasing pH.
At low pH, the dissociation of carboxylic acid groups

does not occur and the Donnan exclusion disappears.
Whereas for NaCl the selectivity is almost con-

stant in the concentration range of 0.01–0.2 eq. l�1

(Figure 10), the MgSO4 selectivity is approximately

constant in the concentration range 0.005–0.02 eq. l�1

and increases with increasing concentration from

0.02 to 0.5 eq. l�1 (Figure 12).
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If the retention is calculated from activity values
using Equation (49)

Ra ¼ 1 –
a0j

a9i

¼ 1 –
c0i

c9i

	i0

	i9
ð49Þ

it is more constant than the retention based on concen-
tration (Figure 13, which shows that selectivity is now
constant in the concentration range 0.05–0.35 eq. l�1,
whereas it increases with decreasing concentration
from 0.05 to 0.005 eq. l�1).

The different behavior reported in Figures 12
and 13 is due to the fact that the activity coefficient
for 2:2 electrolytes drops drastically with increasing
concentration. Moreover, the activity coefficient
between bulk and permeate is completely different
due to the high retention. Therefore, the equilibrium
at the membrane–solution interface is better expressed
by activities rather than concentration. For this reason,
retention in activity is more constant than retention
based on concentration. Further, for MgSO4, similar to
NaCl, the selectivity increases at low concentrations
due to the Donnan exclusion. However, the Donnan
effect is more evident at much higher concentrations
for MgSO4 than for NaCl because, at neutral pH,
divalent ions dissociate the carboxylic acid groups to
a much higher extent than monovalent ions.
2.01.7.2 Mixed-Salt Solutions

The prediction of performance for mixed-solute sys-
tems can be considerably more complex than the
prediction for single-solute systems. In general,

there may be a strong interaction between the var-

ious solutes which results in a complex relationship

between operating conditions and performance. In

particular, due to primary charge effects and differ-

ences in the mobilities of cations and anions,

electrolytic interactions can be rather strong. Many

results on single-salt solutions have been published

[19], whereas very little can be found in the literature

on mixed-salts solutions. The general trend found is

that in a mixture of more and less permeable ions, the

retention of the more permeable ions decreases and

that of the less permeable ions increases [20, 21].
Heyde and Anderson [22] studied the influence of

added electrolyses upon ion sorption by membranes.

They found that membrane sorption of permeable

ions is substantially increased by the addition of

membrane impermeable salts to the bulk solution

and vice versa. This change in sorption was explained

in terms of constrained phase equilibria using the

ideas developed by Donnan [23].
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Lonsdale et al. [24] were able to pass from positive
to negative rejection of Cl� upon addition of
membrane-impermeable sodium citrate. The experi-

mental results were explained by a solution–diffusion

model coupled to the Donnan equilibrium theory.
Jonsson [25] demonstrated both experimentally

and theoretically how the rejection of the separate
ions in the binary system HCl–CaCl2 was influ-

enced by the induced boundary, diffusion, and

streaming potentials under RO conditions. The
experimental results were explained from a theory

developed by using a combined frictional and

exclusion model together with the extended

Nernst–Planck equations. Jonsson found a strong
coupling between the retentions of HCl and

CaCl2 on medium-tight cellulose acetate (CA)

membranes. In fact, the determined retention

curves (Figure 14) indicate a complex interaction
between the fluxes of the individual Hþ, Ca2þ, and

Cl� ions.
In Figure 14, the retention of Hþ ion decreases
with increasing CaCl2 concentrations from 0 to 0.5 N
and it has a minimum at low permeate flux. When
CaCl2 concentration increases, the minimum goes to
higher pressures and, therefore, to higher fluxes.
Jonsson [25] explained the experimental results by
the combined frictional and exclusion model
together with the extended Nernst–Planck equation.
In particular, his theoretical treatment of two-salt
solutions was based on a combined viscous flow
and frictional model with the extension of a flux-
dependent electrical potential term together with a
boundary potential causing the distribution coeffi-
cients of the individual ions (Ki) to be concentration
dependent.

The presence of the minimum can be explained
from the three induced potential terms: the boundary
potential on the permeate side has a maximum value
corresponding to a pure HCl solution, which is
attained at a quite low permeate flux. At low perme-
ate flux, the potential gradient in the membrane is
determined mainly by the diffusion potential arising
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from the diffusion of CaCl2, which increases Hþ

concentration. With increasing permeate flux, the
streaming potential arising from the convective
motion of HCl partly cancels the diffusion potential,
thereby decreasing Hþ concentration. From a prac-
tical point of view, the results show that the retention
of the separate ions in multisalt solutions is strongly
dependent on the induced potentials which are
caused by all ions present in the bulk solution.
Therefore, the retention of a single ion can be quite
different from the measured retention of the same ion
in a single-salt solution. Thus, the results explain
why pH is normally found to be one pH unit lower
in the permeate than in the bulk solution, when using
RO on natural waters.

Vonk and Smit [26] applied the extended Nernst–
Planck equation to the separate ions and derived
analytically expressions describing the rejection
curves in ternary systems valid under the limiting
cases of either high-volume fluxes or low-volume
fluxes.

Nielsen and Jonsson [27] used the extended
Nernst–Planck equations as starting equations for
calculating the change in the rejection of a given
ion under nanofiltration conditions when adding
other salts to the bulk solution. The theoretical treat-
ment of multicomponent salt solutions used by
Nielsen and Jonsson [27] is based on a combined
viscous flow and frictional model with the extension
that the individual ion fluxes are coupled with each
other by an induced membrane potential. The pro-
cedure has been restricted only to loose RO
membranes (nanofiltration) in order to be able to
obtain an analytical solution and a titrator function
has been derived. From the latter, the change in
rejection of a given ion by adding other salts to the
solution can be calculated from the change in the
bulk solution composition and knowledge of the
self-diffusion coefficient of the individual ions in
that solution. Using the multisalt system NaNO3–
Na2SO4–HCl as an example, the nitrate rejection
plane was calculated from the derived titration func-
tion, which represents the magnitude of the induced
electrical potentials. Thus, Figure 15 shows the line
for the concentration ratios of Na2SO4:HCl, where
the sign of the nitrate rejection changes from positive
to negative values. The experimental nitrate rejec-
tion data fit very nicely into this plane, showing
increased negative rejections with increasing
Na2SO4 concentration (Figure 16), which can be
reversed by the addition of HCl to the bulk solution
(Figure 17).
Figure 16 shows the measured rejections versus
the permeate flux for the single-salt solutions

NaNO3, Na2SO4, and HCl. As expected, there are
positive rejections for the single-salt solutions with
HCl showing the lowest rejection, NaNO3 an



1.0
–1.0

–0.5

0.5
1:1:1

1:1:0

1.0

0

2.0 3.0 4.0

Permeate flux, Jv (10–5 m s–1)

N
itr

at
e 

re
je

ct
io

n 
(R

N
O

3)

NaNO3:Na2SO4:HCl

Figure 17 Comparison of the nitrate rejection vs.
permeate flux for the single-, two-, and three-salt solutions

in the concentration ratio as indicated [27].

∗

∗
∗

1.0

0.5

–0.5

–1.0

0
5 10

RMax

Number of C atoms

Primary alcohols

Primary glycols

Secondary
ISO
Tertiary

-
-
-

Figure 18 Maximal retention vs. chain length determined
from reverse osmosis on an asymmetric cellulose acetate

membrane.

16 Reverse Osmosis and Nanofiltration
intermediate rejection, whereas Na2SO4 shows the
highest rejection by far because of the divalent sulfate
ion. For all the three salts, there is an increased
rejection with increasing permeate flux. Figure 16
also shows data for the two-salt solutions, NaNO3 þ
Na2SO4, showing a similar trend for the system sul-
fate/nitrate ions as was found for the system
calcium/hydrogen ions in Figure 14.

Figure 17 shows the measured nitrate rejections
versus the permeate flux for the system
NaNO3:Na2SO4:HCl equal to 1:1:1 compared to the
system 1:1:0. As can be seen, the titration of the
system by the addition of HCl increases the rejection
of the nitrate ion back to a positive value which is
close to the average value for the single-salt solution.

Figures 16 and 17 highlight, moreover, how
important but also complicated, in RO desalination,
the prediction of rejection of ionic solutes in mixed
systems from experimental data obtained in simpli-
fied single-salt solutions can be.
2.01.7.3 Organic Solutes and Nonaqueous
Solutions

Low molecular weight organic solutes often have a
poor rejection on many types of RO membranes.
Sourirajan and Matsuura [28] have correlated the
RO solute separation with some polar, steric, and
nonpolar parameters. However, the real separation
mechanism cannot always be determined by reten-
tion data alone. Figure 18 and Table 2 show the
maximal retention Rmax on CA membranes versus the
number of carbon atoms of the solutes for different
kinds of alcohols: there is a maximum in Rmax at about
three C atoms and then a strong decrease in selectiv-
ity with increasing number of C atoms. The negative
value of retentions indicates that the permeate is
enriched in the solute.

In Table 3, some values of the distribution (Ki)
and diffusion (Di) coefficient of different alcohols
determined from desorption experiments on homo-
geneous CA membranes are listed. Whereas the
diffusion coefficient is mainly a function of the
hydrodynamic volume of the molecule (determined
by the chain length and the branching of the chain),
the distribution coefficient is mainly a function of the
aliphatic chain length or the hydrophobic nature of
the alcohol molecule. Thus, with increasing branch-
ing of the butanols the diffusivity decreases much
more than the distribution coefficient, which gives
rise to the strong increase in rejection by RO.
Further, passing from methanol, to butanol, and hex-
anol the distribution coefficient increases much more
than the diffusion coefficient decreases. This explains
why, in RO, methanol and butanol have almost the
same positive rejection (though the mechanism is
quite different) and why hexanol has a negative



Table 2 Maximal retention for different organic solutes

determined from reverse osmosis on an asymmetric cellulose
acetate membrane

Solute Rmax Solute Rmax

Methanol 0.06 1,2-ethanediol 0.58
Ethanol 0.18 1,3-propanediol 0.68

Propanol 0.22 1,2-propanediol 0.73

Butanol 0.10 1,4-butanediol 0.66
Pentanol �0.03 1,3-butanediol 0.73

Hexanol �0.17 1,5-pentanediol 0.60

Cyclo-hexanol 0.61 2,2-dimethyl-propanediol 0.89

Octanol �0.51 1,6-hexanediol 0.51
Decanol �1.00 1,10-decanediol �0.30

2-propanol 0.43

2-butanol 0.39

2-pentanol 0.26 Glycerol 0.90
2-octanol �0.48 Pentaerythritol 0.99

Iso-butanol 0.39 Benzylalcohol �0.15

Iso-pentanol 0.28 Diphenylcarbinol �0.41
2-methyl-butanol 0.28

Phenol �0.34

Tert-butanol 0.76 Hydroquinone �0.12
Tert-pentanol 0.75 p-cresol �0.46

Table 3 Estimated values of the distribution coefficient and the

diffusion coefficient of different alcohols [7]

Solute Rmax
a Ki

b
Di� 109

(cm2/s�1)b Ki
c

Di�109

(cm2/s�1)c

Methanol 0.06 0.10 45 0.22 NA

Ethanol 0.18 0.21 12

Propanol 0.22 0.50 7.7
2-propanol 0.43 0.44 6.0

Butanol 0.10 1.2 4.3

2-butanol 0.39 1.0 3.4

Tert-butanol 0.76 0.8 0.9
Hexanol �0.17 14 0.7 0.23 9

Cyclo-hexanol 0.61 5.7 0.14

Phenol 0.34 30 0.9 0.8 10

a Determined from RO experiments on asymmetric CA membranes.
b Determined from desorption experiments on homogeneous CA membranes.
c As in note b, but with methanol as solvent instead of water.
NA, not available.
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rejection (because the exclusion term increases much

more than the kinetic term has decreased).
In Table 3, further shown are some estimated

values of the distribution and diffusion coefficients

determined on the same homogeneous CA mem-

branes, but with methanol as solvent instead of

water. A promising new application of RO is, in

fact, in the chemical industry for the separation of

organic/organic mixture. These separations are dif-

ficult due to the high osmotic pressures that must be
overcome and because they require membranes suf-

ficiently solvent resistant to be mechanically stable

but also sufficiently permeable for good fluxes to be

reached.
In Table 3, it is shown that for hexanol the dis-

tribution coefficient decreases with a factor 60 to

almost the same value as the methanol content in

the membrane, while the diffusivity increases with a

factor 15. This proves that the main reason for the

very strong sorption of higher aliphatic alcohols and
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similar flavors components on CA membranes is not
a solute–membrane interaction but rather a lack of
solute–water interaction.

As discussed by Kozak et al. [29], nonpolar groups
tend to adhere to one another in an aqueous environ-
ment, known as hydrophobic bonding. This tendency
reflects the aversion of these solutes to an aqueous
environment. When brought into contact with a
membrane, where the polymer phase is hydrophobic
and the interstitial water is hydrophilic, the solutes
will be squeezed into the membrane phase, which
acts as a much better solvent medium for the solute
than the water phase alone.

The first dense, solution–diffusion, RO mem-
branes for processing organic solvent solutions
appeared in the 1990s. Kiryat Weitzmann Ltd pro-
duced cross-linked silicone composite membranes
that have some uses in the hyperfiltration of nonpolar
solvent. The flux of different simple solvents through
these membranes is shown in Figure 19.
2.01.7.4 Mixed Organic Solutes

Very few results have been published for mixed
nonelectrolyte systems. Jonsson and Boesen [10] stu-
died and presented some data on two-solute systems
using two different cellulose acetate membranes.
They found, for the glucose–raffinose system, that
the two-solute data are in good agreement with the
single-solute data. Therefore, a postulated interac-
tion can be explained from the convection term of the
finely porous model (see Section 2.01.3.2). An
increasing concentration of glucose involves a lower
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(MFP-60 Kiryat Weitzmann membranes) [17,30].
retention of raffinose, which corresponds to the var-
iation in the permeate flux. Principally, the same
could be observed by decreasing the pressure to get
the same permeate flux as in the two-solute experi-
ment. For glucose, it is further seen that the lower
retention for the higher concentration is retained in
the two-solute experiments, so that the effect is due
to the glucose concentration only. This means that
the change in retention of component i by introdu-
cing another solute j is caused by the water-solute
coefficient Xvi and Xvj, whereas the coupling coeffi-
cients Xij disappear.

Matsuura and co-workers [31, 32] analyzed the
behavior of systems with mixed alcohols. They
observed an opposite trend of the retention with
concentration. In particular, they noted that the
retention does not change at low concentrations
where the permeate flux is constant, whereas a
change can be observed at high concentration. In
this second case, the retention could be calculated
from the retentions of the single-solute systems of the
same total molality. However, from the data, neither
the coupling between the solutes can be really iden-
tified nor can it be concluded whether the convection
is effectively the term responsible for the change in
retention.

Boesen and Jonsson [33] found a significant
change in the retention of the organic solute when
an alcohol is introduced in the solution. In particular,
they noticed a change in the retention of tert-butanol
when ethanol or phenol is added to the feed solution.
According to the measurements of the distribution
coefficients of tert-butanol on homogeneous mem-
branes, they concluded that the virtual coupling
between the flows of the two solutes and not the
changes in permeability caused the retention change.
2.01.7.5 Membrane Charge

The models illustrated in Section 2.01.4 can be
applied for a wide range of solutes in neutral mem-
branes. However, a different behavior can be
observed with charged solutes in membranes con-
taining fixed charged groups. In fact, membrane
composition combined with solvent and solute char-
acteristics can influence rejection via electrostatic
double-layer interactions or other hindrances: if a
solution containing ions is brought in contact with
membranes possessing a fixed surface charge, the
passage of ions possessing the same charge as the
membrane (coion) can be inhibited. This condition
is termed Donnan exclusion. Moreover, the
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membrane can exchange ions between the feed solu-
tion and the ion exchange groups on the membrane.
This can lead to swelling of the membrane structure
and, as a consequence, to variations in the transport
properties of the membrane. As a first approximation,
the discussed models can be used also in the case of
charged membranes, but the transport parameters are
a strong function of the operating conditions.

For the salt MzyYzm, which ionizes to Mzmþ and
Yzy–, a dynamic equilibrium occurs when a charged
membrane is placed in the salt solution. At equili-
brium and in the case of the negatively charged
membranes usually utilized in nanofiltration, the fol-
lowing equations for the salt distribution coefficient
K� and the rejection R9 can be used [34]:

K � ¼
cyðmÞ

cy

� �
¼ z

zy
y

cy

c�m

� �zy 	

	m

� �zy¼zm
� �1=zm

ð50Þ

R9 ¼ 1 – K � ð51Þ

where zi is the charge of species i, cy and cy(m) are the
concentrations of coion y in the bulk solution and in
the membrane phase, respectively, 	 and 	m are
activity coefficients, and c�m is the charge capacity of
the membrane.

Equations (50) and (51) furnish a qualitative
description of the solute rejection, which is a function
of both the membrane charge capacity, and the solute
concentration in the feed and the charge of the ions.
However, they do not take into account diffusive and
convective fluxes that are also important in the
charged membrane processes.
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Figure 20 Concentration profile.
2.01.7.6 Membrane Fouling and
Concentration Polarization Phenomena:
Limits of Membrane Processes

Real RO processes are limited by concentration
polarization phenomena and membrane fouling.
These phenomena strongly reduce the performance
of membrane operations because they decrease mass
flux and/or separation performance, that is, salt
rejection. As a consequence, concentration polariza-
tion phenomena and membrane fouling negatively
affect the economy of the membrane-separation pro-
cesses and their control is one of the major problems
in the design of membrane systems.

But, what are concentration polarization and foul-
ing? Rejection of dissolved matter by the membrane
leads to accumulation of these substances in front of
the membrane, with highest concentrations directly
at the membrane surface. This phenomenon is called
concentration polarization. Thus, a concentration

gradient between the solution at the membrane sur-

face and the bulk is established which leads to a back

transport of the material accumulated at the mem-

brane surface by diffusion. Although concentration

polarization can also be found on the permeate side,

it is usually neglected in RO since it is much less

pronounced than feed-side polarization. A typical

concentration profile is shown in Figure 20.
While the causes of concentration polarization are

identical in membrane filtration (MF), ultrafiltration

(UF), and RO, the consequences are rather different.

In RO, mainly low molecular weight materials are

separated from a solvent such as water. The feed

solutions often have a considerable osmotic pressure.

For example, seawater has an osmotic pressure of

about 24 bar. In RO, concentration polarization

leads to an increase in the osmotic pressure which is

directly proportional to the solute concentration at

the membrane surface, and thus a decrease in the

transmembrane flux at constant applied hydrostatic

pressure. Furthermore, the quality of the filtrate is

impaired since the solute leakage through the mem-

brane is also directly proportional to the solute

concentration at the membrane feed-side surface.
In MF and UF, only macromolecules and particles

are retained by the membrane. The osmotic pressure

of the feed solution is generally not as high as in

solutions treated by RO. However, the applied

hydrostatic pressure is also quite low and, under

certain conditions, the increased osmotic pressure

due to concentration polarization phenomenon

could effect the transmembrane flux. Due to the

rather high molecular weight of the components
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separated in UF and MF, their diffusion from the
membrane surface back into the bulk solution is
relatively slow. Therefore, the retained components
often are precipitated and form a solid layer at the
membrane surface. This layer, which often exhibits
membrane properties itself, can affect the membrane-
separation characteristics significantly by reducing
the membrane flux and by changing the rejection of
the lower molecular weight components. This is
especially problematic in the fractionation of differ-
ent molecular weight materials.

Concentration polarization complicates the mod-
eling of membrane systems because experimental
calculation of the wall concentration is difficult. For
high feed-flow rates, it has often been assumed that
the wall concentration is equal to the bulk concen-
tration due to the high mixing which is, however,
seldom the case. At low flow rates, this assumption is
certainly no more applicable and can cause substan-
tial errors. In order to estimate the extent of
concentration polarization, the film theory is the
most well-used technique [35, 36]:

c-s – c0s

c9s – c0s
¼ exp

Jv

k

� �
ð52Þ

In Equation (52), k denotes the mass transfer coef-
ficient which can be estimated using a Sherwood
correlation such as the following derived by Gekas
and Hallstrom [37]:

Sh ¼ 0:023 Re0:8Sc0:33 for turbulent flow ð53Þ

Sh ¼ 1:86 Re?Sc?dh=Lð Þ0:33 for laminar flow ð54Þ

Concentration polarization phenomena can be
reduced by promoting a good mixing of the bulk
feed solution with the solution near the membrane
surface. This goal can be achieved by modifying the
membrane module in order to encourage mixing, for
example, including turbulence promoters in the feed
channel, or increasing feed-flow rate (thus increasing
the axial velocity and promoting turbulent flow).

The adverse effects of the concentration polariza-
tion are intensified when a deposition and/or an
adsorption of certain feed constituents occurs at the
membrane surface, causing a decline in flux over
time when all operating parameters, such as pressure,
flow rate, temperature, and feed concentration are
kept constant. This phenomenon is referred to as
membrane fouling. Membrane fouling may be the
result of concentration polarization but it may also
be only the consequence of adsorption of feed solu-
tion constituents at the membrane surface and,
especially in microfiltration, also within the mem-

brane structure.
Possible negative effects of fouling include:

• membrane flux decline resulting from the forma-
tion of a permeability-reducing film on the

membrane surface;

• membrane biodegradation due to the production
of acidic by-products by microorganisms, which

are concentrated at the membrane surface where

they can cause the most damage;

• increased salt passage thereby reducing the qual-
ity of the product water;

• increase in energy consumption. To maintain the
same production rate differential pressure and

feed pressure must be increased to counteract

the reduction in permeability brought on by the

increase in resistance due to fouling. But, damage

to the membrane elements may be possible if the

operating pressure exceeds the manufacturer’s

recommendations.

While concentration polarization can be minimized

by hydrodynamic means, the control of membrane

fouling is more difficult. Fouling can be prevented

through the following means: pretreatment of the

feed solution; modification of membrane surface;

hydrodynamic optimization of the membrane mod-

ule; recourse to proper chemical agents for the

cleaning; and back flushing.
Fouling can never fully be prevented even with

optimized pretreatment. Therefore, periodical mem-

brane cleaning has to be performed. Good operating
practice calls for chemical cleaning of the membranes

if either normalized permeate flow decreases by

10%, feed channel pressure loss increases by 15%,

or normalized salt rejection decreases by 10% from

initial conditions during the first 48 h of plant opera-

tion [38]. However, complete fouling removal is not

possible and it has to be tolerated up to a decrease of

mass flux down to 75% of original flux [39].
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Abbreviations
BWRO RO (membrane) for brackish water

applications

CA Cellulose acetate

CTA Cellulose tri-acetate
PA Polyamide

SWRO RO (membrane) for seawater

applications

TDS Total dissolved solids

TOC Total organic carbon
2.02.1 Introduction

Population explosion and industrial activities have

been responsible for both large consumption of water

resources and water pollution; consequently, sustain-

ing adequate water balance, both in terms of quantity

and quality, is one of the most serious issues in the

world today. Therefore, the twenty-first century is

the so-called ‘water century,’ instead of the ‘oil cen-

tury’ of the twentieth century.
In the twentieth century, some new technologies

for water treatment were developed as countermea-

sures to the water shortage, and the membrane

technology is recently regarded as indispensable

since it ensures plenty of high-grade water with low
cost and the maintainance of sustainable water

resources. The membrane technologies have made

great progress and their key features are as follows:

1. Materials: Molecular design of high-performance
materials suitable for each separation mode.

2. Morphology: Morphological design of high-
performance membrane.

3. Element/module: Element and module design to
maintain high performance of membrane.

4. Membrane process: Plant design and operation
technology.

Especially in desalination fields, reverse osmosis

(RO) and nanofiltration (NF) membranes have been

widely applied not only to seawater desalination but
23
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also to brackish water desalination including indus-
trial and wastewater treatment. Today, their
commercial use is spreading rapidly and worldwide.
2.02.2 Preparation of RO Industrial
Membranes

2.02.2.1 Asymmetric Membrane

2.02.2.1.1 Cellulose acetate membrane

The history of materials for RO membranes is shown
in Figure 1. RO systems were originally presented by
Professor Reid in 1953 [1a,b]. The first membrane
which was industrially available in actual water pro-
duction plants was cellulose acetate membrane
invented by Loeb and Sourirajan in 1960 [2]. This
membrane had a cross-sectional structure called
asymmetric or anisotropic with a very thin separating
functional layer on a coarse supporting layer as
shown in Figure 2. The material of this membrane
was exclusively a polymer such as cellulose acetate,
and the nonsolvent-induced phase separation
method was used for the formation of the membrane.
Following the invention by Loeb and Sourirajan,
spiral-wound membrane elements using the asym-
metric cellulose acetate flat sheet membranes were
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Figure 1 History of materials for reverse osmosis (RO) membr

Figure 2 Cross section of asymmetric cellulose acetate.
developed and manufactured by several companies
in the United States and Japan. RO technologies had
become commercially available since c. 1964 [3].
Asymmetric cellulose acetate membranes were
widely used from the 1960s through the 1980s mainly
for pure water for industrial processes and ultrapure
water for semi-conductor industries, and some of
them are still used even today.

2.02.2.1.2 Aromatic polyamide hollow

fiber membrane

Many intensive and continuous research and devel-
opment efforts were made mainly in the United
States and Japan to meet the demands from markets,
and many inventions and breakthroughs in mem-
brane materials and configurations had also been
suggested to improve the membrane performances.

To overcome the difficulties involved in using
cellulose acetate membranes, which had compara-
tively low water permeability and filtration
performance, many synthetic polymeric materials
for RO were proposed. However, except for the
linear aromatic polyamides with pendant sulfonic
acid groups shown in Figure 3, none were successful.
This material, invented by DuPont, was fabricated
into a very fine hollow fiber membrane, and the
le topics
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Figure 3 Representative chemical structure of linear polyamide membranes (B-9 and B-10).
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modules of this membrane were designated B-9 and
B-10 [4]. They showed high rejection performance,
which could be used for single-stage seawater desa-
lination with low water recovery, and hence were
widely used mainly for seawater or brackish water
desalination and recovery of valuable materials such
as electric deposition paints, until DuPont withdrew
it from the market in 2001.
2.02.2.2 Composite Membrane

2.02.2.2.1 Cellulose acetate membrane

Other approaches to obtain a high-performance RO
membrane had been followed by some institutes and
companies since the 1970s. Many methods to prepare
composite membranes had been proposed. In the
early stage, a very thin film of cellulose acetate poly-
mer coating on a substrate such as a porous substrate
of cellulose nitrate was tried, but in spite of the best
efforts, only the Riley group of Gulf General
Atomics (Koch Membrane Systems at present) suc-
ceeded in manufacturing it on an the industrial scale.

2.02.2.2.2 Cross-linked aromatic

polyamide membrane

The next approach was to use the interfacial conden-
sation reaction to form a very thin polymeric layer
onto a substrate. Morgan [5] first proposed this
method, and then Scala and Van Hauben actually
HN

CH3
H
N

H
N

NH

O
O

O

H
N

ORC-100

Figure 4 Representative chemical structure of cross-linked po
applied the same to obtain a RO membrane [6a,b].
Cadotte [7] invented a high-performance membrane
using an in situ interfacial condensation method. In this
method, the interfacial condensation reaction between
polymeric polyamine and monomeric polyfunctional
acid halides or isocyanates was carried out on a sub-
strate material to deposit a thin-film barrier layer.

Later, many companies succeeded in the devel-
opment of composite membranes using this method,
and the membrane performance has drastically
improved ever since. The composite membrane of
cross-linked fully aromatic polyamide is already
regarded as the most popular and reliable material
for use in RO membranes [3, 8].
2.02.2.2.3 Cross-linked poly ether membrane

Some of the composite membranes were succeeded in
industrial fabrication by those manufactured by another
company. Riley and coworkers developed cross-linked
poly ether membranes designated as PA-300 and RC-
100 (Figure 4), which showed high salt rejections and
productivity [4]. The RC-100 membrane is known as
the first composite RO membrane, which was installed
in many areas. However, many other methods to pre-
pare RO membranes had also been proposed. Figure 5
summarizes RO membrane materials including the
related information of membrane morphology, module
configuration, and their suppliers.
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ly ether membranes (RC-100 and PA-300).



Module
configuration

Example of membrane and module, 
Membrane Suppliers

1. Toray, UOP, Environgenics, Osmonics, 
    Desalination, Ajax, Hydranautics, Daiseru
4. Toray-polyamidic acid, 
    Du Pont-DP-1, Monsanto
6. Celanese-polybenzimidazole
9. UOP-CTA 
10. North Star-NS-100, 

UOP-PA-300, -100, LP-300, RC-100
12. North Star-NS-200, Osmonics-NS-200

Environgenics-SPFA(NS-200),
Desalination-NS-200

14. North Triangle Inst.-Plasma Polym. 
      Toray-PEC-1000, FilmTec-FT-30
      Asahi Glass-MVP, Nihon Syokubai
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material

Cellulose 
acetate

Polyamide
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polymer

Cross-linked
water-soluble
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Polymerizable
monomer
(crosslinking)

2. Dow, Monsanto, Toyobo 
5. DuPont
7. Celanese-Polybenzimidazole
13. FRL-NS-200, 
      Gulf South Research Inst.-NS-100

3. UOP, Environgenics, Universal Water Co. 
Raypak, Abcor, PCI, Nitto, Daiseru

8. Teijin-PBIL 
11. North Star-NS-100, Others
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Figure 5 Summary of materials for RO membrane.
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2.02.3 Applications of RO Membrane

RO membranes have been widely used for water treat-
ment such as the production of ultrapure water and
boiler pure water for industrial use; seawater and brack-
ish water desalination for drinking water and
agricultural water use; wastewater reclamation for
industrial, agricultural, and indirect drinking water
use, and so on. The expansion of RO membrane appli-
cations promoted the redesign of suitable membrane
material taking into consideration the chemical
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Figure 6 Technology trends in RO membranes.
structure, membrane configuration, chemical stability,
and ease of fabrication. Along with improvements of the
membranes, their applications are further developed.
Recent technology trends in RO membranes are
shown in Figure 6.
2.02.3.1 Low-Pressure Brackish Water
Desalination Membrane

Figure 7 shows the progress of low-pressure mem-
brane performance in brackish water desalination in
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these four decades, including industrial water treat-

ment such as ultrapure water production. In the first

decade from 1970, many efforts were made for devel-

oping high-performance membrane materials and

improving the membrane performance, and as a

result, membrane performance improved well with

a newly developed material of cross-linked aromatic

polyamide by appropriate modification of membrane

morphology and fabrication technology. The mem-

brane developed in 1987, which is depicted as I in

Figure 7, had 4 or 5 times higher water productivity

and 5 times lower salt passage (100-rejection (%))

than those of cellulose acetate membranes [3]. After

1987, based on the adoption of cross-linked fully

aromatic polyamide composite membrane, the per-

formance of brackish water RO membrane has
Table 1 Typical performance of Toray’s brackish water RO el

Low pressure

Types of membrane I II

Name of the membrane
element

TM720-400 TM720L-40

(Year in which the product is

launched)

(1987) (1988)

Performance

Salt rejection (%) 99.4 99.0
Water permeability (m3 d�1) 26.0 22.0

Test condition

Operating pressure (MPa) 1.5 1.0

Temperature (�C) 25 25
Feed concentration (mg l�1) 1500 1500

Brine flow rate (l min�1) 80 80
rapidly improved. Typical performances of the RO

elements in these two decades for brackish water

desalination are shown in Table 1.
2.02.3.2 Seawater Desalination Membrane

2.02.3.2.1 Brine conversion system

The progress of RO membranes for seawater desali-

nation is shown in Figure 8 [9]. In the operation of

seawater desalination system, the increase of recov-

ery rate of permeate water is crucial for cost

reduction. Most seawater RO desalination systems

were confined to approximately 40% conversion of

the feed-water in the case of 3.5% of salt concentra-

tion, since usual commercially available RO
ements

Ultralow pressure Super ultralow pressure

III IV V
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membrane did not allow high-pressure operation at
more than 7 MPa.

Toray developed a low-cost seawater desalination
system called the brine conversion system (BCS),
which provides 60% of the recovery rate [10–12].
Process flow of the BCS system is shown in Figure 9.
The concentrated seawater (5.8% of salt concentra-
tion) from the first-stage RO modules is pressurized
to 8–10 MPa by pressure booster; then, the concen-
trate is supplied to the second-stage RO modules.
Additional fresh water is obtained from the second
stage, and the feed water is finally concentrated to
approximately 8.7% of salt concentration. The 60%
of the total recovery rate can be obtained in which
40% comes from the first stage and a further 20%
from the second stage. The total recovery rate is
determined considering the salt concentration that
does not generate the precipitation of salt, and the
( ): Water flow ratio

Brine
water (60)
C = 5.8% SW

Seawater
(100)

High-
pressure
pump

RO element

First stage

Conventional system

Pretreatment

6.0 MPa

6.0 → 10

Brine conversion two stage RO 

C = 3.5% SW

Booste

Figure 9 Typical flow diagram of brine conversion system.
operating pressure is determined to desalt second-

stage brine water.
Further, for achieving the 60% of recovery RO

seawater desalination system, the RO membrane ele-

ment must be durable under very severe operating

conditions with 10 MPa of high pressure and 5.8% of

high feed water concentration. Toray developed an

ultrahigh-pressure-resistant membrane called the

TM820BCM, which enabled 60% of the high recov-

ery rate operation.
The advantages of the BCS system compared with

the conventional system are as follows:

1. Plant installation space can be reduced by two-
thirds.

2. Plant capacity is easily expanded by 1.5 times by
just adding BCS second stage into the conven-

tional plant.
Water
recovery

60%

Product
water
(40)

.0 MPa

seawater desalination system

RO element
Second stage

r pump Product
water (20)

Brine
water (40)
C = 8.7% SW

Total
product
water

(40 + 20)
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3. Disposed concentrated brine water is reduced
by two-thirds.

Therefore, the BCS is a useful method to save foot-
print, power, and cost of the SWRO desalination plant.

Some cost-related parameters for a recent RO
operation are shown in Table 2. According to the
table, first, possible recovery rate has greatly increased.
For example, the membrane technology progress
enabled high-recovery operations as mentioned ear-
lier. Second, power consumption is remarkably
reduced because of the progress of pump and power
recovery device. Thus, the total water cost has been
dramatically reduced in past few decades [13, 14].
2.02.3.2.2 Boron removal membrane
Water-quality improvement and energy saving are
the two main concerns in seawater RO desalination.
As for the water quality, boron removal is one of the
most important issues [15–19], because it is known
that reproductive toxity was shown in per oral
administration to laboratory animals. Boron exists as
boric acid in seawater, and its concentration is
4–7 mg l�1, which is 20 times higher than that of
surface water. Further, it is difficult for RO
Table 2 Technology progress in seawate

Recovery rate %

Operating pressure psig (MPa)

Product TDS conc. mg l �1

Power consumption kwh/kgal (kwh m�3)

Total water cost $m�3

Seawater A

2. Multistage SWRO for severe boron regulation

Seawater

Type A: SWRO membrane
(extremely high bo

Type B: SWRO membrane
(high boron rejection, 
high water productivity)

Type C

Alkaline dosing (hig

1. Single-stage SWRO for boron regulation 

B

Figure 10 Flow diagrams of typical SWRO processes for corr
membrane to remove boric acid from water due to
the following reasons: first, the molecular size of boric
acid is too small to be effectively removed by size
exclusion. Second, since boric acid has a pKa of 9.14–
9.25, it is was shown in not ionized in the natural
seawater at pH 7.0–8.0 and dissociates at pH 9 or
more [20], and the boron rejection by the electric
repulsive force between boric acid and the membrane
cannot be expected under neutral conditions. From
the viewpoint of energy savings, RO membrane with
high water permeability is preferable since lower pres-
sure operation becomes possible. However, there is a
tradeoff between the increase of water permeability
and the decrease of boron removal.

Accordingly, the required boron concentration
value in product water of each plant is varied by its
circumstance, such as the system design, the usage of
water, the policy of country, and so on. In the recent
design of RO system corresponding to the respective
boron regulations, the optimal operating conditions,
which include the membrane to be used, must be
chosen according to the required total water cost
and quality, and the character of feed water. The
RO processes are roughly classified into two groups
as shown in Figure 10, namely, single-stage RO
r RO operation
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process and multistage RO process. The single-stage

process is characterized by simple composition with-

out supportive processes for boron removal. In

addition, in this process, extremely high boron rejec-

tion membrane (type A) in which the performance

for boron removal is enhanced as well as maintaining

water permeability is needed. The multistage process

is generally used for water quality corresponding to

severe boron regulation. In this method, after the

preceding SWRO, BWRO treatment with alkaline

dosing is adopted. Alkaline dosing ionizes boric acid

and enhances the efficacy of its rejection. Therefore,

the SWRO membrane element (type B) must have

both high performance for boron removal and high

water productivity to maintain energy saving and

water quality, and the BWRO element (type C)

must have alkaline tolerance with high performance

for boron removal and high water productivity

(as same as type B, depicted as Figure 10).
Furthermore, RO membrane with extremely high

water permeability will be required for the effective
Table 3 Toray’s SWRO product line-up

Element typea Product name Salt rejection (

Type A TM820A-400 99.75

Type B TM820C-400 99.75

TM820E-400 99.75
Type C TM720C-400 99.2

a Test condition: Type A and B: Feed water; NaCl 32 000
Operating pressure 5.52 MPa, Flow rate; 80 l min�1, Rec
mg l�1, Temperature 25 �C, pH 10, Operating presure 1.

Table 4 List of world’s largest SWRO plants (invest

Country Location
Capacity
(m3 d�1)

1 Israel Ashkelon 330 000

2 Saudi Arabia Shuqaiq 216 000

3 Saudi Arabia Rabigh 205 000

4 Algeria Hamma 200 000
4 Algeria Mostaganem 200 000

4 Algeria Souk Tleta 200 000

4 Algeria Beni Saf 200 000

8 UAE Fujairah 170 000
9 Saudi Arabia Shuaiba 150 000

10 Spain Valdelentisco 140 000

11 Trinidad & Tobago Point Lisas 136 000
11 Singapure Tuas 136 000

11 UAE Fujairah II 136 000

11 Kuwait Shuwaikh 136 000

11 Australia Perth 136 000
energy-saving operation. RO membrane must perform
adequately for the removal of salt and other harmful
compounds. Consequently, there are three courses for
the development of seawater RO membranes:

1. pursuit of highest boron removal performance;
2. high water permeability with high boron removal

performance; and
3. extremely high water permeability.

Recently, Toray has been investigating SWRO
membranes with focus on the removal of boron by
the improvement of membrane performance. Toray’s
SWRO product line-up is shown in Tables 3 and 4.
2.02.3.3 Low Fouling Membrane for
Wastewater Reclamation

With the increase of demands for the preservation of
sustainable water resources, the number of waste-
water reclamation plant construction has been
increasing every year. In a wastewater reclamation
%)

Product flow rate
GDP
(m3 d�1) Boron rejection (%)

6000 (23) 93

6500 (25) 93

7500 (28) 91
8800 (33) 95

mg l�1, Boron 5 mg l�1, Temperature 25 �C pH 6.5,
overy rate 8%; Type C: NaCl 1500 mg l�1, Boron 5
03 MPa, Flow rate; 80 l min�1, Recovery rate 15%.

igated in November 2008)

Operation (year)
Membrane
manufacturer

2005 Dow

2008 Toyobo

2008 Toyobo

2008 Toray
2010 Dow

2010 Nitto/Hydranauties

2008 Nitto/Hydranauties

2003 Nitto/Hydranauties
2009 Toray

2007 Dow

2002 Toray
2005 Toray

2010 Toray

2010 Toray

2006 Dow
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plant, the wastewater is first treated with biological
technology, such as activated sludge method and mem-
brane bioreactor (MBR), and the biologically treated
water is again treated with RO membranes. In the RO
membrane process, stable operation is one of the most
important concerns. Many operational issues have been
reported, with problems of membrane fouling occupy-
ing 80%. In order to avoid membrane fouling, it is
imperative to take the following precautions: (1) RO
membrane with low fouling property; (2) adequate
pretreatment before RO membrane treatment; and (3)
suitable cleaning operation of RO membrane [21].

Membrane fouling phenomena are categorized into
chemical fouling and biological fouling. Chemical
fouling is caused by the adsorption of organic matters
such as humic substances and surfactants in the feed
water onto membrane surface. Humic substances and
surfactants have various chemical structures depend-
ing on the water origin; however, without exception
they have both hydrophobic groups and ionic groups.
Since RO membrane material is generally polyamide,
which also possesses both the hydrophobic and ionic
properties, it strongly interacts with humic substances
and surfactants. In the case of biological fouling, the
following estimations are reported: (1) microbe
adsorption by hydrophobic or electrostatic interaction;
(2) propagation of microbes with nutrition in the feed
water; and (3) deposition of exhaust material of biolo-
gical metabolism. Process (1) is reversible; however,
(2) and (3) are irreversible, and are impossible to be
removed by chemical cleaning.

Toray developed a low fouling RO membrane
called TML for wastewater reclamation, which has
water permeability similar to the conventional RO
membranes [22]. The low fouling performance was
evaluated with a nonionic surfactant aqueous solu-
tion as shown in Figure 11. The low fouling RO
membrane shows a small permeability decline rate
0.0
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performance.
of 27%, and stable operation, whereas the conven-
tional RO membrane shows 36–47% decline rate. In
addition, the low fouling RO membrane shows better
recovery of permeability after chemical cleaning.

In order to evaluate antibiological fouling, an
adhesion assay of a certain hydrophobic microbe
and other hydrophilic microbes was performed as
shown in Figure 12. The hydrophobic microbe is
tightly adhered to conventional RO membrane and
it causes biological fouling of an RO membrane.
However, in the low fouling RO membrane, the
adhesion property of the hydrophobic microbe is
quite low, which is less than one-tenth of the con-
ventional RO membrane.

In the near future, even the further polluted water,
which is difficult to be treated due to fouling, is also
necessary to be utilized as a resource. Therefore,
stable operation requires that low fouling RO mem-
brane is easily available.
2.02.4 Integrated Membrane System

As mentioned above, large water reclamation plants
have been launched as shown in Table 5. In these
plants, the selection of pretreatment process is signifi-
cant as well as that of RO membrane because the
property of feed water severely influences operational
durability even in using a low fouling membrane.

The water treatment process by combining multi-
ple classes of membranes is called an integrated
membrane system (IMS) [23]. The concept of IMS
is that the optimal process which exerts strong points
of each membrane for the cost and operation is
designed according to various water resources and
their purposes. The flow diagrams of typical IMS



Table 5 List of world’s largest wastewater reclamation plants using RO membrane (investigated in August 2008)

Country Location
Capacity
(m3 d�1)

Operation
(year)

UF/MF membrane
manufacturer

RO membrane
manufacturer

1 Kuwait Sulaibiya 32 000 2005 Norit Toray

2 Singapore Changi 228 000 2009 Siemens (Memcor) Toray
3 USA Fountain

Valley

220 000 2007 Siemens (Memcor) Hydranauties

4 Singapore Ulu Pandan 140 000 2006 Asahi Kasei Hydranauties
5 USA Mest Basin 75 000 1997–2001 Siemens (Memcor) Hydranauties

6 Australia Luggage

Point

66 000 2008 Pall Toray

7 Singapore Kranji 40 000 2003 Siemens (Memcor) Hydranauties
8 Singapore Bedok 32 000 2003 GE (Zenon) Hydranauties

9 China Tianjin 30 000 2006 Siemens (Memcor) Toray

10 Singapore Seletar 24 000 2004 Hyflux Toray

I. Seawater desalination

II. Drinking water production

III. Water reclamation –1 III. Water reclamation –2

Feed

Feed

Product

Product

ProductProduct

MF/UF membrane

MF/UF membrane

MF/UF membrane RO membrane RO membraneMBR

MBR: Membrane bioreactorSecond effluent: Biological treatment effluent

Second
effluent

Waste-
water

MF/UF membrane

SWRO membrane BWRO membrane

Figure 13 Integrated membrane systems corresponding to various purposes of water use.
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corresponding to each purpose of water use are
shown in Figure 13. The practical IMSs are exem-
plified as follows: (1) the BCS in Figure 9 consists of
MFþRO; (2) the world’s largest wastewater recla-
mation plant in Sulaibiya consists of UFþ low
fouling RO; and (3) an industrial wastewater reuse
plant in India consists of MBRþ low fouling RO, and
so on. Thus, the membrane systems of diverse com-
binations have already been suggested and are
already functioning in the world. Therefore, mem-
brane manufacturers need to know about each class
of membrane types for the concept of IMS.
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AFM Atomic Force Microscopy

BW Brackish Seawater

CIP Cleaning In Place

DOC Dissolved Organic Carbon

DMF Dual-Media Filtration

DO Direct Osmosis

DP Pressure Drop
EDS Energy Dispersive Spectroscopy

EPS Exo-Polymeric Substances
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FTIR Fourier Transform Infrared Spectroscopy

HNA High Nucleic Activity

HP High Pressure or Hydrogen Palladium

ICP-OES Inductively Coupled Plasma – Optical

Emission Spectrometry
35



36 Reverse Osmosis and Nanofiltration
LC-OCD Liquid Chromatography – Organic

Carbon Detection

LNA Low Nucleic Activity

LP Low Pressure

MF Microfiltration

MFI Modified Fouling Index

NF Nanofiltration

NOM Natural Organic Matter
RO Reverse Osmosis

SEM Scanning Electron Microscopy

SDI Silt Density Index

SW Seawater

TDS Total Dissolved Solids

TOC Total Organic Carbon

UF Ultrafiltration

VBNC Viable But Non-Cultivable
2.03.1 Introduction

Desalination by reverse osmosis (RO) is by far the

most widespread application for membrane in water

treatment. It is capable of removing nearly all colloi-

dal and dissolved matter from an aqueous solution,

producing a brine concentrate and an almost pure

water permeate.
RO is based on the ability of certain polymer-

based materials to separate water from dissolved

substances. The objective over the past three decades

has been to enhance the transport of water molecules,

while minimizing the one of any dissolved sub-

stances. By applying a pressure difference across the

membrane, the water contained in the feed is forced

to permeate through the membrane. In order to

overcome the feed-side osmotic pressure, high feed

pressure is required, which commonly ranges from 55

to 75 bar for seawater (SW) desalination application.

RO-based desalination plants include the following

stages, as described in Figure 1:

• water intake;

• pretreatment;

• membrane separation unit, including bore treat-
ment if required;

• energy recovery system;

• posttreatment; and

• concentrate (treatment and) disposal.

An advanced control system is also used to operate
the plant.

The growing interest of RO membrane for SW
desalination applications is spurring all market

players – RO membrane and system manufacturers

as well as plant design engineers and operators – to

concentrate their research and development (R&D)

efforts on three main topics:
1. membrane products and processes;
2. pretreatment processes to ensure suitable charac-

teristics of membrane feed streams; and
3. reducing cost, energy consumption, and environ-

mental impact.
2.03.2 Context

Due to the world water crisis, SW desalination has

been a growing industry for the past few decades.

The growth of this market is exponential, as can be

seen in Figure 2, cumulating thermal and reverse

osmosis SW desalination processes.
Although thermal desalination has dominated

the market for more than 30 years, the tendency

now seems to reverse since RO has become the

dominant technology in use for SW and BW desa-

lination. As shown in Figures 3(a) and 3(b), the

overall capacity of SW and BW RO plant reaches

56.5� 106 m3 d�1, representing 51% of the market,

while the number of membrane desalination instal-

lations accounts for 78% of all desalination

facilities. In fact, this ratio is likely to change,

since most of the new contracted desalination

plants are based on membrane technology

(Table 1). Large SWRO plants, already in service,

have proved to be cost effective. Despite new plants

in Europe, the Gulf area has still the greatest

installed capacity. Due to prolonged drought con-

ditions, new plants using membrane technology are

now under construction in Australia (Gold Coast,

Kurnell). One of the biggest tenders has been

launched in Melbourne in 2008 for a

600 000 m3 d�1 RO desalination plant. The global

growth for RO desalination from 2005 to 2015 is

expected to be around 100%.
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Figure 1 Schematic flow diagram of a seawater reverse osmosis desalination plant.
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2.03.3 RO Unit

2.03.3.1 RO Membranes Characteristics

Historically, in the 1960s, the first membrane desali-
nation plants were operated with hollow-fiber
cellulose-acetate-based materials produced according
to the formulation of Loeb and Sourirajan. Due to the
low mechanical resistance of this type of membranes,
Dupont de Nemours developed hollow-fiber polya-
mide-based material in the 1970s. Nowadays, although
hollow-fiber membrane has managed to maintain its
presence in this market with Toyobo Company Ltd.
(Japan), the future belongs to spiral-wound mem-
branes, because the intense competition in this
segment is spurring further developments.

Major developments are based on thin-film com-
posite, spiral-wound membranes with the 8-inch-
diameter module that represent a standardized pro-
duct today. Dow and Hydranautics are the two
market leaders (Figure 4), followed by Toray. Koch
Membrane Systems (USA), GE Osmonics (USA),

and Saehan (Korea) are also key market shareholders.
The most recent technological improvements are

aimed at developing spiral-wounded membranes

with the following characteristics:

• Membranes with minimized clogging and fouling by

colloidal solids and microorganisms, respectively. This

can be achieved by ensuring the smoothest possible

membrane surface to prevent the occurrence of

tiny dead zones, and by reducing the electrostatic

charge of the membrane surface to limit the attrac-

tion of elements of the opposite charge.

• Membranes with high salt rejection factors, but
with the lowest possible energy requirement for

operation.

• Membranes tolerant to oxidants, especially
chlorine.

• Membranes able to withstand high operating
pressure levels.



Table 1 Main RO seawater desalination plants

Site
Capacity
m3 d�1

Start-up
year

Ashkelon (Israel) 320 000 2005

San Francisco (US) 300 000 2008
Hadera (Israel) 275 000 2010

Kurnell (Australia) 250 000 2010

El Hamma (Algeria) 200 000 2008
Beni Saf (Algeria) 200 000 2008

Tlemcen Hounaine (Algeria) 200 000 2010

Valdelentisco (Spain) 200 000 2007

San Diego (US) 190 000 2006
Aguilas (Spain) 180 000 2007

Fujairah (UAE) 170 000 2003

El Prat del Llobregat (Spain) 165 000 2009

Fujairah 2 (UAE) 136 500 2010
Tuas (Singapore) 136 000 2005

Al Taweelah (Saudi Arabia) 136 500 2008

Point Lisas (Trinidad) 130 000 2002

Medina/Yambu (Saudi Arabia) 128 000 1995
Kwinana, Perth (Australia) 150 000 2006

Gold Coast (Australia) 125 000 2009

Carboneras, Almeria (Spain) 121 000 2003
Tampa Bay, Florida (US) 110 000 2003

From Global Water Intelligence, http://www.desaldata.com (accessed November 2009).
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Figure 4 Spiral-wound modules.
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• Membranes configured in elements designed to
offer the greatest possible surface area, thanks to
increased size.

Furthermore, three major advances have been
achieved with the market launch of:

• Membranes able to withstand feedwater pressures of

84 bar, compared to the typical service pressure of 70 bar for
conventional membranes. This new specification paves
the way for the design of two-stage systems in which
the brine concentrate from the first stage – equipped
with conventional membranes – becomes the feed
stream for a second stage equipped with hydrogen
palladium (HP) membranes. A booster pump raises
the pressure in order to overcome the higher mean
osmotic pressure of the second-stage brine concen-
trate. This design, developed by Toray, gives
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recovery ratios of 60%, versus the 40–50% attainable
using conventional single-stage systems.

• Larger spiral-wound elements. For example, the
Koch Membrane Systems company has introduced
large elements (diameter: 180 (457 mm)� length: 610

(1.549 mm)), versus standard elements of 80 (203 mm,
diameter)� 400 (1016 mm, length). The surface area
of the Koch membranes is 7.5 times larger than that of
typical elements. This specification allows for a
smaller system footprint and reduces the number of
pressure vessels and seals between elements.
Dow-Filmtec (USA), Hydranautics (USA and
Japan), Toray (Japan), and Saehan (Korea) followed
suit with the launch of 160 (406 mm, diameter)
elements. Also noteworthy is the market launch of
medium-pressure (40 bar) and high-pressure (HP;
80 bar) tubes to house the 160 (406 mm) and 180

(457 mm) elements. In addition, a new proprietary
RO system by GrahamTek Singapore Pte Ltd has
been launched. GrahamTek claims that these
innovations prevent fouling and scaling during
operation, eliminating the need for chemicals and
achieving higher performances than conventional
water-treatment systems. This system is based on
patented electromagnetic field (EMF) coil and flow
distributor that are incorporated into a commercial
160 (406 mm) spiral-wound RO elements (Figure 5).
The integrated flow distributor is incorporated at the
front end of the spiral-wound membrane elements
and generates a higher flux with improved recoveries
through the continuous disruption of the concentra-
tion polarization on the membrane surface releasing
micro-bubbles, thereby improving the cross-flow
Figure 5 Eight-inch spiral-wound membranes vs. 16-inch

spiral-wound modules.
shear force, easing mass transfer across the membrane
surface. The micro-bubbles thus generated actively
scour the membrane surface, preventing foulants
from settling. The EMF device is encapsulated
within the pressure vessels and is applied throughout
the length of each vessel and prevents fouling on the
membrane surface by inhibiting active crystal forma-
tion. Crystals that form under these conditions are
amorphous and therefore do not grow or scale. The
water in the feed channel is encapsulated by the
EMF, generating a net movement in the direction
of the concentrated stream. All the ions within the
concentrated stream become electrically charged,
inducing the feed channel to act as a semiconductor,
which moves forward in the direction of the magnetic
field.
Nevertheless, the benefits of these innovations still
need to be confirmed and validated as only few side-
by-side pilot-plant trials have been performed
today.

• Membranes with improved total dissolved solid (TDS)

rejection or with higher productivity. In standardized test
conditions, some membranes achieved salt rejection
factors of 99.75–99.80%: the usual factor is 99.4%
(Figures 6(a) and 6(b)). In the case of very warm
and highly saline water, this gain means that a second
pass is not needed to produce permeates with TDSs,
chlorides, and sulfate values compatible with drink-
ing water quality requirements.

Historically, the rejection of 99.40–99.70% (which
is required to achieve acceptable permeate quality of
350 ppm TDS) was only available with elements
having a flow rate of 23 000 m3 d�1 (6000 gpd) or
less. In 2004, Bush and Mickols [2] described new
commercially available elements with higher flow
rates (28 000–34 000 m3 d�1, 7500–9000 gpd) and
with a NaCl rejection of 99.70%. In 2008, ultra-
low-energy RO modules have been introduced into
the market with 41 500 m3 d�1 (11 000 gpd) and
99.70% NaCl rejection.

Other recent developments are:

• Membranes with high boron rejection factors. This
characteristic is required by certain irrigation appli-
cations, particularly when the water is used to
irrigate fruit trees, because boron causes spots on
the fruit, thus reducing its commercial value. In
some projects, the required boron level is so low
(typically 0.5 mg l�1) that an additional treatment,
such as selective boron ion-exchange resin or typi-
cally a second pass RO fed with a high pH feedwater
quality, is needed. The increase in pH is important
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as RO membranes are very efficient at removing

charged species such as the borate ion, rather than

neutral molecules such as boric acid and as the pKa

of H3BO3/H3BO2
� is 9.2; therefore, the equilibrium
H3BO3  
!

H3BO2
�þHþ is typically toward the left

at standard SW pH 8. Increasing the pH shifts the

equilibrium H3BO3  
!

H3BO2
�þHþ to the right in

order to have the dominant form of boron as borate
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H3BO2
� and, therefore, improves boron removal at

the second pass as shown in Figure 7.

• Internally staged element design [3, 4]. Due to the
high fouling tendency in the front position of the

vessel, the flow has to be reduced. At the same time,

the overall production of the vessel has to be kept

constant. The internally staged design uses elements

of relatively low permeability in the first positions

and high flow elements in the rear of the vessel.

The effect is similar to a two-stage design which

has a booster in the second stage or a permeate

backpressure in the first stage. With these lower

flow elements in the lead position, the design

will not violate engineering recommendations and

the high-productivity elements will achieve the

same amount of permeates at a lower pressure

(Figure 8).

• Locking systems to interconnect elements and prevent

slippage typical of interconnectors fitted with O-ring joints.
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Figure 7 Pilot plant experiment for boron removal vs. pH.
The new locking devices improve leak control,
thereby ensuring consistent permeate quality
(Figure 9).
2.03.3.2 Membrane Fouling and Autopsy

SW contains microorganisms, organics, and minerals
mixed in a saline water matrix. Scaling, organic foul-
ing, particulate fouling, and biofouling are the four
major types of fouling that can occur on RO mem-
brane surfaces [5]. The fouling mechanism at the
membrane surface is initiated by a concentration
gradient that occurs at the separating surface due to
the concentration polarization phenomenon. Within
this boundary layer, salts may precipitate and sus-
pended solids can start to deposit on the membrane
surface, leading to fouling.

Several inorganic scales may be present in fouled
RO membranes: calcium carbonate (CaCO3), cal-
cium sulfate (CaSO4), and barium sulfate (BaSO4).
Calcium carbonate is the most likely inorganic scale
to be deposited.

Deposit of colloidal/particulate species can also
be observed, depending on the feedwater quality and
the pretreatment before the RO unit: ferric or alumi-
num oxide/hydroxide, silica, organic debris,
colloidal particles, and humic acids [6].

Unlike the other types of fouling, it is difficult
to both understand and prevent biofouling.
Examination of numerous membranes has led to con-
clude that biofouling is the most common type of
fouling encountered, as shown in Figure 10.

This is primarily due to the accumulation of
extracellular polysaccharide substances (EPSs)
secreted by microorganisms entering the membranes
in the feedwater. This adhesive polysaccharide mate-
rial first accumulates at the membrane surface and



Figure 11 Membrane dissection.
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can act as a trap for other organic debris and as a

source for microbiological growth. Then, these bio-

polymers are excreted by the bacteria entrapped in

the biofilm at the membrane surface. This results in a

consolidated structure that is difficult to remove.
Different types of fouling may be found at differ-

ent locations along the length of an element, along

the modules of a pressure vessel, and at different

stages of the plant (Figure 10). For example, due to

concentration factors, scale will deposit first at the

outlet end, whereas suspended matter will remain in

the early stages of a pressure vessel.
Control of membrane fouling is essential for suc-

cessful long-term performances of desalination

plants. Therefore, an identification of the foulants is

necessary in order to use the most adequate pretreat-

ment and/or cleaning sequences. A membrane

autopsy provides information on the history of the

operating membrane facility, which can help resolve

operational problems.
In the autopsy process, membranes are cut open

and their surfaces are scientifically examined. The

autopsy analyses can include chemical, microbiolo-

gical, and microscopic examinations, as well as the

use of cross-flow test cells to characterize membrane

performances. The autopsy is a destructive proce-

dure. The most significant reason for sending

membrane for autopsy is usually a fall-off in system

performances. This fall-off can be either an increase

in differential pressure or a decrease in permeate flux

or permeate water quality.
This examination requires a sacrificial membrane
element to be removed from the plant for destructive

analyses.
After removal from the plant, the element must be

kept wet and wrapped immediately in a plastic bag

and sent to the autopsy laboratory. No preservative is

added at this stage, as microbiological investigations

cannot be performed otherwise. The module must be

dissected as soon as possible after removal from the

plant. If the element cannot be dissected immedi-

ately, it is kept wet and stored in a cool place.
At the autopsy laboratory, the fiberglass casing is

first inspected in order to put into evidence any

mechanical damages. Such damages can be an

indication of excessive pressure drops across the

membrane due to a high degree of fouling.
After this inspection, the membrane ends and cas-

ing are removed and the leaves are unwound

(Figure 11). Deposit samples are collected for analysis

from a known surface area. A wide range of methods is

available for the analysis of membranes and deposit.

Standard analyses are usually conducted to identify

the type of fouling. Advanced analyses can be per-

formed if more complete information is needed.
Membrane samples can be tested in a flat-sheet

test rig to compare their performances in terms of

flux and salt rejection against a clean unused mem-

brane of the same model.
Loss on ignition, total organic carbon (TOC), and

dissolved organic carbon (DOC) measurements give

general information on the organic content in the

deposit. More specific analyses, such as Fourier

transform infrared spectroscopy (FTIR) or liquid chro-

matography-organic carbon detection (LC-OCD),

presented in a more detailed manner in Section

2.03.4.2, can help identify the specific structures implied
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in the fouling phenomenon. As mentioned before, EPSs
(exopolymeric substances) are usually found to be an
abundant component of the fouling layer.

Inductively coupled plasma optical emission spec-
trometry (ICP-OES) analyses allow quantifying most of
the inorganic components. X-ray diffraction and energy
dispersive spectroscopy (EDS) can help in the final
diagnosis. High iron concentrations are often observed
in the membrane deposit. They likely originate from
the pretreatment since ferric chloride is usually used as
a coagulant. Aluminosilicates have also been detected in
many autopsies of SWRO membranes.

Microscopic methods, such as atomic force micro-
scopy (AFM), scanning electron microscopy (SEM),
and confocal laser microscopy, can be powerful tools;
however, depending on the magnification, their use
must be conducted with care since information
remains very local.

For example, the SEM is a microscopic method
capable of producing very high magnification images
of a membrane surface, as shown in Figure 12. Due
to the manner in which the image is created, SEM
images have a characteristic three-dimensional
appearance and are useful for judging the surface
structure of the sample. Microbial structures have
been observed using this tool.

Bacteria counts give an indication of the degree of
biofouling on the membrane surface. Bacteria in SW
are usually in the viable-but-noncultivable (VBNC)
state. Therefore, cultivating methods cannot be used
in this case and total counts are usually performed
using 49-6-diamidino-2-phenylindole (DAPI) staining.
Active cells are also enumerated based on their
respirometric activity (chlorotetracycline (CTC)
(a) (b)

Figure 12 Scanning electron microscopy (SEM) pictures: (a) m
staining). Cultures on specific media can also be per-
formed to help identify the implied bacteria, such as
iron- or manganese-oxidizing bacteria (Figure 13).
2.03.3.3 Membrane Cleaning

As a consequence of membrane fouling, the effective-
ness of the membrane filtration process decreases.
The diagnosis can be established through a monitor-
ing of membrane performances. A decrease in
membrane flux or retention is an indicator of mem-
brane fouling, which will cause an increase in the
energy demand. To prevent these negative effects on
the membrane process, appropriate membrane clean-
ing actions need to be applied periodically.

The moment and frequency of membrane clean-
ing is essential. The frequency of cleaning will be
determined by the rate of fouling. Cleaning cannot be
performed too often from an economical point of
view and due to a risk of membrane deterioration.
However, if some limits are reached, cleaning
becomes unavoidable.

In general, cleaning is recommended when any of
the following changes by 10–15% (Hickman [7]):

• an increase in salt rejection,

• an increase in pressure drop (DP),

• an increase in feed pressure, or

• a decrease of product flux.

The pressure drop, corresponding to the longitudi-
nal pressure drop along the pressure vessel, is
usually the most-used criterion as it is the most
sensitive parameter for fouling detection. Usually,
a decrease in permeate flux or retention follows an
embrane surface (�5000); and (b) cross section (�10 000).



Figure 13 Analysis by epifluorescence microscopy of the

deposit after 49-6-diamidino-2-phenylindole (DAPI) staining.
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increase in pressure drop. An example is given in

Figures 14 and 15.
For spiral-wound elements, few cleaning methods

are available. Unlike hollow fibers, mechanical or

hydrodynamic cleanings cannot be performed.

Therefore, chemical cleaning methods are mainly

used for the removal of foulants at the membrane

surface.
Chemical cleaning agents are used to complexate,

oxidize, inactivate, solubilize, hydrolyze, and dena-

turalize the membrane fouling layer. During

cleaning, the membrane installation is temporarily
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Figure 14 Permeability evolution on a reverse osmosis (RO) u
taken out of operation and cleaned by a cleaning-in

place (CIP) procedure with different cleaning agents.

CIP can be performed on any part of the membrane

installation according to the requirement. It is usually
performed on one membrane stage or on the process

line at the time.
There is a variety of different cleaning chemicals

available for membrane cleaning. However, the prop-

erties of some chemicals are not suitable or

compatible with some membrane materials.

Cleaning agents are selected depending on function

of the type of foulants to be removed typically iden-

tified by membrane autopsy. The usual cleaning
agents are acids, alkalines, complexing agents or anti-

precipitants, biocides, detergents, and enzymes. For

example, weak acids are known to help remove iron

and metal oxides, whereas the biofilm is usually

cleaned with an alkaline-based cleaner.
After selecting the adapted cleaning agents, sev-

eral cleaning conditions must be adjusted: the

temperature and concentration of cleaning solutions,

cross-flow velocity, and transmembrane pressure
during membrane cleaning. Moreover, the cleaning

sequence must be optimized with care to have a

better action on the removal of foulants. The order

of cleaning-agent application, the duration of each

step, and the rinsing time will be chosen as function

of the desired effect. Procedures may consist of a
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two-stage cleaning with a soaking time in between
recirculation of the cleaning solution.
2.03.4 Pretreatments

2.03.4.1 Introduction

Design and operation of SWRO plants strongly
depend on the raw SW quality to be treated. To
exceed the 3-year guarantee given by manufacturers
of RO elements and extend membrane life to 5 or 10
years, the feed stream must be pretreated to prevent,
or at least limit, membrane clogging, scaling, and
fouling. The selection of the best pretreatment tech-
nology depends on the raw SW quality and its
variations.

To date, membrane manufacturers have greatly
emphasized on the silt density index (SDI) as a sur-
rogate parameter for water quality to prevent fouling
on RO membranes. However, this SDI measurement
is based on the reduction of permeability with time of
a water sample through a microfiltration (MF) mem-
brane. As the transfer mechanisms through an RO
membrane are very different from those occurring
through an MF membrane, it is highly likely that the
fouling mechanisms and occurrences will greatly dif-
fer from an SDI membrane and an RO membrane.
Therefore, while the SDI measurement can be a
useful indicator with respect to the particulate con-
tent and MF fouling compounds, this index does not
provide any information regarding the nature of the
foulants passing through a 0.45-mm membrane and
the risks of biofouling. Advanced analytical methods
are therefore needed to characterize raw SW samples
as well as the performance of SW pretreatment pro-
cesses. Advanced analytical tools have recently been
developed focusing mainly on: (1) inorganic charac-
terization, (2) characterization of the natural organic
matter (NOM), (3) enumeration of picophytoplank-
ton and bacteria through flow cytometry, and (4)
global measurement of fouling potential.
2.03.4.2 Water Quality Parameters and
Analytical Methods

2.03.4.2.1 Inorganic characterization

The ion makeup of the raw SW sources is character-
ized according to the analytical methods listed in
Table 2.

2.03.4.2.2 Characterization of NOM with
LC-OCD chromatography or size-exclusion

chromatography

The LC-OCD system consists of a size-exclusion
chromatography column, which separates hydrophi-
lic organic molecules according to their molecular
size [8, 9]. The underlying principle is the diffusion
of molecules into the resin pores, which means that
larger molecules elute first as they cannot penetrate
the pores very deeply, while smaller molecules take



Table 2 Analytical methods for inorganic characterization

Parameter Analytical method

Cations (sodium, potassium, calcium,

magnesium, strontium, and baryium)

ICP – optical emission spectroscopy

Boron Spectrophotometry
Chloride Potentiometry

Bromide Ionic chromatography

Hydrogenocarbonate
Sulfate

Silica

Alkalimetric titration
Ionic chromatography

Colorimetry

Fluoride Ionometry
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more time to diffuse into the pores and out again.
The separated compounds are then detected by two
different detectors: an ultraviolet (UV) detector
(absorption at 254 nm) and a DOC detector (after
inorganic carbon purging). Depending on the size of
the molecules, the composition of the organic matter
can be obtained. With a bespoke algorithm program,
the different peaks can be integrated to evaluate the
proportion of each organic fraction. The DOC mea-
surement can be carried out using a bypass mode. In
this case, the samples go straight through the TOC
reactor and analyzer. Figure 16 depicts a typical
chromatograph with the different peaks and their
associated organic fractions.

2.03.4.2.3 Flow cytometry for enumeration

of picophytoplankton and bacteria

Picophytoplankton species corresponds to the
smaller-size species of phytoplankton (size ranging
from 0.2 to 10 mm). The concentrations of picophy-
toplankton species are interesting to monitor in both
raw and pretreated SWs as

1. picophytoplankton species are by very far the
most abundant phytoplankton species in SW
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Figure 16 Chromatograph obtained with liquid

chromatography-organic carbon detection (LC-OCD).
(concentration between 103 and 105 ml�1) as com-
pared to phytoplankton species with a size
>100 mm; and

2. phytoplankton species with a size >100 mm are
very likely to be removed through conventional
pretreatment processes (e.g., coagulationþ dual-
media filtration), and through the cartridge filters
located upstream of the RO membrane units, and,
therefore, smaller-size algal organisms, such as
picophytoplankton, are the most likely to pose a
threat to the RO membranes.

The main picophytoplankton species are:

• nanoeukaryotes: algal species >2 mm and

• smaller species <2mm: Synechococcus, Picoeukaryotes,
and Prochlorococcus

Flow cytometry is an individual, qualitative, and
quantitative characterization technique for particles
(cells, bacteria, etc.) in a liquid field. The sample is
injected in a measurement chamber by a sheath fluid.
The whole flows to a circular neck and, thanks to
hydrodynamic convergence, cells are separated in a
sharpened capillary tube and cells cross a laser beam
light. Optical and physical signals are then collected
by four photomultipliers. Two tubes detect the light
diffused under two different angles: forward-angle
light scatter (FSC), for the light diffused under the
axis of the incident ray and side-angle light scatter
(SSC), for the light diffused with a 90� angle. The
two other tubes detect fluorescence emissions.
Populations are hence differentiated according to
their signals of diffusion and fluorescence [10].

For picophytoplankton and algae enumeration,
samples are divided into two aliquots and fixed with
formaldehyde (2% final concentration) and then fro-
zen in liquid nitrogen. Prior to analysis, the samples
are rapidly thawed. Samples are then analyzed using
a FACSort flow cytometer (Becton Dickinson).
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Figure 17 shows the principle of flow cytometry

used for phytoplankton and algal counts. For all

experiments, FACSFlow is used as sheath fluid.

The first aliquot is analyzed directly and used for
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Figure 18 Cytograms for differentiating/enumerating (a) phyto
autotrophic population counts. The second aliquot is

incubated for 15 min in the presence of SYBR Green

I (SYBR-I; 1:10 000 final concentration; Molecular

Probes), which is a dye that stains DNA, in order to

obtain bacterial counts.
Parameters acquired on nonincubated samples are

cell concentration, FSC, orange phycoerythrin fluor-

escence, and red chlorophyll fluorescence. On

SYBR-I-stained samples, green fluorescence from

the DNA–dye complex is also measured. For

unstained samples, pico- and nanoeukaryotes are

discriminated from Synechococcus cyanobacteria on

the basis of the orange phycoerythrin fluorescence.

Prochlorococcus has very low red chlorophyll fluores-

cence, typical of oligotrophic surface waters and

cannot be easily differentiated from background

noise. On SYBR-I-stained samples, both picoeukar-

yotes and Synechococcus cyanobacteria could be

discriminated from heterotrophic bacteria because

of their red chlorophyll fluorescence. Data acquisi-

tion is performed at a high rate for unstained samples

(90–100 ml min�1) and at a low rate for SYBR-I

stained samples (15–20 ml min�1). Figure 18 depicts

a set of cytograms obtained on an SW sample, and
1 µm beads

catter light ~ size

Synechococcus

O
ra

ng
e 

flu
or

es
ce

nc
e

F
L2

-H

SC-H

10
4

10
3

10
2

10
1

10
0

102

1 µm

103 104

100 101 102 103 104 

erio.095

plankton species and (b) bacteria [11].



Current and Emerging Developments in SWRO Desalination 49
shows how the picophytoplankton species and bac-
teria (high nucleic acid (HNA) bacteria equivalent to
active bacteria; low nucleic acid (LNA) bacteria
equivalent to dormant bacteria) can be differentiated
and enumerated.
2.03.4.2.4 Global measurement of fouling

potential

As mentioned previously, SDI remains the most com-
monly used global parameter for evaluating SW
quality before RO membranes. Nevertheless, despite
an intensive use of this fouling index and its recom-
mendation from membrane manufacturers, some
studies showed that SDI is inappropriate for measuring
the fouling potential of SW. For instance, Moody et al.

[12] and Kaakinen and Moody [13] reported a severe
fouling of RO membranes fed by SW with SDI < 1.
The RO membrane autopsy revealed that the fouling
material was mostly clay and organic matter. On the
contrary, Potts et al. [14] showed the economic viability
for RO plants fed by SW with SDI > 5.

To overcome this issue of nonadapted water foul-
ing index, modified fouling index (MFI) and mini
plugging fouling index (MPFI) tests have been
developed.

• MFI and MPFI. Schippers and Verdouw [15] pro-
posed a fouling index called MFI, which takes
into account fouling mechanisms. They consid-
ered that the fouling of a flat-sheet membrane in
dead-end filtration at constant transmembrane
pressure takes place in three steps:

1. pore blocking;
2. formation of an incompressible cake; and
3. formation of a compressible cake.
Pore
blocking Cake filtra

t/V (s/L)

Figure 19 Evolution of t/V as a function of V.
This mechanism is based on the laws of dead-end

filtration at constant transmembrane pressure or con-
stant flux stated by Hermans and Bredee [16], taken

up by Hermia [17], and quoted by Minier and

Jolivalt [18]. These laws give explicit relationships

between filtration time and permeate flow rate.
This is illustrated by Figure 19, which represents

the evolution of the ratio t/V as a function of V,

where t is the filtration time and V the cumulated

permeate volume.
According to these filtration laws, there should

be a linear relationship between t/V and V during
the formation of a compressible cake [15]. The

parameter MFI0.45 specifically corresponds to the

fouling by cake formation at the membrane sur-

face. Practically, the measurement of MFI is
similar to that of SDI, with the same equipment.

The volume of permeate is measured every 30 s,

during a maximum time of 20 min. Test results

consist in a series of time measurements and
cumulated permeate volumes. The MFI value is

the slope of the linear part of the graph, that is, the

tangent of the angle �.
The MPFI is defined as the slope of the linear part

of the curve representing the instantaneous permeate

flow rate as a function of time. This curve also pre-
sents three parts corresponding to the fouling steps

mentioned previously.
Requirements have been set up for water feeding

RO and nanofiltration (NF) systems [19] as reported

in Table 3.
Even if MFI0.45 and MPFI represent a significant

improvement of the evaluation of fouling potential

compared to SDI, theses indexes still present some

limits for predicting NF and RO fouling:
tion

Tan α = MFI

Cake 
compression

V (L)



Table 3 Approximations of fouling indexes for NF and

RO

Fouling index Range Application

MFI (0–2) s� l�2 OI

(0–10) s� l�2 NF
MPFI (0–3�10�5) l� s�2 OI

(0–1.5� 10�4) l� s�2 NF

SDI (0–2) OI
(0–3) NF
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• Measurements of MFI0.45 and MPFI are carried
out in dead-end filtration, while NF and RO

operate in cross-flow filtration that slows down

or limits the particle deposit on the membrane.

• Permeate flux in NF or RO is much lower than in
MF, modifying the force equilibrium on a particle.

• A high part of colloidal matter retained at the surface
of an NF or RO membrane passes through the filter

used for MFI0.45 measurement. Hence, the fouling

ability of these colloids is not taken into account and

the particles constituting the cake at the NF or RO

membrane surface will have a different structure.

• Operating pressures in NF or RO are much
higher than 30 psi (2.07 bar), which is the pressure

applied for SDI and MFI0.45 measurement.

Hence, the cake should be much more com-

pressed in NF or RO than in MF.

• Salt retention through NF or RO membranes and
the accumulation of these salts in the polarization

boundary layer modify the ionic neighborhood

next to the membrane, which can affect the struc-

ture of the fouling deposit.

Some of the limits have been removed through the

development of a new index based on the use of an

ultrafiltration (UF) membrane: MFI-UF.

• MFI with UF and NF membranes. Boerlage et al.
[20–23] have developed a new fouling index called

MFI-UF. Unlike the previous indexes (SDI and
Table 4 Desalination sites involve

characterization study

Site ID Location

Sites A, B Pacific Ocean

Sites C, D, E Mediterranean Sea
Site F Atlantic Ocean

Site G Arabian Gulf

Site H Brackish water

Site I Atlantic Ocean
MFI0.45), this index is measured with a UF mem-
brane, hence with pores smaller than 0.45 mm. This
choice aims at a better characterization of the fouling
ability of water containing colloids, which can pass
through an MF membrane with a porosity of 0.45mm.
Boerlage et al. [21] have selected a membrane with a
molecular weight cutoff of 13 000 Da for the mea-
surement of MFI-UF. This cutoff would be the best
according to filtration tests. Filtration mechanisms
considered for MFI-UF are exactly the same as for
MFI0.45 (see Figure 19).

Currently, studies are moving toward the develop-
ment of not only a fouling index using NF
membranes [24] but also a cross-flow sampler provid-
ing a fouling index operating under flow conditions
closer to RO processes than SDI or MFI [25].
2.03.4.3 Raw Water Quality

These new tools, combined with conventional SW
quality parameters (turbidity, SDI, and TOC), were
used at various full-scale and pilot-scale desalination
facilities for raw SW characterization. SW samples
were collected at theses various sites capturing a
wide variety of source waters. Table 4 lists the
various sites with their location and intake type.

2.03.4.3.1 Ion content

The ion makeup of the raw SW sources is character-
ized according to the analytical methods listed in
Table 2. As shown in Table 5, the ion content of a
same body of SW is fairly similar, and no significant
changes of ion content are observed over a year at the
participating sites (no significant seasonal variations
of ion content). Based on the samples collected at the
various sites, the main observations are as follows:

• the overall ion content of the Arabian Gulf is
higher as compared to the oceans and the
Mediterranean Sea; and
d in the seawater

Intake type

Open intake

Open intake
Open intake and beachwell

Open intake

Estuarine surface water

Open intake and beachwell



Table 5 Ion content of various seawaters

Pacific Ocean
(sites A, B)

Mediterranean Sea
(sites C, D, E)

Atlantic
Ocean (Site I)

Arabian Gulf
(Sites G)

Sodium (mg l�1) 10 200–10 500 11 800–12 500 10 100 12 300–13 800

Potassium (mg l�1) 370–380 435–455 360 505–610
Calcium (mg l�1) 400 450–470 430 430–570

Magnesium (mg l�1) 1200–1235 1410–1500 1340 1510–1790

Chloride (mg l�1) 18 300–18 700 21 000–22 600 21 200 23 100–24 900
Sulfate (mg l�1) 2710–2830 2960–3210 2490 3040–3110

Bicarbonate (mg l�1) 152 170 162 162–170

Boron (mg l�1) 4.6 5.4 4.3 5.1–6.7

Fluoride (mg l�1) 1.1 1.5–1.7 1.2 2.4–2.7
Strontium (mg l�1) 7.7 8.4 7.5 9.5–10.5

Barium (mg l�1) <10 <10–20 14 <10

Salinity (g l�1) 33.4–34.4 38.8–41.0 33.2 43.7–44.3
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• the sites located on the Pacific Ocean and the
Atlantic Ocean show a slightly lower salt content
than the Mediterranean Sea, and this could
impact, in some cases, the design of the RO sys-
tems, notably with respect to the boron removal.

Overall, these differences of salt content will not
impact the selection of the pretreatment strategy,
but will impact the sizing of the RO systems. For
the more saline SW, adequate desalination through
RO will require slightly higher pumping require-
ments, and/or slightly lower conversion rates, and/
or slightly higher dosing rates of antiscalant, and
more advanced treatment (additional RO passes) for
boron removal.
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Figure 20 Impact of the seawater intake type on the natural o
2.03.4.3.2 Natural organic matter

The NOM contained in different raw SWs is char-

acterized with the LC-OCD analytical method. TOC

analyses are also performed using a Shimatzu TOC-

V analyzer (high-temperature catalytic oxidation).
Overall, SWs collected from open intakes at various

sites have a fairly low and stable TOC level ranging

from 0.8 to 1.5 mg l�1. Figure 20 demonstrates the

advantage of using beachwell as SW feed as compared

to surface SW (open intake). First, the TOC levels of

beachwell SW are slightly lower, but most importantly,

the polysaccharides are almost completely removed

through the slow filtration occurring when beachwells

are used. Beachwells are, therefore, an excellent line of
Open intake − site F Beachwell − site F

Polysaccharides
Humic substances + building blocks
Low molar mass acids + neutrals
Low molar mass compounds

TOC = 0.9 mg l–1

SDI-3 min = 18.3

TOC = 0.6 mg l–1

SDI-3 min = 7.1

rganic matter (NOM) content.
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defense against organic and biological fouling on the
RO membranes as polysaccharides are easily absorbed
onto spiral-wound membranes. Then, polysaccharides
foster the microbial attachment onto the RO
membranes, and these high-molecular-weight com-
pounds can also be used as nutrients by the bacteria,
thus facilitating the development of a biofilm onto the
membranes (biofouling). It is also interesting to note the
major impact that the use of beachwells can have on the
SDI values, as the slow filtration through the seabed can
lead to a threefold decrease of the SDI3 min values.

With the exception of major storm events or
extreme influence of inland activities, the TOC
levels do not show any major variations. On the
other hand, the NOM characterization through LC-
OCD chromatography allows one to demonstrate
that the NOM content may vary depending on the
seasons. Figure 21 notably shows that samples col-
lected during fall have lower polysaccharide levels
than samples during summer. These lower polysac-
charide levels during colder seasons also correspond
with lower SDI3 min values and lower bacterial
counts. It already appears that the bacterial and
algal activities, enhanced with warmer water tem-
peratures and higher sun exposure, are major water
quality factors impacting the fouling potential of
open intake SWs, and, therefore, will impact the
selection of the pretreatment strategy.
2.03.4.3.3 Phytoplankton and algal

content of raw SW

Figure 22 shows the concentrations of phytoplank-
ton species at the various SW desalination sites. The
following observations can be made:
Raw seawater o
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• the Arabian Gulf SW has a significantly higher
algal activity as compared to the Mediterranean

Sea (and other oceans – data not shown) and

• the positive impact of the beachwell is again
demonstrated, as concentration of phytoplankton

species in beachwell SW is more than one level of

magnitude lower than that of surface SWs.

Figure 23 compares the time profile of the bac-
terial counts. It appears that the bacteria content

of the raw SW in summer (June and August

samples) is higher than that of the sample

collected in fall (October sample). However,

beyond the simple comparison of total bacteria

counts, the variation of distribution between

active and dormant bacteria is very interesting.

Indeed, the proportion ratio between active and

dormant bacteria seems to invert between the

summer samples and the fall sample, with bacteria

having a higher activity in summer. This observa-

tion could have a great impact on the fouling

kinetics occurring on the RO membranes. Of

course, this observation can be related to higher

sun exposure and higher water temperature in

summer (around 30 �C in summer against 15 �C
in fall).
2.03.4.3.4 Correlations between

conventional SW quality parameters and

advanced analytical tools
This comprehensive monitoring approach notably

shows that
rganic composition

Aug Oct

g l–1) A+N (mg l–1) LMM

 mg l–1
SDI3 = 24.4
TOC = 1.1 mg l–1

SDI3 = 19.2
TOC = 0.7 mg l–1

) content of the raw seawater: Mediterranean Sea – open intake.
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Figure 22 Phytoplankton concentrations in various raw seawaters (Log scale).
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1. the SDI15 min values at the outlet of the pretreat-
ment process seem to be closely correlated with
the total bacteria count (see Figure 24); and

2. the polysaccharide content is also correlated
with the total bacterial count, and this for both
the raw SW and the pretreated SW (see
Figure 25).

2.03.4.4 Performances of Various
Pretreatment Processes

2.03.4.4.1 General presentation of

pretreatment processes

Figure 26 shows the various pretreatment process
options that can be implemented on an RO desali-
nation plant, depending on the raw SW quality and
its variations. In general, pretreatment processes
consist of

• removing algae, plankton, hydrocarbons, via, for
example, a flotation process;

• capturing colloidal solids via a clarification-filtra-
tion line;

• preventing the precipitation of dissolved solids
and metal salts in the brine concentrate zone by
injecting an acid and/or chelating agent; and

• controlling microorganism growth and the intro-
duction of biodegradable organics that constitute
a food supply for microbes and foster their
proliferation at the membrane surface.

As seen in Section 2.03.4.3, feedwaters from coastal
wells are generally of very high quality. The same
cannot be said, however, of water taken directly from
the sea, especially warm seas, which call for the use of
multibarrier treatment processes to ensure low levels
of turbidity and a low SDI, specifically

• turbidity below 0.1 NTU and

• average SDI of 2.5 with peaks not exceeding 3 or 4.

Meeting these requirements allows plant design to be
based on the highest possible transmembrane flux
(with a proportionate reduction in the necessary
membrane surface area), and presents the following
operational advantages:

• reduced frequency of chemical cleaning;

• consistently high permeate quality;

• limited head loss across the elements, allowing
the use of the energy recovery device (to recover
energy from brine concentrate), leading to energy
savings; and

• longer membrane service life, thanks to a lower
rate of irreversible fouling.

Biofouling remains the major problem; therefore,
development efforts have focused on achieving the
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highest possible rejection factors for microorganisms

and organic matter.
Trends in current practice consist of:

• Elimination of continuous prechlorination, which
has the significant drawback of transforming
certain nonbiodegradable organics (such as humic
acids) into biodegradable compounds, which, in
turn, constitute a nutrient supply for microorgan-
isms. Continuous prechlorination is being
successfully replaced by shock chlorination fol-
lowed by dechlorination. Other alternatives for



0

1

2

3

4

5

0.0E+00 5.0E+05 1.0E+06 1.5E+06 2.0E+06 2.5E+06 3.0E+06
Total bacteria in raw seawater (ml–1)

S
D

I-
15

 m
in

 –
 p

re
tr

ea
te

d 
se

aw
at

er

Figure 24 Impact of raw seawater bacteria concentration on silt density index (SDI) 15-min values of pretreated water

(coagulationþdual-media filtration): Mediterranean Sea – open intake.

0

0.01

0.02

0.03

0.04

0.05

0.06

0.07

0.08

0.09

0 200 000 400 000 600 000 800 000 1 000 000 1 200 000 1 400 000 1 600 000

y = 4E−08x + 0.014 6
R2 = 0.944 9

Raw seawater

Treated water

P
ol

ys
ac

ch
ar

id
es

 (
m

g 
l–1

)

Total bacteria count (ml–1)

Figure 25 Impact of bacteria concentration in raw seawater on silt density index (SDI) 15-min values of pretreated water

(coagulationþdual-media filtration): Mediterranean Sea – open intake.

Current and Emerging Developments in SWRO Desalination 55
controlling microorganism populations are peri-

odic injections of specific biocides or UV oxidation.

• Use of membrane clarification techniques, espe-
cially UF, to replace conventional granular media

filtration. Although UF yields a high-quality pre-

treatment effluent (turbidity lower than 0.1 NTU;

SDI averaging 1.5–3), it is not an effective solu-

tion for organic removal, because only organic

macromolecules are retained on the membrane,

and only partially. For this reason, UF must be

supplemented with a coagulation step.
2.03.4.4.2 Performances of pretreatment

processes

Performances of the various pretreatment processes

presented in Figure 26 strongly depend on the raw

SW quality they are fed with. This section presents

the performances, based on conventional and

advanced analytical tools, of the pretreatment trains

corresponding to the various desalination sites dis-

cussed in Section 2.03.3.
Table 6 lists the various sites with their location,

intake type, and pretreatment process.



Table 6 Desalination sites involved in the seawater characterization study

Site ID Location (intake type) Pretreatment technology

Site A Pacific Ocean (OI) Coagulantþgranular filtration

Site B Pacific Ocean (OI) 1. Coagulantþgranular filtration

2. MF/UF

Site C Mediterranean Sea (OI) Actifloþgranular dual-media filtration
Site D Mediterranean Sea (OI) Coagulantþgranular dual-media filtration

Site E Mediterranean Sea (OI) Coagulantþgranular dual-media filtration

Site F Atlantic Ocean (OI and BW) Coagulantþgranular dual-media filtration
Site G Arabian Gulf (OI) Actifloþgranular dual-media filtration

Site H Brackish Water (ES) Coagulantþgranular dual-media filtrationþUF

Site I Atlantic Ocean (OI and BW) None – raw seawater samples only

Intake type: OI, open intake; BW, beachwell; ES, estuarine surface.
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Figure 26 Pretreatment process options.
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Table 7 shows the main results and allows a
thorough performance comparison between various

processes, even though most of them were not oper-

ated at the same site. From a scientific perspective,

sound process comparison can be performed only

when operating two or more processes using a side-
by-side approach (i.e., strictly similar raw water qual-

ity feeding the processes being evaluated).

Nevertheless, this requirement cannot be easily

met, notably at full scale. Only extensive pilot-scale

studies can allow such an approach, which was the

case for site D (Mediterranean Sea – open intake).



Table 7 Performance comparison of various pretreatment processes

Raw water Pretreated water

SDI3min

TOC
(mg l�1) SDI15min

TOC
removal

Polysac.
removal

Bacteria
removal

Picoplankton
removal

Chorophyll
removal

Dual-media filtration

Site A – Pacific Ocean

coagulationþDMF

Avg: 19

16–25

1.4 Avg: 2.9 0% 0% 0.5 Log 0.5 Log -

Site C – Mediterranean Sea
actifloþDMF

16–19 0.7 Avg: 2.7 5% 10–20% - - 90–95%

Site D – Mediterranean Sea

coagulationþDMF

Avg: 20

12–29

1.3 3–3.5: 21%

3.5–4: 40%

>4: 37%

15% - 0.3 Log 0.6 Log 90–99%

Site E – Mediterranean Sea

coagulationþDMF

13–30 0.8–1.2 2.6–4.0 15–20% 20–50% 0.3–0.6

Log

0.2–0.7 Log 92–97%

Microfiltration/Ultrafiltration

Site B – Pacific Ocean MF/UF >25 1.4 2.0 5% 35% 3.5 Log >3.7 Log 90%

Site D – Mediterranean Sea

MF/UF

Avg: 20

12–29

1.3 <3: 90%

3–3.5: 10%

5% - 3.0 Log >4.1 Log >99%

Site H – Estuarine brackish

water – MF/UF

>25 11 3.1 40% 62% 2.8 Log 3.5 Log 99%
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The two water quality parameters showing the
higher level of variation and sensibility between con-

ventional pretreatment processes (process strategy

based on dual-media filtration) and MF/UF pro-

cesses are the bacteria calculation and the

phytoplankton enumeration. Analyses of polysac-

charide concentration also provide interesting

information, but further data are required at this

stage. The main observations from the data contained

in Table 7 are the following:

• Pretreatment processes with dual-media filtration
provide limited removal of picophytoplankton

and bacteria (<1 Log removal), while mem-

brane-based pretreatment (MF/UF) achieves

high removal of both types of microorganisms

(removal >2.8 Log).

• While the chlorophyll removals through various
granular filtration systems and low-pressure (LP)

membrane units (MF and UF) were greater than

90%, the picophytoplankton and bacteria counts

were found to be more sensitive to capture

differences of pretreatment performance. This

demonstrates that picophytoplankton and bacteria

enumeration can be a very useful tool for the selec-

tion and optimization of the pretreatment based on

the site-specific raw SW quality challenges.

• TOC removal appears fairly limited for all tested
pretreatment technologies, and further polysac-

charide analyses are needed at this stage to draw

more robust conclusions. Nevertheless, TOC

removal on site D (where side-by-side process

comparison is performed at pilot scale) seems

higher at the outlet of the coagulationþ dual-

media filteration (DMF) pretreatment (15%)

than at the outlet of the UF/MF membrane pre-

treatment, which could have a significant impact

on the subsequent RO membrane biofouling

extent.

• SDI15 min values are lower after MF or UF pre-
treatment as compared to dual-media filtration

(see results from site D). Nevertheless, dual-

media filtration can also consistently achieve

SDI3 min values lower than 3 when the raw SW

quality is of fairly good quality (low raw SW

SDI3 min values, no major algal blooms, etc.),

and when optimal operating conditions are

found (type and dosing of coagulant, type and

dosing of polymer, and optimal filtration

velocity).
2.03.5 Reducing Cost, Energy
Consumption, and Environmental
Impact

2.03.5.1 Energy Consumption

2.03.5.1.1 Energy-saving devices

Energy is the single largest cost factor when produ-
cing freshwater from SW, and can be estimated to
represent 30–40% of the overall cost. Energy costs
depend on plant capacity, the cost of power genera-
tion per kilowatt-hour, and the system defined for
recovering the hydraulic energy of the brine
concentrate.

The first generation of desalination plants, based
on a thermal process, required the equivalent of
20 kWh of electricity to produce 1 m3 of fresh-
water. Over a quarter of a century ago, the power
consumption of desalination plants based on the
RO principle was about 8 kWh m�3. With the
introduction of systems based on Pelton turbines
to recover energy from the brine concentrate, the
power requirement dropped to about 5.0 kWh m�3.
Today, in large-scale desalination plants, power
consumption is 3.2 kWh m�3. This gain can be
attributed to the commercialization of high-capa-
city pumps and turbines, coupled with
improvements in their hydraulic design and better
machining techniques. As efficiency varies as a
function of flow rate, it is always preferable to
present power consumption data in reference to
plant capacity, although this is not always done.
For example, for a plant capacity of 800 m3 d�1 and
a recovery ratio of 40%, the overall efficiency is
60% for the pumps and turbines alone. If plant
capacity increases to 10 000 m3 d�1, the overall
energy efficiency rises to 75%.

About 5 years ago, another system for recovering
the hydraulic energy from brine concentrate
appeared on the market. The new system is based
on energy exchangers, which allow direct energy
recovery without a transformation to mechanical
energy (contrary to Pelton turbines).

Providing an efficiency of 95%, energy exchan-
gers can considerably boost the amount of energy
recovered from the brine concentrate, as illustrated
by the calculation for a plant with a capacity of
10 000 m3 d�1 capacity (recovery ratio: 45%; feed-
water pressure: 65 bar; and back pressure on
permeate: 1 bar). Applying a similar calculation for
a plant of similar characteristics, but using a Pelton
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turbine for energy recovery, leads to an increase in
energy consumption of 0.4 kWh m�3.

The direct energy recovery device thus translates
to a significant 13% in energy savings. However, this

figure should be considered optimistic because
the calculation was carried out using maximum

efficiencies for the pumps and turbines, which, unfor-
tunately, may not always be the case in terms of both
design and operation, since the actual operating para-

meters may be quite different from the optimum
values.

On the other hand, the energy savings are greater
for small- and medium-capacity desalination plants,

because the efficiency of direct energy recovery
devices remains constant regardless of flow rate, in

contrast to turbine efficiency, which declines with
flow rate.

It is worth mentioning that all improvements in
membrane performance (increase in the transmem-
brane flux density, the recovery ratio, and the

rejection factor of dissolved solids) are achieved at
the cost of higher energy consumption. Nevertheless,

some recent membrane developments have focused
on lower energy consumption. This required the

development of high-productivity membrane ele-
ments and compatible design concepts that enable

operation at lower pressure [2, 3].
Accordingly, the optimum, in terms of invest-

ment and operating costs, must be sought on a

case-by-case basis, based on the technical para-
meters of the site, the plant economics, and the

expectations of the operator.
Today, the market of energy exchangers is led by

two companies: Calder with the commercialization of

the DWEER system and Energy Recovery Inc. with
Feedwater
end cover

High-pressure feedwater
going to circulation pump

High-pressure side

Low-pressure side

Sealed area

Rotor ro

Roto

Feedwater Inte

Low-pressure
feedwater inlet

Figure 27 Schematic diagram of a Pressure Exchanger� (PX�
their Pressure Exchanger� Technology (PX�) sys-
tem. Both devices are two different design concepts
of pressure exchangers – rotating or nonrotating
devices [26]. The rotating concept is represented by
the PX system using a spinning, self-floating rotor in
a sealed housing, which transfers the pressure energy
from the brine to the feed flow. Nonrotating devices,
as they are used by DWEER/Calder, employ sta-
tionary vessels being pressurized and depressurized
by means of actuated valves. Both concepts are
installed in many SWRO plants and have been pro-
ven for reference.
2.03.5.1.2 PX Pressure Exchanger�

Technology
The PX device captures the hydraulic energy from
the HP reject stream of RO processes. It transfers this
energy to LP feedwater with an efficiency of nearly
98%. Pressurized feedwater from the PX device is
sent to the membrane feed, merging with an approxi-
mately equal stream of pressurized water from a HP
pump. This significantly reduces the amount of water
pressurized by the HP pump. As the PX device itself
consumes no electrical power, the overall energy
consumption of an SWRO process is cut in half or
less.

The PX device (Figure 27) contains a single
cylindrical rotor that spins inside a sleeve between
two end covers. The rotor is driven by the flow so
that no power is required to make the device
operate.

Rotor speed is self-adjusting, maintaining the
interface between the feed streams, and thus elim-
inating mixing. This design results in no pressure
spikes or pulsations, nor does it require pistons,
Concentrate
end cover

High-pressure side

Low-pressure side

Sealed area

High-pressure concentrate
from RO membranes

Low-pressure
concentrate to draintation
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rface Concentrate

) device.
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valves, or timers. PX technology maintains con-

sistent high-energy transfer efficiency, regardless

of salinity, temperature, and recovery rate

variations.
Figure 29 DWEERTM systems.
2.03.5.1.3 DWEERTM work exchanger
In order not to interrupt the brine flow, the

DWEERTM work exchanger has a minimum of two

pressure vessels in parallel [27]. One vessel is in the

working stroke, while the other is filled with fresh

SW. As soon as the piston of the working pressure

vessel finishes its working stroke and the filling vessel

is fully filled with fresh feed water, the brine and feed

line are switched (Figure 28). The DWEERTM work

exchanger consists of three main subassemblies: the

LinXTM valve, the pressure vessels, and the check

valve nest. The main difference, compared to a typi-

cal arrangement with a Pelton turbine, is that the feed

flow is split into the LP feed to the HP pump and to

the energy recovery device. Only a flow slightly

greater than the product flow will be handled by

the HP pump; therefore, the size of the HP pump is

reduced. A booster pump needs to be installed in the

system to compensate for the differential pressure

over the membranes and pressure losses in the piping

and over the energy recovery device. Typically, such

a pump is designed for a differential head of about

30–40 m. Thus, compared to the HP pump this is a

low power consumer. The booster pump needs to be

designed for HP (Figure 29).
Feed 100%

40%

60%

66 bar

HP pump

Booste
pump

VFD

LP feed 60%
valve

Figure 28 Integration of a DWEERTM system in a reverse osm
2.03.5.2 Environmental Impact

Several studies have been undertaken on the
socioeconomic and environmental impacts of
desalination plants [28–33]. Nevertheless, there
have been very few studies dealing with the
impact of hypersaline brine inputs on marine
environment.

The magnitude of the high salinity impact will
depend on the size of the plant, the sensitivity of the
ecosystem that receives the spill, and on the general
hydrodynamic field [34, 35]. This hypersaline waste-
water emanates dense discharge plumes that can
potentially affect marine organisms and
communities.

In addition, a number of other substances (such as
antiscale additives, biocides, surface-active agents, or
60%

Product/40%

Bridal 60%

68 bar

r

Linx
valve

osis (RO) desalination system.
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solid residues from back flushing of filters) may con-
tinuously or sporadically accompany the release and
are also likely to have an environmental impact.

In fact, while technical improvements of the
desalination process has led to increasing effi-
ciency and cost reductions, very little attention
has been given to the associated environmental
issues.

Future studies in this field should focus not only
on energy issues but also on the fate and potential
effects on receptor environment.
2.03.5.3 Current Trends in Operations for
Cost Saving

Studies have highlighted the biocidal benefits of
osmotic shock treatment for preventing a microbial
invasion of filter media and membranes. The
explanation for this effect is that the cytoplasm,
which is the inner part of the cell composed mainly
of water, is surrounded by a semipermeable mem-
brane. Increasing the salinity of the medium
surrounding the microorganisms causes the water
to pass from inside the cells to the surrounding
environment (through natural (direct) osmosis).
This leads to the dehydration and death of the
cells. It is therefore recommended that filters be
washed periodically using the concentrate from the
RO modules.

Osmotic shock with a biocidal effect can also be
triggered by washing the membranes with permeate.
In this case, freshwater flows into the cells, altering
the salinity of the cytoplasm (direct osmosis) and
degrading the cell membrane.

A membrane cleaning system (direct osmosis-high
salinity (DO-HS) system), based on the principle of
direct osmosis, is currently being developed by
Membrane Recovery Ltd. Membranes are cleaned
daily during the production process. According to the
developer of the process, it is an effective substitute for
periodic chemical cleaning. The DO-HS process
entails applying a concentrated solution of sodium
chloride to the SW feed stream for a brief period of
time. This sends a wave of water characterized by high
osmotic pressure through the feed-concentrate chan-
nels of the element. As the wave passes through, the
RO phenomenon is replaced by direct osmosis, that is,
the permeate passes into the feed-concentrate com-
partment. The direct osmosis triggers a flow counter-
current to the production flow that dislodges any
accumulated debris from the membranes and carries
it off in the concentrate flow. At the same time, an
osmotic shock occurs, dehydrating the microorganism
cells and leading to their death (as discussed above),
with an accompanying dissolution of microcrystals
formed on the membranes and spacers.

According to the developers, this process allows
for a constant output and quality of permeate, limits
head loss (which saves on energy costs), and extends
the service life of membranes. Nevertheless, the ben-
efit of this operating procedure still needs to be
confirmed today as certain limitations, due to con-
centration polarization on the feedwater side when
the salt concentration increases, have been observed.
2.03.5.4 Other Trends

Thanks to thorough mastery of RO techniques in SW
desalination coupled with technological progress
achieved in recent years, large-scale desalination
plants have now been built. The Ashkelon SWRO
plant in Israel, for example, has a production capacity
of 326 000 m3 d�1 with relatively low production
costs of US$0.53 m�3. However, in countries where
low-cost energy resources are available, the cost of
producing freshwater by RO is comparable to that of
thermal-process desalination. Accordingly, rather
than pitching these two desalination processes in
competition with each other, the strategy in the
Middle East has been to combine them in hybrid
plants (RO/multistage flash evaporation) coupled to
power generation facilities. The Fujairah complex
(United Arab Emirates) is one example.

Unlike distillation-only plants, hybrid facilities
offer the advantage of greater operating flexibility
in terms of water output: it can maximize the use of
RO capacity during periods of low power demand.
2.03.6 Conclusion

Assuming that the efficiencies of pumping equipment
(�90%) and direct energy recovery systems (�95%)
have reached their upper limit, the most significant
developments now to be expected lie in the areas of
membranes and process, with the aims of boosting
productivity, improving permeate quality, and redu-
cing feedwater pressure requirements, while at the
same time extending membrane service life and
resistance to all types of fouling.

It is also necessary to draw the lessons learned
from the 25-year operating experience in order to
optimize the principles for designing and operating
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SWRO desalination plants, especially those of small

and medium capacities.
Further efforts are also needed to master the qual-

ity of membrane feedwater, an essential parameter

for smooth and cost-effective operation of desalina-

tion facilities.
In addition, efforts have to be made to focus on the

development of efficient adapted tools and probes for

computer-aided operations. Real-time monitoring of

water productivity and quality at many different loca-

tions of the plant are essential to anticipate membrane

degradation and fouling issues. The deployment of

such tools must be supported by appropriate

operator-training programs. Scheduling membrane

autopsy on a regular basis and eventually planning

cleaning operation and partial replacement of mem-

brane elements according to needs are important to

control the system and maintain water productivity

and quality.
We have thus entered a phase of optimization of

systems, equipment, and operations. The cost of the

necessary investments can only be reduced by an

expansion of the market for RO desalination plants;

such growth will itself be spurred by the growing

demand for water, water shortages, as well as by the

competitiveness of RO processes compared to the

cost of the treatment required for conventional

water resources and the cost of water conveyance.
References

[1] By Global Water Intelligence, http://www.desaldata.com
(accessed November 2009).

[2] Busch, M., Mickols, W. E. Desalination 2004, 165,
299–312.

[3] Garcia-Molina, V., Busch, M., Sehn, P. Proceedings of the
EDS Euromed Conference, Dead Sea, Jordan, 9–13
November 2008.

[4] Mickols, W. E., Busch, M., Maeda, Y., Tonner J.
Proceedings of the IDA World Congress on Desalination
and Water Reuse, Dubai, UAE, 7–12 November 2009.

[5] Goosen, M. F. A., Sablani, S. S., Al-Hinai, H., Al-
Obeidani, S., Al-Belushi, R., Jackson, D. Sep. Sci.
Technol. 2004, 39, 2261–2297.

[6] Dudley, L. Y., Annuziata, U. A., Rabinson, J. S., Latham, L.
J. Proceedings of the IDA World Congress on Desalination
and Water Reuse, Abu Dhabi, UAE, 18–24 November 1995.

[7] Hickman, C. E. Proceedings of the AWWA Seminar on
Membrane Cleaning Techniques, Orlando, FL, USA 10–13
March 1991.

[8] Huber, S. A., Frimmel, S. H. Environ. Sci. Technol. 1994,
28, 1194–1197.
[9] Huber, S. A. Ultrapure Water 1998, 16–20.
[10] Lefebvre, A., Guelorget, O., Perthuisot, J.-P., Courties, C.,

Millet, B. Oceanol. Acta 1996, 20, 757–767.
[11] Rapenne, S. Seawater Desalination by Reverse Osmosis:

Impact of Conventional Processes on Physicochemical
and Microbiological Characteristics of the Feed Water
and Fouling Study. PhD Thesis, University of Poitiers,
France, 2007.

[12] Moody, C. D., Kaakinen, J. W., Lozier, J. C., Laverty, P. E.
Desalination 1983, 47, 239–256.

[13] Kaakinen, J. W., Moody, C. D. Characteristics of Reverse-
Osmosis Membrane Fouling at the Yuma Desalting Test
Facility. In Reverse Osmosis and Ultrafiltration;
Sourirajan, S., Matsuura, T., Eds.; ACS Symposium
Series; American Chemical Society: Washington, DC,
1985; Vol. 281, pp 359–382.

[14] Potts, D. E., Ahlert, R. C., Wang, S. S. Desalination 1981,
36, 235–264.

[15] Schippers, J. C., Verdouw, J. Desalination 1980, 32,
137–148.

[16] Hermans, P. H., Bredee, H. L. J. Soc. Chem. Ind. 1936,
55, 1–4.

[17] Hermia, J. Inst. Chem. Eng. 1982, 60, 183–187.
[18] Minier, M., Jolivalt, C. Les Techniques Séparatives à
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Nomenclature
0� feed/membrane interface, feed side

0þ feed/membrane interface, membrane

side

A parameter defined in Equation (30)

B parameter defined in Equation (30)

c mole concentration (mol m�3)

Ceq equivalent concentration (mol m�3)

Deff effective diffusive coefficient, defined

in Equation (25) (m2 s�1)

Dip hindered diffusivity inside the pore

(m2 s�1)

Di1 bulk diffusivity at infinite dilution

(m2 s�1)

e elementary charge (¼1.602�10�19)

(C)

F Faraday constant (¼96 485) (C mol�1)

I
¼ 1

2

Xn

i¼1

z2
i ci ionic strength (mol m�3)

Iel electric current density (A m�2)

j mole solute flux (mol m�2 s�1)

JV total volume flux (m s�1)

kB Boltzmann constant (¼1.381� 10�23)

(J K�1)

ki parameter defined in Equation (31)

Kic convective hindrance factor
Kid diffusive hindrance factor

Keff effective convective coefficient,

defined in Equation (28)

Kieff effective convective coefficient,

defined in Equation (26)

Lp hydraulic membrane permeability

(m s�1 Pa�1)

Lp9 ¼ Lp�� permeability parameter defined in

Equation (15) (m2 s�1 Pa�1)

n number of ionic species

NA Avogadro number (¼ 6.023� 1023)

(mol�1)

P pressure (Pa)

Pe hindered Peclét number defined in

Equation (30)

Pei parameter defined in Equation (15)

rB parameter defined in Tables 2 and 3

(m)

ri Stokes radius (m)

ri,cav cavity radius defined in Equation (10)

(Table 2) (m)

rp average pore radius (average slit

semi-thickness) (m)

Ri real rejection defined in Equation (34)

(Table 4)

V
�

partial molar volume (m3 mol�1)
67
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x axial coordinate in the membrane (m)

X volume charge density (mol m�3)

z ionic valence

�DE parameter defined in Table 2

�
i

activity coefficient

� effective membrane thickness,

accounting for tortuosity and porosity

(m)

� � membrane/permeate interface,

membrane side

� þ membrane/permeate interface,

permeate side

� difference

�P pressure difference across the

membrane (Pa)

�Peff effective pressure difference (Pa)

�WDE excess energy due to dielectric

exclusion

�WBorn excess energy due to Born

partitioning defined in Equation (9)

(Table 2)

�Wim excess energy due to image forces,

defined in Equations (10) and (11)

(Table 3)

� D Donnan potential

"0 vacuum permittivity (¼8.854� 10�12)

(C2 J�1m�1)
"r dielectric constant

"rm membrane dielectric constant

"rp dielectric constant of the pore

solution

"rs dielectric constant of the bulk

solution

� water dynamic viscosity inside the

pore (Pa?s�1)

�0 water dynamic viscosity in the

external bulk (Pa?s�1)

��1 Debye length (m)

�i ¼ ri/rp
�~ electrochemical potential (J mol�1)

� osmotic pressure (Pa)

	i steric partitioning coefficient, defined

in Table 1

 dimensionless electrostatic potential

� electrostatic potential (V)
Subscripts
0 at the feed/membrane interface

1 cation

2 anion

asym asymptotic conditions

i ion or uncharged solute

� at the membrane/permeate interface
2.04.1 Introduction

The recent extensive developments of nanofiltration

(NF) technology have shown evidence for the real

application potentialities of this innovative pressure-

driven membrane process used for the separation and
the purification of liquid mixtures. The development

of mathematical models describing transport mechan-

isms through the membrane is essential to predict and

to optimize membrane performances, in the case of

both simple systems and multicomponent systems

containing electrolyte mixtures and neutral solutes.
Polymeric or ceramic NF membranes typically

show separation characteristics, which are intermedi-

ate between ultrafiltration and reverse osmosis (RO).

The most interesting feature of the process is the

possibility to separate electrolyte solutions based on

ion valence and to obtain a relatively complete reten-

tion of neutral substances such as complex sugars.
In the case of neutral solutes, partitioning

between feed and membrane is mainly related to
size-exclusion effects, and molecular weight cutoff
is generally sufficient to describe the separation

efficiency of the membrane. In the case of electro-
lyte solutions, rejection properties of the membrane

are remarkably affected by type and valence of the
ionic species as well as by the type of membrane

material and strongly depend on operative condi-
tions such as pH and ionic strength values existing
in the feed side [1–29].

With single symmetric salts, such as NaCl or KCl,
salt rejection generally decreases as the concentration

increases at constant pH values, whereas rejection goes
through a minimum value as feed pH increases [1–29].

In the case of nonsymmetric electrolytes, on the
contrary, physical–chemical interactions of the salt
with the membrane can be relevant; trends are often

reversed with respect to the NaCl-type behavior
[5, 9–12, 14–16, 18, 24, 25, 28]. As an example, with
polyamide membranes in aqueous solutions, at low

salt concentrations, MgCl2 rejection as well as CaCl2
rejection increase as the concentration increases and



Transport Phenomena in Nanofiltration Membranes 69
a maximum rejection value is obtained when both the
salt concentration and the feed pH increase. Such
general behavior is basically obtained also in the
case of inorganic membranes [15, 16, 24].

Conversely, electrochemical characterizations of
the membrane material (e.g., electrokinetic measure-
ments of streaming potential [5, 6, 17, 30–37],
membrane potential measurements [26, 27, 38, 39],
and titration experiments [40, 41]) have shown
evidence that the membrane surface is endowed with
charges which are strictly dependent on feed pH, as
well as on type and concentration of electrolytes;
amphoteric behavior is also frequently observed for a
wide class of polymeric as well as of ceramic mem-
branes. In addition, physical–chemical interactions of
multivalent ions with the membrane are stronger than
the ones typically existing with univalent electrolytes;
in particular, at fixed pH values, calcium binding on
ionized sites of the membrane can be so remarkable that
zeta potentials switch from negative to positive values
and the points of zero charge are greatly affected by salt
concentration [35]. In general, the amphoteric behavior
of NF membranes is related to the presence of a surface
membrane charge whose value and sign are due to the
contribution of both a proper charge (strictly connected
with the membrane material and caused by the
acid/base dissociation of hydrophilic sites), which is
counterbalanced by the dissolved ions (giving rise to
site-binding phenomena on the dissociated hydrophilic
sites), as well as an adsorption charge located on the
hydrophobic sites of the membrane [31, 38, 39, 42–46].

The question about the mathematical modeling of
electrolytes and neutral solute transport through
charged membranes is well known for about 40
years [47–50]. The key points of the problem can
be basically identified both in the characterization of
the membrane, which can be seen as a homogeneous
or as a porous medium, and in the understanding of
the electrostatic phenomena giving rise to ion parti-
tioning and affecting the transport of ionic species
through the membrane. Such aspects must account
for the presence of a surface membrane charge.

Atomic force microscope measurements indicate
that, for most of NF membranes, pores do exist [51–
54]: average pore radii are in the range from 0.3 to
1 nm, only one order of magnitude greater than
atomic dimensions. The combination of nanoscale
pore dimensions with electrically charged materials
makes the partitioning and transport problem extre-
mely complex, involving several phenomena.

Original descriptions of ion transport in NF were
based on phenomenological approaches derived from
irreversible processes of thermodynamics [47–49], in
which the membrane is assumed basically as a black
box; in these models, it is difficult to characterize the
structural and electrical properties of the membrane
and the extension to multicomponent systems is very
complex. However, some authors applied these types
of models successfully [55–60].

Transport of uncharged solutes has been first
described by continuum hydrodynamic models [61];
later, porous membranes were modeled as bundles of
straight cylindrical pores and solute transport was cor-
rected on account of hindered diffusion and convection
caused by solute–membrane interactions, owing to the
moving of a species in a confined spaces [62].

Nowadays, it is recognized that the separation
mechanism of the process is remarkably related to
the steric and electrostatic partitioning effects between
the membrane and the external solutions. Most of the
recently developed models accept a porous vision of
the membrane and propose to describe mass transfer
through the extended Nernst–Planck (ENP) equation.
Some of them are the application of the space charge
model (SCM), originally proposed by Gross and
Osterle [63] and by Jacazio et al. [64], in which the
volumetric flux is described through the Navier–
Stokes equation, ions are treated as point charges
moving across the membrane according to the NP
equation, and the radial distribution of electric poten-
tial and ion concentration is accounted for by using the
Poisson–Boltzmann equation [62, 63, 65–68].

Because of its numerical complexity, SCM is used
in simplified forms, which are versions of the fixed-
charge model proposed by Teorell [69, 70] and
Meyer and Sievers [71].

At present, the most widely used models derive
from the SCM with the approximation that ion
concentration and electric potential are radially homo-
geneous across the pore and that the fixed charge is
uniformly distributed in the membrane volume [6–8,
20, 42, 51, 65, 73–76]. This approximation is valid for
sufficiently weak membrane charges and tight pores as
indicated by several authors [42, 72, 73].

In addition, NP equation is appropriately modified
by some authors for taking into account of the hindered
transport through narrow pores comparable with the
molecular dimensions of the permeating species.

All those models, however, assume Donnan equili-
brium as the only electrostatic phenomenon involved in
the ion partitioning at the interfaces between the mem-
brane and the liquid phases. It was only after the 2000s
that some authors began to extensively introduce the
dielectric exclusion (DE) phenomenon as an additional
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electrostatic partitioning effect, which could explain the
high rejection values measured for multivalent counter-
ions, for which the only Donnan equilibrium would
have erroneously predicted a more favorable partition-
ing inside the membranes. The mechanism of DE of
ions from membranes was originally considered by
Glueckauf [77] and recently by other authors as well
[4, 5, 9, 14, 78–81].

Finally, all the models make use of several para-
meters to characterize the membrane: there are
structural parameters, such as average pore radius,
membrane thickness, tortuosity, and porosity; elec-
trical parameters, such as the surface or volume
membrane charge; and electrochemical parameters,
such as the dielectric constants of the membrane and
of the solutions inside/outside the pores. In addition,
depending on the authors, all the parameters are
considered as adjustable parameters or, alternatively,
some of them can be obtained by independent mea-
surements, such as tangential streaming potential,
filtration potential, membrane potential, atomic
force microscopy, and titration experiments.

From a general viewpoint, the description of trans-
port phenomena occurring in NF membranes is a
problem characterized by manifold aspects, which are
discussed in detail in the following sections. Although
many papers are published on this topic every year, the
problem to be solved is the development of a model
which can be a reasonable compromise between very
complex models (able to describe the variation of mem-
brane properties as well as the mass transfer through
the membrane, as a function of the position inside the
membrane itself) and extremely simplified models (the
phenomenological models), requiring few parameters to
be calculated as a function of operative variables and of
the solute type whenever any condition changes.

In the following, the statement of the general
physical problem is first defined and the more
advanced models are considered that describe

1. solute partitioning at the interfaces between the
membrane and the external phases;

2. solute transport across the membrane; and
3. water or total flux across the membrane.

The choice is made of describing in detail the general
version of the most used model at present, the
DSP&DE, which is a revised and extended version
by some authors of the original DSP model (DSPM)
introduced by Bowen and Mukhtar [8].

A detailed discussion of the model potentialities in
simulating NF membrane performances is provided,
and a critical analysis of the numerical complexity of
the mathematical problems encountered in the
treatment of multicomponent systems as well as
membrane parameters is presented.

In this chapter, the phenomena involved in mem-
brane characterization are presented, assuming the
solute concentrations, existing at the feed/membrane
interface, as known values. For the evaluation of mass
transfer resistance in the external phases of the mem-
brane, the typical techniques can be used such as the
film theory model or any other specific application of
it to NF modules with multicomponent solutions
[82, 83]. The DSP&DE model is indeed introduced
as a local model, with reference to a generic mem-
brane section, whose equations can be implemented
in any simulation program to describe the perfor-
mances of the module under investigation.
2.04.2 Theoretical Background: The
DSP&DE Model

2.04.2.1 The General Physical Problem

An NF membrane separates two aqueous liquid phases
(the feed and the permeate) kept at different pressure
values (�P); the main operative variables are related
to the feed conditions (kind of solutes, concentration,
pH, temperature, pressure, and flow rate) and to the
permeate conditions (the pressure downstream the
membrane). Depending on the membrane material as
well as on the feed conditions, the membrane gener-
ally assumes a surface charge located at each interface
existing between a liquid phase and the polymeric
material [5, 6, 17, 26, 27, 30–45].

In order to characterize the membrane perfor-
mances (solute rejection and total transmembrane
flux), the solute flux as well as the water flux through
the membrane must be calculated. With reference to
a generic section of the membrane (Figure 1), the
problem can be considered in a plane geometry. In
the case in which electrolyte solutions are processed,
it generally requires the description of the basic
mechanisms determining

1. total transmembrane flux;
2. solute transport across the membrane; and
3. solute partitioning at the interfaces between the

membrane and the external phases.

Outputs of the problem are the concentration profile
of the species and the electric potential profile
through the pore, as well as the solute and total fluxes
across the membrane. From a general viewpoint,
operating in steady-state conditions, the concentration
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Figure 1 Scheme of a generic membrane section.

Coordinate system for the Donnan steric pore and dielectric

exclusion (DSP&DE) model: electric potential and
concentration profiles are reported with reference to NaCl–

water solutions. Net membrane charge is negative and it is

uniformly distributed.
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of each specie varies with the radial as well as with the
axial coordinate along the membrane pore; the surface
membrane charge depends on the axial coordinate,
whereas the fluxes of each species are constant along
the pore.

The problem solution requires the knowledge of
some parameters:

• structural parameters of the membrane (pore geo-
metry, pore radii distribution, porosity, thickness,
and tortuosity);

• electric parameters of the membrane (surface/
volume membrane charge distribution); and

• electrochemical parameters (dielectric constants
of the membrane material and of the solutions
outside and inside the membrane pore).

Thus, the problem appears very complex, even in
the case of aqueous solutions containing a single
strong binary electrolyte. The most general model
developed at present is the SCM [63–68], in which
the volumetric flux is described through the
Navier–Stokes equation, ions are treated as point
charges moving across the membrane according to
the NP equation, and the radial distribution of elec-
tric potential and ion concentration is accounted for
by using the Poisson–Boltzmann equation. Owing
to its numerical complexity, SCM is used in simpli-
fied forms, which are versions of the fixed-charge
model proposed by Teorell, and Meyer and Sievers,
with the approximations that ion concentration
and electric potential are radially homogeneous
across the pore and that the fixed charge is
uniformly distributed in the membrane volume
(the approximation is valid for weak membrane
charges and narrow pores). Based on this idea,
some successful unidimensional models were devel-
oped by some authors [8, 9, 14, 51, 52, 74, 75, 80, 81,
84–90]. Each author named the model with a dif-
ferent abbreviation and introduced improvements
in the description of the partitioning phenomena;
however, the models are basically an extension of
the original DSPM developed by Bowen and
Mukhtar [8].

In the following sections, a synthesis of the work
mentioned above is reported and the general features
are discussed. The general model is termed as
DSP&DE model, for historical reasons. Basically, it
can be applied to polymeric as well as to ceramic
membranes, although most of the results concern
polymeric materials. Reference is made to the coor-
dinate system shown in Figure 1, according to which
the membrane is considered as a bundle of identical
pores whose length is much larger than their dia-
meter and the motion of the species is assumed as
unidirectional through the membrane.
2.04.2.2 Mass Transfer through the
Membrane

2.04.2.2.1 Total flux
Experimental data obtained in NF of pure water, as
well as of aqueous solutions containing electrolytes
and/or neutral solutes [8, 9, 21, 23, 28, 51, 85], have
clearly shown evidence that there is a linear propor-
tionality between the total transmembrane flux and
the driving force maintained across the membrane.
As a consequence, the standard relationships, typi-
cally used for RO membranes, can be considered in
which the volume flux linearly depends on the effec-
tive pressure difference existing across the membrane
�Peff, through the water permeability Lp [91],
according to the following relationship:

Jv ¼ Lp�Peff ¼ Lpð�P –��Þ ð1Þ

in which �� is the osmotic pressure difference across
the membrane, which must be calculated at the com-
position values existing at the membrane/external
phases interfaces in the case in which concentration
polarization occurs. In general, since NF can be seen
as an RO operation with more permeable mem-
branes, the effective driving force should contain
the Staverman reflection coefficient also; in the
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most cases investigated, however, its contribution
was clearly negligible. In addition, in view of the
porous nature of the membrane, the Hagen–
Poiseuille flow can be considered under the hypoth-
esis of constant pressure gradient along the
membrane pore, according to the corresponding rela-
tionships for the various pore geometries:

Jv ¼
rp

2

8��
�Peff ðcylindrical poresÞ ð2Þ

Jv ¼
rp

2

3��
�Peff ðslit poresÞ ð3Þ

in which � represents the viscosity of the solution
inside the pore. Lp can be obtained through NF experi-
ments with pure water, by data reduction according to
Equation (1). As far as Equation (1) holds true, Lp

represents the water permeability; as a consequence,
we can assume that the viscosity of the solution inside
the pore corresponds to the water viscosity inside the
pore. Unfortunately, there is a certain level of uncer-
tainty in determining that quantity, since the
assumption of bulk solvent properties may not be
valid within narrow pores: the use of bulk water visc-
osity �0 may lead to an overestimation of Lp, since the
actual viscosity � may be increased with respect to �0

by interactions of water dipole with the charge pore
walls. The problem has been studied in detail by
Bowen and Welfoot [9], and it was recognized that
�/�0 can be close to 10. This aspect is also considered
in Section 2.04.3.2 related to the calculation of para-
meters. Recently, Geens et al. [92] performed an
extensive investigation on which parameters determine
membrane permeability and concluded that Hagen–
Poiseuille-type equations were sufficiently accurate to
describe the behavior of hydrophilic NF membranes.
2.04.2.2.2 Solute flux

The basic equation for the description of mass trans-
fer of a generic specie across the membrane is the
ENP equation. Under the approximation of no direct
coupling between species fluxes (since dilute aqu-
eous solutions are generally processed), the flux of
each species, ji, can be written as a function of the
electrochemical potential:

ji ¼ KicciJv –
ciDip

RT

d�ei

dx
ð4Þ

in which Dip is the hindered diffusivity of the specie
inside the pore (Dip �¼ Kid Di1 �0, Di1 is the diffu-
sivity of the specie in water at infinite dilution), and
Kic and Kid are the hindrance factors for convection
and diffusion, respectively. It must be observed that
the axial coordinate x accounts for also the tortuosity
and the porosity of the membrane; the membrane
thickness resulting from the integration of Equation
(4) is then an effective membrane thickness.

Equation (4) can be rewritten in an explicit form,
accounting for the dependence of the electrochemical
potential on activity, pressure, as well as on the elec-
trostatic potential, according to Equation (5):

ji ¼KicciJv – ci Dip
dln�i

dx
–Dip

dci

dx
–

ci DipV
�

i

RT

dP

dx

– zici Dip
F

RT

d�

dx

ð5Þ

which can be easily simplified into Equation (6),
neglecting the contributions of the gradient of
ln�i as well as of the pressure gradient on the solute
flux:

ji ¼ Kicci Jv –Dip
dci

dx
– zi ciDip

F

RT

d�

dx
ð6Þ

Equation (6) is a simplified form of the ENP equation,
accounting for convection, diffusion, and electromi-
gration (in the case of charged solutes) through the
membrane pores; it is appropriately modified to
account for the hindered transport of the permeating
species through narrow pores comparable with the
molecular dimensions. The meaning and relevance
of hindrance factors Kic and Kid have been widely
documented by Deen [62], as well as by many other
authors [93–100]. Kic is a drag factor accounting for the
effects of the pores walls on the specie motion; Kid

represents the effect of the pore to reduce the solute–
solvent diffusion coefficient below its value in the free
bulk solution (Di1 ). Hindrance factors are related to
the hydrodynamic coefficients calculated from the
solution of the motion problem of a spherical specie
inside cylindrical as well as slit-like pores of infinite
length; they depend on the solute to pore-size ratio, �i.
A collection of the various relationships proposed to
calculate hindrance factors is reported in Table 1, for
cylindrical as well as for slit geometry; various solu-
tions are considered in which the solute particle is
located at different radial coordinates of the pore
(centerline approximation, cross-sectional average,
solvent velocity parabolic profile, etc.).
2.04.2.3 Solute Partitioning

Partitioning of the i specie at the interfaces between
the membrane and the external solutions is described
through the following equations:



Table 1 Hindrance factors

Cylindrical pores Ref.

	i ¼ 1 –�ið Þ2

Kic ¼ 2 –	ið Þ# 1 –2=3�
2
i – 0:163�3

i

� �
Kid ¼ 1 –2:1044�i þ 2:089�3

i –0:948�5
i

� �
Centerline approximation 0 � �i < 0:4

[93]

Kic ¼ 2 –	ið Þ# Ki;s

.
2Ki;t

� �
; Kid ¼

6�

Ki;t

Ki;t ¼ 9=4 �2
ffiffiffi
2
p

1 –�ið Þ –5=2 1þ
X2

n¼1

an 1 –�ið Þn
" #

þ
X4

n¼0

anþ3�
n
i

Ki;s ¼ 9=4 �2
ffiffiffi
2
p

1 –�ið Þ –5=2 1þ
X2

n¼1

bn 1 –�ið Þn
" #

þ
X4

n¼0

bnþ3�
n
i

a1¼ �73=60; a2¼ 77:293=50:400; a3¼ – 22:5083; a4¼ – 5:6117; a5¼ – 0:3363; a6¼ –1:216;

a7¼ 1:647

b1¼ 7=60; b2¼ – 2:227=50:400; b3 ¼ 4:0180; b4¼ –3:9788;

b5¼ –1:9215; b6 ¼ 4:392; b7¼ 5:006

Centerline approximation 0 � � < 1

[98]

Kic ¼ 2 –	ið Þ# 1:0þ 0:054�i –0:988�2
i þ 0:441�3

i

� �
Kid ¼ 1:0 – 2:30�i þ 1:154�2

i þ 0:224�3
i

Centerline approximation 0 � �i < 0:8
[94]

Kc ¼
	i 1þ 2�i –�

2
i

� �
1 – 2=3�2

i – 0:20217�5
i

� �
1 –0:75857�5

i

� �
Kd ¼

	i 1 – 2:105�i þ 2:0865�3
i –1:7068�5

i þ 0:72603�6
i

� �
1 –0:75857�5

i

� �
Centerline approximation 0 � �i < 0:9

[97]

Kic ¼
1þ 3:867�i –1:907�2

i – 0:834�3
i

1þ 1:867�i – 0:741�2
i

� �

Kid ¼ 1þ a1�i ln�i – a2�i þ a3�
2
i þ a4�

3
i – a5�

4
i þ a6�

5
i þ a7�

6
i – a8�

7
i

� �
=	i

a1¼ 9=8; a2¼ 1:56034; a3¼ 0:528155; a4¼ 1:91521;

a5¼ 2:81903; a6¼ 0:270788; a7¼ 1:10115; a8¼ 0:435933

Cross-sectional average 0 � �i < 1

[100]

Slit-like pores Ref.

	i ¼ 1 –�ið Þ

Kic ¼
1

2
3 –	2

i

� �
1 –

�2
i

3
þO �3

i

� �� �

Kid ¼ 1 – 1:004�i þ 0:418�3
i þ 0:21�4

i –0:169�5
i þO �6

i

� � [62,99]

Centerline approximation 0 � �i < 1

(Continued)
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Slit-like pores Ref.

Kic ¼ 1 –b1�
2
i þ b2�

3
i –b3�

4
i þ b4�

5
i –b5�

6
i þ b6�

7
i

� �.
	i

Kid ¼ 1þ a1�i ln�i – a2�i þ a3�
3
i – a4�

4
i þ a5�

5
i

� �.
	i

a1¼ 9=16; a2¼ 1:19358; a3¼ 0:4285; a4¼ 0:3192; a5¼ 0:08428

b1¼ 3:02; b2¼ 5:776; b3¼ 12:3675; b4¼ 18:9775; b5¼ 15:2185; b6¼ 4:8525

Cross-sectional average 0 � �i < 0:95

[100]

# 2 –	ið Þ accounts a parabolic profile for solvent velocity.
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cið0þÞ
cið0 – Þ ¼ 	i

�ið0 – Þ
�ið0þÞ

exp – zi� D0ð Þexp – z2
i �WDE0

� �
ð7Þ

cið� – Þ
cið�þÞ

¼ 	i

�ið�þÞ
�ið� – Þ

exp – zi� D�ð Þexp – z2
i �WDE�

� �
ð8Þ

With reference to charged solutes, the ion partitioning
coefficient at each interface takes into account of four
contributions: steric exclusion, through 	i, nonideality
of the solutions, through activity coefficients �i,
Donnan equilibrium, through � D, and DE, through
�WDE, defined through Equations (9)–(13) in Table 2,
which are discussed in detail in the next section.

Steric exclusion and activity coefficients are the
only partitioning effects existing in the case of neu-

tral solutes.
Steric exclusion accounts for the sieve effect, due

to the intrinsic porosity of the membrane; it depends

on the pore geometry and it is in the range between 0

(for solutes larger than the pore radius) and 1 (for

point solutes) [62] (Table 1).
Activity coefficients of the ionic species can be

expressed according to the Debye–Hückel theory or

its developments, depending on the concentration

range of the solutions processed. A collection of

some relationships proposed by various authors to

calculate ion activity coefficients is reported in

Table 3. It must be observed that, in general,

the ideal solution hypothesis is not valid for

electrolytes solutions, even at the typical low concen-

trations existing in NF operations. Experience shows

that for NaCl solutions the limiting Debye–Hückel

theory is a good approximation, whereas in the case of

multivalent nonsymmetric salts more advanced mod-

els should be used [101]. Finally, the relationships

reported in Table 3 should be used carefully in that

they refer to the description of electrolyte solution

behaviors, which are not influenced by the confine-

ment in narrow pores; their use inside the pore gives
only an estimation of the properties, since in that case
modifications of the water dipole can occur and the
hypotheses of the corresponding theories cannot be
fully fulfilled (e.g., the hypothesis of local electroneu-
trality condition in the Debye–Hückel theory could
not be fully valid). In the case of neutral solutes,
activity coefficients can be expressed making use of
the typical models used in thermodynamics.

Donnan equilibrium plays a relevant role in the
case of charged membranes and it is effective in the
partitioning of ions owing to the Donnan potential
arising both at the feed/membrane and at the
membrane/permeate interfaces; it always offers
favorable partitioning for counterions and unfavor-
able partitioning for coions.

DE arises as a consequence of the difference existing
between the dielectric properties of the aqueous
solution inside and outside the membrane pores and
the dielectric properties of the membrane material.
The main macroscopic effect is the presence of
polarization charges induced by the ions of the aqu-
eous solution on the boundary surface between the
two dielectric media (the pore surface). In the
DSP&DE model, as a simplification, all the partition-
ing effects related to the DE are collected in the
partitioning coefficients at the feed/membrane as
well as at the membrane/permeate interfaces. As
shown in Equations (7) and (8), the DE partitioning
effect is always unfavorable for any ion, independent
of the ion sign. It is important to observe that the DE
phenomenon is remarkably relevant also in the case
of uncharged membranes, whereas electric exclusion
related to Donnan equilibrium approaches zero.
2.04.2.3.1 Dielectric exclusion

The mechanism of DE of ions from membranes was
originally considered by Glueckauf [77] and recently
by other authors as well [4, 5, 9, 14, 78–81]. In the



Table 2 Dielectric exclussion: Excess solvation energies
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; � – 1 0þð Þ ¼ 1

F

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
"0"rpRT

2I 0þð Þ

s
; � – 1 � –ð Þ ¼ 1

F

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
"0"rpRT

2I � –ð Þ

s
;

�DE ¼
1 – "rm="rp

1þ "rm="rp

Transport Phenomena in Nanofiltration Membranes 75
case under investigation, in which a dilute aqueous

solution is in contact with a polymeric membrane

and, more precisely, flows through the charged nar-

row pores of a membrane, the phenomenon is due to

a series of concomitant effects.
The primary effect is caused by the difference

existing between the dielectric constant of an aqueous

solution and the corresponding value of the polymeric

matrix. Electrostatic interactions arise between the

ions of the solutions and the polarization charges,

induced by the ions themselves on the discontinuity

surface located in the boundary between the two

dielectric media. Since the dielectric constant of an

aqueous solution is remarkably higher than the corre-

sponding value of the polymeric matrix ("rm), the

polarization charges have the same sign as the ionic

charges of the aqueous solutions. As a consequence,
when the ion enters the pore membrane it faces an

image force, created by the ion itself, which is opposite

to the ion entrance; these interactions always cause an

additional rejection mechanism for each ion, indepen-

dently of its sign, which can be described making use

of an excess solvation energy term (�Wim).
The phenomenon has been widely studied and

described with suitable approximations for NF mem-

branes by Yaroshchuk [78] who developed simple

relationships for cylindrical pores as well as for slit-

like geometry, as reported in Table 2. Applications

of these relationships [14, 81] have clearly shown

evidence that the slit geometry approximation is

more probable for NF membranes, since too much

higher rejections are predicted in the case of cylind-

rical pores. With regard to the relationships for the

slit geometry (Equations (12) and (13) in Table 2), it



Table 3 Activity coefficients for ions in electrolyte aqueous solutions

Activity coefficients Ref.

Debye–Hückel limiting law �i ¼ exp – z2
i rB�ð Þ

� �
[14,81]

Debye–Hückel law �i ¼ exp – z2
i rB

�

1þ �ri

� �� �
[81,82]

Davies equation �i ¼ exp – z2
i

rB�

1þ
ffiffi
I
p – 0:3I

� �� �
[108]

rB ¼
F2

8�"0"rRTNA

; ��1 ¼ 1

F

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
"0"rRT

2I

r
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can be observed that the partitioning contribution
related to the image forces depends on the solvent
property inside the pore ("rp), the dielectric proper-
ties of the membrane material ("rm), as well as the
ionic concentration inside the membrane (�(0þ),
�(��)).

For both geometries, the effect of the image forces
is assumed to be located at the pore mouth: all the
partitioning effects related to the DE are collected in
the distribution coefficients at the feed/membrane as
well as at the membrane/permeate interface, assum-
ing the separation effect of the polarization charges
along the membrane pores as negligible.

The secondary effect is due to the variations of the
solvent dielectric properties inside the membrane
pores with respect to the external bulk values,
which are caused by an alteration of the solvent
structure when it is confined in small narrow pores
[4, 9, 78, 80, 81, 102–106]. As a consequence, since the
solvent dielectric constant inside the pore ("rp) is
lower than the corresponding value in the external
solutions ("rs), an additional partitioning mechanism
occurs, well known as Born partitioning, correspond-
ing to an additional energy barrier for the ion
(�WBorn,i). The original relationship developed by
Born accounted for the influence of the solvent on
the solute radius; as a simplification, authors gener-
ally assume a constant value for the ionic radius
(ri,cav) as reported in Table 2. Various approxima-
tions can be used to estimate ri,cav: Pauling radius (as
Born did), Stokes radius [9], and the radius of the
cavity formed by the ion in the solvent [81, 107].
However, independently of the value used to esti-
mate ri,cav, it must be stressed that the partitioning
contribution related to the Born energy depends only
on the solvent properties ("rp, "rs) and on the ion
characteristics; however, it depends neither on the
pore geometry nor on the ionic concentration inside
the membrane.
2.04.2.4 Statement of the Problem

Basic equations of the DSP&DE model are summar-
ized in Table 4.

The ENP equation (Equation (6)) can be rewrit-
ten to obtain a relationship for the concentration
gradient of each ionic specie; in addition, it can be
rearranged also into Equation (14) (Table 4) in
which the parameter Pei is defined in a straightfor-
ward manner.

In view of the porous nature of the membrane,
the Hagen–Poiseuille flow type (Equations (2) and
(3)) can be used; in the case of cylindrical pores,
the following relationships are obtained to calcu-
late Pei. The corresponding equations for slit
geometry can be derived straightforwardly basing
on Equation (3):

Pei ¼
JvKic�

Dip
¼KicLp9�Peff

Dip
¼

Kicr 2
p �Peff

8�Dip
¼

Kicr 2
p �Peff

8�0KidDi1

¼
JvKicr 2

p

8�0KidDi1LP
_ Jvr 2

p

ð15Þ

in which Lp9 represents a kind of water permeability
coefficient including all the membrane characteris-
tics with the exception of the effective thickness.
Apparently, independently of the pore geometry,
Pei can be assumed related to r 2

p , approximately.
Under the hypothesis of constant volumetric

charge density across the membrane, the derivative
of Equation (16) can be performed with respect to the
axial coordinate of the membrane and the relation-
ships reported in Equation (17) can be obtained to
calculate the potential gradient.

It can be observed that Pei (quite similar to a sort
of Peclèt number for the ionic species i) is indepen-
dent of the membrane thickness �, since membrane
permeability can be considered inversely propor-
tional to �. (This aspect is very useful when we are



Table 4 Basic equations of the DSP&DE model

Concentration gradient through the membrane:

dci

dx
¼ JV

Dip

h
Kicci –ci �

þð Þ
i
–

ziciF

RT

d�

dx
¼ Pei

�
ci

ci �
þð Þ

Kic

	 

–

ziciF

RT

d�

dx
ð14Þ

Potential gradient through the membrane:

d�

dx
¼

Pn
i¼1

zi
JV

Dip
Kicci – ci �

þð Þ½ �

F
RT

Pn
i¼1

z2
i ci

¼

Pn
i¼1

zi
Pei
� ci –

ci �
þð Þ

Kic

	 


F
RT

Pn
i¼1

z2
i ci

ð17Þ

Electroneutrality conditions:

Xn

i¼1

zici þ X ¼ 0 ð16Þ

Xn

i¼1

zici �
þð Þ ¼ 0 ð22Þ

Partitioning at the membrane/external solutions interfaces:

ci 0þð Þ
ci 0 –ð Þ ¼ 	i

�i 0 –ð Þ
�i 0þð Þ exp – zi� D0ð Þexp – z2

i �WDE0

� �
ð7Þ

ci �
–ð Þ

ci �þð Þ
¼ 	i

�i �
þð Þ

�i � –ð Þ
exp – zi� D�ð Þexp – z2

i �WDE�

� �
ð8Þ

Total flux

JV ¼ Lp �P –��ð Þ ð32Þ

Solute flux

ji ¼ JVci �
þð Þ ð33Þ

Real rejection

Ri ¼ 1 –
ci �

þð Þ
ci 0 –ð Þ ð34Þ

in which

Dip ¼ KidDi1
�0

�
ð35Þ

Pei ¼
JVKic�

Dip
ð15Þ

	i; �i; Kic; Kid defined in Tables 2 and 3
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faced with the problem of calculating the membrane

parameters, in that rp calculation can be performed
separately from the determination of the effective
membrane thickness.) As a consequence, both the

potential and the concentration gradients are inver-
sely proportional to the membrane thickness.
Therefore, the concentration difference across the

membrane obtained from the integration of those
functions will be independent of the membrane

thickness and the rejection of each ion will be inde-
pendent of � as well. However, this conclusion does
not mean that one can calculate rejection by
assuming an arbitrary membrane thickness, rather

that, after the right calculation of Pei, any membrane

thickness value can give the right rejection. The

problem is then transferred into the determination

of the parameter Pei, which can be expressed accord-

ing to one of the relationships reported in Equation

(15), depending on which parameters are known with

a better precision. The knowledge of � is, however,

required for the calculation of concentration and

potential profiles.
The general DSP&DE model is a set of first-

order differential equations which can be solved to
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calculate total volume flux as well as the flux and
the concentration profile of each species across the
membrane, once the membrane parameters and the
pore geometry are known. The electric potential
profile through the membrane is also calculated
straightforwardly, besides the Donnan potentials
at the membrane/external solutions interfaces.
The great interest in this model is related to its
easy extension to dilute multicomponent solutions.

By supposing as known data, the operative vari-
ables related to the feed conditions (concentration
ci(0
�), pH, temperature, and dielectric constant "rs),

as well as the pressure difference �P, the model
parameters are: the membrane parameters (Lp, pore
geometry, �, rp, "rm, and X) and the dielectric con-
stant of the solution inside the pore "rp. In the case in
which the model parameters are known, equations in
Table 4 can be solved to characterize membrane
performances and can be introduced in any other
model aimed to the simulation of a membrane mod-
ule in an NF process. Alternatively, the same set of
equations can be used to calculate all the model
parameters, or any one of them, as adjustable
parameters.

All the model parameters can be assumed as
constant values (some of them are strictly con-
nected with water properties), with the exception
of the volume membrane charge X. Several studies
of different nature (electrokinetic measurements of
streaming potential [5, 17, 30–37], membrane
potential measurements [26, 27, 38, 39], titration
experiments [40, 41], and modeling [8, 9, 31, 45])
have shown evidence that the membrane charge
depends on the feed pH, as well as on the type
and concentration of electrolytes and that ampho-
teric behavior is also frequently observed for a
wide class of polymeric as well as of ceramic
membranes.

In general, although some parameters might be
estimated as reasonable values, such as "rm and "rp,
some others require the prior determination on
experimental basis, such as Lp, pore geometry, �,
rp, and X.

2.04.2.4.1 Rejection of neutral solutes

In the case of uncharged solutes, Equation (6)
becomes a very simple form, since the electromi-
gration contribution is negligible; in addition, only
steric exclusion and nonideality of the solution are
to be considered in the partitioning coefficients
between the membrane and the external solutions
(Equations (7) and (8)). As a consequence,
integration of Equation (14) (Table 4) over the
membrane thickness leads to a simple analytical
relationship for the solute rejection reported in
Equation (18):

Ri ¼ 1 –
Kic 	i

�i ð0 – Þ
�i ð0þÞ

1 – 1 –Kic 	i
�i ð�þÞ
�i ð� – Þ

� �
e – Pei

;

R
asym
i ¼ 1 –Kic 	i

�ið0 – Þ
�ið0þÞ

ð18Þ

In this case, Pei assumes the meaning of a hindered
Peclèt number of the uncharged solute.

Apparently, the solute rejection depends on the
pore geometry and on rp, through 	i, Kic, and Kid,
contained in Pei , as well as on the solute concentra-
tion through �i. At very high volume fluxes, the
asymptotic rejection is obtained in the limiting case
of Pei ! 1; apparently, asymptotic rejection
depends on the pore geometry, the pore radius, as
well as on the partitioning at the feed/membrane
interface only.
2.04.2.4.2 Rejection of single salts in

neutral membranes

In the case of a single strong electrolyte, Equation (6)
can be written as reported in Equations (19) and (20),
in which cations and anions are indicated by sub-
scripts 1 and 2, respectively:

j1 ¼ –D1p
dc1

dx
þ z1c1

F

RT

d�

dx

� �
þ K1cc1JV ð19Þ

j2 ¼ –D2p
dc2

dx
þ z2c2

F

RT

d�

dx

� �
þ K2cc2JV ð20Þ

The potential gradient inside the membrane can
be calculated [14] applying the zero electric cur-
rent condition (Equation (21)), that is equivalent
to the electroneutrality condition in the perme-
ate side (Equation (22), Table 4); when the
electrostatic potential is eliminated, Equations
(19) and (20) can be rewritten as Equations (23)
and (24):

Iel ¼ F
Xn

i¼1

zi ji ¼ 0 ) z1j1 þ z2j2 ¼ 0 ð21Þ

j1 ¼ –Deff
dc1

dx
þ K1eff c1JV ð23Þ

j2 ¼ –Deff
dc2

dx
þ K2eff c2JV ð24Þ

in which
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Deff ¼
D1pD2p z2

1c1 þ z2
2c2

� �
D1pz2

1c1 þ D2pz2
2c2

ð25Þ

K2eff ¼ z1c1

z1D1pK2c – z2D2pK1c

D1pz2
1c1 þ D2pz2

2c2
; K1eff ¼ – z2c2

K2eff

z1c1
ð26Þ

The flux of each ion is obviously the result of the
diffusive and convective contribution to motion
inside the membrane. The coefficients Deff, K1eff,
and K2eff are a combination of the hindered diffusiv-
ities and of the convective hindrance factors of each
specie and depend on the ionic concentrations inside
the membrane, which in turn depend on the mem-
brane charge. The diffusive term, Deff, is a sort of
harmonic average of the hindered diffusion coeffi-
cients of the single ions inside the membrane and it
can be seen as a hindered diffusion coefficient of the
electrolyte, considered as a single specie permeating
through the membrane. Analogous considerations
hold true for the convective terms K1eff and K2eff.

The validity of Equations (19)–(21) and (23)–(26)
is, however, general, independently of the membrane

nature, positively or negatively charged as well as

neutral. In the case of neutral membranes, or alter-

natively for amphoteric membranes at their

corresponding isoelectric points (more precisely, at

their points of zero charge), the coefficients Deff, K1eff,

and K2eff become independent of the membrane

charge. In that case, Equations (25) and (26) can be

easily combined with the electroneutrality condition

inside the membrane (Equation (16), Table 4); for

symmetric electrolytes, the flux equation for cation

becomes

j1 ¼ –Deff
dc1

dx
þ Keff c1JV ð27Þ

in which

Deff ¼
2D1pD2p

D1p þ D2p
ð28Þ

Keff ¼
D1pK2c þ D2pK1c

D1p þ D2p

The relationship (27) holds true not only for the
cation, but also for the anion as well as for the salt
flux. In this case, Deff and Keff are the effective hin-
dered diffusion coefficient and the effective
hindrance factor of the salt inside the membrane,
respectively.

Integration of Equation (27) with the proper
boundary conditions (details are reported in

Reference 14) leads to the following relationship for

salt rejection:
R ¼ A – 1þ ð1 – BÞePe

ePe þ A – 1
ð29Þ

in which

Pe ¼ Keff JV�

Deff
; A ¼ Keff

c1ð� – Þ
c1ð�þÞ

; B ¼ Keff
c1ð0þÞ
c1ð0 – Þ ð30Þ

Equation (29) is formally very similar to the well-
known relationships introduced by Spiegler and
Kedem [109], as well as by Mason and Lonsdale
[91] to describe RO of aqueous solutions containing
single salts. In the case in which the same values for A

and B can be assumed, the parameter A, or, alterna-
tively, the parameter B, has the meaning of 1 – s, with
s being the typical reflection coefficient appearing in
the phenomenological RO models. The result
obtained in Equation (29) is particularly interesting
for some aspects. It not only reconfirms that the
phenomenological model is a particular case of a
more general transport-equilibrium model, but the
latter can also predict values and behavior of the
phenomenological parameters, such as the s depen-
dence on the salt concentration.
2.04.3 Model Applications

The DSP&DE model, as presented in Table 4, is the
more simple and complete approach developed at
present to describe transport phenomena in NF
membranes.

The strong point is related to its applicability to
dilute multicomponent solutions, making use of the
same model parameters used for/calculated from
single-salt solutions (Lp, �, pore geometry, rp, "rm,
and "rp) with suitable mixing rules to estimate the
membrane charge (X). It can be observed that, in
principle, "rp should also be considered as a function
of salt type and composition; however, even an esti-
mated value is sufficient to perform a good process
simulation.

The weak points are mainly related to the pre-
sence of

1. numerical problems of convergence as the number
of ionic species increases;

2. complex and tedious statistical analyses for the
calculation of some model parameters, which
require extensive experimentation; and

3. a high level of uncertainty in the estimation of
those model parameters which are interdependent
of each other.
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The former point can be solved by developing spe-
cific algorithms for the solution of the corresponding
differential equations [82, 88–90, 108], or, alterna-
tively, by developing simpler approximated
versions of the general differential model [14, 84].

The latter points are remarkably critical. The
partitioning contributions appearing in Equations
(7) and (8) cannot be estimated separately, since
they are strictly connected to each other, with the
exception of the steric hindrance. At the feed/mem-
brane interface, for instance, the Donnan potential,
� D0, can be calculated through the electroneutral-
ity condition reported in Equation (16) (Table 4); in
this case, it is easy to observe that the � D0 value is
the result of the concomitant effects of the nonide-
ality of the solution (�i), of the membrane charge (X),
and of the DE (�WDE0), which in turn depends on "rp

as well as on X through ionic concentrations inside
the membrane (�(8þ)), with regard to (�Wim), and
depends on "rp only, with regard to (�WBorn). In
other words, assuming a low value of "rp with respect
to "rs leads to an overestimation of Born partitioning
and, consequently, a low X is sufficient to obtain the
experimental rejection. In principle, there are infinite
couples (X, "rp), which give the same rejection of
single-salt solutions [82]. A good approach to the
problem passes through the determination of the
model parameters by independent methods and/or
by using different kinds of experimental data.

In the past 10 years, the DSP&DE model has been
used with different levels of approximation, which
have represented the various steps of development of
the general model.

First, Bowen and coworkers [8, 51, 74] developed
the DSPM, which is basically the DSP&DE model
without DE, which was good for solutions containing
single salts, such as NaCl or Na2SO4. It was extre-
mely successful in modeling NaCl þ Na2SO4

solutions, but it failed in the prediction of divalent
ions rejection, such as calcium or magnesium salts
[14, 75]. The same model is the basis of the computer
simulation program Nanoflux developed by
Lefebvre and coworkers [88–90].

Second, Hagmeyer and Gimbel [5] as well as
Bowen and Welfoot [9, 80] introduced DE as a
further partitioning mechanism accounted only for
the Born model, and proposed empirical approaches
to the problem, in which "rp could be calculated as an
adjustable parameter. At the same time, Bandini and
Vezzani [14] adapted the DSPM model by Bowen
into the DSPM&DE model, introducing the DE as a
further partitioning mechanism accounted for only
by the contribution of image forces, in association
with the description of the nonideality of the solu-
tions according to the limiting Debye–Hückel
theory. In that model, since the properties of water
inside the membrane pore were assumed equal to
those existing in the external bulk ("rp ¼ "rs), no
further adjustable parameters were introduced with
respect to the original DSPM model.

Finally, using the steric, electric, and dielectric
exclusion (SEDE) model, Szymczyk and Fievet [81]
accounted for both the contributions related to DE,
image forces and Born partitioning, and "rp appeared
as an adjustable parameter.

All those models differ in the description of the
partitioning mechanisms, whereas the mass transfer
through the membrane is described by the extended
Nernst–Planck equation in all cases. All the models
were good in the prediction of membrane perfor-
mances, in their field of validity, with the model
parameters adjusted through a fitting procedure per-
formed with the same equations of the corresponding
models.

Some noteworthy results are reported in
Figures 2–4.

Figure 2 shows the ability of the DSPM model [8]
to simulate NF performances in the case of NaCl–
Na2SO4–water mixtures, starting from model
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parameters fitted by data with NaCl–water solutions.

In particular, the membrane charge is assumed to
vary with the equivalent concentration in the mix-

ture according to a Freundlich isotherm, calculated

by NaCl–water solutions data only.
The same idea, about the extension of single-salt

data to multicomponent mixtures, is at the basis of
the results reported in Figure 3 [14], which demon-

strates with no doubt that the description of NF of

multivalent nonsymmetric salts requires the intro-

duction of DE. Apparently, accounting only for
Donnan partitioning (DSPM) is not sufficient to
explain the high values measured for CaCl2 rejection
(Figure 3(a)). Furthermore, the presence of DE phe-
nomena can explain the experimental rejection
sequence observed for the ions in ternary mixtures
(NaCl–CaCl2–water solutions, Figure 3(b)).

The relevance of DE partitioning has also been
shown as evidence by Szymczyk and Fievet [81] in
Figure 4, in which the authors proposed to use the
value obtained by tangential streaming potential
measurements as volume membrane charge (X) and,
consequently, to calculate the dielectric constant
inside the pore ("rp) as a fitting parameter. In that
case, also for a single symmetric salt, such as KCl, DE
is to be accounted for in addition to Donnan parti-
tioning in order to achieve the high rejection values
experimentally observed.

It is therefore evident that it is difficult to indicate
which model correctly describes ion partitioning in
the membrane: in our opinion, a reasonable test can
be represented by the ability of the model (1) to
predict separation performances in operative condi-
tions different from those for which the adjustable
parameters were calculated and (2) to predict a beha-
vior of adjustable parameters with operative
conditions which is very close to that obtained for
the same parameters by experimental techniques dif-
ferent from NF experiments.

Basically, all the versions of the DSP&DE model
fulfill the requirement of the above-mentioned
point (1), as suggested by the results reported in
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Figure 5 Nanofiltration (NF) of aqueous solutions

containing NaCl (5 mM)þNa2SO4 (10 mM), through a
polyamide Desal-type membrane: concentration (a, b) and

electric potential (c) profiles inside the membrane at

different volume fluxes. Calculations are performed by

Donnan steric pore and dielectric exclusion (DSP&DE)
model (�i from Debye–Hückel limiting law (Table 3); slit

geometry; dielectric exclusion (DE), "rp¼ "rs¼80, "rm¼ 3;

rp¼0.50 nm, �¼20mm, X¼�5 mol m�3).
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Figures 2–4. However, although it is possible to
perform a simulation by keeping (Lp, �, pore geome-
try, rp, "rm, and "rp) as constant values and equal to
the ones obtained from pure water and single-salt
experiments (NaCl, typically), the membrane charge
remains a fitting parameter to calculate as a function
of pH, concentration, and of the mixture type.

From a general viewpoint, the question is not
related to the quality of the DSP&DE model, rather
to the knowledge level about the correct mechanism of
membrane charge formation. DSP&DE model is essen-
tially a partitioning and transport model in which the
membrane charge is a parameter. As a partitioning-
transport model it is quite satisfactory; however, it
requires a good relationship which expresses how the
membrane charge depends on the operative variables.
Some authors [5, 81, 110] tried to solve the problem by
using the values calculated from streaming potential
measurements, although they are not representative of
the real conditions at which the membrane operates in
NF processes. Since the values are not the real ones,
the model requires to adjust the dielectric constant
inside the pore ("rp) in order to fit the experimental
data, as an example. Other authors [9, 14, 82], on the
contrary, decided to assume a value for the dielectric
constant inside the pore and calculated the membrane
charge accordingly.

Apparently, the problem is still open: there is no
univocal answer. The studies reported in References
9, 81, 82, 107, and 110 have shown evidence that the
confinement clearly leads to a decrease of the water
dielectric constant inside the pore; on the other hand,
it is difficult to obtain the exact value of "rp.
However, it can be estimated in the range between
40 and 70, depending on the salt type. In our opinion,
the correct estimation of "rp is not a real problem; it
mainly determines the contribution of image forces
with respect to Born partitioning, and it influences
the membrane charge value. Nevertheless, the key
problem is not to obtain the real value of the mem-
brane charge, rather to determine the qualitative
behavior of the membrane charge as a function of
operative conditions. The correct model, for
instance, is one that is able to give the correct mem-
brane charge behavior, which may fit streaming
potential charges. However, this condition is not
sufficient, since streaming potential measurements
are significant for low concentration solutions only.

Finally, the DSP&DE model has been used as a
predictive tool [8, 9, 14, 15, 86–89], to investigate
membrane performances in multicomponent mixtures,
as well as the behavior of concentration and potential
profiles across the membrane. The case of a ternary
mixture is reported in Figure 5, in which a polyamide
membrane (Desal-type) is simulated. The behavior
observed is quite general for the NF membranes tested
and for the process operative conditions typically
maintained for single salts as well as for multicompo-
nent mixtures of electrolytes. Apparently, the electric
potential behavior is very close to a linear trend,
whereas the concentration profiles are not strictly lin-
ear, above all, at the higher volume fluxes. At high
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fluxes, indeed, the convective contribution to ion flux
is dominant with respect to the diffusive contribution.

That behavior strongly depends on the membrane
charge value. An interesting investigation about the
analysis of the role of each transport mechanism
across the membrane was performed by Bowen and
Mohammad [74]; the results, confirmed also by other
authors [86, 87], are reported in Figure 6. For the
case of NaCl–water mixtures in negatively charged
membranes, at high membrane charges, the transport
is controlled largely by diffusion, although convec-
tion and electromigration contributions are not
negligible. At low membrane charges, on the con-
trary, all the contributions are remarkable.
2.04.3.1 Approximated Versions of the
DSP&DE Model

In order to simplify the solution procedures of the
general DSP&DE model (the set of first-order
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rp¼ 0.66 nm, �¼4.76mm). Reproduced with permission from Bo

Chem. Eng., 1998, 76A, 885–893.
differential equations – Table 4) as well as the sta-

tistical procedures for the model parameters

calculation, some simplified versions have been

developed. These models can be used for predictive

purposes, for process optimization, and they can be

particularly advantageous in those cases in which a

feasibility study of the process is pursued.
Three types of simplifications were introduced,

aimed to obtain analytical relationships for rejection

of single salts, or, alternatively, to switch the mathe-

matical problem to the solution of a set of algebraic

equations.
A first simplified version was introduced in

Reference 14. Under the hypothesis of complete co-

ion exclusion, in the case of a single symmetric salt,

Equations (23) and (24) can be easily integrated with

the proper boundary conditions (Equations (7) and

(8), Table 4) (since the coefficients Deff, K1eff, and

K2eff, defined in Equations (25) and (26) become inde-

pendent of the membrane charge), and an analytical
Diffusion

Electromigration

0 10 20 30 40 50

ΔP / bar

aCl. Analysis of transport mechanisms at various �¼X/Ceq,
ures; cylindrical pores; no dielectric exclusion (DE);

wen, W. R., Mohammad, A. W. Chem. Eng. Res. Des., Inst.
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relationship can be obtained to relate salt rejection to

membrane charge, pore radius, and membrane thick-

ness. The approximation is particularly advantageous

as an alternative procedure for the adjustable-

parameters calculation. The application should be

avoided in the cases of low charged membranes [53].
Advantages in the ion rejection calculation could

be achieved also in the case in which linear behaviors

for the concentration profiles as well as/or for the

electric potential profile might be assumed, as it can

be observed in Equation (6).
Bandini and Vezzani [14] made the assumption of

a constant potential gradient through the membrane;

the hypothesis is proved by the results reported in

Figure 5 as well. As a consequence, Equation (14)

(Table 4) can be easily integrated over the mem-

brane thickness, thus obtaining the following

relationships for the concentration profile through

the membrane of each ionic specie:

ciðxÞ –
ji�

ki Dip

cið0þÞ –
ji�

ki Dip

¼ e
ðki

x
�
Þ

; ki ¼ Pei – zi

F�

RT

��

�
ð31Þ

The quantity ��/� is the potential gradient, which
can be evaluated according to the general relation-
ship reported in Equation (17) (Table 4); detailed
information is reported in Reference 14.

The integral version represented by Equation
(31) greatly simplifies calculations: it switches the

mathematical problem from a set of first-order dif-

ferential equations to a set of algebraic equations. It

can be applied to binary as well as to multicompo-

nent systems, and it requires the prior calculation of

the membrane parameters, which can be performed

through the various fitting procedures discussed in

the following sections; the version itself can be used

to adjust the parameters. The ability of the integral

version to simulate membrane performances was

demonstrated by the comparison with the results

obtained by the general differential version in

Reference 14; however, no estimation about the

confidence range of the integral model was per-

formed in detail: as a rule of thumb, authors

recommended that the integral model had to be

used in all multicomponent cases in which no solute

is a trace component.
Bowen et al. [84, 85], on the contrary, operated a

finite difference linearization of the concentration

gradient. Although the authors do not report any

recommendation about the validity range of the
linearization, the approximation seems to be counter-
balanced by the adjustable-parameters values
calculated accordingly. However, the analytical solu-
tion derived for multicomponent mixtures is rather
complex and must be performed case by case.
2.04.3.2 Parameter-Calculation
Procedures

Contemporary to the development of the various
DSP&DE model versions, many procedures have
been proposed for the calculation of the membrane
parameters. The best procedure would be the inde-
pendent determination of each parameter, basing on
different sets of experimental data. Unfortunately, as
discussed in the previous sections, this is not fuit>1eff,
and K2eff, defined in Equations (25) and (26) become
independent of the membrane charge), and an analy-
tical relationship can be obtained to relate salt
rejection to membrane charge, pore radius, and
membrane thickness. The approximation is particu-
larly advantageous as an alternative procedure for
the adjustable-parameters calculation. The applica-
tion should be avoided in the cases of low charged
membranes [53].

Key points of the parameter-calculation proce-
dure are the following:

1. Calculate hydraulic membrane permeability
(Lp) from NF experiments with pure water, accord-
ing to Equation (1).

2. Choose the pore geometry (cylindrical or slit-like).
Experience shows that in the case of neutral solutes,
both the geometries are equivalent to simulate solute
partitioning; on the contrary, with electrolytes, the
slit geometry seems to be more suitable.

3. Calculate the average pore radius (rp). The use of
neutral solutes with spherical molecular shape is
preferential (e.g., sugars); in addition, the use is
recommended of solutes which are not completely
rejected. Rejection data can be fitted according to
Equation (18). In the case in which measurements
in a wide range of �P are used, Pei can be expressed
according to one of the relationships reported as
Equation (15); alternatively, only those data which
approach asymptotic conditions can be fitted. In both
cases, quite close rp values are obtained, thus indicat-
ing that the Hagen–Poiseuille flow hypothesis inside
the pores (Equations (2) and (3)) is acceptable.

4. Calculate the effective membrane thickness (�). It can
be calculated based on neutral-solutes data or on
rejection of single salts. When possible, the use of
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neutral-solutes data is recommended, since, in this
case, rejection is independent of the membrane
charge value. In the latter case, NaCl data are gen-
erally suitable, and the calculation is performed
together with the membrane charge evaluation, at
pH conditions far from the membrane isoelectric
point.

Calculation must be performed by using rejection
data as a function of total volume flux. The use of
relationships derived from the application of the
Hagen–Poiseuille flow hypothesis must be careful,
since it could lead to an underestimation of the mem-
brane thickness by 5–10 times [9, 81, 84, 85, 107]. This
is a crucial and very delicate question. It is a matter of
fact that ionic rejection is independent of membrane
thickness, as discussed in Section 2.04.2.4, which
does not mean that any membrane thickness can be
assumed to perform rejection calculations, rather
that there is a unique curve which relates rejection
as a function of Pei, if the correct value of membrane
charge is used (i.e., if the asymptotic rejection is well
predicted). However, in order to calculate the cor-
rect Pei number by using experimental data, the
correct value of � is required (Equation (15)). The
problem is put in evidence by the results reported in
Figure 7(a) in which the same NaCl rejection data
versus total experimental fluxes are fitted by using
�¼ 28.5 mm and �¼ 5.7 mm (calculated from the ela-
boration of the hydraulic membrane permeability
according to the relationship reported in Equation
(3), with �¼ �0) in correspondence with different
membrane charge values, both performing best fits
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(no Born partitioning was accounted for).
Apparently, both the sets of parameters can give a
good fit of the data, but only X¼�7 mol m�3 can
simulate the experimental asymptotic rejection
correctly. In addition, by using �¼ 5.7 mm and
X¼�7 mol m�3, we can observe that correct
asymptotic rejections are achieved at volume fluxes
which are much higher than the experimental ones
and the curve rejection versus volume flux is pre-
dicted wrongly. In Figure 7(b), the corresponding
curves are reported as a function of the correspond-
ing Pe values, calculated with the experimental total
fluxes and the thickness values indicated. The con-
clusion is self-evident: in the case in which NaCl
data are used, the correct thickness value is the �,
which can give, at the same time, both the correct Pe

value and the best fit of rejection versus flux data, in
correspondence with a membrane charge value that
predicts the asymptotic rejection correctly.

Furthermore, in the case in which a wrong � value
is used to simulate the membrane rejection in asso-
ciation with a wrong membrane charge, a wrong
prediction might be performed also of asymptotic
conditions, as it clearly occurred in References 9,
84, and 85, although a good fit of data was performed
in the pressure range investigated. The same kind of
problem also exists in Reference 107, partially hid-
den and counterbalanced by a high Born partitioning
prediction. In this case, since the membrane charge
was assumed equal to the value obtained from
streaming potential measurements, in correspon-
dence with a low thickness value, a high Born
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partitioning was also required in addition to the

image force DE to perform a good fit of rejection

data versus the total flux.
In conclusion, we can observe that we are facing

the same indetermination problem previously dis-

cussed: since the same value of asymptotic rejection

can be simulated by accounting for different contri-

butions of image forces and Born partitioning, that is

by different values of the couples (X and "rp), there

are various sets of the parameters (X, "rp, and �)

which can give a good fit of rejection data. As a

consequence, we strongly recommend using rejection

data of neutral solutes to calculate the effective mem-

brane thickness.
Finally, the results reported in Figure 7(a) show

that the calculation of � can be postponed to the

membrane charge determination, which could be

performed by fitting only asymptotic rejection data.
5. Calculate the volume membrane charge (X) and the

dielectric constant in the pore ("rp). This calculation is

affected by a high level of uncertainty, since the two

parameters are interdependent on each other, as pre-

viously discussed in Section 2.04.3. Typically, the

problem has been solved by assuming a value for

one parameter and by calculating the other one as

an adjustable quantity. The interesting feature of

these procedures is related to the quality of the

results obtained, which had allowed to draw some

general conclusions.
In References 14, 23, 28, and 29, authors made the

assumption of "rp¼ "rs and calculated X values as

fitting parameters, by keeping all the other para-

meters as constant values and equal to those

calculated from NaCl data at pH¼ 5.8. The calcula-

tion of X has been also performed by using only

asymptotic rejection data [14, 23]. The results

obtained show evidence that there are different

membrane-charge behaviors as a function of opera-

tive conditions, depending on the salt type, which

can be explained accounting for the same mechan-

isms involved in the membrane-charge formation

[45, 46].
Bowen and Welfoot [9] suggested first to calculate

"rp from NaCl data at the point of zero charge and,

second, to use it as a constant value in the calculation

of X by fitting rejection data at different pH condi-

tions. Other authors [82] applied the same idea by

using rejection data at high concentrations, under the

hypothesis that the membrane charge approaches an

asymptotic value (X completely screened by

adsorbed ions).
Finally, Szymczyk and coworkers [81, 107, 110]
proposed to use the value obtained by tangential
streaming potential measurements as volume
membrane charge and, consequently, to calculate
("rp) as a fitting parameter. These studies,
together with the results obtained in References
5, 6, 9, and 82, show evidence that the confine-
ment clearly leads to a decrease of the solvent
dielectric constant inside the pore, which can be
estimated in the range between 40 and 70,
depending on the salt type.
2.04.3.2.1 Some remarks on the volume

membrane charge

In NF membranes, in view of the narrow pores, the

surface charge is the most important membrane

characteristic in the determination of salt rejection.

Several experiments of different nature, as well as

many models, demonstrate the presence of a charge

located at the membrane/liquid interface, which is

strictly dependent on salt type, salt concentration,

and on pH. Conversely, all the authors basically

agree with the interpretation of the phenomena

determining the membrane charge: mechanisms,

such as acid/base dissociation and ionic adsorption,

can be recognized as the main mechanisms deter-

mining the membrane-charge formation. Empirical

models, such as Freundlich or Langmuir isotherms,

have been proposed to relate the membrane charge

with the equivalent concentration [8, 31, 38, 39, 42,

43]. Some recent studies [45, 46, 111] made a dis-

tinction between specific and nonspecific

adsorption and recognized counterion site-binding

phenomena as remarkable in the membrane-charge

formation, above all, in the case of nonsymmetric

electrolytes.
However, the question is not yet well defined

about how the data obtained for single salts might

be used for the extension of the models to multi-

component mixtures. By now, the mixing rules

which have shown better results are those proposed

by Bowen and Mukhtar [8] and by Nakao and

coworkers [42]. In Reference 8, the membrane

charge was assumed to vary with the equivalent

concentration in the mixture according to a

Freundlich isotherm, calculated by NaCl–water

solutions data only; in Reference 42, mixing rules

of the charge values calculated for the correspond-

ing single salts were proposed according to the salt

molar fraction.
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2.04.4 Conclusions

The study of transport phenomena in NF or loose

RO membranes covers the period of the past 40 years.

Although many models have been developed so far,

in the past decade, scientific production has been

devoted to the improvement of the partitioning-

transport model, originally introduced by Bowen

et al. in 1996. Remarkable improvements have been

performed in the description of the phenomena

involved; the most important is certainly the intro-

duction of dielectric exclusion as partitioning

mechanism.
The general model, termed DSP&DE model, has

been assessed in this chapter and a detailed discus-

sion has been carried out about advantages and

disadvantages of this tool.
The most interesting strong points are related to

the wide generality of the model and to the easy

extension to multicomponent mixtures.
Some questions are still open, such as the inde-

pendent calculation of electric and dielectric

parameters (membrane charge and dielectric con-

stant inside the pore), as well as the correct

determination of the mechanisms involved in the

membrane-charge formation in the case of multi-

component ion mixtures.
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2.05.1 Introduction

Membrane-based separation processes, such as gas
separation, reverse osmosis (RO), nanofiltration

(NF), ultrafiltration (UF), microfiltration (MF), elec-
trodialysis (ED), and pervaporation (PV), have been
developed for various applications [1]. NF, which is
intermediate between RO and UF, is a pressure-
driven process used for removing solutes, such as

divalent ions, sugars, dyes, and organic matter,
which have molecular weight (MW) in the range
of 200–1000 g mol�1, from aqueous feed streams [1].
A recent innovation is the extension of pressure-

driven membrane NF processes to organic solvents
(OSs). This emerging technology is referred to as
organic solvent nanofiltration (OSN), or alterna-
tively as solvent-resistant nanofiltration (SRNF)
[2]. Aqueous NF, in many cases, involves separation

between charged solutes and other compounds in an
aqueous phase, whereas, by contrast, OSN is used for
separations between molecules in organic–organic
systems. Another membrane-based process widely
used with OSs is PV where separation occurs by

differential permeation of liquids through a
membrane, with transport of liquids through the
membrane effected by maintaining a vapor pressure
gradient across the membrane [3]. Membrane-based

separations, in general, use significantly less energy
than thermal processes, such as distillation, and this is
of particular interest given the current high energy
prices. This chapter focuses on describing the state of
the art in OSN.

Sourirajan [4] reported the first application of
membranes to nonaqueous systems in 1964 for the
separation of hydrocarbon solvents using a cellulose

acetate membrane. Later, Sourirajan and coworkers
[5–7] used membranes to separate OS mixtures and
organic and inorganic solutes using cellulose acetate
membranes. From 1980 onward, major oil companies,
such as Exxon [8–11] and Shell [12, 13], and chemical

companies, such as Imperial Chemical Industries (ICI)
and Union Carbide [14], began to file patents on the
use of polymeric membranes to separate molecules
present in organic solutions. The applications include
91
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oil recovery [8–10], enrichment of aromatics [15–18],
and homogeneous catalyst recycle [14]. Major mem-
brane producers, including Grace Davison [19–22]
and Koch [23], began research and acquisition
programs, and products started to be commercially
available from the mid-1990s onward. The largest
success so far industrially has been the
MAX-DEWAXTM process installed at ExxonMobil
Beaumont refinery for the recovery of dewaxing sol-
vents from lube oil filtrates [20], while the most recent
addition to commercial offerings is the launch by
Membrane Extraction Technology (MET) in 2008 of
the DuraMemTM series of highly solvent-stable OSN
membranes for the separation of organic solutes from
various OSs [24]. These efforts have prompted a rapid
rise in the number of academic publications and pro-
cess development projects in industry. By way of
illustrating the surge in interest in OSN, Figure 1
shows a rough estimate of the number of patents and
papers published on the application of membranes for
nonaqueous operations before the 1990s, during the
1990s, and from 2000 onward.
2.05.2 Membranes for Separations
in OSs

Both polymeric and inorganic materials have been
used for the preparation of OSN membranes. In what
follows, we present a brief summary of the currently
commonly available OSN membranes.
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2.05.2.1 Polymeric Membranes

Compatibility of polymeric membranes with a wide
range of OSs is a very challenging issue in the OSN
membrane production. Polymeric membranes gener-
ally fail to maintain their physical integrity in OSs
because of their tendency to swell or dissolve.
Nevertheless, several polymeric materials exhibit
satisfactory solvent resistance (e.g., polyimides
(PIs)) or can be made more stable, for example,
by increasing the degree of cross-linking (e.g., silicone
and polyacrylonitrile (PAN)). An overview of
solvent-resistant polymeric materials used for mem-
brane preparation can be found elsewhere [1, 25].
Most polymeric OSN membranes have an asym-
metric structure, and are porous with a dense top
layer. This asymmetry can be divided into two
major types: the integrally skinned asymmetric
type, wherein the whole membrane is composed of
the same material; and the thin-film-composite
(TFC) type, wherein the membrane-separating
layer is made of a different material from the
supporting porous matrix.
2.05.2.1.1 Integrally skinned asymmetric

polymeric membranes
Integrally skinned asymmetric membranes are most
commonly prepared by the phase-inversion immer-
sion precipitation process. A solution of the polymer
is cast as a thin film onto a nonwoven fabric, dried for
a few seconds to create a dense top layer, and then
immersed in a coagulation bath, which contains a
90–99
ears

2000–08
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nonsolvent for the polymer. The solvent starts to
diffuse out of the homogeneous liquid polymer film,
while the nonsolvent simultaneously diffuses into the
film. Due to the presence of a nonsolvent, phase
separation takes place in the polymer film and the
polymer precipitates as a solid phase, forming a
porous asymmetric membrane structure. The ther-
modynamic properties of the casting system and the
kinetics involved in the exchange of solvent and
nonsolvent affect the morphology of the membrane,
and, consequently, its permeability and solute rejec-
tion [26]. The phase separation can also be induced
by other methods, such as lowering the temperature
(thermal precipitation), by evaporating the volatile
solvent from the polymer film (controlled evapora-
tion), or by placing the cast polymer film in a
nonsolvent vapor phase (precipitation from the
vapor phase) [2]. More detailed information about
membrane preparation techniques can be found
elsewhere [1].
2.05.2.1.2 TFC membranes
Composite membranes consist of at least two differ-
ent materials. Usually, a selective membrane material
is deposited as a thin layer upon a porous sublayer,
which serves as support. The advantage of this type
of membrane over the integrally skinned ones is that
each layer can be optimized independently in order
to achieve the desired membrane performance.
There are several well-established techniques for
applying a thin top layer upon a support: dip coating,
spray coating, spin coating, interfacial polymeriza-
tion, in situ polymerization, plasma polymerization,
and grafting. Details of these techniques can be found
elsewhere [1]. Due to the large variety of preparation
techniques, almost all polymeric materials can be
used to produce these types of membranes. The top
layer and the support both contribute to the overall
membrane performance.
2.05.2.1.3 Postformation treatment

In order to increase the separation performance of
asymmetric membranes and to increase their long-
term stability, several postformation treatments or
conditioning procedures can be used, such as anneal-
ing (wet or dry), cross-linking, drying by solvent
exchange, and treatment with conditioning agents
[2]. Posttreatment procedures could be applied to
both types of polymeric membranes mentioned
above.
2.05.2.1.4 Commercially available

polymeric membranes

Despite the fast development of research in the area of
separation in OSs, there are still a limited number of
membranes that have been commercialized.
According to our knowledge of the membrane market,
there are currently five companies producing SRNF
membranes. The commercially available solvent-
stable membranes include the Koch and StarmemTM

membrane series, the SolSep membranes, the newly
launched DuraMemTM membrane series, and the
Inopor series of ceramic membranes.

Koch SelRO membranes. Koch Membrane Systems
(USA) [27] was the first company to enter the OSN
market with three different membranes designed for
solvent applications. However, the hydrophobic
membranes, such as SelRO MPF-60 (molecular
weight cutoff (MWCO) 400 g mol�1, based on rejec-
tion of Sudan IV (384 g mol�1) in acetone) and
SelRO MPF-50 (MWCO 700 g mol�1, based on
rejection of Sudan IV in ethyl acetate), have already
been removed from the market. Only the hydrophilic
MPF-44 membrane (MWCO 250 g mol�1, based on
rejection of glucose (180 g mol�1) in water) is still
available, in flat sheet as well as in spiral-wound
(MPS-44) module configuration [2].

It is believed that the MPF series membranes are
TFC-type membranes, comprising a dense silicone-
based top layer of submicron thickness on a porous
cross-linked PAN-based support. Membrane
production may be associated with a patent from
Membrane Products Kyriat Weitzman (Israel) [28],
in which a cross-linked PAN support was first treated
with silanol-terminated polysiloxane as a pore
protector, and then immersed in a solution of poly-
dimethylsiloxane (PDMS), tetraethyl silicate, and a
tin-based catalyst for final coating and cross-linking.
A scanning electron microscopy (SEM) picture [29]
of the MPF-50 membrane is presented in Figure 2.
Koch also distributes a UF membrane (nominal
MWCO 20 000 g mol�1), based on cross-linked
PAN, available in both flat sheets (MPF-U20S) and
spiral-wound (MPS-U20S) elements [2, 27].

According to the manufacturer’s information, both
membranes are claimed to be stable in methanol,
acetone, 2-propanol, cyclohexane, ethanol, methyl
ethyl ketone (MEK), butanol, methyl isobutyl ketone
(MIBK), pentane, formaldehyde, hexane, ethylene
glycol, dichloroethane, propylene oxide, trichlor-
oethane, nitrobenzene, methylene chloride,
tetrahydrofuran (THF), carbon tetrachloride, aceto-
nitrile, diethylether, ethyl acetate, dioxane, xylene,



(a)

MPF 50

50 µm

5 µm

SolSep 3360

(b)

Figure 2 Scanning electron microscopy (SEM) images of the skin layer (top) and the entire cross section of the: (a) Koch

membrane MPF-50, (b) SolSep 3360. Reproduced with permission from Van der Bruggen, B., Jansen, J. C., Figoli, A., Geens,

J., Boussu, K., Drioli, E. J. Phys. Chem. B 2006, 110, 13799–13803.
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and toluene, and claimed to have limited stability in
dimethylformamide (DMF), N-methyl pyrrolidone
(NMP), and dimethylacetamide [27].

The MPF series of OSN membranes were the
first freely available membranes on the market, and,
therefore, they have been subjected to extensive
studies and have been tested in many applications,
for example, the recovery of organometallic com-
plexes from dichloromethane (DCM), THF, and
ethyl acetate, and of phase-transfer catalysts
(PTCs) from toluene, the separation of triglycerides
from hexane, and for solvent exchange in pharma-
ceutical manufacturing. Extensive fundamental
studies on solvent/solute transport mechanisms in
OSN membranes have also been performed on MPF
membranes [2].

StarmemTM membranes. The StarmemTM mem-
branes series (Starmem is a trademark of W.R.
Grace and Company) are distributed by MET
(UK) [24]. The series consist of hydrophobic inte-
grally skinned asymmetric OSN membranes with
active surfaces manufactured from PIs. An active
skin layer less than 0.2 mm in thickness with a pore
size of <5 nm covers the PI membrane body [19, 21].
An SEM picture of a typical StarmemTM membrane
is presented in Figure 3. StarmemTM 122 has an
MWCO of 220 g mol�1, StarmemTM 120 has an
MWCO of 200 g mol�1, and StarmemTM 240 an
MWCO of 400 g mol�1. These quoted MWCOs
are manufacturer values obtained using toluene as
a solvent and are quoted as the MW at 90% solute
rejection, estimated by interpolation from a plot of
rejection versus MW for a series of n-alkanes. The
membranes are claimed to be stable in alcohols (e.g.,
butanol, ethanol, and iso-propanol); alkanes (e.g.,
hexane and heptane); aromatics (e.g., toluene and
xylene); ethers (e.g., methyl-tert-butyl-ether);
ketones (e.g., methyl-ethyl-ketone and methyl-iso-
butyl-ketone); and others (e.g., butyl acetate and
ethyl acetate). All membranes are available as flat
sheets or spiral-wound elements [24].

StarmemTM membranes have also been widely
used to study solute and solvent transport through
OSN membranes, and tested in different applica-
tions, such as product separation and catalyst
recycle; chiral separations; solvent exchange in phar-
maceutical manufacturing; ionic liquid-mediated
reactions; and microfluidic purification and
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Figure 3 Grace Davison Membranes STARMEMTM polyimide membrane at 500� and 10 000� magnification of active

separation layer. Reproduced with permission from White, L. S. J. Membr. Sci. 2002, 205, 191–202.
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membrane bioreactors (MBRs) for biotransforma-

tions [2]. StarmemTM membranes are the only OSN

membranes applied at a large scale, in the refining

industry for solvent recovery from lube oil dewaxing

(MAX-DEWAXTM) [21]. Further details on this

large-scale application are provided in the subse-

quent section.
SolSep membranes. The Dutch company SolSep [30]

offers five NF membranes with different stabilities

and nominal MWCO values between 300 and 750 g

mol�1, and one UF membrane with an MWCO

around 10 000 g mol�1. According to the manufac-

turer, the membranes are stable in alcohols, esters,

and ketones, and some of them are also stable in

aromatics and chlorinated solvents. Typical charac-

teristics of the SolSep membranes, as presented by

the manufacturer, are summarized in Table 1 and

are claimed as being produced as spiral-wound-type

modules [31]. While there is not much information

available on the type of membrane material used for

their preparation, it is believed that the SolSep mem-

branes are of TFC type and some of them were

proven to have a silicone top layer [29], as illustrated

in Figure 2. The top layer of SolSep 3360 is clearly

thicker than the barrier layer of MPF-50; conse-

quently, lower solvent permeability is reported for

similar MWCO [2, 29]. There is relatively limited

information for the performance of these membranes

in the literature [2, 29, 31–33]. Filtration data for

SolSep NF030306 were recently reported in ethanol,

i-propanol, toluene, xylene, hexane, heptane, cyclo-

hexane, and butyl acetate [33].
DuraMemTM. DuraMemTM range of highly stable

OSN membranes is manufactured by MET [24].

Membranes are of integral asymmetric type and are
based on cross-linked PI [34, 35]. These membranes
are available with different MWCO curves (180–
1200 g mol�1) and possess excellent stability in a
range of solvents, including polar aprotic solvents
such as DMF and NMP. The membranes have a
sponge-like structure and are stable in most OSs,
including toluene, methanol, methylene chloride,
THF, DMF, and NMP. The membranes have been
operated continuously for 120 h in DMF and THF
and showed stable fluxes and good separation perfor-
mances, with DMF permeability in the range of
(1–8)� 10�5 L m�2 h�1 Pa�1 (1–8 L m�2 h�1 bar�1)
[35]. Possible re-imidization and loss of cross-linking
at elevated temperatures limit their range of applica-
tion to temperatures <100 �C.
2.05.2.2 Ceramic OSN Membranes

Ceramic materials (silicium carbide, zirconium oxide,
and titanium oxide) endure harsh temperature condi-
tions and show stable performance in solvent
medium, and, therefore, are excellent materials for
membrane preparation. Ceramic membranes gener-
ally have an asymmetric structure, in which a thin
membrane layer with one or more intermediate layers
is applied to a porous ceramic support. The support
defines the external shape and mechanical stability of
the membrane element. Common configurations are
disks, which are produced by film casting or pressing
of dry powder, and tubes, which are commonly pro-
duced via extrusion of ceramic powders with the
addition of binders and plasticizers. These supports
are subsequently sintered at 1200–1700 �C and an
open-pore ceramic body is obtained with pore size
between 1 and 10mm, depending on the initial



Table 1 Overview of the available SolSep membranes with indicative cutoff and solvent compatibility

Membrane

Maximum operating
temperature
(�C)

Maximum operating
pressure
(bar) Rejection characteristics R (%) Solvents compatibility

UF10104 90 20 Typical retention of larger molecules

�10 000 g mol�1
Tested in alcohols, aromatics, esters, ketones

NF010206 120 20 R (95%) �300 g mol�1 Alcohols, esters

NF010306 150 40 R (95%) �500 g mol�1; ionics/acetone R (99%)

�300 g mol�1
Alcohols, esters, ketones, aromatics,

chlorinated solvents

NF030306 150 40 Acetone: R (95%) �500 g mol�1

Alcohols R (99%) � 300 g mol�1

Extremely stable

Alcohols, esters, ketones, aromatics,
chlorinated solvents

NF030306F 120 40 Acetone: R (95%) �300 g mol�1 Alcohols, ketones, aromatics, chlorinated

solventsEthylacetate: R (95%) �300 g mol�1

Extremely stable

NF030105 90 20 Ethanol, methanol R (95%) �300 g mol�1 Alcohols, ketones, aromatics,

Acetone R (95%) � 750 g mol�1

Adapted from Cuperus, F. P. Chem. Ing. Tech. 2005, 77, 1000–1001.
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particle size and shape. A thin layer is applied to this

support, typically by suspension coating using nar-

rowly classified ceramic powders dispersed in an

appropriate solvent. The pore size again is controlled

by the size of the powder. The finest available powders

have a particle size of about 60–100 nm, from which

membranes with pore size of about 30 nm can be pro-

duced (the upper range of UF) [36]. To reduce the

pore size even further, an additional thin defect-free

layer is added, usually, by the so-called sol–gel process.

The process starts with a precursor, which is often an

alkoxide. The alkoxide is hydrolyzed in water or OS,

which yields a hydroxide able to polymerize and form

polyoxometalate. At this stage, the viscosity of the

solution increases, which is an indication that polymer-

ization has started. Viscosity modifiers or binders are

frequently added to the sol prior to layered deposition

on the porous support via dip or spin coating, where

the final gelation occurs. Finally, the gel is dried and,

via controlled calcination and/or sintering, the actual

ceramic membrane is produced. A typical multilayered

structure of a ceramic membrane is presented in

Figure 4. Further details on the process of membrane

preparation can be found elsewhere [1, 2, 36].
The major challenge in opening up the range of

molecular separations in solvents that is possible with

ceramic membranes was the evolution toward a lower

pore size – around 1 nm. For a long time, the MWCO of

the membranes was retained�1000 g mol�1. However,

by the end of the last century, NF membranes were

developed based on silica membranes doped with

zirconia and titania. A TiO2-based NF membrane,

with a pore size of 0.9 nm and a cutoff of 450 g mol�1,

has been commercialized under the name Inopor� by
14 kV X370 50 µm 17 26 SEI

Figure 4 Typical multilayered structure of a ceramic membran

view) and 6000� (top-layer edge view).
a spin-off company of HITK (Germany) [37], and has
been successfully applied since 2002 in a treatment
plant for harsh colored textile wastewaters [38, 39].

The intrinsic hydrophilicity of the oxide pore sur-
faces of the existing ceramic NF membranes lowers
the permeability of apolar solvents through these
membranes. Approaches to cope with this by prepar-
ing mixed oxides were not successful. The
modification of the pore surface, by coupling of silane
compounds to the hydroxyl groups, has been found to
be a better solution. The silylation of ceramic mem-
branes has been patented and is semi-commercially
available from HITK (Germany) [36]. The mem-
branes exemplified in the patent show cutoff values
of about 600, 800, and 1200 g mol�1 in toluene using
polystyrene standards [36], and have been used to
retain transition-metal catalysts in apolar solvents [2].
2.05.2.2.1 Commercial ceramic

membranes
Inopor series membranes. The Inopor� company [40]
currently offers a range of ceramic UF and NF
membranes in the form of monochannel and multi-
channel tubes with lengths up to 1200 mm, as
summarized in Table 2. The membranes are offered
as hydrophilic version; however, on customer request,
they can be prepared to be hydrophobic. There is
no specific information on the company’s website
regarding the hydrophobic membranes, but it is
believed that the literature-cited HITK-T1 (HITK,
Germany) is a silylated TiO2-based version of the
above-mentioned membranes. With a nominal MWCO
of 220 g mol�1, this membrane showed methanol
and acetone permeabilities (�0.4 L m�2 h�1 bar�1),
14 kU X6, 800 2 µm 16 26 SEI

e from the Inopor� series [40] at magnification 370� (edge



Table 2 Ceramic membranes supplied by the Inopor company

Membrane Top layer material
Mean pore size
(nm)

Cutoff
(g mol�1)

Open porosity
(%)

Inopor�ultra TiO2 30 - 30–55

TiO2 5 8500
ZrO2 3 2000

Inopor�nano SiO2 1 600 30–40

TiO2 1 750

TiO2 0.9 450
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while rejecting Victoria blue (506 g mol�1) for 99%
from methanol, and erythrosine B (880 g mol�1) for
97% from acetone, and demonstrated efficient catalyst
recovery for Pd–2,29-bis(diphenylphosphino)-1,19-
binaphthyl (BINAP) (849 g mol�1) with rejections
around 94.5% [2].
2.05.3 Membrane Characterization

Membrane characterization methods can be divided
into two categories: (1) functional characterization
and (2) physical–chemical characterization [41].
Functional parameters, such as flux and rejection,
determine the selection of a membrane for a specific
application [42]. Physical–chemical parameters
include porosity, pore size, pore-size distribution,
hydrophobicity, hydrophilicity, skin layer thickness,
and charge [41]. One of the current challenges in
OSN research is to establish the physical–chemical
structure of the membranes, and then to use that to
predict the functional performance.
2.05.3.1 MWCO and Flux

Flux or permeation rate is the volume of liquid flowing
through the membrane per unit area and per unit time
and is generally expressed in terms of L m�2 h�1 and
the permeability by L m�2 h�1 bar�1. Rejection of a
solute i (Ri%) is calculated by Ri (%)¼ (1 – Cpi/
Cri)� 100% where, Cpi and Cri are the concentration
of solute i in the permeate and retentate, respectively.
The separation performance of OSN membranes can
also be expressed in terms of MWCO obtained by
plotting the percentage rejection of solutes versus
their MW (typically 200–1000 g mol�1) and interpolat-
ing the data to find the MW corresponding to 90%
rejection. Oligomeric forms of polyisobutylene [43–46],
polyethylene glycol (PEG) [47, 48], polystyrene [46,
49], linear and branched alkanes, and dyes have been
used as solutes to estimate MWCO of OSN membranes
[49]. The properties of solutes and solvents, such as
structure, size, charge, and concentration, are found to
affect the performance of OSN membranes [43–51].
Figure 5 shows MWCO curves for StarmemTM 122
in different solvents using polystyrene oligomers.
MWCO of some of the commercially available mem-
branes are summarized in Table 3. The selection of
membranes for OSN applications depends upon the
MWCO specified by the manufacturer. However, dif-
ferent methods used for evaluating MWCO of
membranes lead to inconsistencies, making the selec-
tion of a suitable membrane for a desired application
difficult. A simple and reliable method was developed
by See Toh et al. [49] to determine MWCO of OSN
membranes using a homologous series of polystyrene
oligomers spanning the NF range (200–1000 g mol�1)
and which are soluble in a wide range of solvents.

OSN membranes, with high solvent fluxes and
high retention of organic solutes, are required for
various applications. Fluxes of OSs through commer-
cial membranes are reported in the literature [29, 52–
62]. Initial flux decrease was found to be a common
phenomenon, usually attributed to membrane com-
paction, with the variation between initial and
steady-state fluxes depending upon membrane and
solvent [56]. Solvent flux through the membrane also
increases with rise in temperature driven by reduc-
tions in viscosity of solvents, increase in solvent
diffusion coefficients [62], or by increases in polymer
chain mobility [63, 64]. The nature of the membrane
(hydrophilic or hydrophobic), physical properties of
solvents, such as dipole moment, dielectric constant,
and solubility parameter, affect membrane–solvent
interaction, which in turn affects solvent flux [57, 65].
2.05.3.2 Swelling

Polymer swelling plays an important role in flux and
rejection of some OSN membranes [65–67]. Ho and
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Sirkar [68] developed a method to quantify swelling of

polymeric membranes, based on weight difference

between dry and solvent-impregnated polymer sam-

ples. Swelling experiments were carried out on PDMS,

and on hydroxylated PDMS films and blocks, by

immersing them in test solutions. Samples were

removed at different time intervals, excess solvent

was wiped out, and weight was measured [69–71].

Swelling of PDMS approached 205% in hexane–

solute systems [69]. Transport in PDMS is strongly

influenced by swelling, and viscosity of solvent also

plays a role under certain conditions [70]. Geens et al.

[72] observed significant swelling with a range of sol-

vents. Piccinini et al. [73] described an alternative, and

relatively complex, technique in which a quartz spring

microbalance was used to simultaneously measure

solubility, diffusion coefficient, and swelling for a sol-

vent/polymer combination of acetonitrile/

polyetherurethane. Tarleton et al. [74, 75] described a

new apparatus for in situ determination of membrane

swelling, comprising a linear inductive probe and elec-

tronic column gauge with an overall resolution of

0.1mm. It was used in two configurations to assess the

swelling propensity of PAN/PDMS NF membranes in

a range of alkane, aromatic, and alcohol solvents. The

extent of swelling was closely related to the value of

the mixture solubility parameter (�mixture), where a
higher value of �mixture led to less swelling [74]. The
inductive probe method was also used to measure the
swelling of seven PAN/PDMS composite NF mem-
branes in a range of alkane, aromatic, and alcohol
solvents [75]. PDMS membranes with thickness
between 1 and 10mm were prepared and were cross-
linked by radiation and/or thermal treatments. The
tested membranes exhibited a range of swelling depen-
dent on the degree of cross-linking, the initial PDMS
layer thickness, and the type of solvent. With no
applied pressure, the PDMS layer on some radiation
cross-linked membranes swelled by as much as
�170% of the initial thickness, while other mem-
branes were restricted to a maximum swelling of
�80%. When a pressure of up to 2000 kPa was applied
to a membrane, then swelling could be reduced to
�20% of the value obtained at zero applied pressure.
However, results of the swelling experiments could
not be correlated with NF performance of membranes
in terms of solvent flux and solute rejection [75].
2.05.3.3 SEM and Atomic Force Microscopy

Polymer membranes, with an asymmetric pore dis-
tribution in their cross section, represent the most
common type of membrane structures used today.
Their characteristic feature is the presence of a



Table 3 MWCO data for some of the commercially available membranes

MWCO
( g mol�1)

Reported rejection (%)
of solute

Solute (molecular
weight, g mol�1) Solvent Nature Ref.

MPF-60 400 Sudan IV (384) Acetone Hydrophobic

MPF-50 700 Sudan IV (384) Ethyl acetate Hydrophobic [27]
MPF-44 250 Glucose (180) Water Hydrophilic

MPF-U20S 2000 - - -

StarmemTM 120 200 n-Alkanes Toluene Hydrophobic

StarmemTM 122 220 n-Alkanes Toluene Hydrophobic [24]

StarmemTM 228 280 n-Alkanes Toluene Hydrophobic

StarmemTM 240 400 n-Alkanes Toluene Hydrophobic
NF030505 - - - - -

SolSep-169 880 91 Erythrosine B (880) Acetone - [52]

65 Victoria blue (506) Ethyl acetate -
SolSep-3360 880 92 Erythrosine B Ethanol - [29]

HITK-T1 220 99 Victoria blue (506) Methanol - [53]
220 97 Erythrosine B (880) Acetone -

Desal-5 - 99 Sucrose (342) - - [54]

Desal-5-DK - 99 Sucrose (342) - -

Membrane YK 43 Sudan IV (384) Hexane
[55]

86 Sudan IV (384) Methanol

DuraMemTM 250–1200 (tunable) Polystyrene oligomers DMF Hydrophobic [24]
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Figure 6 Morphological changes with polymer

concentration of polyimide (PI) membranes: (a) cross

section 2000�; (b) top layer 400 000�; (c) middle section
100 000�. Reproduced with permission from See Toh, Y.

H., Ferreira, F. C., Livingston, A. G. J. Membr. Sci. 2007,

299, 236–250.

Nanofiltration Operations in Nonaqueous Systems 101
thin, tighter top layer (skin) and a porous sublayer
with large through pores, which minimizes the mass
transfer resistance of membranes. Asymmetric mem-
branes can have either a nonporous or a porous skin.
The latter membranes can be used as supports for
composite diffusion membranes, or as independent
porous films in various pressure-driven processes
(RO, MF, UF, and NF). Separation characteristics
and physical properties vary across membranes and
depend upon the membrane morphology.
Examination of SEM pictures provides reliable infor-
mation on membrane morphology and confirms the
formation of asymmetric structures during phase-
inversion process [76–80].

The skin layer generated after a prolonged eva-
poration period shows a dramatically different
structure compared to that obtained after shorter
evaporation times. The cross section of membrane
prepared from the shorter evaporation time favors
the formation of a sponge-like structure containing
macrovoids, while that prepared with longer eva-
poration time showed sponge-like structure [77–
80]. Pinnau and Koros [77] proposed a mechanism
for the formation of surface skin layers during asym-
metric membrane formation by dry/wet phase
inversion. They suggested that the outermost region
of the asymmetric membrane undergoes a phase
separation by spinodal decomposition during the
initial stages of the evaporation process, and that
the evaporation step, prior to immersion in the non-
solvent, strongly influences the surface skin-layer
thickness and is necessary to assure the formation of
the defect-free skin. See Toh et al. [81] reported no
apparent increase of separation-layer thickness with
increasing evaporation time or polymer concentra-
tion (Figures 6 and 7). The presence of macrovoids
was observed at low polymer concentration. The
effect of thermal annealing and the differences
observed in membrane morphology before and after
OSN filtration were reported [81].

SEM images of the MPF-50 membrane showed
vague, pore-like features with diameters of 2–3 mm
(Figures 8(b) and 8(d)) [70]. SEM images under
more surface-sensitive conditions did not show
pore-like features at the same magnification;
instead, a relatively uniform surface was observed.
Local damage to the surface suggested the presence
of a thin surface layer (Figures 8(a) and 8(c)).
SEM pictures recorded at higher magnification
(Figure 8(e)) revealed crack-like features with
dimensions of a few tens of nanometers. These
cracks were assumed to be artefacts introduced to
the surface layer by the electron beam or during the

membrane preparation. The pore-like features

observed at 20 kV were probably due to subsurface

porosity of the membrane. The interpretation was

supported by micrographs of cross section, which

also showed the presence of a surface layer with a

thickness in the 100-nm range (Figure 9) [70].

Figure 10 shows cross-sectional views of the asym-

metric PI membrane used for the recovery of

solvents from lube oil filtrates [19, 21]. A membrane

free of macrovoids was prepared in order to avoid

potential weak spots in the membrane during high-

pressure operations. The thickness of the skin layer

on the membrane surface was reported to be less

than 0.2 mm [21].
Atomic force microscopy (AFM) probes the sur-

face of a sample with a sharp tip, located at the free

end of a cantilever [82, 83]. AFM provides informa-

tion about surface roughness, hydrophilicity, and

hydrophobicity of membranes [84, 85]. It has also

been used to study the roughness of polymeric

[86–88] and ceramic membranes [89, 90]. For UF

and MF membranes, AFM was also used to study the



(a) (b) (c)

Figure 7 Morphological changes with evaporation time of

PI membranes: (a) cross section 2000�; (b) top layer
400 000�; (c) middle section 100 000�. Reproduced with

permission from See Toh, Y. H., Ferreira, F. C., Livingston,

A. G. J. Membr. Sci. 2007, 299, 236–250.
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size and the shape of pores on the surface [87, 88].

The pore size in NF and RO membranes will be

smaller when compared to UF and MF membranes;
therefore, the interpretation of pore diameters needs

great care [91, 92]. Another application of AFM in

the membrane field is the direct measurement of the

force of adhesion between a particle (such as silica or

polystyrene) and the membrane surface by immobi-
lizing the particle at the end of the cantilever. This

can be of great benefit to membrane technologists, as

it makes it possible to predict fouling without pro-

cess measurements [92]. AFM studies on composite
membranes of zeolite-filled PDMS coated on PI and

PAN supports showed that good-quality membranes

were obtained by coating PDMS on relatively

smoother PI supports than PAN [93]. AFM analysis
of OSN membranes prepared by alternating deposi-

tion of oppositely charged polyelectrolyte showed

an increase in thickness with increase in layer

growth and an increase in surface roughness with
increase in number of bilayers [94].
2.05.3.4 Pore-Size Measurement

Pore diameters of ceramic membranes were estimated
based on the dynamic method of humid air permea-
tion [95, 96]. The membranes prepared are
asymmetric; therefore, it is important to evaluate the
effective pore diameters of membranes. Brunauer,
Emmett and Teller (BET) methods, based on nitrogen
adsorption and desorption to evaluate the pore
diameters of powders, may not be adequate for the
evaluation of active pore size of asymmetric mem-
branes. The principle of measuring pore size based
on humid air permeation lies in capillary condensation
of water vapor in the fine pores at a given humidity
and blocking of air permeation through the condensed
pores [97, 98]. Pore size of silica–zirconia membranes
was estimated from perporometry [99, 100], and pure
solvent permeabilities for methanol, ethanol, and
1-propanol were measured at temperatures from 25
to 60� �C through silica–zirconia composite mem-
branes [99]. For membranes with pore sizes as large
as 70 nm, the permeation mechanism of alcohols
followed the viscous flow mechanism irrespective of
types of alcohols. Permeation mechanism through
porous silica–zirconia membranes with pore diameters
of 1–5 nm was found to be different from the viscous
flow mechanism; the flow is dependent on the size of
molecules [99]. NF experiments were carried out on
porous silica–zirconia membranes with various aver-
age pore sizes in a range of 1–4 nm, measured by
perporometry [100]. MWCO of these membranes
was found to be 300, 600, 1000, and >1000 g mol�1

in ethanol and methanol [100]. Another widely used
technique for measurement of pore size in UF is liquid
displacement, which may also be useful to estimate
pore size in OSN membranes [101–103].
2.05.3.5 Positron Annihilation Lifetime
Spectroscopy, X-Ray Photoelectron
Spectroscopy, Contact Angle, Surface
Charge, and Surface Tension

Some of the other useful techniques to characterize
membranes are described briefly. Positron annihila-
tion lifetime spectroscopy (PALS) enables the
characterization of the free volume in polymers and
was used to determine the pore size in NF mem-
branes. PALS was successfully used to characterize
the pore size in the top layer of TFC membranes and
used to explain the flux-enhancement mechanism
[104]. This technique was also used to measure the
size of pores in PV [105] and gas separation [106]
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Figure 8 Field emission gun-scanning electron microscopy (FEG-SEM) images of the surface of the MPF-50 membrane.
Images at 5 kV (left; images (a), (c), and (e)) and at 20 kV (right; images (b), (d), and (f)) of the same region are compared.

Original magnifications were 1000� (a, b); 5000� (c, d); and 25 000� (e, f). Reproduced with permission from Vankelecom, I.

F. J., De Smet, K., Gevers, L. E. M., et al. J. Membr. Sci. 2004, 231, 99–108.
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membranes. Pore-size measurement by PALS in some
commercially available NF membranes indicated
the presence of pores with a radius of 1.25–1.55 and
3.2–3.95 Å [107]. However, no correlation was
observed between the MWCO measured with PEG
as solutes in water and pore size measured by PALS.
X-ray photoelectron spectroscopy (XPS) is a useful
technique to determine the elemental composition,
variation in chemical composition during cross-linking
of membranes [70, 104, 108, 109]. Contact angle
[72, 108, 109], surface charge [110, 111, 112], and
surface tension [72, 110] are all useful to determine
the hydrophobicity and surface charge of membranes.
2.05.4 Applications of Separation
in OSs

Membrane separation in OSs is an emerging technol-
ogy and has not yet been widely exploited. It has a
great potential as an alternative – or at least as a
complementary process in hybrid processes – for
distillations, evaporations, chromatographical
separations, crystallizations, adsorptions, or extrac-
tions. Applications have been proposed for a variety
of industries, including fine chemical and pharma-
ceutical synthesis, food and beverage, and refining.
2.05.4.1 Fine Chemical and Pharmaceutical
Synthesis

The separation of reaction products from catalysts is
a recurrent problem in homogeneous catalysis. The
major drawback of the common separation techni-
ques applied in homogeneous catalysis is the
extensive (and usually destructive) nature of the
postreaction workups required. OSN membranes,
being selective between high MW catalysts (>450 g
mol�1) and reaction products, are able to perform
this separation. Recycling off-the-shelf homogeneous
catalysts was described in a 1993 patent assigned to
Membrane Products Kiryat Weitzman, and 4 years
later in a Union Carbide patent describing Rh cata-
lyst retained by an MPF-50 membrane during a



Figure 9 Field emission gun-scanning electron
microscopy (FEG-SEM) images at 5 kV of the cross section

of the MPF-50 membrane, zooming in (top to bottom) on

details of the surface region. An apparent surface layer is

indicated with arrows. Original magnifications were 1000�
(top); 5000� (middle); and 25 000� (bottom). Reproduced

with permission from Vankelecom, I. F. J., De Smet, K.,

Gevers, L. E. M., et al. J. Membr. Sci. 2004, 231, 99–108.
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hydroformylation process in butyraldehyde and acet-
one with observed rejection of 99% and 93%,
respectively [2]. A 2001 study of OSN-coupled reac-
tions with nonenlarged catalysts describes how
Figure 10 Cross-section scanning electron microscopy views
magnification of the active separation layer. The membrane was

the backing removed. The active surface layer is on the right. Re

Membr. Sci. 2000, 179, 267–274.
Ru-BINAP and Rh-DuPhos catalysts were retained

by MPF-50 membranes in methanol for more than

97% [2]. Another extensive study was presented

by Scarpello et al. [113] who investigated the rejec-

tion of Wilkinson catalyst, Jacobsen catalyst, and

Pd–BINAP catalyst by a range of StarmemTM mem-

branes, MPF50, and Desal5 membranes in DCM,

THF, and ethyl acetate solvents. Nair et al. [114]

presented a membrane-based (StramemTM 122) pro-

cess for the separation of a PTC and a Heck reaction

transition-metal catalyst from the reaction media.

For the PTC catalyst, the process was so efficient

that rejections superior to 99% were observed for

both pre- and postreaction mixtures, and no reaction

rate decline was observed for two consecutive cata-

lyst recycles. Catalyst recovery reported in the

literature has mainly been performed using poly-

meric OSN membranes; however, some successful

applications of ceramic membranes can also be

found – but typically, low solvent fluxes were

observed [115, 116]. Apart from the catalyst metal

center, the ligands, which are often even more expen-

sive, can be recycled with OSN membranes as

described in a recent patent filled by Lyondell

Chemical Technology where the hydrophilic MPF-

44 was used to recover triphenyl phosphine from the

reaction mixture [117]. Currently, there are a large

number of studies reporting recovery and reuse of

homogeneous catalysts, a good review of which could

be found elsewhere [2].
of asymmetric polyimide membrane at 1000� and 10 000�
first washed with hexane to remove conditioning agents and

produced with permission from White, L. S., Nitsch, A. R. J.
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Another important application is the use of OSN
membranes in biocatalytic processes. Large numbers
of substrates and products of biotransformations are
poorly soluble in water, and thus the biotransforma-
tion has to be performed in OS or in biphasic
aqueous/OS systems. In many cases, the operation
of direct-contact biphasic systems is obstructed by
irreversible emulsification and/or inhibition of the
biocatalyst by the OS. A viable alternative is the use
of a membrane contactor utilizing OSN membrane,
which separates the two phases and prevents emulsi-
fication and inhibition, allowing efficient substrate
and product permeation. One such example is the
biotransformation of geraniol to R-citronellol by
baker’s yeast, performed in toluene and n-hexade-
cane, in a membrane contactor equipped with
StarmemTM 122 membrane. However, the OSN-
based contactor exhibited lower productivities
compared to a direct-contact biphasic reactor due
to limitations in the transfer rate of the substrate
through the membrane [118, 119]. A hybrid
biocatalytic/chemocatalytic process was proposed
for dynamic kinetic resolution for cases where the
catalytic conditions for resolution and racemization
are not compatible. StarmemTM122 and Durapore�,
an MF membrane (0.65 mm DVPP, Millipore, USA),
were used to separate the two reactive systems,
allowing permeation of product and substrate, while
retaining the catalysts. The racemization and resolu-
tion reactions were catalyzed by a Ru(cymene)/
amine base system and a lipase (Novozym 435)/
vinyl acetate system, respectively [120].

Synthesis of pharmaceuticals often involves mul-
tistep reactions, performed in different solvents,
while the isolation of the product also occurs in a
specific solvent. The exchange of solvents can be
problematic for many synthetic processes, especially
if a high boiling solvent is to be exchanged for a low
boiling one and/or when solvent azeotrope of ther-
mally labile products is involved. A series of works
suggests that membrane technology could be a viable
option. Sheth et al. [121] demonstrated that OSN
could be successfully applied for solvent exchange
in multistep organic synthesis of bulk drugs where
each reaction may be carried out in a different
solvent. Ethyl acetate was reduced to the level of a
low-concentration impurity in methanol using OSN
membranes MPF-50 and MPF-60 and a solute,
erythromycin, representing an active intermediate.
Livingston et al. [122] have also shown the solvent
exchange potential of StarmemTM 122 OSN
membrane, for the methanol–toluene system.
MET commercialized this solvent exchange tech-
nology as MEMSOLVEXTM and claims that
MEMSOLVEXTM achieves greater than 99%
exchange of solvents at ambient temperature, using
up to 80% less energy than distillation [24].

Similarly to membranes designed for aqueous
applications, the OSN membranes have been used
for isolation, concentration, and purification of active
pharmaceutical ingredients (APIs). Specific examples
are membrane processes applied for concentration of
antibiotics [2]; solvent recovery [123]; and fractiona-
tion and purification of APIs in membrane cascade
[124]. OSN membranes have found their place even
in specific areas such as separation of chiral mole-
cules. One successful example has been demonstrated
for enantioselective separation of a D, L phenyletha-
nol racemic mixture using OSN combined with
enantioselective inclusion–complexation. A complex
is formed with one of the enantiomers, thus leaving
the uncomplexed form of the other enantiomer in the
solvent. The latter is much smaller and will prefer-
ably permeate through an OSN membrane
(StarmemTM 122) with MWCO between the MWs
of the complexation agent and the racemate. A
decomplexation solvent is then added, dissociating
the complex and allowing permeation of the
de-complexed enantiomer. The complexing agent is
retained by the membrane and further reused in
consecutive cycles. This approach offers an alterna-
tive to distillation-combined enantioselective
inclusion complexes and opens up the enantiomer
complexation separation to nonvolatile compounds
and large-scale applications [125].
2.05.4.2 Food and Beverage

Vegetable oil production is a complex multistage
process and membranes, conceptually, can be applied
to almost all stages of oil production and purification
(Figure 11). In the conventional vegetable oil pro-
cessing, there are four major drawbacks [126]:

• High energy usage – after the oil extraction with
solvent, the oil solvent mixture is then separated
by evaporation. This requires a considerable
amount of energy and, in addition, safety pro-
blems might arise from the released explosive
vapors.

• Oil losses – the saponification in the refining step
traps a considerable amount of oil.

• Resources – large amounts of water and chemicals
are used.
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• Effluents – heavily contaminated effluents are
produced.

The use of solvent-resistant membranes in the vege-
table oil industry would allow (Figure 11):
minimization of thermal damage, solvent recycle,
lower emissions, lower energy consumption, reduced
oil losses, and a decrease in bleaching earth require-
ments. It has been estimated that the introduction of
membrane technology in edible oil processing could
potentially save 15–22 trillion kilojoules per year of
energy in the United states alone, while reducing oil
losses by 75%, improving the oil quality, and mini-
mizing thermal damage [2]. Successful examples could
be found in the literature for each of the various
membrane-processing steps presented in Figure 11.
Pioch et al. [127] observed that cross-flow filtration
gives promising results for vegetable oil refining, while
a Unilever patent suggests that OSN membranes
could be quite efficient during the degumming
step [128]. The distillation step could be complemen-
ted with several membrane steps performed at
ambient temperature, thus reducing the energy
demands. An added advantage is that the degradation
of some thermolabile components of the oils will
also be reduced. Separation of corn oil from hexane
and isooctane using membranes whose top layer
comprises radiation cross-linked PDMS has been
claimed in a patent filed by GKSS-Germany [129].
High permeability (3 L m�2 h�1 bar�1) and rejection
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values of 90% have been observed. Stafie et al. [69]
reported similar rejections for sunflower oil/hexane
and permeation through a composite PDMS mem-
brane with PAN support. Raman et al. [130] and
Zwijnenberg et al. [131] suggested that OSN could be
successfully applied to the final step of the edible oil
processing – deacidification. More recent results by
Bhosle and Subramanian [132] also confirmed this
concept; however, the fluxes are too low for industrial
applications.

Other promising applications of the OSN mem-
branes in the food industry are for concentration,
fractionation, and purification of high-value natural
products. Such examples are the membrane processes
proposed for purification and recovery of carotenoids
from palm oil [133] and xanthophylls from corn
[134], both valuable natural nutraceutical products.
2.05.4.3 Refining

The refining industry is both energy and separations
intensive, suggesting that application of large-scale
membrane systems can provide significant benefits
[2]. Starting in the 1980s and 1990s, oil majors
(Exxon [8, 9], Shell [12], and Texaco [135]) began to
file patents on the use of polymeric membranes for
solvent recovery in lube oil dewaxing. They used
existing commercial (aqueous) membranes, or made
their own. Finally in 2000, White and Nitsch [21]
showed that the commercial polymer, known as
Matrimid 5218, can be used to form asymmetric NF
Coolant

Feed chilling
section

Solvent from
recoveries

Waxy feed
to filters

MAX-DEW

Permeat

Membr

Figure 12 Schematics of the MAX-DEWAXTM process. Repro

Membr. Sci. 2000, 179, 267–274.
membranes with excellent chemical stability, able to
separate light hydrocarbon solvents from lube oil fil-
trates. More specifically, in a 2-month high-pressure
continuous test, this PI membrane was able to achieve
a 99% purity chilled solvent (MEK–toluene mixture
at 263 K) recovery from lube oil filtrates with a steady
permeate rate. The energy requirements for this
membrane process are nearly 45% less than those for
the usual distillation-based lube processing. This work
led to the installation of a commercial OSN plant,
located in Mobil’s Beaumont, Texas refinery. The
process (trademarked as MAX-DEWAXTM)
(Figure 12) is able to deal with 11 500 m3 of solvent
per day. The MAX-DEWAXTM process, combined
with selected ancillary equipment upgrades, increased
base oil production by over 25 vol.% and improved
dewaxed oil yields by 3–5 vol.%. The net annual
uplift from the membrane unit is over $6 million,
making it a very attractive technology. The capital
expenditure was paid back in less than 1 year by the
increase in the net profitability of the lube dewaxing
plant. This highly successful application at large scale
clearly shows the potential for OSN to impact the
energy and chemicals sectors.

In a patent filled by British petroleum (BP), OSN
membranes have been used for deacidification of crude
oil. Crude oil and the distilled fraction thereof typically
contain organic acids, such as naphthenic acids, making
it acidic. The acid impurities may cause corrosion and
are typically removed by extraction with a polar
solvent, such as methanol. The solvent is typically
Dewaxing
filters

Retentate to
oil recovery

Slack wax mix to
wax recovery

AXTM

e Filtrate

ane unit for the cold solvent
recovery

duced with permission from White, L. S., Nitsch, A. R. J.
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recovered by distillation; however, in the patented
process, the distillation unit is replaced with an OSN
unit. The naphthenic acids are retained in the reten-
tate, while the recovered solvent appears in the
permeate stream. Commercial membranes from the
Desal (Osmonics) series designed for water applica-
tions were employed and the highest rejection
achieved for the naphthenic acids was �87% with
Desal DK [136].

There are a number of OSN membrane applica-
tions suggested for treating aromatics-containing
refinery streams. Toluene disproportionation con-
verts toluene to higher value p-xylene and benzene.
In the toluene disproportionation unit, a fraction of
the toluene recycle stream is sent to purge, to avoid
accumulation of undesirable nonaromatic hydrocar-
bons in the recycle loop. It has been shown that an
aromatics-selective membrane could provide an
Benzene,
p-xylene

Recycle stream
>90% toluene

Toluene dispro-
portionation unit Main toluene

stream 

Reformer/distillatio
tower
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Figure 13 Organic solvent nanofiltration (OSN) membrane ap

refinery streams. (a) Schematics of aromatic-selective membran
disproportionation. (b) Schematics of aromatic-selective membr

petrochemical operations. Reproduced with permission from W

9136–9143.
effective recovery (>50%) of toluene from the
purge stream and return it to the main reactor loop
(Figure 13(a)). Successful trials were demonstrated
in over 2000 h of tests with 2-inch-diameter module
from the StarmemTM series at 50 �C and 55-bar
pressure. After an initial period of membrane com-
paction, stable flux was achieved. Shorter tests were
also run with full-scale 8-inch-diameter modules on
a pilot plant. Additional refinery processes that could
benefit from this membrane separation include aro-
matic isomerization, aromatic disproportionation,
aromatic hydrogenation, aromatic alkylation, and
aromatic dealkylation [137]. Economic calculations
have shown that recovering 50% toluene from a
purge stream normally run at 160 m3 d�1 (1 000 bar-
rels d�1) at a differential cost of $0.053 l�1 of toluene
would result in $1.5 million yr�1 (US dollars) in
proposed savings.
Toluene
enriched

Nonaromatics
enriched

Purge
stream

Membrane
unit

n

Aromatics enriched

plications suggested for treating aromatics-containing

e unit integrated into the purge stream for toluene
ane unit combined with reforming/distillation in

hite, L. S., Wildemuth, C. R. Ind. Eng. Chem. Res. 2006, 45,
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Aromatic selective membrane units could be
placed prior to reforming or distillation units in refi-
neries [137]. In reforming, a hydrocarbon stream is
upgraded in aromatics content, improving octane
value, and generating hydrogen as a useful by-
product. The aromatics content present in existing
naphtha streams also goes through the reformer, so a
membrane separation could divert the aromatics
stream around the reformer (Figure 13(b)). This
would allow for capacity increase with the reformer
unit. Similar membrane schemes combined with dis-
tillation can also be developed.

Other OSN membrane applications that have also
been emphasized are the separation of petroleum
fractions, recovery of components from petroleum
streams or fuel upgrading. Ohya et al. [138] prepared
a series of asymmetric PI membranes, and using ones
with a MWCO of 170 g mol�1 succeeded in separating
gasoline–kerosine mixtures, with a separating factor
(for gasoline/kerosene) of 19.5 and a 40 kg m�2 day�1

flux at 423 K and 10 MPa. Separations of light gas-oil
from crude oil and kerosene from lower MW mixtures
were also possible with membranes presenting 380 and
270 g mol�1 MWCO, respectively.
2.05.5 Conclusions

From the above discussion, it can be seen that OSN
offers the potential to shift the dominant paradigm
for separations from distillation to membrane proces-
sing, in the same manner that RO has displaced
multiple-effect evaporation for desalination. New
membranes, better understanding of transport and
fouling processes, and further successful applications
will lead this paradigm shift.
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Glossary
Diafiltration A process of adding a new buffer to

an ultrafiltration system to wash out the old buffer

and small permeable solutes and replace them with

the new buffer.

Flux A measure of membrane productivity

calculated as the volumetric flow through a

membrane per unit of membrane area.

Fouling Solute adsorption and entrapment within

a membrane that can affect the flux and retention

properties. A chemical cleaning treatment is

needed to remove.

Hydrophobic A characteristic of being water

repellant and easily fouled by adsorbing solutes.
Permeability A measure of membrane resistance

to flow, calculated as the flux per unit pressure

differential across a membrane.

Permeate A fluid stream passing through the

membrane in a normal or perpendicular direction to

the membrane surface.

Polarization The accumulation of retained solutes

at and above the membrane surface that can affect

membrane flux and retention properties.

Retentate A fluid stream passing across the

membrane in a tangential direction to the

membrane surface.
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Sieving coefficient or passage The ratio of solute

concentrations in the permeate to that in the feed or

at the membrane surface.
Ultrafiltration The use of cast membrane filters to

retain 10–1000 Å diameter solutes.
2.06.1 General

Ultrafiltration processing (also commonly called ultra-
filtration (UF) or ultrafiltration/diafiltration (UF/
DF)) employs pressure-driving forces of 0.2–1.0 MPa
to drive liquid solvents (primarily water) and small
solutes through membranes. UF membranes have
retention ratings of 1–5000 K and can retain solutes
of 10–1000 Å in diameter (roughly 300–1000 KDa)
such as colloids, large molecules, and nanoparticles.
UF membranes retain smaller solutes than microfiltra-
tion (MF) membranes and larger solutes than reverse
osmosis membranes. Most commercial operations are
run as tangential flow filtration (TFF) but dilute solu-
tions such as water treatment or small-scale sample
preparation are run as normal flow filtration (NFF).
Virus-retaining filters, sometimes referred to as nano-
filters, are on the most open end of UF and can be run
as NFF or TFF.

The first large commercial application of UF was
paint recycling, followed by dairy whey recovery in
the mid-1970s. Applications can be described as clar-
ification of a permeate product (e.g., water
purification), concentration of a retentate product
(e.g., paint, dairy, and pharmaceuticals), or solute
purification (e.g., virus/protein separation and buffer
exchange). UF applications are enabled by low tem-
perature and low-cost operation, particularly with
membrane reuse. UF processes can vary significantly
between applications due to differing requirements
and relative costs.

This chapter is organized into the following sec-
tions: membranes and modules, technology
fundamentals, processing, process development,
scale-up, applications, and troubleshooting.
2.06.2 UF Membranes and Modules

2.06.2.1 Membranes

UF membranes primarily consist of polymeric struc-
tures (polyethersulfone, regenerated cellulose,
polysulfone, polyamide, polyacrylonitrile, or various
fluoropolymers) formed by immersion casting on a

web or as a composite cast on an MF membrane.
Hydrophobic polymers are surface modified to ren-

der them hydrophilic and thereby reduce fouling,
reduce product losses, and increase flux [4]. Some

inorganic UF membranes (alumina, glass, and zirco-
nia) are available but only find use in corrosive

applications due to their high cost. Physical and
chemical properties of commonly used membrane

materials are shown in Table 1. Chemical compat-
ibility is a critical basis for membrane selection.

Food and medical applications require additional
properties such as extractables, adsorption, shedding,

and United States Pharmacopeia (USP) class VI toxi-
city testing. In addition, these applications require

high consistency membranes with vendor quality
programs (e.g., international organization for standar-

dization (ISO), current good manufacturing practices
(cGMP)).

Early UF membranes had thin surface retentive
layers with an open structure underneath as shown in

Figure 1. These membranes were prone to defects
and showed poor retention and consistency. In part,

retention by these membranes would rely on large
retained components in the feed that polarize or form

a cake layer that plugs defects. Composite mem-
branes have a thin retentive layer cast on top of an

MF membrane in one piece [12]. These composites
demonstrate consistently high retention and can be

integrity tested using air diffusion in water.
UF membranes are generally described using a log

normal pore size distribution [58]. These distribu-
tions can be measured by electron microscopy,

porosimetry, or solute retention testing. UF mem-
branes are assigned a nominal molecular weight limit

(NMWL) or nominal molecular weight cutoff
(NMWCO) rating corresponding to their ability to

retain a solute of a particular molecular weight. This
is convenient for testing and rough selection but

solute retention is based on effective solute dimen-
sions and not on molecular weight. Nonspherical

solutes will orient themselves under shear so that
their major axis is parallel to the pores. Linear chain



Table 1 Ultrafiltration membrane properties

Material Advantages Disadvantages

Polyethersulfone

(PES)

Resistance to temperature, Cl2, pH, easy

fabrication

Hydrophobic

Regenerated
cellulose

Hydrophilic, low fouling Sensitive to temperature, pH, Cl2, microbial
attack, mechanical creep

Polyamide Sensitive to Cl2, microbial attack

Polyvinylidene
fluoride (PVDF)

Resistance to temperature, Cl2, easy
fabrication

Hydrophobic, coating sensitive to high pH

Inorganic Resistance to temperature, Cl2, pH, high

pressure, solvents, long life

Cost, brittleness, high cross-flow rates

4 μm 

Conventional UF Composite UF

Figure 1 Ultrafiltration membrane SEM. Courtesy Millipore Corporation.
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dextrans and DNA show a higher passage than glob-
ular proteins of the same molecular weight. The
effective solute radius can increase more than 4
times as a result of surface charge [37].

Ratings are not standardized among vendors and
depend on the marker solute selected (e.g., protein,
dextran in a particular buffer) and the level of reten-
tion selected for the marker solute (e.g., 90%).
Retention is also affected by fouling due to adsorbed
components and polarized solutes on the membrane
surface (see Section 2.06.3.2 for additional discus-
sion). A rule of thumb for selecting membrane
NMWL is to take 0.2–0.3 of the MW of the solute
that is to be retained by the membrane. This should
be taken as a rough guide to select membranes for
testing.

Solvent flow through membranes is described by
their normalized permeability, the ratio of their flux
to the average transmembrane pressure corrected to
25 �C using a solvent viscosity ratio. Parallel cylind-
rical pores of the same diameter produce a
permeability L of

LM ¼
J

�P
¼ "r 2

8�L
ð1Þ
where J is the flux or volumetric flow per unit mem-
brane area, DP is the transmembrane pressure
difference, r is the pore radius, " is the membrane
porosity, � is the fluid viscosity, and L is the mem-
brane thickness.

Figure 2 shows the trade-off between water per-
meability and pore size for several membrane
families. Tight membranes with low NMWL provide
high retention and have lower solvent permeability.
2.06.2.2 Modules

UF membranes are commonly packaged into cas-
settes, spirals, hollow fibers, tubes, flat sheets, and
inorganic monolith modules for commercial opera-
tion. Figure 3 shows some of the module types, while
Figure 4 shows the flow paths.

Hollow fibers or tubular modules are made by
potting the cast membrane fibers or tubes into end
caps and enclosing the assembly in a shell. Similar to
fibers or tubes, monoliths have their retentive layer
coated on the inside of tubular flow channels or
lumens with a high permeability porous structure
on the shell side.



Hollow fiber modules Spirals Cassettes

Figure 3 Commercial ultrafiltration modules. Courtesy Millipore Corporation.
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Membrane
sheet

Hollow, thin-walled
membrane tube

Figure 4 Ultrafiltration (UF) module flow paths. Courtesy Millipore Corporation.
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Spiral-wound modules [15] are made by assembling
a membrane packet or leaf consisting of a permeate
channel spacer sheet with two flat sheets of membranes
on either side (facing outward from the permeate
sheet). The sides of this packet are glued together,
and the top is glued to a central core collection tube
containing small holes that allow passage of permeate
from the spacer channel into the collection tube. A feed
side spacer is placed on the packet and the packet is
wound around the core to create the module. The
wound packet assembly is sometimes inserted into a
shell. Spiral modules frequently use a multileaf con-
struction where several packets are glued to the central
core before winding. This design reduces the pressure
drop associated with a long permeate path length.

Cassettes use feed and permeate spacers with one
set of precut holes for the feed/retentate and another,
smaller set of holes, for the permeate. The feed
spacer has a raised edge seal around the permeate
hole to prevent flow and the permeate spacer has a
similar seal around the feed/retentate hole. Similar to
spiral assembly, membrane packets are sealed
together around their edges, assembled into a stack,
and the stack sealed together around the edges.

For fibers or tubular modules, the feed is generally
introduced into the inside of the tubes, or lumen,
while permeate is withdrawn from the shell side.
This flow orientation enhances the shear at the mem-
brane surface for TFF operation. These modules
may also be run at high conversion or NFF mode
with the feed introduced on the outside of the tubes
or shell side. In this case, the shell side offers more
surface area.
Table 2 Commercial ultrafiltration module performanc

Spiral

Screens/spacers Yes

Typical # in series 1–2

Packing density (m2l�1) 0.8

Feed flow (l m�1h�1) 700–5000
�P Bar/module 0.4–1.0

Channel height (mm) 0.3–1.0

Plugging sensitivity High

Working volume (l m�2) 1
Holdup volume (l m�2) 0.03

Module cost ($ m�2) 40–200

Ruggedness Moderate

Module areas (m2) 0.1–35
Membrane types RO–UF

Relative mass transfer efficiency 6

Ease of use Moderate
Scalability Fair
Additional modules include stirred cell and high
shear devices. Stirred cells use a flat disk with a stir
bar for small-scale studies where the velocity profiles
have been well defined [40]. High-shear devices
include surfaces that vibrate or rotate relative to the
membrane to induce a high shear field at the mem-
brane surface [6, 16, 51, 55]. These devices are useful
for very viscous and high solids applications requir-
ing further dewatering but are limited in their ability
to be scaled up.

Module performance properties of interest
include mechanical robustness, sealing, flow distri-
bution (low pressure drops, high TFF membrane
shear, low dead volumes, and low sensitivity to
feed channel plugging), cleanability for reuse, che-
mical robustness, low extractables, low cost, ease-
of-assembly, scalability, high product recovery,
high integrity, and high consistency. The impor-
tance of these attributes varies considerably among
applications.

Table 2 shows some of the performance proper-
ties of the different module types. Modular fibers and
tubular membranes are inexpensive with low pump-
ing costs and insensitivity to plugging for
applications in water purification and juice clarifica-
tion. Spirals are inexpensive with relatively low
pumping costs for dairy applications. Cassettes are
relatively more expensive with higher pumping costs.
However, they have higher fluxes, lower pump flow
rates, and reproduceable scaling for pharmaceutical
applications with expensive fragile protein products
(see Section 2.06.7 for further discussion of module
selection).
e

Fiber Cassette

No Yes/no

1–2 1–2

1.0–6.0 0.5

500–18 000 400
0.1–0.4 0.7–3.5

0.2–3.0 0.3–1.0

Moderate High

0.5 0.4
0.03 0.02

200–900 500–1000

Low–moderate High

0.001–5.0 0.05–2.5
RO–UF–MF UF–MF

4 10

High Moderate
Moderate Good
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2.06.3 UF Technology Fundamentals

UF is typically operated in TFF mode as shown in
Figure 5, where the membrane is represented by the
cross-hatched region. TFF involves passing a perme-
ate fluid through the membrane (with a flow vector
perpendicular or normal to the membrane) and pas-
sing fluid across the membrane surface (with a flow
vector tangent to the membrane surface).
2.06.3.1 Surface Polarization

Solutes entrained by the permeate normal flow are
retained by the membrane and accumulate on the
membrane surface to form a region of high concen-
tration called the polarization boundary layer. While
this region is also sometimes referred to as the gel
layer, one must be careful to distinguish between
reversibly held polarized solutes and bound fouling
layers deposited on the membrane. A steady state is
reached relatively quickly where Brownian diffusion
helps the retained solute migrate away from the
membrane surface, while tangential convective flow
carries solutes along the membrane surface and nor-
mal convective flow carries it toward the membrane.
The back transport leading to steady-state operation
gives TFF a high capacity. The elevated membrane
surface concentration is called Cwall (as visualized by
Vilker et al. [53] and McDonough et al. [27]).
Neglecting tangential convection allows a one-
dimensional (1D) mass balance derivation of the sin-
gle solute, polarization equation [3], where k is
defined as the mass transfer coefficient (ratio of
Brownian diffusivity D to the boundary layer
thickness �):

Polarization Cwall –Cperm ¼ ðCbulk –CpermÞ ? expðJ=kÞ ð2Þ

The mass transfer coefficient k and the boundary
layer thickness are dependent on the tangential
flow. At high flux rates, the wall concentration of a
fully retained solute can significantly exceed the bulk
Regions

Bulk solution

Polarization
boundary

layer

Permeate

Flow vectors

Tangential flow

Concentrations

Cbulk

Cwall

δ

Cperm

Permeate
normal flow

Figure 5 Tangential flow filtration.
concentration by up to 100-fold. This may impact
solute aggregation and membrane fouling. Protein
mass held up in a polarization layer can be on the
order of 1.5 g m�2 depending on concentrations, mass
transfer, and flux.
2.06.3.2 Retention

The intrinsic membrane passage or sieving coefficient
is defined as Si¼ (Cperm/Cwall), while intrinsic mem-
brane retention or rejection is defined as Ri¼ 1 – Si .
The intrinsic passage is inherent to the membrane and
solute, while an observed passage as So¼ (Cperm/Cbulk)
varies with polarization. Equation (2) is rearranged to
show that the observed passage depends on the intrinsic
passage and polarization:

Observed passage So ¼
1

1þ 1

Si

– 1

� �
? expð – J=kÞ

ð3Þ

Intrinsic and observed passages are equivalent at low
flux; at high flux, the wall concentration can increase
significantly as a result of polarization. This causes
the observed passage to increase and approach 100%,
regardless of the intrinsic passage. Rearranging
Equation (3) allows one to plot single-solute passage
data versus flux to determine the intrinsic passage
and mass transfer coefficient from a linear fit.

The intrinsic passage characteristics of a UF
membrane can be characterized by using a polydis-
perse nonadsorbing solute such as the linear
chain dextran [44] shown in Figure 6. Models of
transport in membranes are reviewed by Deen and
Dedchadilok (see, e.g., References 8 and 9).

For multicomponent systems, van der Waals
interactions occur in the polarization layer and not
in the membrane pores. Individual intrinsic solute
sieving coefficients can be used [57, 39]. The pre-
sence of a large solute that polarizes more on the
membrane surface will lower the wall concentration
of smaller solutes and lower their passage.
2.06.3.3 Flux

An empirical gel flux model for retained solutes is
obtained from Equation (2) by taking Cperm¼ 0 and
setting Cg (or gel concentration)¼Cwall to get
Equation (4). Cheryan [5] has compiled Cg values
for a variety of fluids:

Gel flux model J ¼ k lnðCg=CbulkÞ ð4Þ
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The gel model indicates that the flux is indepen-
dent of the pressures applied across the
membrane or the membrane permeability.
Figure 7 shows that Equation (4) can provide a
good fit to data over a range of concentrations but
break down at lower concentrations where the
flux is determined by membrane permeability in
buffer. Despite the gel name, solutes at a Cg con-
centration obtained from such plots do not
literally correspond to a separate gel phase. The
mass transfer coefficient k is dependent on the
tangential flow velocity and the solute type.
Both the transfer coefficient and the gel concen-
tration increase with temperature.
Figure 8 shows typical flux versus TMP curves
corresponding to just the membrane in buffer
(Cwall¼ 0), fouled membrane in buffer (Cwall¼ 0),
and fouled membrane in a solute solution. For a
module where the feed pressure varies along the
feed channel, the TMP is calculated as an average:
TMP¼ (Pfeedþ Pretentate)/2 – Ppermeate. The slope of
the buffer curve is the membrane permeability. The
fouled membrane in buffer is determined after
removing the reversible polarization layer through a
buffer flush. The slope of the fouled membrane curve
in buffer is the fouled membrane permeability. The
presence of adsorbed or entrapped species on the
membrane lowers its permeability.
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The flux behavior of a fouled membrane in a
solute solution shows a low flux/low TMP section

called the linear region that is dependent on TMP

but independent of cross flow and bulk concentra-

tion. A high flux/high TMP section is called the

polarized region. The polarized region is where the

gel model can be applied and where flux is indepen-

dent of TMP but dependent on cross flow and bulk

concentration. It is extremely counterintuitive that

flux is independent of pressure differences across the

membrane but is dependent on flow (and as a result,

pressure differences) parallel to the membrane sur-

face. This peculiar result is the consequence of

surface polarization (Cwall 6¼ 0). In between the linear

and polarized regions lies the knee of the flux curve.
The effect of high solute wall concentrations in the

polarized region on solute flux can be explained by

osmotic pressure. Retained antibody protein at a wall

concentration of 191 g l�1 has an osmotic pressure � of

2 bar [32]. That is, an elevated pressure of 2 bar must be

applied to the protein-rich retentate side of a water-

permeable membrane containing 191 g l�1 of antibody

in order to prevent water back flow from the permeate

side of the membrane containing water at 0 bar. An

increase in TMP causes an increase in wall concentra-

tion and osmotic pressure that results in no change in net

driving force for solvent flow through the membrane.
The osmotic flux model shown in Equation (5) is

based on this mechanistic picture of the net pressure

driving force [52]. In Equation (5), s0 is the osmotic

reflection coefficient [43], �� is the difference in osmo-

tic pressures between the wall concentration on the

upstream side and the permeate concentration on the

downstream side, and Lfouled is the fouled membrane

permeability in the solvent. Equation (5) requires a mass
transfer coefficient k to calculate Cwall and a relation
between protein concentration and osmotic pressure:

Osmotic flux model J ¼ Lfouled TMP – �0 ? �� Cwallð Þ½ �
ð5Þ

One can also write a resistance-based flux model by
omitting the osmotic term and adding a compressible
polarization resistance term in the denominator [5].
This resistance model does not explain the existence
of experimentally seen backward flow when the
TMP is shut off.
2.06.3.4 Mass Transfer Coefficients

Mass transfer coefficients for a solute and Newtonian
solvent in various modules and flow regimes can be
correlated by Equation (6) with values for the con-
stants in Table 3:

Sh ¼ aRebSccðdh=LÞe ð6Þ

for Sh¼ kD/dh; Re¼ �udh/� (tube, slit); Re¼ �!d2/�
(stirred cell diameter d), or Re¼ 2�!Rd/� (rotating
cylinder inner radius R and gap diameter d) and
Sc¼�/�D.

Equation (4) indicates that flux depends on the
mass transfer coefficient. Increasing the mass transfer
coefficient can be accomplished by (1) increasing the
shear rate at the wall through higher tangential flow
velocities, smaller channel heights, or mechanically
moving the membrane by spinning or vibration; (2)
altering the geometry of the feed channel to increase
turbulent mixing in the normal direction using feed
channel screens or curving channels to introduce
Dean or Taylor vortices; (3) introducing pulsatile
flow in the feed channel or periodic bursts of gas



Table 3 Mass transfer correlations

Geometry Flow a b c e Comments

Tube Laminar 1.62 0.33 0.33 0.33 Theoretical [22]

Slit Laminar 1.86 0.33 0.33 0.33 Theoretical [22]

Turbulent 0.023 0.80 0.33 NA Theoretical [14]
Turbulent 0.023 0.875 0.25 NA Theoretical [10]

Spacer NA 0.664 0.50 0.33 0.50 Experimental [7]

Stirred cell Laminar 0.23 0.567 0.33 NA Experimental [42]
Rotating Laminar 0.75 0.50 0.33 0.42 Experimental [18]

NA, not available.
For a spacer geometry with channel height h, porosity ", and specific surface area s, the hydraulic diameter is given by
dh¼4"/[2/hþ (1�")s]. See also DaCosta [7] for an additional correction kdo.
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bubbles; (4) introducing body forces (centrifugal,
gravitational, or electromagnetic) to augment trans-
port away from the membrane; (5) introducing large
particles in the feed (e.g., >0.5 mm polyvinyl chloride
(PVC) latex beads) that disrupt boundary layers and
cause shear-induced diffusion; and (6) introducing
periodic back flushing with reversed permeate
flows. These methods alter the simple picture
shown in Figure 5 but one can still define an average
mass transfer coefficient (e.g., see Schwinge et al. [41]
for variations in k along a screened channel).
2.06.3.5 Fouling

Fouling refers to the reduction in pure solvent per-
meability caused by solute adsorption and
entrapment on the membrane. It is reversed by clean-
ing but not by back flushing or changing hydraulic
operating conditions such as polarization. As seen in
Figure 8, severe fouling can shift the knee to higher
pressures. For extreme fouling, one may have to
operate in the linear region where the fouled perme-
ability dominates the flux. Fouling may also be
progressive and cause a steady decline in flux over
time. Fouling can also change membrane retention
properties.

Membrane chemistry and surface treatment are
designed to minimize the intermolecular forces gov-
erning adsorption by making surfaces very
hydrophilic for water-solvent applications.
Membrane surface roughness can impact the entrap-
ment of solutes on the surface. Long-chain solutes
such as DNA align with the flow field and can
become entrapped in pores larger than their minor
axis. In addition, one can operate above a critical flux
where the polarizing layer continues to grow because
solutes are convected to the membrane faster than
they can back transport away. For sticky solutes, this
polarizing layer can form a fouling cake that is not
reversible by a change in operating conditions.

These mechanisms suggest that one can alter solu-
tion and membrane chemistries to reduce adsorption,
use a smaller pore membrane to prevent solute entrap-
ment, and run at less polarizing conditions (i.e., lower
TMP, more dilute solute concentrations, and higher
mass transfer coefficients) to reduce caking. The sug-
gestions outlined above under mass transfer
coefficients may be applicable for sticky cakes. In
addition, the use of a body feed may be helpful.

For UF run in normal flow mode such as virus or
water purification filters, the tight skin side of the
membrane may not be facing the feed stream and
fouling solutes can enter the membrane and become
trapped. There are a variety of models for filter
plugging in the normal flow mode [56]. Prefiltration
or other purification methods can be tried to remove
plugging species.
2.06.4 UF Processing

2.06.4.1 Process Configurations

Basic membrane process configurations shown in
Figure 9 include single-pass, batch, fed-batch, and
continuous. Dilute clarification applications use a
single-pass configuration, concentration applications
can use any configuration, and purification applica-
tions use batch or continuous configurations.
Regulatory requirements currently limit pharmaceu-
tical applications to batch processing.
2.06.4.2 Single-Pass Operation

A single-pass configuration is used for an NFF sys-
tem operation (no retentate) or dilute with
assemblies of TFF modules run in an NFF mode
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(retentate closed). Component concentrations

change along the length of the retentate channel.

For nondilute streams, a single pass through a mod-

ule may be insufficient to generate either the desired

permeate flow or a concentrated retentate.
Steady-state component and solvent mass bal-

ances can be written for single-pass operation by

considering an incremental area element, dA, in the

axial or flow direction for a feed channel, module, or

membrane assembly of constant width. For a volu-

metric cross flow Q in the feed channel, component i

with concentration ci and observed solute passage Si is

dðci Q Þ
dA

¼ ci

dQ

dA
þ Q

dci

dA
¼ – Jci Si ð6aÞ

and

dQ

dA
¼ – J ð6bÞ

Combining these equations and integrating yields

ci ¼ ci0X ð1–Si Þ for a volume reduction factor
X¼Q/Qo. This allows one to determine either final
concentrations from cross-flow rates or the reverse.
For a fully retained product (Si¼ 0), a 10-fold
volume reduction (X¼ 10) produces a 10-fold more
concentrated product. However, if the product is
only partially retained, the volume reduction does
not proportionately increase the final concentration
due to losses through the membrane.
The area required for processing is

A ¼ ðQo –Q Þ= �J , where Qo�Q is the permeate volu-

metric flow. The Cheryan flux approximation [5]
�J � 0:33Jinitial þ 0:67Jfinal is useful. In addition, one

needs an appropriate flux model relating flux to cross
flow, concentration, and pressure, and a hydraulic

model showing how retentate pressure profiles vary

with flow for spacer-filled channels.
2.06.4.3 Batch and Fed-Batch
Concentration

Batch operation involves recycling the retentate to
the feed tank to create a multipass flow of the feed

through the module. The compositions in batch sys-

tems change over time. Recycling is necessary for
nondilute streams to generate either the desired

permeate flow or a concentrated retentate.
Multipass operation increases residence times and

pump passes that may degrade retentate components.

For systems requiring high pressures to generate
permeate flow, it is useful to run the entire system

at high pressure to save energy.
An unsteady-state component mass balance

(Equation (7a)) can be written for batch operation
by assuming a uniform average retentate concentra-

tion ci within the system. Assuming a constant solvent
concentration and 100% passage,
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dðci V Þ
dt

¼ – JAci Soi ð7aÞ

dV

dt
¼ – JA ð7bÞ

where Equation (7b) represents the solvent balance.
Dividing Equation (7a) by Equation (7b) and inte-
grating yields the relationship in Table 4 between
the retentate concentration, the volume reduction
factor X¼ (initial retentate volume)/(final retentate
volume), and the observed component passage Si. For
a fully retained product (Si¼ 0), a 10-fold volume
reduction (X¼ 10) produces a 10-fold more concen-
trated product. However, if the product is only
partially retained, the volume reduction does not
proportionately increase the final concentration due
to losses through the membrane. The component
mass in the retentate is obtained as the product of
the retentate concentration and retentate volume as
shown in Table 4.

TFF systems have a maximum volume reduction
capability, typically about 40�. This arises because

tanks must be large enough to hold the batch volume

while allowing operation at a minimum working

volume. The minimum working volume may be lim-

ited by air entrainment into the feed pump, mixing in

the feed tank, or level measurement capabilities. Fed-

batch operation extends the volume reduction cap-

ability to 100� and provides some flexibility in

processing a variety of batch volumes in a single

skid. For a fed-batch operation, the retentate is

returned to a smaller tank, not the large feed tank.
Table 4 Batch and fed-batch performance equations

Batch concentration and diaf

Retentate concentration ci ¼ ci0Xð1–SiÞe–SiN

Retentate mass Mi ¼ Mi0e–Si ½Nþln ðXÞ�

Sizing A ¼ Vo

t

1 – 1=X
�Jconc

þ N=X
�JDiaf

� �

Comments � Simplest system and contro

� Smaller area or process time

� Limited to X < 40

X, initial volume/final volume; N, buffer volume added/retentate volume
Feed is added to the small retentate tank as permeate

is withdrawn so the system volume remains constant.

The smaller retentate tank can allow a smaller work-

ing volume without entrainment. One could make

the retentate tank a section of the pipe or bypass line

that returns the retentate directly into the pump feed.

Fluid from the feed tank is added slowly into this

recirculation loop. This allows a holdup volume con-

sisting of just the recirculation loop. This

configuration can be problematic to flush, vent, and

drain leading to cleaning and product recovery

issues.
Equation (8) is the unsteady-state component

mass balance for fed-batch concentration at constant

retentate volume VR. Integration gives the equations

for concentration and yield in Table 4:

VR
dci

dt
¼ JAci0 – JAci Si ð8Þ

Retentate concentration over the course of the process
is shown in Figure 10 for a fully retentive product
(Si¼ 0) as C/C0¼ 1þ r(1� 1/X) with tank ratio
r ¼Vo/VR, feed concentration C0, and feed volume
Vo. Fed-batch retentate concentrations exceed the
batch concentrations until the curves intersect and
any further concentration would proceed in batch
mode. The benefits sought from higher concentrations
can lead to other problems such as reduced fluxes,
larger area and pumps, possible denaturation, and
extra lines that may have issues with cleaning and
product recovery. This has not only caused significant
commissioning and validation delays but also led to the
iltration Fed-batch concentration

ci ¼
ci0

Si
½1–ð1–SiÞe–Sirð1–1=XÞ�

Mi ¼
Mi0

Si
½1–ð1–SiÞe–Sirð1–1=XÞ�

A ¼ Vo

t

1 – 1=X
�Jconc

� �

l scheme � Required for 40 < X

� Minimize fed-batch ratio (total Vo/recycle

tank V) to minimize area

� Can require larger area and time � Limited to
X < 100�

� Test process performance using proposed

fed-batch ratio

� r¼batch volume/retentate tank
volume¼Vo/VR

.
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scrapping of a process skid as unworkable. The number
of pump passes will also be higher, leading to more
potential solute degradation. Fed batch and bypass
should be used only when necessary.
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Figure 11 Batch diafiltration.
2.06.4.4 Batch DF

An operating mode known as constant volume DF
involves adding a new buffer to the system while
withdrawing permeate at the same rate. Equation
(9) shows the component mass balance for constant
retentate volume VR:

VR
dci

dt
¼ – JAci Si ð9Þ

Equation (9) is readily integrated and shown in
Table 4 in terms of retentate concentration and dia-
volumes N¼ (buffer volumes added)/(fixed retentate
volume). Figure 11 shows a washout curve for
different membrane-passage characteristics and a
starting solute concentration of 100 000 ppm. For a
fully passing solute (So¼ 1) such as a buffer, the
retentate concentration decays 10-fold with each
ln(10)� 2.3 diavolumes. Partially retained solutes
do not decay as quickly and require more diavo-
lumes to reach a final concentration target. A fully
retained solute (S¼ 0) maintains its retentate con-
centration constant at the initial value. For fully
passing solutes, >4.5 diavolumes are needed to
achieve a specification of <1% of the original
buffer components. Incomplete mixing (due to
dead legs and liquid droplets on tank walls)
becomes significant at high diavolumes and causes
the curves in Figure 11 to flatten out. It is com-
mon to add an extra 1–2 diavolumes as a safety
factor to ensure complete buffer exchange.

System sizing involves integration of Equation
(7b) using a flux model as shown in Equation (10).
This equation also shows the tradeoff between area
and process time. The Cheryan flux approximation
[5] is useful if a flux model is not readily available.
Table 4 shows area requirements where Vo repre-
sents the batch volume. In general, flux drops as
batch volume is reduced and retained component
concentrations increase:

Sizing A ¼ V
�J t
; where

1
�J
¼
ZV

0

dV

J
ð10Þ
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Constant retentate weight DF requires variable
retentate volumes to compensate for density changes
V¼MR/� and a diafiltrate buffer flow rate that may
differ from the permeate flow rate as qD ¼ q�=�D .
The component mass balance becomes

MR
d c=�ð Þ

dt
¼ – scqD i�D=�

which integrates to c ¼ c0ð�=�0Þ expð–sN 0Þ, where
N9 is the number of diamasses (buffer mass added/
retentate mass). If the concentration of a component
is expressed as the mass ratio y¼ cA/cP (gram of A per
gram of a fully retained product), the mass ratio
becomes y ¼ y0 expð–sN 0Þ, analogous to a constant
volume operation.

The fraction of product mass lost in the
permeate can be obtained from the mass in Table 4
as loss¼ 1 – Mi/Mi0. This loss is shown in Figure 12
and Equation (12). A membrane with 1% passage
(99% retention) can have yield losses much higher
than 1% because the protein is repeatedly cycled
past the membrane during the entire process with
losses at every pass. A high-yielding process (<1%
loss) requires membrane passage of <0.1% (retention
of >99.9%):

Permeate loss ¼ 1 – expf – S½N þ lnðXÞ�g ð11Þ

Consider a UF process that is designed to fractionate
two solutes, product p and impurity i. After a batch
concentration and DF, the ratio of the
component concentrations is Cp=Ci ¼ ðCp0=Ci0Þ
e–Sp ½NþlnðX Þ�þSi ½NþlnðX Þ�, where Ci0 and Cp0 are the initial
g l�1 concentrations of the two components. Noting
that the retentate yield of the product is
Yp ¼ expf–Sp½N þ lnðX Þ�g, one can rearrange and

simplify the concentration ratio to get the purification
factor, Equation (12), where  is the selectivity (Sp/Si,
the ratio of sieving coefficients). For a product that is
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retained more than the impurity,  < 1, PF > 1, and the
product becomes enriched in the retentate relative to
the impurity.

Equation (13) shows that a high selectivity is
needed to achieve high yield and reduce impurity
levels. High selectivity requires solutes that differ in
the effective size due to molecular weight and charge,
the use of charged membranes, and careful control of
the polarization layer by running at constant flux and
maintaining a uniform TMP along the length of the
feed channel [49, 50] (Figure 13):

Purification factor PF ¼ Cp=Cp0

� �
= Ci=Ci0ð Þ ¼ Y 1– 

p

ð12Þ
2.06.4.5 Continuous Operation

Continuous operation (also called feed-and-bleed)
involves partial recycle of the retentate. This config-
uration provides higher productivity of invested
capital since setup and cleaning times between
batches are significantly reduced. As a result, contin-
uous systems are common for large-scale processing.
The residence time and number of pump passes is in
between single pass and batch operation, depending
on the fraction of retentate recycled. Several contin-
uous units can be plumbed with the retentate flow
feeding the next consecutive system. This configura-
tion is commonly used for large-scale membrane
systems. For feed flow F, retentate flow R, permeate
flow P, and diafiltrate buffer flow D, the steady-state
mass balances on the solute and component are:
FþD¼ Rþ P and FC0¼ RCRþ PCRS. Equation (13)
shows the retentate concentration for a volume con-
centration factor X¼ F/R and diavolumes N¼D/F.

CR ¼ C0X= 1 – S þ SXð1þ NÞ½ � ð13Þ

The area required is A¼ P/J¼ F(1þN� 1/X)/J,
depending on whether a feed or permeate flow is
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specified. The concentration and DF requirements
set the retentate concentration for the flux model.
There remains to specify the dependence of flux on
cross-flow rate in order to solve for the area.
Comparison of continuous operation to batch opera-
tion shows that more area is needed because the
continuous system runs at the final retentate concen-
tration which has the lowest flux, while the batch
system operates over a range of concentrations.

Continuous operation can be performed as a mul-
tistage operation. The retentate from one system

becomes the feed for the next system. Each stage

runs at a different concentration so the area require-

ments are less than for a single stage [38].
2.06.5 UF Process Development

Development of a robust, consistent, and optimized

TFF step may be achieved by following a systematic

process development protocol. Early phase process

development objectives include feasibility for the UF

membrane/device to meet the target concentration

and buffer exchange specifications. Later phase

development objectives include optimization (pro-

duct yield and quality, system sizing, and costing)

and performance validation (reproducibility, sensi-

tivity to variations).
Selection of candidate membranes and modules is

made on the basis of applications requirements and

vendor-recommendations. In addition to the perfor-

mance factors described under membrane and

modules, experience with vendors, vendor support,

and product consistency are important factors to

consider.
Candidate membranes and modules must be

screened using vendor-recommended scale-down

test systems for feasibility evaluation. Vendors or

the literature may recommend some starting condi-

tions or ranges of operation (TMP, cross flow) to try.

Membrane disks can be tested using a low volume,

stirred cell device to check critical feasibility char-

acteristics (e.g., product yield and quality, fluxes,

membrane fouling and cleaning) even though the

flux performance in these devices does not scale. If

larger volumes (>50 ml) of feedstock are available, a

scale-down representative module is preferred.

Other candidate modules with different membrane

chemistries, MW ratings, and module design can also

be tested if feed volume and time permits.
2.06.5.1 Standard Test Protocol

1. Module verification: Initial flush to wet the mem-
brane; measure normalized water permeability
(NWP) as Im-2h-1 psi-1 or LMH/psi corrected
to 298 K; measure air diffusion through wetted
membrane as l m�2s�1 and compare with specifi-
cation to verify membrane integrity. Flush with
buffer to precondition the membrane.

2. Initial dynamics: Add product solution and mea-
sure flux and passage versus time in permeate
recycle mode to allow for membrane conditioning
in product solution.

3. Sensitivity to initial operating conditions: Measure
flux, passage, and feed to retentate pressure drop
(�P) versus TMP and cross flow in permeate
recycle mode.

4. Concentration mode: Measure flux, passage, tur-
bidity, retentate concentration, temperature, and
permeate volume versus time while withdrawing
permeate to achieve target concentration.

5. Sensitivity to final operating conditions: Measure
flux, passage, feed to retentate pressure drop (�P),
and turbidity versus TMP and cross flow in
permeate recycle mode.

6. DF mode: Measure flux, passage, impurity concen-
tration in retentate, temperature, and permeate
volume versus time while withdrawing permeate
and adding diafiltrate to achieve target impurity
concentration.

7. Recover retentate product by depolarizing and
using a plug-flow flush (see Section 2.06.5.2).

8. Clean membrane under vendor-recommended
conditions: For example, flush with buffer, then
WFI (water for injection), add 0.1 N NaOH solu-
tion, recirculate for 45 min at 293 K in permeate
recycle mode, and measure NWP [28, 29, 30].

Additional testing can include repeatability evalua-
tion, cleaning optimization, and further exploration
of particular conditions. For high final concentrations
and a final formulation buffer leading to significantly
different osmotic pressures, it is worth repeating both
the operating conditions (step 3) and the concentra-
tion mode (step 4) in the new buffer after step 6.
2.06.5.2 Data Analysis

The module used should be integral and show NWP
within the normal device range. The initial dynamics
should show asymptotic approach to steady-state flux
and retention. Continued decline in performance
indicates a membrane compatibility issue.
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Operating condition data should mirror the trends

shown in Figure 14. Behavior contrary to these

trends may indicate faulty experimental procedures

or an unusual new effect that should be confirmed

and understood.
The optimum TMP is located at the knee of the

flux curve to obtain reasonable flux and avoid forma-

tion of aggregates. If there is a difference in the flux

curves between the starting solution and the diafiltered

solution, a conservative approach for polarization

would be to select the lower of the two TMP values.
Vendor recommendations are usually used to

select a module cross-flow rate. Increased cross-

flow rates are suggested if the flux is very sensitive

to cross flow or if the feedstock is prone to polariza-

tion or polarization-caused degradation and fouling.

In this case, flux-limiting Cwall control should also be

considered [48]. Decreased cross-flow rates are sug-

gested for feedstocks prone to pumping degradation

or if scale-up is limited by available pump sizes.

Pump degradation tends to increase with the number

of pump passes [54] (volume of fluid pumped/feed

volume) as shown in Figure 15. Equation (14) shows

that pump passes increase with DF and concentra-

tion, and decrease with the conversion ratio CR

(permeate flow/feed flow). Pump selection and

operation is critical to reducing pump degradation.

One may also consider a continuous operation con-

figuration with low residence times for sensitive

feedstocks.

Pump passes PP ¼ ½N þ lnðXÞ�=CR ð14Þ
Product and target impurity concentrations
should be plotted against volume reduction factor X
and diavolumes N to show agreement with the equa-

tions in Table 4 and ensure high impurity sieving

coefficients and low product sieving coefficients.

Deviations in performance from expected behavior

indicate problems in experimental procedure (e.g.,

poor tank mixing) or unusual product properties

requiring further study (e.g., product precipitation

at high concentrations).
A sequence of concentration and DF steps is

referred to as the DF strategy. DF is needed for

purification applications or for increasing product

recovery in a clarification application. Examination

of Table 4 shows that for DF

At=V0 ¼
N

X �JDiaf

� �

That is, the area–time needed per unit volume of
feed is reduced by concentration to reduce permeate
and buffer volumes during DF. However, flux will
also decline during concentration causing an increase
in the area–time per unit volume needed. One can
plot X �J values obtained during a concentration step
to find an empirical optimum. Application of the gel
flux model (Equation (4)) showed that a minimum
system area and processing time is obtained by dia-
filtering at a protein concentration [33] of Cg/e. For
human plasma-derived IgG [32] with Cg¼ 191.4 gl�1,
CDF¼ 68 gl�1. This suggests an optimal DF strategy
to concentrate or dilute the initial feed to CDF, dia-
filter as needed, then concentrate or dilute to the
final concentration. The time–area per unit volume
is a shallow optimum so operation within 	15% of
CDF does not make an appreciable difference. For
flux and sieving coefficients that depend significantly
on both the retained product and the washed out
impurity concentrations, more complex DF strate-
gies should be considered [23].



Table 5 Sources of product loss for batch configurations

Source Permeate Adsorption Holdup Inactivation

Magnitude 0–1% 0–5% 1–10% 0–20%

Causes Membrane leakage,

operation

Membrane

adsorption

Poor system design, poor

recovery method

Gas interfaces, high

temperatures, polarization,
pumping

Correction Lower MW

membrane, sealing

issue

Different

membrane

material

Eliminate dead legs,

improve recovery

method

Check tank foaming and pump,

Cwall control
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Small-scale test systems may not accurately mir-
ror large-scale systems for product recovery due to
differences in holdup and recovery methods.
However, one can evaluate product yields for the
small-scale process and consider the sources of pro-
duct loss in Table 5 to see if further investigation and
correction are warranted (see also Section 2.06.6).

Processing times, permeate fluxes, and permeate
volumes are recorded during the scale-down experi-
ments to enable a rough system sizing using the
equations in Table 4. Fluxes scale directly and
volumes scale proportionately with the feed volume.
A safety factor will be built into the scale-up design
so that process times will not be the same.

Feasibility requires demonstration of repeatable
performance. The adequacy of the cleaning step is
determined by the recovery of at least 80% of the
initial normalized water flux [30]. While some varia-
bility in water flux is typical, any consistent decline
reflects an inadequate cleaning procedure. Additional
verification of consistency can involve measuring
batch-to-batch yields, buffer passage, process flux,
and air integrity. The typical module change-out
frequency is 1 year, or 50 runs, or when performance
(retention, flux, and integrity) drops below preset
specifications.

The data should establish the feasibility of the
formulation step in meeting product quality and con-
centration, buffer composition, robustness
(consistency and worst case feed), product recovery,
and economical operation goals. Data consistent with
the trends shown here should establish confidence in
Permeate
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21×

Feed

600 l

Re

29

571 l

Figure 16 Ultrafiltration process sequence.
the results. Further optimization may be appropriate
for large-scale operations.
2.06.6 UF Scale-Up

The simplest scaling strategy is linear scale-up [47].
This involves system scaling based on consistent
capacity (l m�2) from small scale to large scale.
Permeate, buffer, and retentate volumes also scale
linearly with feed volume. TFF system performance
can be sensitive to hardware design and layout. It is
usually not possible to find scale-down hardware that
precisely mimics large-scale versions. However,
hardware functionality needs to be preserved at
both scales. One should also identify potential
changes in the feed material in moving from one
scale to the next and conduct scale-down testing
with worst case feed.
2.06.6.1 Batch Configuration Sizing

Figure 16 shows the concentration and DF steps for
an example of a 600-l feed undergoing a 21� volume
reduction and 7� DF. The input buffers and perme-
ate waste volumes for this case are calculated from
mass balances.

A value of the minimum system area, Amin, is
calculated from the equations in Table 4 for each
processing step, permeate volumes, and the target
processing time (Table 6). The average flux over
each step is calculated by integrating experimental
Buffer   203 l

Diafilter
7×

Product 

29 l

tentate

l

203 l



Table 6 Ultrafiltration system sizing

Step Concentrate Diafilter Total

Average flux (l m�1 h�1) 40 30

Permeate volume (l) 571 203 771

Area–time (m2 h) 14 7 21
Time (h) 2.0 1.0 3.0
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flux data or by taking the total volume permeated
and the total processing time required. The Cheryan
flux approximation [5], based on the initial and final
fluxes, can also be used with a suitable safety factor.

An area–time term can be calculated for each step
as the ratio of the manufacturing scale permeate
volume to the average experimental flux. For the
concentration step shown in the table, this is
(571 l)/(40 l m�2h�1)¼ 14 m2 h. The area–time for
each step is then added to give the total area–time
for the process, here 21 m2 h. When the total area–
time is divided by the total processing time, this gives
a total area of Amin¼ (21 m2 h)/(4 h)¼ 5.3 m2.

Safety factors of 1.2–2.0 are used to allow for (1)
differences in performance between small and large
scale and (2) completing the process within the speci-
fied time under batch-to-batch process variations in
feedstock, filters, and operating conditions. Differences
between scales can include unequal flow distribution,
holdup volumes, and poor mixing. For linearly scaled
processes, a safety factor of 1.2� is recommended for an
area of A¼ 6.4 m2. For processes with large variability,
modules with poor scalability, and limited scale-down
data, larger safety factors are recommended. Safety
factors on the higher side are also recommended if it is
costly for the process to exceed the design time window.
The recommended area is now compared with
available module sizes. In this case, 13 cassettes of
0.5 m2 each would give 6.5 m2. However, it is conveni-
ent to symmetrically array 14 cassettes on a single-level
process holder for a configurational area of
Aconfig¼ 7 m2. The system area can be used to size the
pump and maintain the same cross flow per unit area.

Process times for each step can be calculated by
dividing the area–time for each step by the total area.
The expected process time is 3.0 h, well within the
Table 7 Product recovery methods

Recovery method Gravity drain Blowdown

Holdup loss 5–20% 2–10%

Notes Design sensitive Design sen
4-h processing target. While this calculation shows
the tradeoff between process time and membrane
area, the processing time can be a small component
of the time it takes to turn around the UF operation
(including setup, recovery, and cleaning). The addi-
tion of extra area not only ensured consistent
processing within the time window allowed but also
increased the system holdup and minimum working
volume. One must check that the volume reduction
factors can still be met with the system.
2.06.6.2 Batch Recovery

Overall product recovery in the final retentate
should be >95% and yields of >99% are common.
Table 5 lists the largest sources of yield losses as
holdup and inactivation. Inactivation can also occur
through extensive process times or hold steps, high-
temperature spots (nonisolated pump from motor),
unflushed cleaning fluid remaining in a dead leg, and
contact of the protein solution with buffer solutions
that promote instability (i.e., diafiltering through an
isoelectric point). Discussions with protein formula-
tion chemists can be useful in diagnosing and
correcting inactivation losses.

Holdup losses include unrecovered product
liquid left in the system. It is recommended to
recirculate the retentate product at the end of pro-
cessing with a closed permeate to release the
product held up in the polarization layer. The bulk
of the product in the recycle retentate tank can be
pumped out with the feed pump or drained.
Appreciable product is still held up in the piping
and the modules. Blow down uses compressed air
introduced at a high point of the system in the
retentate line with the product collection at the
lowest point. Care must be taken to gently introduce
the air at �0.13 bar in order to avoid foaming and
product denaturing (Table 7).

Additional recovery is obtained by slowly intro-
ducing buffer at a high point in the system. This
will progress through the wetted components and
displace held up product. The buffer will even-
tually exit the low point drain where a ultraviolet
(UV) monitor can readily detect the transition from
Plug-flow flush Recirculation flush

0.5–2% 0.1–0.5%

sitive Dilutes product
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product to buffer [13]. The transition is generally
compact and this procedure is termed a plug-flow
flush. One can also use the more extensive recircu-
lation flush where a minimum tank volume of
buffer is introduced and recirculated to allow pro-
duct diffusion out of any dead legs and nooks and
crannies in the wetted flow path. The additional
recovery using this procedure may not warrant the
product dilution effect of using this approach.
2.06.6.3 Operating Procedure

The following procedure is representative of a typi-
cal operation. Note that plant standard operating
procedures (SOPs) should be written to allow flex-
ibility where possible but must ensure consistently
meeting product specifications.

1. WFI flush: Module installation per manufacturing
recommendation, flush per recommendation,
NWP measurement, and drain.

2. Integrity test: Pressurize to manufacturing speci-
fication with sterile air, measure air flow, and
compare with manufacturing specification.

3. Buffer rinse preconditioning.
4. Process fluid: Fill tank, concentrate to volumes or

retentate concentration, and diafilter to buffer or
permeate volume.

5. Recover product: Drain, plug-flow flush.
6. Cleaning: WFI flush, clean per manufacturing

recommendation, WFI flush, NWP measurement
and comparison with specifications, cleanliness
test (limulus amoebocyte lysate (LAL), total
organic carbon (TOC)) per application, and drain.

7. Storage: As per manufacturing recommendation.
8. Change out: Based on failing specifications on

NWP, �P, air integrity, yield, or number of
cycles.

9. Allow for reprocessing (if desired).

A well-designed, robust UF process is characterized
by the following performance parameters:

1. Yield (overall) 
95–98%.
2. Process flux consistency �	10% run-to-run.
3. Product retention (membrane) 
99.9%.
4. NWP recovery (run-to-run) �	20–35%.
2.06.6.4 Adding Area in Series

UF modules are generally scaled by adding area in
parallel: feed is distributed among parallel module
inlets with a collection of common retentate and
common permeate streams. One can also add area
in series where the retentate flow from one module
provides the feed flow to the next module. This
type of configuration is equivalent to increasing the
length of the retentate channel such as increasing the
length of hollow fiber modules or using spirals in
series. Permeate flows may or may not be plumbed
together.

The benefit of this approach is that feed pumping
requirements are reduced. However, one cannot add
area in series and maintain the same feed flow and
pressure profiles used in scale-down testing. In an
extreme case, adding extra length to the feed channel
can cause the feed channel pressure to fall below the
permeate pressure and create backward flow. It is
useful to test the series configuration at small scale
to verify feasibility.
2.06.6.5 Process Monitoring and Control

A TFF system must be able to implement all the
steps in the SOP, deliver the desired product, and
meet any process constraints. At a minimum, a batch
system contains the membrane modules and holder,
tank, feed pump, retentate valve, and pressure sen-
sors for the feed and retentate lines. A representative
piping and instrumentation diagram (P&ID) for a
typical commercial system is shown in Figure 17. A
heat exchanger is sized to maintain uniform tempera-
ture of the process to counteract heat added by the
pump and ambient heating, but this may be unneces-
sary during DF. Open systems may be acceptable for
early clinical phase production but closed systems
with hard plumbed lines are needed for validated
consistency, short cycle times, and bioburden control
manufacturing. Each step of the process is controlled
by switching valves to introduce/discontinue the
appropriate solutions to the system (air, buffer, dia-
filtrate, cleaning fluid, etc.).

Multiproduct facilities process a wide range of
batch volumes from clinical trials to marketed pro-
ducts. While fed-batch configurations allow
flexibility to handle these wide volume ranges, one
can encounter issues with cleaning and product
degradation. Separate pilot systems are recom-
mended for small batches to avoid these validation
issues and speed time to market.

The monitoring and control strategy should make
use of sensors to measure permeate flow (water perme-
ability measurement, processing, and cleaning),
retentate flow, air flow during integrity testing, pres-
sures (feed, retentate, and permeate), temperature, tank



Figure 17 Batch ultrafiltration (UF) process piping and instrumentation diagram (P&ID). Courtesy Millipore Corporation.
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level or weight, permeate composition (UV absorbance

as an indicator of protein content, pH, and conductivity

as desired), process temperature, and coolant tempera-

ture. A good design practice is to minimize the number

of sensors and identify their optimal placement. These

sensor readings may be displayed, logged, and used to

trigger alarms and a subsequent step in a process. Alarms

may be triggered by abnormal pressure excursions

(plugged feed channel and valve froze shut), low tank

volumes, high permeate UV absorbance, and high tem-

peratures. The duration of each step is determined by

time, permeate volume, or fluid height in the feed tank.

Process data are typically logged for cGMP, trending,

and diagnosis of any unusual excursions. The flow paths

that are active during each step of the SOP should be

traced out on the P&ID to show valve configurations

along with the relevant sensors used for monitoring and

alarms. This includes the ability to vent, drain, clean in

place (CIP), and flush the system, and respond to system

upsets. It is particularly important to ensure that all flow

paths are active during the cleaning step, including

sample valves. In some cases, the modules may be
removed from the system during cleaning. Care should
also be taken to make sure that the product is not
inadvertently flushed to waste through careful automa-
tion or the use of transfer panels.
2.06.6.6 Equipment Selection

Table 8 shows equipment requirements. Customer
or regulatory requirements ensure that processing
objectives are consistently met. Economical require-
ments include life cycle costs such as capital,
operation, validation, maintenance, cost of replace-
ment (and revalidation if needed), staffing required
to support ongoing operation (e.g., programming and
calibration), and the scope of the supporting docu-
mentation and service from the vendor. Standard,
easy-to-use, designs and components are less prone
to failure with lower labor costs and maintenance.
Components must conform to the standards of the
country and operating facility (e.g., metric and vol-
tage) to ensure compatibility and reduce the
inventory of spare parts. Additional selection criteria



Table 8 Equipment requirements

Component Customer/regulatory Economic Safety

Wetted surface materials Nontoxic, cleanable/sanitary, consistent, chemically compatible

with all process fluids (no swelling or reacting), nonshedding,

nonleaching, nonadsorbing, closed system

Availability, can fabricate

Wetted volume Low holdup, drainable, ventable, minimize dead legs, cleanable,

flushable

Pressure and temperature

rating, sealing

Piping, valves, heat

exchanger

Compact, can fabricate, drainable, available in

a variety of formats

Operator protection from

moving parts
Vessels Handle volume range, mixing, avoid foaming Availability

Pumps, filter holders Low protein degradation, consistent, thermal isolation Operator protection from

moving parts

Sensors/sampling Reliable, accurate, insensitive to environmental effects
(temperature, pressure changes), calibrate in closed system

Design in optimum number – not to excess Electrical shock, closed
system

Skid frame Compatible with cleaners and sanitizers Compact Supports load, ease-of-

operation
Display Capture and store data Legible

All components Documentation, easy-to-validate, quality certification Low cost, reliable, maintainable, conform to

plant standards, proven designs, spare

parts

Conform to country

standards
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include experience with components and vendors,
and scalability. Long lead components such as spe-
cially designed pumps, sensors, and tanks must be
designed and ordered early.

Operator safety involves chemical hazards (explo-
sive solvents, biohazards, and toxic or corrosive
chemicals), physical hazards (high pressures, moving
parts, temperature extremes, use of steam, and obsta-
cles to operation and maintenance), and electrical
hazards (high voltages and currents, and inadequate
grounding). Safeguards and alarms should be tested
to make sure that they work in an emergency. Safety
reviews of designs recommended along with formal
hazard and operability (HAZOP) analyses and con-
trol hazard and operability (CHAZOP) analyses.

Integration of skids with each other and the plant
may impose additional constraints. Skids require
hardware matching. Retrofit into an existing facility
may impose limitations on skid dimensions for the
production floor and for access to the facility.

Dead legs shown in Figure 18 are spaces or pockets
in contact with the products that are difficult to vent,
flush, and drain [1]. They arise from connecting com-
ponents to the piping system (e.g., sensors, sampling
ports, and rupture disks), within wetted components
(e.g., pumps, housings, valves, heat exchangers, and
tanks), or as surface roughness. Flow visualization
[46], simulations, and testing indicate that the effi-
ciency of cleaning a dead leg is affected by the ratio
L/D, the average fluid velocity in the pipe, and the
presence of air pockets in the dead leg [11]. While
elimination of dead legs is desirable, current ASME
American society of mechanical engineers bioproces-
sing equipment (BPE) guidelines [1] recommend L/

D < 2 (based on the internal dimensions of the dead
leg). Surface roughness can also be considered as dead
legs at a microscopic scale. Surface finishes and
D

L

Figure 18 Dead legs.
cleanability considerations evolved from the dairy
industry [45].

The presence of air in piping systems can prevent
fluids from wetting the internal surfaces. cGMP is com-
promised by inadequate contact with cleaning and
sanitizing fluids. Fluid velocities of 1.5 m s�1 are
required to displace air from dead legs or to completely
flood a vertical pipe [11]. Avoid vertical pipe bends that
create sections where air or solids can accumulate.
Liquid retention in undrainable sections represents pro-
duct loss, growth areas for bioburden, or batch
carryover. Venting and draining is aided by a pipe
slope of at least 5 mm drop per meter of pipe length.
Clean steam lines are self-sanitizing and may be
plumbed without a vertical slope. A low point drain is
required.

The high CIP flows of 1.5 m s�1 required for wetting
internal surfaces are typically more demanding than
process flows and form the basis for pump sizing. An
economic analysis shows that there is a tradeoff between
capital and operating costs for piping systems with
optimum velocities [36] in the range of 0.9–3.0 m s�1.
Velocities >0.9 m s�1 are also recommended for clean-
ing and flushing as part of the 3A standards [45]. These
velocities help ensure that air bubbles in dead legs are
flushed out of the piping system so that all the internal
surfaces are accessible for cleaning [11].

Although pumps do not scale consistently, they
are selected to meet the flow, pressure, and pulsation
requirements of the scale of operation and avoid
damaging protein. Rotary lobe designs recommended
for feed pumps should be run below 500 rpm and be
mounted in a vertical position to allow product and
cleaning solutions to drain out easily. Adding more
lobes will reduce pulsation effects but increase pro-
tein degradation. Sanitary centrifugal or peristaltic
pumps can be used for buffer or CIP solution transfer
and for WFI loop recirculation.
2.06.6.7 Skid Layout

Skid layout criteria include minimizing the minimum
working volume and dead legs, as well as allowing for
flushing, cleaning, venting, draining, mixing, sanitizing/
steaming, operating and servicing ergonomics, and
safety. Holdup volume and the presence of dead legs
in the wetted fluid path impact product recovery,
separation efficiency (e.g., poor buffer exchange at high
diavolumes), fluid volumes required (cleaning, flushing,
and processing), system cost and required floor space,
and the ease of cleaning and sanitizing. Minimization
involves reducing line lengths, employing the full 3D
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space using computer–aided design–computer–aided
manufacturing (CAD–CAM) to explore design alterna-
tives, and using compact components (e.g., valve
assemblies).

Systems must be designed to minimize product
degradation by controlling physical and chemical
stresses (e.g., hot spots, excessive shear, air interfaces,
cavitation, and local concentrations). Mixers are used
to eliminate concentration gradients in tanks.
Inadequate mixing caused by the addition of diafiltrate
in a Tee between the tank and the feed pump will
reduce performance. In-line mixing (two fluids are
pumped into a Tee connection and blended while
flowing in a pipe) for buffer preparation from
concentrates reduces waiting time, tankage, and floor
space [34].

The 3D layout of process and remote monitoring
and control systems should allow operators to set up,
operate, and turn around each process without undue
strain. In addition, maintenance and service person-
nel should be able to conduct routine operations (e.g.,
calibration and gasket replacement) without undue
strain. This requires proper orientation of displays
and enough space around a processing skid to gain
access. Computer 3D models, constructed using
CAD–CAM systems, should be examined for ergo-
nomics during design reviews (Figure 19).

The design, construction, commissioning, and vali-
dation [35] of a process skid often involve a team of
experts from the biopharmaceutical manufacturer, the
skid supplier, and an architect and engineering (A&E)
Figure 19 Ultrafiltration (UF) batch processing skid. Photo co
firm. This is facilitated through the use of a process with
clear UF step performance requirements, roles of team
members, and milestones/reviews [19].
2.06.7 UF Applications

Electrodeposition of cationic paint resin on automo-
biles (connected to the cathode) provides a uniform,
defect-free coating with high corrosion resistance but
carries with it about 50% excess paint that must be
washed off. UF is used to maintain the paint concen-
tration in the paint bath while generating a permeate
that is used for washing (Table 9). The spent wash is
fed back into the paint path [56]. Paint recycling with
low paint losses and low system costs makes the
process economical.

During cheese making, the coagulated milk or
curd is used to make cheese while the supernatant
whey is a waste product rich in salts, proteins, and
lactose. Whey concentration and desalting by UF
produces a retentate product that can be used as an
animal feed supplement or food additive. The MMV
process [26] involves concentrating the milk by UF
after centrifugation to remove the cream and before
coagulation to improve yields and reduce disposal
costs.

UF is used in biopharmaceutical purification (pro-
teins, viral, bacterial vaccines, and nucleic acids) for
initial concentration of clarified fluids or lysates (to
reduce subsequent column sizes and increase binding),
urtesy of Millipore.



Table 10 Troubleshooting guide

Symptom Root cause(s) Recommended action(s)

Low flux Fouling, improper cleaning, low cross flow,

hardware shedding

Modify cleaning procedure, replace modules,

check TMP, replace hardware components

Low yields Poor recovery, tank foaming, leaky
membrane, poor assay, or sampling

Modify recovery, integrity test, check tank,
and retentate flow

Failed integrity Leaky module, improper installation Reinstall and/or replace modules, tighten

hydraulic specification

Failed bioburden Contaminated feed, buffers, or equipment Sanitization, check buffers and upstream
steps, swab equipment

Inadequate buffer

exchange/solute removal

Insufficient diavolumes, poor mixing, poor

passage

Increase diavolumes, improve mixing, check

for membrane fouling, or solute binding to
retained solutes

External leaks Seals Integrity test, replace seals

Table 9 UF modules and systems

Application Paint recovery Whey processing Biologicals Water treatment Juice processing

Membrane PES PES Cellulose, PES,

PVDF

PES PES, PVDF

Module Fibers Spirals Cassette Fibers Tubes
System Continuous Continuous Batch, NFF Continuous, single

pass

Batch

Characteristics Cost, plugging Cost Recovery Cost Plugging, Cost
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to change buffer conditions (for loading on to col-
umns), and to concentrate and change buffers (for
final formulation into a storage buffer) [24]. For
these applications, the drug product is recovered in
the retentate. For drug products with potential viral
contaminants (sourced from mammalian cells or
human and animal blood plasma), virus removal filters
employed in either a TFF or an NFF mode retain the
viruses, while the drug product is recovered in the
permeate. UF displaced size exclusion chromatogra-
phy (SEC) for buffer exchange due to its lower cost
and ability to run higher protein concentrations [21].
These applications require high yields, maintaining
high purity, consistent operation, and scale-up of the

valuable product.
UF is used to clarify various fruit juices (apple, grape,

pear, pineapple, cranberry, orange, and lemon) which
are recovered as the permeate [2]. UF has also been used
to remove pigments and reduce browning in wine pro-
duction [20]. Low-cost operation is required.

Wastewater treatment and water purification
applications employ UF in a TFF or NFF mode to
produce permeate product with reduced colloids,
pyrogens, and viruses. Oil droplets in wastewater
are retained by UF for recycle or disposal at signifi-
cantly reduced volumes.
2.06.8 UF System Troubleshooting

Table 10 illustrates the typical symptoms, the corre-
sponding causes, and the recommended actions for
troubleshooting.
References

[1] ASME Bioprocess Equipment Guidelines; AMSE: New
York, 1997.

[2] Blanck, R. G., Eykamp, W. AIChE Symp. Ser. 1986, 82,
59–64.

[3] Brian, P. L. T. Mass Transport in Reverse Osmosis. In
Desalination by Reverse Osmosis; Merten, U., Ed.; MIT
Press: Cambridge, MA, 1966; pp 161–292.

[4] Cabasso, I. Practical Aspects in the Development of a
Polymer Matrix for Ultrafiltration. In Ultrafiltration
Membranes and Applications; Cooper, A. R., Ed.; Plenum:
New York, 1980; pp 57–78.

[5] Cheryan, M. Ultrafiltration and Microfiltration Handbook;
Technomic Publishing Company: Lancaster, PA, 1998.

[6] Culkin, B., Armando, A. D. Filtr. Sep. 1992, 29, 376.
[7] DaCosta, A. R., Fane, A. G., Wiley, D. E. J. Membr. Sci.

1994, 87, 79.
[8] Dechadilok, P., Deen, W. M. Ind. Eng. Chem. Res. 2006,

45, 6953–6959.
[9] Deen, W. M. AIChE J. 1987, 33, 1409–1425.

[10] Deissler, R. Advances in Heat and Mass Transfer;
Harnett, J. P., Ed.; McGraw-Hill: New York, 1961.

[11] DeLucia, D. Fundamentals of CIP Design, ASME
Bioprocessing Seminars, San Diego, CA, 1997.



138 Ultrafiltration and Microfiltration
[12] DiLeo, A. J., Allegrezza, A. E., Jr., Burke, E. T. Membrane,
Process and System for Isolating Virus from Solution. US
Pat. 5,017,292, 21 May 1991.

[13] Genentech, F. J. Personal Communication, 1998.
[14] Gekas, V., Hallstrom, B. J. Membr. Sci. 1987, 30, 153.
[15] Miller, E. F. General Atomics. US Pat. 3,839,201, 1967.
[16] Hallstrom, B., Lopez-Leiva, M. Desalination 1978, 64, 273.
[17] Ho, W. S. W., Sirkar, K. K., Eds. Membrane Handbook;

Van Nostrand Reinhold: New York, 1992.
[18] Holeschovsky, U. B., Cooney, C. L. AIChE J. 1991, 37, 1219.
[19] ISPE, Baseline Guide, Commissioning and Qualification,

Vol. 5, 2001.
[20] Kosikowski, F. V. Membrane Separations in Food

Processing. In Membrane Separations in Biotechnology;
McGregor, W. C., Ed.; Marcel Dekker: New York, 1986;
pp 201–254.

[21] Kurnik, R. T., Yu, A. W., Blank, G. S., et al. Biotechnol.
Bioeng. 1995, 45, 149–157.

[22] Leveque, M. D. Ann. Mines 1928, 13, 201.
[23] Lutz, H. Membrane Filtration with Optimized Addition of

Second Liquid to Maximize flux. US Pat. 5,597,486, 28
January 1997.

[24] Lutz, H., Raghunath, B. Ultrafiltration Process Design and
Implementation. In Process Scale Bioseparations for the
Biopharmaceutical Industry; Shukla, A. A., Etzel, M. R.,
Gadam, S., Eds.; CRC Press: New York, 2006; Chapter
10, pp 297–332.

[25] Lutz, H. Membrane Separation Processes. In Perry’s
Chemical Engineering Handbook, 8th edn.; Green, D. W.,
Perry, R. H., Eds.; McGraw-Hill: New York; Chapter 10,
2008.

[26] Maubois, J. L., Mocquot, G., Vassal, L. Procede de
traitement du lair et des sous produits laitiers. Fr. Pat.
2,052,121, 1969.

[27] McDonough, R. M., Bauser, H., Stroh, N., Grauscoph, U.
J. Membr. Sci. 1995, 104, 51–63.

[28] MilliporeCorporation, ProteinConcentration andDiafiltration
by Tangential Flow Filtration, Lit. No. TB032 Rev. B, 1999.

[29] Millipore Corporation, Maintenance Procedures for
Prostak� Modules, Lit. No. P17513, 1990.

[30] Millipore Corporation, Maintenance Guide, Lit No
TB1502EN00, 2000.

[31] Mir, L., Michaels, S. L., Goel, V., Kaiser, R. In Membrane
Handbook; Ho, W. S. W., Sirkar, K. K., Eds.; Van Nostrand
Reinhold: New York, 1992.

[32] Mitra, G., Lundblad, J. L. Sep. Sci. Technol. 1978, 13,
89–94.

[33] Ng, P., Lundblad, J., Mitra, G. Sep. Sci. 1976, 2,
499–502.

[34] Ogez, J., Increasing Plant Capacity Using Buffer
Concentrates & Linked Unit Operations, Presentation at
IBC 2nd Annual Recovery & Purification of
Biopharmaceuticals, San Diego, CA, 13 November 2001.

[35] PDA, Industrial Perspective on Validation of Tangential
Flow Filtration in Biopharmaceutical Applications, PDA
Technical Report No. 15, Bethesda, MD, 1992.

[36] Peters, M., Timmerhaus, K. D. Plant Design and
Economics for Chemical Engineers, 2nd edn.;
McGraw-Hill: New York, 1968.

[37] Pujar, N. S., Zydney, A. L. J. Chromatogr. A 1998, 796,
229–238.

[38] Rautenbach, R., Albrecht, R. Membrane Processes;
Wiley: New York, 1989.

[39] Saksena, S. Protein Transport in Selective Membrane
Filtration. PhD Thesis, University of Delaware, 1995.

[40] Schlichting, H. Boundary Layer Theory, 6th edn.;
McGraw-Hill: New York, 1968; pp 93–99.

[41] Schwinge, J., Wiley, D. E. Fletcher, D. F. Ind. Eng. Chem.
Res. 2002, 41, 4879–4888.

[42] Smith, K. A., Colton, C. K., Merrill, E. W., Evans, L. B.
Chem. Eng. Prog. Symp. Ser. 1968, 64, 45.

[43] Staverman, A. J. Rec. Trav. Chim. 1951, 70, 344.
[44] Tkacik, G., Michaels, S. Biotechnology 1991, 9,

941–946.
[45] USPHS, 3A Sanitary Standards for Crossflow Membrane

Modules, No. 45-00, 1990.
[46] Van Dyke, M. An Album of Fluid Motion; Parabolic Press:

Stanford, CA, 1982.
[47] van Reis, R., Goodrich, E. M., Yson, C. L.,

Frautschy, L. N., Dzengeleski, S., Lutz, H. Biotechnol.
Bioeng. 1997, 55, 737–746.

[48] van Reis, R., Goodrich, E. M., Yson, C. L.,
Frautschy, L. N., Whiteley, R., Zydney, A. L. J. Membr.
Sci. 1997, 130, 123–140.

[49] van Reis, R., Gadam, S., Frautschy, L. N., et al.
Biotechnol. Bioeng. 1997, 56, 71–82.

[50] van Reis, R., Brake, J. M., Charkoudian, J., Burns, D. B.,
Zydney, A. L. J. Membr. Sci. 1999, 159, 133–142.

[51] Vigo, F., Uliana, C., Ravina, E. Sep. Sci. Tech. 1990, 25, 63.
[52] Vilker, V. L. C., Colton, C. K., Smith, K. A., Green, D. L. J.

Membr. Sci. 1984, 20, 63–77.
[53] Vilker, V. L., Colton, C. K., Smith, K. A. AIChE J. 1984, 27,

632–637.
[54] Virkar, P. D., Narendranathan, T. J., Hoare, M., Dunnill, P.

Biotechnol. Bioeng. 1981, 23, 425–429.
[55] Winzeler, H. B., Belfort, G. J. Membr. Sci. 1993, 80, 35.
[56] Zeman, L. J., Zydney, A. L. Microfiltration and

Ultrafiltration: Principles and Applications; Marcel Dekker:
New York, 1996.

[57] Zydney, A. L. J. Membr. Sci. 1992, 68, 183.
[58] Zydney, A. L., Aimar, P., Meirles, M., Pimbley, J. M.,

Belfort, G. J. Membr. Sci. 1994, 91, 293.



Ultrafiltration: Fundamentals and Engineering 139
Biographical Sketch
Herbert Lutz is currently principal consulting engineer in the biopharmaceutical division of Millipore
Corporation. His research focuses on the development of pharmaceutical manufacturing processes. His areas
of interest include virus clearance, filtration, chromatographic purification, and membrane adsorbers.
Previously, Mr. Lutz held strategic marketing, product management, and applications positions at Millipore
with responsibilities for product development, marketing, validation, and applications development. Mr. Lutz
has developed several new product concepts and brought them to market. He has been at Millipore for 10 years.

Mr. Lutz holds degrees in chemistry and chemical engineering from the University of California, Santa
Barbara (UCSB). He attended graduate school in business and chemical engineering at Massachusetts Institute
of Technology (MIT). He is a frequent presenter and has assisted in organizing several conferences. He holds a
filtration patent, is on the scientific advisory board for Biopharm International, and has published in the areas of
scaling, ultrafiltration, membrane adsorbers, depth filtration, and virus clearance. He has authored many journal
articles, book chapters, and the membrane separation processes section of Perry’s Chemical Engineering Handbook.
Mr. Lutz has taught membrane applications for Millipore, for the ASME Bioprocess course, and for the Society
for Bioprocessing Professionals course.



2.07 Fundamentals of Cross-Flow Microfiltration
R Field, University of Oxford, Oxford, UK

ª 2010 Elsevier B.V. All rights reserved.
2.07.1 Introduction
 141
2.07.2 Separation Mechanism and Associated Transport Phenomena
 143
2.07.3 Modeling Membrane Filtration in the Absence of Fouling
 146
2.07.4 Fouling: A Brief Overview
 147
2.07.5 Modeling Membrane Filtration in the Presence of Fouling
 149
2.07.6 Fouling and Choosing between UF and MF
 152
2.07.7 Concluding Remarks
 152
References
 153
Nomenclature
A area (m2)

C concentration (kg m�3)

D diffusion coefficient (m2 s�1)

j solute flux (kmol m�2 s�1)

J volumetric flux (m s�1)

k mass transfer coefficient (m s�1)

l length, thickness (m)

p pressure (Pa)

P permeability (L m�2 h�1 bar�1)

R resistance (m�1)

t time (s)

z z-coordinate, normal to membrane (m)
� dynamic viscosity (Pa s)

� osmotic pressure (Pa)

� density (kg m�3)

Re Reynolds number

Sc Schmidt number

Sh Sherwood number
Subscripts
con convective

diff diffusive

F feed

i, j component i or j

M membrane

P permeate
2.07.1 Introduction

Before focusing upon the fundamentals of cross-flow

microfiltration (MF), some introductory remarks are

included on the location of MF within the family of

membrane processes, on MF applications, and the

nature of MF membranes. After this relevant theory,

fouling and fouling mitigation are addressed. In the

concluding remarks, some reasons for choosing or not

choosing MF are addressed.
The pore diameter of MF membranes ranges from

about 0.05 to 5 mm. Since not all pores are of equal

size, there is a pore-size distribution and the extent of

it can be taken as a measure of the quality of the

membrane. MF membranes typically have a pore-

size distribution with the mean size being between

0.1 and 1 mm. A conventional definition would quote

a range of 0.1–10 mm; however, nominal sizes greater

than 1 mm are now rare. Although the pores are

smaller than those found in conventional filtration,
they are larger than those found in ultrafiltration

(UF) membranes, whose range is from around 4

to 100 nm. While the latter is a separation process

that is used for purifying and concentrating both

macromolecular (10–103 kDa) solutions and certain

suspensions, MF is concerned with purifying liquids

containing particulate contaminants or concentrating

suspensions such as cell broth. Thus, clean MF mem-

branes permit the passage of ions, small molecules,

macromolecules, and viruses.
To place the size range of 0.1 and 1 mm in context,

the size decade from 1 to 10 mm includes colloids of

electropaint, oil emulsions, blue indigo dye, red

blood cells, and many bacteria. Of particular rele-

vance to the water industry are pathogens such as

giardia cysts and cryptosporidium oocysts. (The

importance of avoiding cryptosporidiosis can be

gauged by first noting that the 1993 outbreak

in Wisconsin, USA made an estimated 403 000

people ill with 4400 people hospitalized and more
141
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than 100 fatalities [1]. More recently in 2008, in the
Anglian water region of the UK, around 250 000 con-
sumers were advised to boil their water after
Cryptosporidium had been found in a local water reser-
voir. The need for precautionary action lasted for 10
days.) The cryptosporidium oocysts are a spherical
organism of 4–6mm in size and are markedly resistant
to chlorine disinfection (at least at practical levels).
These may well not be removed by conventional
water treatment plants, unless their operation is very
carefully monitored because the combination of floc-
culation, sedimentation, and rapid sand filtration does
not contain a physical barrier that filters at the appro-
priate level. Increasingly membranes are used in
drinking water treatment due to the fact that microfil-
ters, rated at 0.2mm or less, are a very effective barrier.

Membrane manufacturing costs have declined so
drastically over the last 15 years such that membrane
processes, currently, give cost-effective and sustain-
able solutions. Furthermore, less monitoring of the
process is required. MF is used for wastewater treat-
ment (as part of membrane bioreactors (MBRs)) and
for water reuse applications, while UF is used for
potable water treatment. However, it is also the case
that for electropaint recovery, UF is used in prefer-
ence to MF; the reasons for this are discussed
subsequently.

In addition to the rapidly growing number of
membrane plants in the water industry, traditional
areas of application for MF include the biotechnol-
ogy industry and certain areas of the food and
beverage industries. It is the ability to guarantee a
sterile product at the same time allowing the passage
of color, sugar, and taste (e.g., cranberry juice manu-
facture) or color, taste, and alcohol (e.g., wine
manufacture) that is crucial. In the biotechnology
industry, the process of MF removes suspended
solids from the fermentation broth and the filtrate is
a clarified liquid containing, for example, proteins.
Very high quality water is required in the microelec-
tronics industry and microporous membranes are an
integral part of the associated specialist water pro-
duction facility.

Membranes are thin permselective barriers that are
generally polymeric or ceramic. Microporous glasses
such as Shirasu porous glass for emulsification appli-
cations and sintered metal tubes such as those from the
Mott Corporation have found niche applications. The
range of polymers includes polytetrafluoroethylene
(PTFE), polypropylene, nylon, polysulfones, and
others. Table 1 lists some of the more important
materials, their characteristics, and some applications
of these MF membranes. Ceramic membranes are
more resistant to chemical attack and can be used at
elevated temperatures. Those made of alpha alumina
can have pore sizes of around 100 nm; however, for
finer pores, an additional coating of gamma alumina or
titania or zirconia is required. Indeed, the French
company Tami offers inorganic membranes with
pores ranging from 2 nm to 1.4mm.

Ceramic membranes are typically tubular or mul-
tiple channels within a circular cross section. An
example of the cross section of a CeraMem mem-
brane is shown in Figure 1. Polymeric membrane
modules can be in tubular, hollow-fiber, spiral, and
flat-sheet membrane configurations and the larger
companies offer all four options. The tubular mem-
brane is not so compact and has a relatively higher
cost per unit of filtration area installed. It is generally
used for viscous and fouling feeds for reasons that are
explained when discussing fouling. Some hollow-
fiber membranes might be considered to consist of
genuine fibers (e.g., 0.6 mm outside diameter or less),
while the larger ones (up to 2 mm) have also been
described as capillary membranes. These come in
two formats, either inside-out or outside-in. For the
former, the feed is on the inside and the permeate is
on the outside (as with the tubular system), but for
certain applications, the reverse is to be preferred.

Flat-sheet membranes may be used either in a flat-
and-frame module or in a spiral-wound module. The
latter has flat sheets that are formed into envelopes
(sealed on three sides and which have a plastic perme-
ate space mesh separating the two sides) with the open
side of the envelopes being attached to and wound
around a central tube that becomes the permeate col-
lector. The individual envelopes are separated by a
plastic mesh of feed spacer material. The feed flows
through the gaps of the mesh across the surface of the
envelopes. Details of the spiral-wound format are
available in company brochures such as those issued
by Koch Membrane Systems. These modules are com-
pact and of relatively low cost but prone to fouling.

MF is, as the name indicates, a filtration operation,
but some of the membranes that are used for MF can
also be used for contacting. For example, the Liqui-
Cel Membrane Contactors are used around the
world for degassing liquids. In general, hollow fibers
made from hydrophobic polypropylene provide a
barrier between an aqueous phase and a gaseous
phase. Such systems can be used for bubble-less oxy-
genation as well as for O2 (or CO2) removal from
water. However, such uses of MF membranes are not
discussed in this chapter.



Table 1 Materials, characteristics, and applications of main polymeric microfiltration membranes

Material Characteristics Typical applications

Polysulfone (PS) - Hydrophilic membrane Food and beverages

- High flow rates Pharmaceuticals

- Broad chemical compatibility Microelectronics Water
- High mechanical strength and temperature resistance Serum

Nylon - Hydrophilic membrane Microelectronics Water

- Very high flow rates Chemicals
- Excellent chemical compatibility Beverages

- High tensile strength

- Long life cycle

Polytetrafluoroethylene (PTFE) - Hydrophobic membrane than can be laminated to
polypropylene support

Air and gases

- Superior chemical resistance Pharmaceuticals

- Superior temperature resistance

- High durability and strength due to support Aggressive chemicals
Acrylic copolymers - Hydrophilic co-polymer membrane with nonwoven

polyester fabric support

Microelectronics Water

- High flow rates Pharmaceuticals

- Low differential pressure Food and beverage
Polypropylene (PP) - Hydrophobic membrane Chemicals

- High flow rates Microelectronics

- Broad pH stability Pharmaceuticals
- High temperature resistance

Polyvinylidene fluoride (PVDF) - Hydrophobic membrane Water

- Superior chemical resistance Chemicals

- Superior temperature resistance Biotechnology
- More easily processed than other fluoro-polymers

- Relatively low cost

Polycarbonate (PC) - Hydrophilic membrane Pharmaceuticals

- High flow rate Air pollution
- High mechanical stability Laboratory analysis

- Thermal stability

Cellulosic - Hydrophilic membrane Air pollution
- Limited thermal stability Microbiology

- Limited mechanical stability Foods

Pharmaceuticals

From Merry, A.J. Membrane Equipment and Plant Design. In Industrail Membrane Separation Technology; Scott, K., Hughes, R.,
Eds.; Blackie: London, 1996; Chapter 3, pp. 67–113.
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As indicated in Table 1, the microporous struc-
ture of MF material finds applications in gas filtration
as it can provide a reliable, long-lasting barrier that
excludes liquid, dust, and other contaminants. Such
applications will not be considered further in this
chapter. The emphasis is on fundamentals that are
applicable to liquid-phase applications, such as cell
broth concentration, beer filtration, and water
purification.
2.07.2 Separation Mechanism and
Associated Transport Phenomena

The membrane flux during the filtration of a feed
containing solutes and/or particles can be reduced
below that of the corresponding pure water flux

(or more generally pure solvent flux) for two reasons:

either the driving force across the membrane is less

than the transmembrane pressure (TMP) due to

osmotic effects or the resistance to fluid flow is

greater than the membrane resistance due to extra

resistances. In an analogy with electrical current,

where the flow of current is given by Ohm’s law,

I¼V/R, the current, I, will be reduced if either V is

reduced or R is increased.
To understand the reason for a possible reduction

in the driving force, it is necessary to understand

concentration polarization. This is a natural conse-

quence of the selectivity of a membrane. Particles or

solutes that do not pass through a membrane accu-

mulate next to the membrane in a region known as
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the mass transfer boundary layer. It is relatively thin;
the actual thickness depends upon the fluid flow
conditions adjacent to the membrane surface.
Dissolved molecules accumulating at the surface
reduce the solvent activity, which generates an
osmotic pressure that reduces the solvent flow
through the membrane. This can be represented as
a reduction in the effective TMP driving force due to
an osmotic pressure difference between the filtrate
and the feed solution adjacent to the membrane sur-
face. This phenomenon is inevitable, but is reversible
with an elimination of TMP and hence flux. While
this effect is generally more important in reverse
osmosis and UF, it should be considered in all pres-
sure-driven processes and so a formal derivation of
the equations is given.

Consider that the minor component is rejected
(e.g., proteins in UF or oil droplets in MF; see
Figure 1). Then the minor component will be of
higher concentration in the boundary layer; it is a
natural consequence of membrane selectivity and
should not be considered as a form of fouling. The
resulting higher concentration of the rejected com-
ponents leads to diffusion of this material back into
the bulk. The extent of accumulation in the mass
transfer boundary layer and the thinness of it can
be estimated using the expressions that will be
derived.

Component 1 is not rejected but component 2 is.
Now under steady-state conditions the relevant
fluxes (in kmol m�2 s�1)) are
Component 1:

j1;con ¼ j1 ð1Þ

Component 2:

j2;con ¼ j2;diff þ j2 ð2Þ

Component 2 has a back-diffusion term but com-
ponent 1, which can be considered to be the solvent,
does not. Initially, consideration is given to the dis-
solved material as this can affect the driving force
through osmotic pressure. The following assump-
tions, which are more precise for dissolved material
than they are for particles, allow one to make a mass
balance on the feed side of the membrane: consider
that

• the behavior is at steady state,

• the diffusion is Fickian (i.e., flux is proportional to
concentration gradient),

• there is no chemical reaction,

• the concentration gradient parallel to the mem-
brane is negligible,

• the density is constant; and

• the diffusion coefficient is independent of solute
concentration.

Thus, for a general component i,

J ?Ci ¼ J ?Ci;P –Dji

dCi

dz
ð3Þ

where J is the volumetric flux through the
membrane.



Fundamentals of Cross-Flow Microfiltration 145
Integration of Equation (3) taking the following
boundary conditions into account,

Ci ¼ Ci;M z ¼ 0ð Þ

Ci ¼ Ci;b z ¼ lblð Þ

yields

J ¼ Dji

lbl

� �
?ln

Ci;M –Ci;P

Ci;b –Ci;P

� �
ð4Þ

The subscripts M and P refer to the membrane
surface and the permeate, respectively, and lbl is the
thickness of the mass transfer boundary layer.

From the above equation it can be seen that for
every component i, the concentration at the surface is
exponentially related to flux:

Ci;M ¼ Ci;b –Ci;p

� �
:exp J :

lbl

Dji

� �
ð5Þ

In Equations (4) and (5) the term (Dji/lb) can be
described as a mass transfer coefficient ki,b. The
mass transfer boundary layer is also referred to as
the concentration polarization layer as the average
concentration within this layer is significantly
higher, due to the exponential relationship (5)
than in the bulk. As there is a distinct difference
between the two regions, polarization is said to
have occurred.

Now for macromolecules (and this may seem sur-
prising), the concentration at the membrane surface,
Ci,M, has been found to be approximately constant and
a plot of flux, J, versus ln(Ci,b) is often found to give a
straight line of negative slope with an intercept that is
taken to be ln(Ci,M). However, for particles, the rela-
tionship between flux, J, and the concentration in the
feed, Ci,b, is different because the assumption of
Fickian diffusion cannot be made. Indeed, if the diffu-
sion of particles is estimated from the Stokes–Einstein
relationship (which shows that for isolated particles
the diffusion coefficient is inversely proportional to
the particle diameter) then there is a great underesti-
mation of the flux. In a seminal paper [2], this flux
paradox was reviewed. The importance of shear gra-
dients and shear forces was highlighted. The former
can cause lateral migration; however, as discussed in
several papers (e.g., Reference 3), shear-induced diffu-
sion is generally the dominant effect. Both effects
increase with increasing particle size and are impor-
tant for feeds with particulates.

Returning to concentration polarization in gen-
eral, it is noted that the relationships between mass
transfer, fluid flow, and physical properties are given
by equations involving Sh¼ kd/D, Re¼ �vd/�, and
Sc¼�/(�D). Relationships are readily found for a
number of geometries and depend upon whether
the flow is laminar or turbulent. For turbulent flow
through a tube,

Sh ¼ 0:023Re0:8Sc0:33 ð6Þ

The other potentially important dimensionless
group is the boundary layer Peclet number (¼J/k).
It is certainly important for membrane processes,
such as MF, where the feed stream is liquid. In the
case of gas-phase feeds, the polarization effect is far
less important due to the larger (about 105 higher)
diffusion coefficient in gas phases compared to liquid
phases. In addition, the fluxes are smaller, so J/k is
orders of magnitude smaller. In passing, it was men-
tioned that the mass transfer boundary layer is thin;
its thickness is given by Dji/ki,b. When Dji is simply
small, the boundary layer is thin; but for macromo-
lecules, Dji is very small and the boundary layer is
very thin. The resulting highly localized high con-
centrations are relevant to fouling in UF and MF
systems.

Now fouling, that is, a buildup of material (e.g.,
adsorped macromolecules, gels, or deposited parti-
cles on or in the membrane surface), is not caused by
concentration polarization but it is exacerbated by it.
Now the nondissolved material that is deposited
either on the membrane surface (or on layers that
are already adhering to the membrane surface), or in
the pore mouths or on pore walls, may take the
following forms:

• Adsorption. This occurs when specific interaction
between the membrane and the solute or particles
exists. A monolayer of particles and solutes can
form even in the absence of permeation flux,
leading to an additional hydraulic resistance. If
the degree of adsorption is concentration depen-
dent then concentration polarization exacerbates
the amount of adsorption.

• Pore blockage. When filtering, pore blockage can
occur leading to a reduction in flux due to the
closure (or partial closure) of pores.

• Deposition. A deposit of particles can grow layer by
layer at the membrane surface, leading to an
important additional hydraulic resistance. This
is often referred to as a cake resistance.

• For certain macromolecules, the level of concen-
tration polarization may lead to gel formation in
the immediate vicinity of the membrane surface,
for example, a solution of concentrated proteins.
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Our attention is restricted to porous membranes and
to understand the fundamentals of fouling an appre-
ciation of transport to the membrane surface and the
physical laws that govern transport through the
membrane will be developed, and an appropriate
model given. Fouling leads to an increase in resis-
tance giving less flux for a given TMP difference or a
higher TMP if flux is kept invariant by, for example,
using a metering pump to maintain a fixed permeate
flow rate. Understanding the other resistances is
important and it is imperative to distinguish a reduc-
tion in driving force across the membrane (which is
the effect of concentration polarization) from an
increase in resistance due to fouling of the mem-
brane. Therefore, the concept of concentration
polarization was introduced with care. This is now
used to develop a model for transport in the absence
of fouling. This subsequently allows one to place the
terms which are due to fouling in context.
2.07.3 Modeling Membrane Filtration
in the Absence of Fouling

The basic mechanism of both MF and UF is the
sieving mechanism, with rejection of molecules
whose size is greater than that of the pores.
Furthermore, since both processes use porous mem-
branes, the pore flow model can, in principle, be
applied if allowance is made for fouling and concen-
tration polarization.

Darcy’s law, which states that flux is proportional
to applied pressure difference, can generally be used
to describe the flux through an unfouled membrane:

J ¼ P? pF – pPð Þ ¼ P?�p ð7Þ

where J is the volumetric flux and �p is the TMP.
This assumes that osmotic effects are absent. While
this might be so, particularly for MF, it is best to
allow for the feat that they might be present.

The permeability constant P is a function of mem-
brane structure, including pore-size distribution and
porosity of the membrane, as well as viscosity of the
permeate. To describe P two approaches are com-
monly used. When the membrane can be compared
to an arrangement of near-spherical particles (as is
the case in ceramic membranes), it is possible to
apply the Carman–Kozeny equation. However, a
different method is required for the majority of
membranes.

When the structure of the membrane can be
assumed to be uniform capillaries (which is the case
for track-etched membranes), the appropriate

approach is to use the Hagen–Posiselle equation.

The flux can then be described by

J ¼
"?d 2

pore

32?�?�
?

�p

lpore
ð8Þ

where � is the tortuosity of the capillaries and dpore is
the diameter of the capillaries. The flux is inversely
proportional to the viscosity of the permeate.

In general, the driving force that exists between
the bulk feed on one side and that on the permeate

side (i.e., pF – pP) will be reduced by the osmotic

pressure difference that occurs due to solute rejec-

tion. The term �p–�� represents the driving force

across the membrane itself. The inclusion of the

dynamic viscosity of the permeate, �, as a separate

term (as opposed to its inclusion within Rm) is to be

preferred. The separate term Rm is then a constant for

a given structure.
The flux through most unfouled membranes can-

not be described by the above-mentioned idealized

equations as these structures do not conform to either

of the two idealized forms. In addition, if a solute is

present, there will be concentration polarization.

Instead, the following equation is used to describe

the flux in the absence of any fouling. The inclusion

of the dynamic viscosity of the permeate, �, makes

due allowance for temperature changes because tem-

perature affects this physical property and little else:

J ¼ �p –��

�Rm
ð9Þ

where Rm is the empirically measured membrane
resistance and the term �� is zero if the feed is a
pure solvent.

If the solute is completely rejected, Equation (4)
will link flux and Ci,M (provided bulk concentration,

Ci,b, and mass transfer coefficient, ki,b, are known),

while Equation (9) links flux, �p and �� (provided

the membrane resistance and permeate viscosity are

known). The relationship between solute osmotic

pressure and concentration can be expressed by

� ¼ aC þ bC2 þ dC3 ð10Þ

Equation (10) enables one to relate �� to Ci,M; it is
an excellent approximation to make � (at M)¼��.

Sufficient information is now available to plot flux as

a function of TMP with the values of �� and Ci,M

also being noted.
In MF systems that involve both particles (or

cells) and macromolecules (which might well be
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extracellular material), it is desirable to estimate any
osmotic effects in order to determine whether the
effective driving force is being reduced.
2.07.4 Fouling: A Brief Overview

Fouling has sometimes been seen as a reduction in
the active area of the membrane, which therefore
leads to a reduction in flux below the theoretical
capacity of the membrane for the given driving
force but it is not necessarily a reduction in available
area for permeate flow. If the pores are partially
blocked or restricted, this is true; however, a cake
layer on the surface of a membrane is a resistance that
is in series with the membrane resistance. The var-
ious modes of fouling are discussed in the Section
2.07.6. Fouling during filtration clearly has a negative
influence on the economics of any membrane process
and so it must be understood and counter-measures
must be adopted to mitigate the effects. For MF, the
fouling can be very severe with the process flux often
being less than 5% of the pure water flux, therefore
necessitating more membrane area for a given duty.
In addition, fouling and subsequent cleaning shorten
the life of membranes, leading to membrane replace-
ment expenditure.

Generally, four types of foulants have been dis-
tinguished: (1) organic precipitates (macromolecules,
biological substances, etc.); (2) colloids; (3) inorganic
precipitates (metal hydroxides, calcium salts, etc.);
and (4) particulates. A more comprehensive list is
given in Table 2, the last entry being biofilms. Now
for certain applications, the problem is not one of
foulants in the feed but biofilms that form from the
Table 2 Examples of foulants and fouling modes in membran

Foulants Fouling mode

Large suspended particles Particles present in the or
can block module channe

Small colloidal particles Colloidal particles can cre

can become a slimy brow

some colloids can be pre
Macromolecules Gel or cake formation on

porous membranes.

Small molecules Some small organic mole
membranes (e.g., anti-foa

fermentation, adhere stro

Proteins Interactions with surface o

Chemical reactions leading to
scaling

Concentration increase an
hydroxides.

Biological Growth of bacteria on the

Modified from Scott, K. Handbook of Industrial Membranes, Elsevier:
constituents in the feed. This is particularly impor-
tant in water applications. The influence of all of
these foulants is made adverse by the effect of con-
centration polarization; as noted earlier, the surface
concentration is expected to increase exponentially
with flux (Equation (5)). Thus, lower fluxes will give
less fouling, with the effect being nonlinear.
Furthermore, this equation indicates that improved
mass transfer will also lead to lower surface concen-
trations, which is why hydrodynamics of the
membrane module are important. A higher cross-
flow velocity will improve mass transfer and reduce
fouling. It can now be understood why tubular mem-
branes are suitable for fouling feeds. The velocities
can be relatively high and this, together with the
larger dimensions, leads to Reynolds numbers in
the turbulent region. In the turbulent region, mass
transfer coefficients are about an order of magnitude
greater than in the laminar regime.

To the mass balance equation (3), one can add,
when appropriate, an electrostatic term and a hydro-
dynamic term. Such terms are often important. In
general, one can view the net flux of material toward
the membrane as being a combination of fluxes, some
of which tend to move material away from the mem-
brane surface, while others, including the convective
flux, move material toward the surface. The overall
material flux, N, is given by

N ¼ JC –D
dC

dz
þ pð�Þ þ qð�Þ ð11Þ

where D is the Brownian diffusion coefficient, p(�)
represents the term for migration of the solutes/par-
ticles due to interactions between the membrane
surface and the surfaces of the solutes/particles, and
e processes

iginal feed (or developed due to concentration polarization)
ls as well as forming a cake layer on the surface.

ate a fouling layer (e.g., ferric hydroxide from brackish water

n fouling layer). In recovery of cells from fermentation broth,

sent.
membrane. Macromolecular fouling within the structure of

cules tend to have strong interactions with some polymeric
ming agents, such as polypropylene glycols used during

ngly to certain polymeric membranes).

r pores of membranes.

d pH changes can lead to precipitation of salts and

membrane surface and excretion of extracellular polymers.

Oxford, 1995.
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q(�) represents the effect of the local hydrodynamics
on the mass flux. The possible settlement of non-
buoyant particles onto the membrane surface has not
been included. Now, as discussed elsewhere [4], p(�)
can be positive in the case of electrostatic attraction,
which corresponds to adsorption of the solute onto
the membrane, whereas a negative p(�) corresponds
to repulsion. The consequences of this have been
developed by several authors [5, 6]. The particle–
membrane repulsion is efficient as long as the migra-
tion induced exceeds the magnitude of the migration
due to the convective flux. This is the case for UF
plants treating electro-dip coat paints and may be
important in certain applications of MF to oil–
water separation.

The term q(�) represents the effect of the local
hydrodynamics on the material flux. It depends, but
not exclusively, on the shear forces. The term
includes migrations (e.g. lateral migration) and diffu-
sive effects, which necessitate concentration
gradients. The latter encompass turbulent diffusion
and shear-induced diffusion. These effects have been
discussed extensively in a review [2] and several
papers (e.g., Reference 3).

While theory can be a guide, help to interpret
results, the sizing of plants depends crucially upon
laboratory and pilot plant data as there are several
interacting parameters that influence the fouling rate.
These include the membrane type, its pore-size dis-
tribution, its surface characteristics, and the nature
and concentration of the solutes at the membrane
surface. The latter depends upon the hydrodynamic
characteristics of the membrane module and the
chosen feed velocity.

So far we have mentioned fouling as adversely
affecting the hydraulics (decreasing flux (for fixed
TMP) or increasing TMP (for a given flux)), but
the changing of the effective pore-size distribution
will also cause operating problems if transmission of
certain solutes is desired. This is the case in beer
filtration, where retention of cells but the passing of
proteins is essential. Therefore, in the analysis of
membrane performance one must remember that it
is a separating device.

For MF, it is useful to divide the methods to
reduce fouling into direct and indirect methods.
Some of the direct methods, such as the use of tur-
bulence, are clearly similar to the measures taken to
reduce the intensity of a concentration boundary
layer. These methods include turbulence promoters
(e.g., modified membrane spacers), rotating or vibrat-
ing membranes, and pulsed flow. In the 1990s, the
New Logic Vibratory Shear Enhanced Processing

(VSEP) system emerged as an exciting alternative,

especially for feeds with high solid levels. While the

feed slurry is pumped slowly between parallel mem-

brane leaf elements, a high shear is created by a

vigorous vibration of these elements in a direction

tangential to the membrane surfaces. The shear

waves produced by the membrane’s vibration induce

solids and foulants to be lifted off the membrane

surface and remixed with the bulk feed. The high

shear processing allows the membrane to operate

closer to the clean water flux. The manufacturer

states that the throughput is typically between 3

and 10 times the throughput of conventional cross-

flow systems [8].
Included within the indirect methods is the selec-

tion of appropriate operating mode. This

encompasses the choice of whether one is choosing

cross-flow or dead-end (direct) filtration with peri-

odic backflush. For a highly fouling feed, the former

is essential, but for drinking water filtration the latter

is now the norm because it can be made to work at

drastically reduced energy costs compared with tra-

ditional cross-flow membrane filtration. Other

indirect methods include pretreatment of feed or

pretreatment of membrane. In both the cases, the

aim is to prevent unwanted adsorption.
One can also mention cleaning in the context of

fouling-prevention measures. This may seem strange

but regular intermittent cleaning (e.g., chemically

enhanced backwash) can reduce the need for major

cleaning-in-place procedures. It is suggested that in

many industries, the cleaning procedures might be

viewed as consisting of two types: those, which are for

regular maintenance, and those that are for recovery.

Therefore, well-adapted maintenance cleans prevent

the need for excessive recovery cleans.
Figure 2 illustrates the approach of flushing to

remove cake layers on the feed side and, therefore,

reduce the influence of fouling. It is carried out by

reversing the flow of the permeate through the mem-

brane. This can dislodge some of the foulants,

particularly particulates, and reestablishes the flux

at a high level. In order to maintain a high overall

flux, backflushing is carried out periodically

and requires module types and membranes that

can withstand the reverse flow. It is an essential

operation in dead-end-operated UF and MF systems.

Backflushing with the inclusion of a low concentra-

tion of cleaning chemicals, such as parts per million

(ppm) levels of chlorine, is labeled a chemically
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enhanced backwash. These backwashes can clean the
membrane pores.

From this brief introduction to prevention and
reduction of fouling one can see that a variety of
approaches have been developed. While prevention
is the aim, and this can sometimes be achieved on the
laboratory scale with well-defined feeds, the reality is
that the objective is one of reduction. For new appli-
cations, pilot plant tests to establish the extent of
fouling rates and the efficacy of cleaning methods
are essential.
2.07.5 Modeling Membrane Filtration
in the Presence of Fouling

Now that a sound basis has been provided, addi-
tional terms can be added to account for the
hydraulic resistance that is due to material accu-
mulation on the membrane surface and/or in the
membrane pores. There is interest in (1) the rela-
tionship between flux and TMP and (2) the
relationship between flux and time. Whether the
fouling is on the membrane surface or in the pores
will affect the relationships. At this stage, a three-
fold division of the overall fouling resistance is
introduced. These resistances can be considered
to be in series with the membrane resistance.
Hence,

J ¼ �P –��

�ðRm þ Rads þ Rrev þ RirrevÞ
ð12Þ

The first of the additional hydraulic resistances,
Rads, is for the resistance due to surface or pore
adsorption that occurs independently of flux. This
is measured by contacting the membrane with the
feed in the absence of flux (for say a few hours) and
then measuring a pure solvent flux at a known TMP.
This enables the hydraulic resistance of the passively
fouled membrane to be calculated and the difference
between this resistance and Rm gives Rads. The
experiment can be repeated for other contact times.

The other terms reflect the fouling that occurs
during operation. The increased resistance that occurs
during operation can be divided into a reversible
component, Rrev (i.e., one that occurs during operation
but is not present after switching from the feedback to
pure solvent) and an irreversible component, Rirrev,
that reflects the deposition of material that is only
removable (at best) by a cleaning operation.

This classification allows one to distinguish addi-
tional resistances (such as adsorption) that are
independent of the pressure and permeate flux from
fouling phenomena driven by the solvent transfer
through the membrane. Fouling of the latter type
can be reversible (Rrev) or irreversible (Rirrev), when
the pressure is decreased.

When considering these fouling mechanisms, the
strong form of critical flux, Jcs, has been developed to
discriminate no fouling conditions (where Rm is the
only resistance in Equation (13)) from fouling condi-
tions where other resistances also apply. It has been
defined [9] as the flux at which the flux-TMP curve
starts to deviate from linearity (Figure 3). So with the
assumption that osmotic pressure effects are
negligible

for J < Jcs : J ¼ �P

�Rm
ð13Þ

for J > Jcs : J ¼ �P

�ðRm þ ðRrev þ RirrevÞÞ
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Figure 3 Forms of critical flux as originally defined by Field et al. [9].
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where at least one of Rrev’s or Rirrev’s is nonzero and
when Rads is considered as negligible.

For UF, the flux through the membrane can ide-
ally be described in analogy to MF, with allowance
for osmotic effects due to concentration polarization.
This yields a pair of equations:

Jideal ¼ �p –��ð Þ=�Rm ð14Þ

Jactual ¼
�p –��

� Rm þ Rfð Þ ð15Þ

where the ideal may apply at sufficiently low fluxes.
The simplest definition of critical flux is the flux at
which fouling is first observed for a given feed con-
centration and given cross-flow velocity. It should be
a design consideration for all pressure-driven
processes.

For an advanced discussion of how the concept of
critical flux has developed, the reader is referred to
Bacchin et al. [4].

If there is operation at constant TMP, then
Equation (15) shows that increasing of Rf with
time will lead to flux decline. Typically, there is
an initially rapid decrease followed by a longer
more gradual decline, followed in many cases by
a steady state being reached. As discussed later, the
flux of solutes and particles toward the membrane
surface reduces as the volumetric flux decreases.
Thus, the accumulation will cease when there is a
balance between flux of solids in and removal
away. With the accumulation completed, the volu-
metric flux through the membrane will be steady
unless reduced by adverse changes in the accumu-
lated material. In all cases, operation at a high
initial flux is to be avoided as it leads to an

excessive flux of foulants toward the membrane

surface.
If instead of operation at constant TMP, there is

operation at constant flux, then fouling leads to

increases in TMP. If the fouling rate is low, this

mode of operation has much to commend it. With a

constant flux, the rate of TMP increase is generally

either linear or concave upwards. In Figure 4, the

straight line after 15 min is indicative of cake forma-

tion on top of the membrane; the slightly higher slope

before that time reflects the fact that the initial layers

of cells partially blocked the membrane and so had a

greater effect per unit mass of yeast cells convected

to the membrane surface. The figure also illustrates

the distinction between the reversible component of

fouling, Rrev, that is, one that is readily removed after

switching from the feed to buffer (the presence of

salts in the buffer is irrelevant) and an irreversible

component, Rirrev, which reflects the deposition of

material that is only removable (at best) by a cleaning

operation.
Being able to clearly distinguish between these

various types of fouling and understanding how

their magnitudes relate to TMP and various operat-

ing conditions are important. The subsequent

discussion is highly idealized but identification of

the fouling mode does aid interpretation of the foul-

ing phenomena.
As shown in Figure 5, there are four fouling

mechanisms for porous membranes [11]: (1) com-

plete pore blocking; (2) internal pore blocking; (3)

partial pore blocking; and (4) cake filtration.
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Hermia’s [11] original unifying equation took the
following form:

d2t

dV 2
¼ k

dt

dV

� �n

ð16Þ

One may find it strange that the time of filtration
is differentiated with respect to the volume of filtrate

collected per unit area, but this is the mathematical

form that emerges if the focus is upon volume of

filtrate collected. For those with a focus upon

membrane operations, flux and flux decline are the

normal foci and then the above equation takes the

simple form:

dJ

dt
¼ – kJ 3 –n ð17Þ

In this form, one aspect of the index n becomes
immediately clear; the smaller the value of n, the

greater the decrease in the magnitude of the rate of

flux decline. As J decreases, the term J 3�n becomes
(a)

(c)

Figure 5 Fouling mechanisms of porous membranes: (a) comp

blocking; and (d) cake filtration.
smaller more rapidly the greater the value of the
index.

For n¼ 2, particles larger than the pore size, or
almost exactly the same size, completely block the
pores. In the absence of any removal term, the flux-
time equation is

J ¼ J0?KbA?t ð18Þ

For n¼ 1.5, particles smaller than pore size enter
the pores and get either adsorbed or deposited onto
the pore walls. This restricts the flow of permeate by
effectively making the pores smaller. Now n¼ 0
represents the formation of a cake on the membrane
surface by particles, which neither enter the pores
nor seal the pores. The incomplete pore-blocking
mechanism (n¼ 1) has particles reaching the surface
where they may seal a pore or bridge a pore or
partially block it or adhere to inactive regions. Due
to the latter possibility, the effect is not as strong.
Hermia [11] gives derivations for the mathematical
(b)

(d)

lete pore blocking; (b) internal pore blocking; (c) partial pore
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relationships. Those mathematically inclined might
like to note that for n 6¼ 2, the following equation can,
in the absence of any cross-flow effect, be used to
describe the influence of fouling on the flux through
the membrane [12]:

J ¼ J0 1þ k 2 – nð Þ A?J0ð Þð2 –nÞ
t

� � 1
n – 2ð Þ ð19Þ

It must be noted that Equations (18) and (19)
include no allowance for cross flow, which can be
expected to influence three of the four modes. The
exception is internal pore blocking. A more sophisti-
cated approach was developed in the 1990s with
allowance for cross flow [9]. Equation (17) is mod-
ified to allow for backflux; it then becomes

dJ

dt
¼ – k J – Jssð ÞJ 2 –n ð20Þ

where Jss is the steady-state flux reached at long
times.

In the presence of cross flow, the flux at long times
generally approaches a nonzero value. If a cake has
been formed, then the value of Jss will correspond to
the critical flux for cake formation under the specific
process conditions (concentration, cross-flow velo-
city, etc.) for the system under consideration. The
integrated forms of Equation (20) can be found in the
appendix of Reference 8 for values of n equal to 2, 1,
and 0.
2.07.6 Fouling and Choosing
between UF and MF

Internal pore blocking is a particularly serious mode
of fouling because it is exempt from the mediating
effects of cross flow and cleaning may be more diffi-
cult. Thus, the correct choice of pore size is very
important. One of the reasons for modeling fouling is
to determine whether the flux decline is due to
internal pore blocking, that is, whether n¼ 1.5 or
not. By making this determination, an understanding
of why one membrane is performing better than
another can be developed. Sometimes a larger pore
size gives a higher initial flux (as expected) but an
unexpected lower flux than a smaller-pore-sized
membrane. This is typical for the MF of cell broth,
where 0.2 mm is often to be preferred to 0.5 mm; in
many biotechnological applications, the latter size
often suffers from excessive internal pore blocking.

An early success for membrane processes, during
the 1970s, was the recovery of paint particles from
the washing stage that follows the dip-coat painting/
priming of car bodies or the painting of household
appliances. Now it might be thought that colloidal
paint can be recovered by an MF process but the
reported size range is 0.01–1 mm and the former
dimension corresponds to UF and, in particular, to
a nominal molecular weight cutoff of 50 000 Da.

Two extensively expanding applications for
membranes are drinking water filtration and waste-
water treatment. While the former principally
involves UF, the latter relates particularly to aerobic
MBRs. These systems give a combination of biologi-
cal treatment with excellent filtration that excludes
bacteria and viruses from the permeate, which is
water of sufficient quality for reuse. With aeration
in MBRs providing decent shear at membrane sur-
faces, the critical flux hypothesis suggests that it is
worth exploring whether one can operate below it or
close to it. Kubota has exploited this idea with their
flat-plate system based on MF membranes. While
GE does recommend MF membranes for some
water applications, their hollow-fiber ZeeWeed sys-
tem is based on UF membranes.

The literature suggests that the economic flux is a
controlled flux in excess of the critical and thus the
system is operated with gentle fouling. The strategy
for Kubota may be currently similar but some inter-
esting data for a particular water from Ishida et al.

[13] with the Kubota system reported that one could
obtain 0.5 m3 m�2 day�1 with a steady pressure of
30 kPa, which was subcritical operation. However, as
the storm overload condition necessitated operation
at higher fluxes/TMPs, there was some fouling
under these conditions. With 70 kPa, they initially
obtained 1.05 m3 m�2 day�1 but this declined to 0.94
m3 m�2 day�1 due to fouling. On returning from
super-critical conditions to the original flux, the
TMP was initially a third higher than previously
but there was some removal of foulants and the flux
settled at 35 kPa. The advantages of simple modes of
operation are obvious for unmanned systems. In the
UK at least the Kubota system seems to be preferred
at the small commercial scale and Zenon at the larger
commercial scale.
2.07.7 Concluding Remarks

The successful exploitation of MF membranes is
very case specific as fouling, cleaning, and process
design are inextricably linked to the process applica-
tion. Process solutions and the range of applications
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will continue to evolve. Water is a huge growth area

but biopharmaceuticals remain very important.

Knowledge of and an ability to analyze fouling will

guide design. Membranes are becoming cheaper and

so operating plants around the critical/threshold flux

maybe practical. Designs with a larger area for a

given task also place less stress on the membrane

and reduce the environmental impact of frequent

chemical cleaning and membrane replacement.
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Glossary
Asymmetric membrane A membrane constituted

of two or more structural planes of nonidentical

morphologies.

Co-current flow A flow pattern through a

membrane module in which the fluids on the

upstream and downstream sides of the membrane

move parallel to, and in the same direction as, the

membrane surface.

Compaction The compression of a structure due

to a pressure difference across its thickness.

Completely mixed (perfectly mixed) flow A flow

pattern through a membrane module in which the

fluids on both the upstream and downstream sides

of the membrane are individually well mixed.

Composite membrane A membrane with

chemically or structurally distinct layers.

Continuous membrane column A membrane

module(s) arranged in a manner to allow operation

analogous to that of a distillation column, with each

module acting as a stage.

Counter-current flow A flow pattern through a

membrane module in which the fluids on the

upstream and downstream sides of the membrane

move parallel, and in the opposite direction, to the

membrane surface.

Cross-flow A flow pattern through a membrane

module in which the fluid on the upstream side of

the membrane moves parallel to the membrane

surface and the fluid on the downstream side of the

membrane moves away from the membrane in the

direction normal to the membrane surface.

Dense (nonporous) membrane A membrane

without detectable pores.
Diffusion The movement of molecules (or

particles) from an area of high concentration to an

area of low concentration in a given volume down

the concentration gradient. It is a spontaneous

process and results in a statistical random motion

of molecules.

Downstream The side of a membrane from which

the permeate emerges.

Elastomeric (rubbery) The state of matter of a

polymer when placed in an environment above its

glass transition temperature.

Flux The number of moles, the volume, or mass of

a specified component I passing per unit time

through a unit of the membrane surface area

normal to the thickness direction.

Glassy The state of matter of a polymer when

placed in an environment below its glass transition

temperature.

Glass transition temperature The temperature

that corresponds to a pseudo-second-order phase

transition at which an amorphous solid, such as a

glass or a polymer, becomes brittle upon cooling,

or soft upon heating.

Homogeneous membrane A membrane with

essentially the same structural and transport

properties throughout its thickness.

Ideal separation factor (selectivity) A parameter

defined as the ratio of the permeability coefficient of

component A to that of component B and equal to

the separation factor where a perfect vacuum

exists at the downstream membrane face.

Isothermal A process in which the temperature of

a system remains constant.
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Liquid membrane A liquid phase that exists either

in a supported or unsupported form serving as a

membrane barrier between two phases.

Membrane A structure with lateral dimensions

much greater than its thickness, through which

mass transfer may occur under a variety of driving

forces.

Module A manifold assembly containing one or

several membranes to separate streams of feed,

permeate and retentate.

Penetrant (permeant) The entity from a phase in

contact with one of the membrane surfaces that

passes through the membrane.

Permeability (coefficient) A parameter defined as

a transport flux per unit transmembrane driving

force per unit membrane thickness.

Permeance (pressure normalized flux) The

transport flux per unit transmembrane driving force.

Permeate A stream containing penetrants leaving

a membrane module.

Pressure ratio A dimensionless parameter

defined as the ratio of the total downstream to

upstream (or upstream to downstream) pressure in

a gas permeation module.

Recovery (relative or ratio) The amount of

substance of a component collected in a useful

product divided by the amount of substance of that

component entering the process (the useful

product may be either the retained material, i.e., the

retentate, or the permeated material, i.e., the

permeate).
Retentate A stream depleted of penetrants which

leaves the membrane module without passing

through the membrane to the downstream.

Separation factor A ratio of the compositions of

components A and B in the permeate relative to the

composition ratio of these components in the

retentate.

Sorption (partition) coefficient The parameter

equal to the equilibrium concentration of a

component in a membrane divided by its partial

pressure in the external phase in contact with the

membrane surface.

Solution-diffusion (sorption-diffusion) A

molecular scale process in which the penetrant is

sorbed into the upstream membrane face from the

external phase, moves by molecular diffusion in the

membrane to the downstream face, and leaves

through the external phase in contact with the

membrane.

Stage cut A parameter defined as the fractional

amount of the total feed entering a membrane

module passing through the membrane as

permeate.

Steady state The state of a system when all state

variables are kept constant and no time

dependency is observed.

Sweep A nonpermeating stream directed past the

downstream membrane face to reduce the

downstream permeant concentration.

Upstream The side of a membrane into which

penetrants enter from the feed stream.
Nomenclature
a activity (–)

A membrane area (m2)

c concentration (mol m�3)

d diameter (m)

D mutual diffusion coefficient (m2 s�1)

DT thermodynamic diffusion coefficient (m2 s�1)

E energy requirement (J mol�1)

EA activation energy (J mol�1)

f fugacity (bar)

F Faraday constant (96 500 C mol�1)

H enthalphy (J mol�1)

J diffusion flux (mol m�2 s�1)

k mass transfer coefficient (m s�1)

L phenomenological coefficient

(mol2 J�1 m�1 s�1)
L length (m)

N total flux (mol m�2 s�1)

n stage number (–)

p9 membrane module upstream side pressure

(bar)

p0 membrane module downstream side

pressure (bar)

p pressure (bar)

P permeability coefficient (Barrer or

mol m�1 s�1 Pa�1 (SI))

Q flow rate (m3 s �1)

r radius (m)

R recovery ratio (–)

R perfect gas constant (8.314 J mol�1 K�1)

s nondimensional membrane surface area (–)

S entropy (J mol�1 K�1)
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T temperature (K)

TB boiling temperature (K)

TC critical temperature (K)

vi partial molar volume (m3 mol�1)

vF fractional free volume (–)

V volume (m3)

xin mole fraction in the feed mixture (–)

xout mole fraction in the retentate (–)

y mole fraction in the permeate side (–)

z membrane thickness (m)
Greek Letters
� real separation factor (–)

�� ideal separation factor (–)

� solubility parameter (J1/2 m3/2)

" Lennard–Jones parameter (K)

� isentropic efficiency (–)

� viscosity (Pa s)

� adiabatic gas expansion coefficient (–)

� activity coefficient (–)
� plasticization coefficient (m3 mol�1)

� Flory–Huggins polymer solvent interaction

parameter (–)

j volume fraction (–)

� chemical potential (J mol�1)

� electrical potential difference (V)

 pressure ratio (–)

	 stage cut (–)
Fi
in
ru

ai
gure
vestig
bber [

r tight
Subscripts
c continuous

d dispersed

f free volume

p polymer

ref reference state
1
a
1

p

Superscripts
sat saturated

T thermodynamic
A

C x

E

R

B

Apparatus used by Graham for his early

tions on gas permeation processes through natural
]. A-B-C, mercury tube (funnel-mortar-clamp); E,

olymer bag; R, gas receiver; X, branch tube.
2.08.1 Introduction

2.08.1.1 Historical Overview

The first study on the transport of gases through a

polymer is often attributed to Graham [1], who, in

1829, observed that a pig bladder became inflated

when placed in an atmosphere of carbon dioxide.
Two years later, Mitchell reported on the difference

in the collapse rate of small rubber balloons when

filled with 10 different gases [2]; he correctly asso-

ciated the high permeation rate of carbon dioxide

with its high solubility [3]. Nevertheless, the founda-

tion of modern membrane science can be dated back

to 1866, with the publication of a remarkable paper,

again by Graham [4]. For the first time, rubber

membranes were described as liquid-like, nonporous
materials, and the overall gas permeation process was

postulated to follow a solution-diffusion mechanism

that can be seen as a cornerstone in today’s analysis of

dense polymer mass transfer phenomena.

Additionally, the gas flux was shown to increase

with a decrease in membrane thickness; however,

the separation selectivity was not affected. Graham

also pointed out an increase in the gas permeability

and a decrease in the solubility when the temperature
was raised. From a practical point of view, Graham

also demonstrated the possibility of achieving an

oxygen enrichment of air by natural rubber films.
Figure 1 illustrates the apparatus used by Graham

for his experiments.
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The first observation of a so-called semiperme-
able membrane (a name invented by van’t Hoff [5])

for gas separations was truly visionary since, as will

be shown hereafter, it is nowadays a current indus-
trial application of polymeric membranes.

Nevertheless, it took more than one century for the
application envisioned by Graham to become a reality.

Indeed, the first large-scale industrial application of

polymeric separation membranes started in 1980 with

Permea� hydrogen separating Prism� membranes [6].

Meanwhile, the sole, but nonetheless impressive, use

of nonpolymeric membranes for gas separation,

namely the isotope separation by microporous metal

membranes as part of the Manhattan project, started in

1943 and several very large plants were built world-
wide for this unique and very special application.

In fact, in order for polymeric membranes to find
applications in industry, several major bottlenecks

have had to be overcome. High-flux, defect-free

materials, as well as modules with large surface

areas were required. In that respect, the development

of thin film anisotropic membranes (sometimes

called integrally skinned asymmetric membranes),

pioneered by Loeb and Sourirajan [7] for reverse-

osmosis application in 1961, and the revolutionary
concept of resistance composites (or ‘caulked’ mem-

branes) developed by Henis and Tripodi [8] 20 years

later within the Monsanto Company, can be seen as

decisive landmarks. More detailed historical perspec-

tives on the development of polymeric membrane

materials for gas separation processes have been

reported by Lonsdale [9] and Koros [10] and will

not be discussed here further.
It can be stated that, due to continuing improve-

ments in materials science, manufacturing, and
Nitrogen from air 
50%

Figure 2 Membrane gas separations: market share in 2000. M

1393–1411.
process engineering, membrane gas separation pro-
cesses have been gradually adopted by a large
number of industries in a variety of sectors over the
past 30 years. The market of polymeric gas separa-
tion membranes has recently been estimated [11] to
range between $150 and $230 million per year, with
an annual growth of 15% (i.e., the largest among the
various membrane processes [12]). Several thousands
of gas separation modules with dense polymeric
membranes are currently operated throughout the
world and can be roughly divided into four major
application fields (Figure 2).

New opportunities for applications, opening addi-
tional markets, are expected to emerge in the near
future and will be discussed in the last part of this
chapter.

Generally speaking, polymeric gas separation
membranes have been considered in a wide variety
of exhaustive reviews, textbooks [13], and book chap-
ters [14] on topics including materials science aspects
[15, 16], scientific challenges, engineering [17], or
industrial state of the art [18, 19]. The objective of
this chapter is to provide a survey of these various
aspects in a condensed and comprehensive form.

The definitions of the terms given in the Glossary
section correspond to recommendations [20], also
presented in the Journal of Membrane Science [21].
2.08.1.2 Overall Framework and Key
Parameters

Membranes always occupy a special place in the
separations spectrum in that they do not belong to
the so-called equilibrium-staged process family,
which represents a large majority of industrial
Hydrogen recovery
17%

Vapor recovery
13%

Carbon dioxide 
Natural gas

20%

odified from Baker R. W. Ind. Eng. Chem. Res. 2002, 41,
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Figure 3 Schematic diagram of a basic membrane gas

separation process. The module is usually operated under
steady-state conditions and a pressure difference is applied

between the upstream and the downstream compartments.
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separation processes (e.g., distillation, absorption,
extraction, and adsorption) [22]. Basically, two
types of definitions of a membrane operation can be
proposed in order to highlight its differences with
other separation processes. A membrane separation
can first be defined based on a structural view,
such as the definition proposed by Hwang and
Kammermeyer [23]: ‘‘A membrane is a region of
discontinuity interposed between two phases.’’ A dif-
ferent definition has alternatively been proposed by
other authors in order to highlight the functional
specificities of membrane separation processes:
‘‘Any phase that acts as a barrier preventing mass
movement but allowing restricted or regulated pas-
sage of one or several species through it may be
defined as a membrane. This could be a solid or a
liquid or even a gas. All membranes are active in an
operational sense when used as barriers to separate
two solutions or phases unless they are too fragile or
too porous’’ [24].

The key operating principle of a membrane gas
separation process indeed demands that a nonequili-
brium situation prevails. In what will be developed
hereafter, no separation effect occurs at equilibrium,
and this represents a fundamental difference when
compared to processes based on phase equilibria.
From a practical point of view, a difference in partial
pressure (or fugacity) of the permeating species
between the upstream and downstream sides is a
necessity. Such a pressure difference will generate a
chemical potential driving force that will induce the
permeation of the species through the membrane
material. The pressure difference between two com-
partments separated by a membrane is achieved in a
module.

Membrane gas separation is almost systematically
operated under a steady-state regime. Moreover, a
great number of applications are based on a single
stage, a situation that differs considerably from most
of the other separation processes for which the stage
number is a key issue in the identification of the
optimal design. As a result, the general framework
of polymeric membrane gas separation units, as
shown in Figure 3, can, at a first glance, be consid-
ered rather simple when compared to other
separation processes.

It should however be stressed that, while mass
balances can be easily established, an efficient design
primarily depends on the precise knowledge of mass
transfer expressions as well as on the rigorous
description of the conditions (temperature, pressure,
composition, velocity, etc.) that prevail in a given
system. In that respect, the detailed analysis of the
physical laws governing gas permeability phenomena
through dense polymers is of utmost importance.
This aspect is developed in the following section.
2.08.2 Gas Transport Mechanisms in
Polymers

2.08.2.1 Permeability Concept

The development of rigorous flux computation mod-
els is one of the essential targets of mass transfer
(field). A crucial prerequisite of mass transfer model-
ing addresses the driving force issue, which has to be
taken into account in order to resolve the problem.
The chemical potential �i is unanimously considered
as the generalized driving force of a given species (i)
for mass transfer [25]. This generalized electroche-
mical potential, introduced by Guggenheim [26], is
expressed as

�i ¼ �i;ref þ RT lnai þ
Z P

Pref

�vi dp –

Z T

Tref

Si dT þ ziF�

ð1Þ

A chemical potential difference across the membrane
is a necessity for penetrant mass transfer to occur. An
isothermal process is most often postulated in gas
permeation operations, at least for laboratory scale
experiments (this point will be discussed later).
Moreover, no electrical field is applied in what will
be addressed in the following, and based on this, only
pressure (p) and concentration (ci), or, more gener-
ally, activity (ai ¼ �ici), can potentially play a role in
the variation of the chemical potential. Inside a poly-
meric gas separation membrane, only three different
scenarios can be proposed: (1) a concentration gradi-
ent without a pressure gradient, (2) a pressure
gradient without a concentration gradient, and
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(3) the coexistence of pressure and concentration

gradients.
Selecting the correct hypothesis is obviously of

prominent importance in order to derive rigorous

and efficient mass transfer models. For dense poly-

mers, a great number of studies have, in the 1970s,

been reported with this fundamental question as the

major issue. It is now commonly admitted that, for

dense polymer permeation by gases or liquids, no

pressure gradient exists through the membrane, and

the pressure inside the membrane is equal to the

upstream pressure [27] (Figure 4).
This argument is particularly true for mechani-

cally supported membranes (found in a large

majority of situations in laboratory or industry); in

this case, on the downstream side of the membrane,

the support must indeed exert a pressure that is equal

and opposite to that exerted by the gas on the

upstream side [28]. Moreover, the existence of a

concentration gradient within the membrane has

been confirmed by an elegant series of experiments

using a stack of rubber membranes [29]. Even though

the existence of a pressure gradient inside a dense

polymeric membrane is still occasionally proposed

for gas [30] or liquid [31] permeation, this option will

be excluded in what follows and the celebrated solu-

tion-diffusion model can thus be easily derived,

based on the situation illustrated in Figure 4. At

this stage, single-component permeation is consid-

ered for model derivation.
Feed

Membrane
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c ′
Driving force
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Figure 4 Pictorial view of the steady-state permeation of

a pure gaseous species through a dense polymeric
membrane.
The derivation of the solution-diffusion model first
requires that the hypothesis of local equilibrium con-
ditions on the two sides of the membrane be accepted.
From a practical point of view, this assumption corre-
sponds to a much smaller absorption time (upstream
side) and desorption time (downstream side) as com-
pared to the intramembrane diffusion time. It is clear
that this hypothesis is not necessarily correct for all
systems. In fact, it is particularly subject to failure for
chemically reacting systems or for extremely thin
membrane materials. Chemically reacting systems
are employed for liquid membranes where a carrier
reacts with one of the penetrant molecules [32], or for
hydrogen permeation through metallic membranes. In
the latter case, hydrogen dissociates upon adsorption
and specific permeation laws have to be employed
[33]. For dense polymer permeation however, experi-
mental observations and the comparison of
characteristic times for interface equilibrium and dif-
fusional mass transfer demonstrates that the
hypothesis of local equilibrium conditions can be con-
sidered as valid in a large majority of cases. Since the
pressure inside the membrane is constant, and because
the system is considered as homogeneous, there exists
no direct convection contribution (bulk flow), and the
steady-state mass transfer for a fixed reference frame
Ni can be written through a strict diffusion mechanism,
best expressed by Fick’s law:

Ni � Ji ¼ –Di

qci

qz
ð2Þ

It is important to note that the above equation rigor-
ously postulates the occurrence of a counter-
diffusion process. For highly swelling membrane,
the equation has to be modified in order to take
into account the bulk flow contribution resulting
from the fact that the polymer is stagnant [34]. This
additional term can be disregarded based on the
assumption that the amount of sorption of the per-
meant is negligible (i.e., that the volume fraction of
penetrant dissolved in the membrane is <1%). Such a
hypothesis is usually considered reasonable in the
case of permeation of a pure permeant, but cannot
be considered as systematically valid.

The use of an equilibrium relationship between
the penetrant pressure (or fugacity) in the gas phase
and the corresponding solubility in the polymer can
be proposed as

ci ¼ Sipi ð3Þ

Here, S is the so-called sorption coefficient, which
can be experimentally determined or computed from
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phase equilibrium considerations. It is more conve-
nient to express the steady-state flux of the penetrant
through the membrane with the partial pressure dif-
ference, and this can easily be achieved by a
combination of the two previous equations.
Integration for a membrane of thickness z yields

Ji ¼
1

z

Z pi9

pi0

DiSi dpi ð4Þ

A mean permeability coefficient can be defined as

�Pi ¼
1

pi9 – pi0

?

Z pi9

pi0

DiSi dpi ¼
Jiz

pi9 – pi0

ð5Þ

If the solubility coefficient S and the diffusion coeffi-
cient D can be considered as independent of pressure
within the limits of the range of pressure, then

Ji ¼
Piðpi9 – pi0Þ

z
with Pi ¼ SiDi ð6Þ

Equation (6) can be considered the workhorse of gas
permeation in dense polymers, and it applies to the
simplest situation that can be proposed. Under the
conditions of validity of the various hypotheses that
have been used in its derivation, the equation shows
that the steady-state flux of a given gas or vapor (i)
through a dense membrane Ji is proportional to the
intrinsic permeability coefficient (Pi) and the partial
pressure difference (pi9 – pi0), and inversely propor-
tional to the effective thickness of the selective layer
(z). Thus, the permeability of gas (i) in a membrane
material can be seen as the flux normalized with
regard to pressure and thickness. Moreover, it takes
on the role of the characteristic mass transfer coeffi-
cient. Interestingly, it is a product of two very
different terms: a thermodynamic factor (the sorption
coefficient S) and a kinetic parameter (the diffusion
coefficient D).
Table 1 Gas permeabilities in a series of rub
temperature conditions (units: Barrer)

Tg

(�C) H2O H2 H

PTMSP �200 13 200 5
PDMS �123 40 000 890 5

Polystyrene 95 970 23.8 2

CA 200 6 000 8 1
Polysulfonea 190 2 000 12.1 1

Polyimideb >300 640 3.7 8

PMMA �110 638 2.4 8

a Bisphenol-A-polysulfone;
b PMDA-4,49-ODA polyimide.
CA, cellulose acetate; PDMS, polydimethylsiloxa
For gas separation with polymers, the permeabil-
ity is most commonly expressed in Barrer, named

after the pioneer in gas permeability measurements:

R.M. Barrer. For a description of the impressive

research carried out by R.M. Barrer, the reader is

referred to a review by Michaels [35]. One Barrer

represents 10�10 cm3 (STP) cm cm�2 s�1 cm�1 Hg�1

and corresponds to 3.347�10�16 mol m�1 s�1 Pa�1

(SI units). From a quantitative point of view, barrier

materials can demonstrate permeability coefficients

down to 10�6 Barrer, for example, in the case of

oxygen permeation through a glassy polymer (dry

polyvinylalcohol), whereas values up to 104 Barrer

have been reported for vapor permeation through

elastomeric materials. Ten orders of magnitude can

thus be covered for the permeation of gases or vapors

through polymers. Such a broad range is remarkable

in the field of mass transfer coefficients and it

explains the intense efforts carried out during several

decades with regard to the understanding of the

parameters that affect the polymer permeability (Pi).
The physico-chemical characteristics of the main

compounds involved in membrane gas separation at

an industrial scale are summarized in Table 1, and,

for illustrative purposes, a series of permeability data

for various gases is reported in Table 2.
Several trends, which can be considered as rules of

thumb for polymeric gas separations, can be observed

when referring to these two tables:

1. While the absolute value of the permeability
coefficient varies considerably from one polymer to

another, the ranking of the permeability within a

limited number of gaseous species remains remark-

ably similar and can be roughly divided into two

categories.

For glassy polymers (i.e., Tg > ambient tempera-

ture; cf. Table 2), the separation is principally
bery and glassy polymers under ambient

e CO2 O2 N2 CH4

080 28 000 7730 4970 13 000
90 4550 781 351 1430

2.4 12.4 2.9 0.52 0.78

6.0 4.75 0.82 0.15 0.15
0.8 4.6 1.2 0.19 0.18

.0 2.7 0.61 0.10 0.59

.4 0.62 0.14 0.02 0.0052

ne; PMMA, polymethylmetacrylate.



Table 2 Physico-chemical properties of a series of gaseous compounds most often

investigated in polymeric gas separation studies or industrial applications

Tb

(K)
Tc

(K)
Lennard–Jones
diameter (Å)

Kinetic diameter
(Å)

Lennard–Jones
interaction parameter "
(K)

He 4.3 5.3 2.55 2.69 10.2

H2 20 33 2.89 2.89 60

O2 90 155 3.46 3.46 107
CO 82 133 3.69 3.76 91.7

CH4 112 191 3.76 3.87 149

N2 77 126 3.80 3.64 71

CO2 195 304 3.94 3.30 195
C3H8 231 370 5.12 4.30 237.1

H2O 373 647 �3.7 809.1
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governed by the size of the permeant and the follow-
ing sequence is often observed:

H2O > H2 > He > CO2 >O2 >N 2 > CH4 > C3H8

For rubbery polymers (i.e., Tg < ambient tem-
perature; cf. Table 2), the permeant condensability
(expressed through its boiling temperature Tb, for
instance) is the major governing factor. As a conse-
quence, water remains the fastest permeating
compound, but the order of the other compounds
becomes slightly different:

H2O > C3H8 > CO2 > CH4 > H2 > O2 > He
> N2

Thus, the glass transition temperature of a poly-
mer is of utmost importance in the analysis of its gas
permeation behavior. This point will be further
detailed since it corresponds to the basic typology
of permeation mechanisms. More generally, gases
with high permeabilities, such as water, are logically
referred to as fast gases, while others are known as
slow permeants. In terms of practical applications, it
is obvious that the separation of a given gas pair by a
dense polymer is facilitated when the feed mixture
contains a fast and a slow gas.

2. For a given permeant, the polymer permeability
increases with a decrease in the polymer glass transi-
tion temperature (Tg). Elastomeric materials show
higher permeability values as compared to their
glassy counterparts. It should however be noted that
exceptions to this rule are not uncommon. In parti-
cular, so-called superpermeable glassy polymers
(such as PTMSP in Table 1), which show very
high free-volume characteristics, are known for
their very high permeabilities [36].
Based on this, a direct analysis of the potential of
dense polymers for gas separation applications could
be directly proposed. Nevertheless, the rational
design of a separation unit requires a more detailed
understanding of the roles of the operating variables
(e.g., pressure and temperature) in the effective per-
meability. Coming back to the definition of
permeability, the best strategy for attaining this tar-
get consists in the separate analysis of the solution
(thermodynamic step) and diffusion (kinetic step)
contributions for single-compound permeation.

2.08.2.2 Equilibrium (Solution)
Characteristics

2.08.2.2.1 Sorption equilibria in rubbery

polymers

The equilibrium between a gas or vapor and a fluid
phase is often considered to be achieved when the
criteria of thermal, mechanical, and chemical equili-
bria are fulfilled. The latter is of great importance
since, according to Gibbs, it leads to the hypothesis of
chemical potential equality in the various phases of
the system. The peculiar situation of equilibria with
polymers used for membrane applications, namely
the fact that no polymer exists in the gaseous phase,
corresponds to a so-called osmotic equilibrium [37].
As a consequence, the only remaining equation is that
of the chemical potential equality for gaseous com-
pounds in the two phases of the system. This
equation represents the fundamental expression for
isotherm analysis or prediction. From a mechanistic
point of view, the dissolution of a gaseous species in
the polymeric matrix can result from a variety of
contributions such as adsorption, absorption, incor-
poration into microvoids, and cluster formation. The
term sorption is usually proposed in order to
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indifferently incorporate these various mechanisms,

and the S value includes them all.
The simplest situation of equilibrium in gas mem-

brane separation situations is by far the dissolution of

a permanent gas in a rubbery material. In this case,

the membrane material can be considered as homo-

geneous and the interactions between the gas

molecule and the matrix can be easily described.

Permeant/permeant and polymer/permeant interac-

tions are weak as compared to polymer/polymer

interactions, and consequently, the sorption coeffi-

cient S is most often constant, provided that the gas

fugacity coefficient remains close to unity and that

material compressibility issues do not play a signifi-

cant role. Correlations have been proposed in order

to predict the solubility of gases in rubbers and an

example is, for illustrative purposes, shown in

Figure 5.
Here, the gas boiling temperature (Tb) is the only

parameter which is taken into account. Other

approaches have, for example, related the logarithm

of the solubility coefficient to the Lennard–Jones

potential well depth or to the critical temperature

ratio [38].
From a practical point of view, a linear sorption

isotherm, sometimes referred to as of type I, results in

c ¼ Sp ð7Þ

This type of behavior is expected to occur for per-
manent gases that are sorbed by rubbery polymers at
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Figure 5 Sorption coefficient (S) of series of gases in natural rub

and 50 �C (squares). Line correspond to the correlation log S¼�
low pressure (typically less than a few bar). This

situation generally corresponds to a very low solubi-

lity (<0.2% of the dissolved gas in volume fraction).
The situation of vapors in elastomers is more

complex than that prevailing for gases. In such a

case, the thermodynamics theory developed by

Flory [39] and Huggins is classically considered to

offer the best framework. The equilibrium relation-

ship between the vapor activity (a) and the solubility

in the membrane material expressed through the

vapor volume fraction in the matrix (j) is

lnðaÞ ¼ lnjþ 1 –jð Þ 1 –
�v

�vP

� �
þ � 1 –jð Þ2 ð8Þ

with

j ¼ c�v ð9Þ

The activity is the ratio of the fugacity over that of
the pure compound in the reference state. If the

fugacity coefficient is close to 1 – a condition that

can be quickly estimated through the corresponding

state approach [40] – the expression reduces to the

ratio of the vapor pressure over the saturated vapor

pressure at the temperature of the system:

a ¼ f

f Sat
� p

pSat
ð10Þ

Further, c corresponds to the concentration of the
penetrant in the membrane (mol m�3) and �v to its

partial molar volume (m3 mol�1), which is often
150 200 250

b (K)

4

C2H2

C3H6

ber as a function of boiling temperature (Tb) at 25 �C (circles)

2.1þ0.0123Tb proposed by van Amerongen.
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assumed to be identical to that of the pure liquid at
the same temperature.

For the sake of simplicity, the ratio of the partial
molar volume of the vapor and the polymer in the
membrane is often neglected and the following

expression is obtained:

lnðaÞ ¼ lnjþ 1 –jþ � 1 –jð Þ2 ð11Þ

Thus, the solubility of the vapor in the membrane
can be directly calculated for a given activity pro-
vided that the polymer–penetrant interaction

parameter � is known. For weakly interacting spe-
cies, the regular solution theory can be considered as
acceptable and the interaction parameter can be esti-

mated through the solubility parameters:

� � �v

RT
� – �p

� �2 ð12Þ

Here, �v is the partial molar volume of the penetrant,
and � and �p the solubility parameters of the per-
meant and polymer, respectively. A series of curves
generated by the above expression are presented in

Figure 6.
When � and �p are identical, the interaction para-

meter � is zero and the permeant shows a maximal

solubility in the polymer. Otherwise, � is positive
and the extent of sorption decreases as it becomes
larger. It should be noted that the Flory–Huggins

equation does not take into account the polymer
network contribution that offers a mechanical
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Figure 6 Sorption isotherms according to Flory–Huggins theo

equilibrium as a function of its thermodynamic activity in the gas

values of the interaction parameter (�).
resistance toward swelling. Consequently, an addi-
tional term, as originally proposed by Flory and
Rehner [41], is required in this case. This can be of
importance for so-called good solvent situations (i.e.,
for � < 0.5), where the Flory–Huggins equation pre-
dicts a total miscibility of the system (i.e., j! 1 for
a! 1). This condition implies the occurrence of
polymer dissolution in a saturated vapor or pure
liquid. The fact that this is not the case for a cross-
linked elastomer, for instance, demonstrates the
importance of the elastic contribution for these
systems.

Complications may also arise when discrepan-
cies with regard to the regular solution theory
occur for the polymer/permeant interactions.
Variable interaction parameter expressions (�¼
f(j)) are often proposed in this case [42], and
such a complication often leads to the impossibility
of developing a predictive approach of lattice
theories, such as the Flory–Huggins approach
[43]. A case of particular importance is that of
permeant/permeant interactions that are stronger
than polymer/permeant interactions. This leads to
an association or clustering of the sorbed molecules
as well as to considerable discrepancies when the
Flory–Huggins model is used to fit the experimen-
tal data. Water is, especially in apolar polymers, a
typical example of this, for which hydrogen-
bonded clusters, often quite stable, are formed.
During this event, alternative equilibrium models
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eous phase in contact with the membrane (a) for different
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that take into account the clustering phenomenon

may be proposed [44].
2.08.2.2.2 Sorption equilibria in glassy

polymers

The peculiarities of gas sorption equilibria in glassy

polymers quickly attracted attention [45], and the

existence of microvoids was postulated in order to

explain the nonlinear sorption isotherms that were

encountered [46]. Figure 7 shows an example of the

temperature evolution of a sorption isotherm of a gas

in a glassy polymer: the gas solubility decreased

when the temperature was raised and a linear rela-

tionship could be observed as soon as the

temperature exceeded the glass transition tempera-

ture (Tg) of the polymer.
This linear relationship at T > Tg was in agree-

ment with what has been detailed above (a linear

isotherm was observed when a permanent gas dis-

solved in an elastomeric matrix).
A simple and efficient model, based on two dis-

tinct contributions [47], was proposed in 1976 in

order to depict this type of situation: a classical dis-

solution process in the polymer described by a

Henry-type formalism. Moreover, a Langmuir-type

mechanism was used for the role played by holes in

the glassy matrix. This so-called dual mode model

proved to give a consistent and efficient interpreta-

tion of the gas/glassy polymer equilibrium problem.
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Figure 7 Sorption isotherm of a gas in a glassy polymer

(Tg�105 �C) for different temperatures according to the

dual mode theory.
The solubility isotherm resulting from dual mode
sorption is represented by

c ¼ cD þ cH ¼ kDp þ cH9bp

1þ bp
ð13Þ

where cD corresponds to the dissolved Henry con-
tribution and cH to the Langmuir contribution
postulated to occur in microvoids.

This brief overview of the classical models that
have been proposed for the dissolution of gases or
vapors in rubbery or glassy polymers has been
restricted to binary systems (i.e., one penetrant and
one polymer), and the discussion has been limited to
simple, easy-to-handle expressions. The more com-
plex situation of multi-component equilibria, such as
the one that occurs when a binary gas mixture dis-
solves in a polymer, is, for the sake of simplicity,
often treated as the superposition of two binary
gas/polymer equilibria. Deviations to this simple
approach can, of course, occur and competitive or
synergistic phenomena between the different dis-
solved species can take place; the former is typical
of the competitive site adsorption process in glassy
polymers, for instance. Conversely, the solubility of a
permanent gas can also significantly increase when
another more condensable compound is dissolved in
the polymeric matrix at a certain level of volume
fraction.

The description given above has been restricted to
simple, mechanistic models. Given the impressive
developments in the field of polymer thermody-
namics, more rigorous approaches, such as
equations of state, or computational techniques,
such as molecular modeling methods [48], play
roles of increasing importance in the interpretation
or prediction of the sorption coefficient value. For
the prediction of equilibria in glassy polymers,
nonequilibrium lattice fluid (NELF) models seem
to be promising [49]. These various topics are
beyond the scope of the present chapter and the
interested reader in these modern developments is
referred to key articles or textbooks.
2.08.2.3 Diffusion in Polymers:
Characteristics

2.08.2.3.1 General framework

In the derivation of the solution-diffusion model,
diffusion has been considered as the only mass trans-
fer mechanism in dense membranes. Thus, the
knowledge of the sole diffusion coefficient would,
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in combination with the sorption coefficient,
principally be enough to predict the mass flux in a
given membrane. A considerable number of studies
have been devoted to the analysis or prediction of
the diffusion coefficient D of gases and vapors in
polymers for applications such as packaging,
devolatilization, chromatography, and membranes
separation. The starting point invariably remains
the basis of Fick equations, common to any diffusion
situation in gases, liquids, or solids [50].

Nevertheless, the peculiarities and the complexity
of diffusional processes in polymers often require the
development of dedicated models [51]. Similarly to
the sorption typology, a distinction is made between
the mechanisms that prevail in elastomers and those
that are characteristic of glassy polymers. Generally
speaking, the former shows similarities with viscous
liquids, while the latter is closer to amorphous solids.
Figure 8 displays the evolution of the diffusion coef-
ficient of a series of alcanols in various polymers.

Diffusion coefficients in water as well as in a solid
(ZSM zeolite) have been added for the sake of
comparison.

It can be seen that:

1. diffusion coefficients in polymers cover a wide
range, bridging the gap between liquids and solids;

2. for a given molecule, the diffusion coefficient
decreases when the glass transition temperature
increases;

3. for a given polymer, the diffusion coefficient
decreases when the permeant size, expressed
through its molar volume in the figure, increases;
and
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Figure 8 Infinite dilution diffusion coefficient (D in m2 s�1)
of a series of alcanols in water, polymers, and porous solids

(ZSM-5) as a function of their molar volume V (pure liquid).

PUR, polyruethane; PIP, polyisopropylene; ZSM-5, Zeolite.
4. the decrease in D with penetrant size is much
more pronounced for glassy polymers as opposed
to their rubbery counterparts.

The theory of diffusion in isotropic substances is
based on the key hypothesis that the rate of transfer
through a unit area of a section is proportional to the
concentration gradient. The proportionality, namely
the mutual diffusion coefficient D, can be a constant,
but it can also demonstrate a strong concentration
dependence. This latter point is crucial in the devel-
opment of a rigorous mass transfer expression since
the integration of Fick’s law is inevitable for flux
computation purposes.

Unfortunately, there are very few rigorous solu-
tions to the diffusion equation for a concentration-
dependent diffusion. Historically, an empirical expo-
nential dependency was proposed early on for
diffusion coefficient variations in polymers [52]:

D ¼ D0 exp �cð Þ ð14Þ

Here, D0 is the infinite dilution diffusion coefficient
and � the so-called plasticizing parameter, reflecting
the intensity of the increase in D with c. This
approach has been indifferently used for elastomers
and glassy polymers. In very general terms, the var-
iation appears to be greater for glassy polymers than
for rubbers.
2.08.2.3.2 Diffusion in rubbery polymers

(elastomers)

For diffusion of simple gases in elastomers, in which
case the matrix is isotropic and interactions with the
polymer are weak, the diffusion coefficient D is often
independent of concentration. When permeant/
polymer interactions become significant, D demon-
strates a dependency on the permeant concentration,
particularly for organic vapors in elastomers.
Nevertheless, the variation strongly depends on
what polymer system that is studied. For instance, a
threefold increase in D as a function of j is observed
for a system of benzene/natural rubber, whereas D

remains virtually constant for a benzene/polydi-
methylsiloxane system.

Among the various attempts to interpret and/or
predict the diffusion coefficient variation in rubbery
polymers, one of the most often employed models is
the free-volume model of Fujita [53]. Its key concept
is based on the assumption, originally proposed by
Cohen and Turnbull [54] in order to explain the
viscosity variation in liquids, that a diffusing molecule
can move from one place to another only when the
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local free volume around it exceeds a critical value V�.

This basic mechanism is illustrated in Figure 9.
The fractional free volume (vF) of the polymer/

penetrant system plays a key role, and this parameter

is often estimated by a simple mixing law (each com-

pound provides a certain fraction of free volume that is

proportional to its volume fraction in the system). For
a binary system (permeant i and polymer p, with the

corresponding volume fractions jiþjp¼ 1), the frac-

tional free volume is expressed as

vF ¼ jivF;i þ jpvF;p ð15Þ

It is possible to determine the probability of finding a
large enough free volume, and the thermodynamic
diffusion coefficient related to this probability is

written as

DT ¼ D0 exp –
B

vF

� �
ð16Þ

It should be stressed that the thermodynamic coeffi-
cient DT is obtained from a free-volume theory (i.e.,

Fick’s law, that is used in the solution-diffusion model)
and makes use of the so-called mutual diffusion coeffi-

cient D. Even though the two coefficients can be

assumed to be roughly equal when the concentration
V*B

A

Figure 9 Schematic representation of the diffusion

process of a penetrant molecule A in a polymer matrix,
according to the free-volume mechanism. An elementary

jump of molecule A is possible only if a defined critical

volume V�, which results from the random redistribution of

the overall fractional free volume, exists at its contact. The
position initially occupied by A has to be taken by another

penetrant or polymer segment (B) in order to prevent any

retrodiffusion process.
of the penetrant in the polymer is low, care should be

taken when directly using Equation (16) in a solution-

diffusion framework. In Figure 10, Equation (16) was

here employed to fit the experimental variation of D as

a function of the fractional free volume for a polystryr-

ene–benzene system at 100 �C [55]. As demonstrated

in the figure, there was a good agreement between the

theoretical and experimental values.
The major interest of the free-volume theory is

that it offers a unified interpretation framework and

enables the qualitative prediction of the significant

trends of diffusion phenomena in polymers:

1. D increases with T, since the fractional free
volume increases with temperature, for any

system.
2. Since permeants have a larger free volume than

polymers, vF increases with increasing permeant

volume fraction j (or concentration c), and con-

sequently, D increases with the permeant

concentration.
3. The fractional free volume of a polymer increases

as its Tg decreases, which explains the inverse

relationship of D to the temperature of measure-

ment and to Tg.
4. An exponential relationship between D and c,

originally proposed on empirical grounds, can be

derived and the so-called plasticization coefficient

can be expressed [56].
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More generally, the free-volume model has been
found to present very good correlations with experi-
mental data. For instance, the pressure dependence
of the permeability for a number of gases in poly-
ethylene has been successfully interpreted based on a
detailed free-volume analysis [57]. However, its
major shortcoming is that the constants lack a very
precise physical meaning and must be determined
experimentally. Other limitations are the complica-
tions that arise when the size of the permeant differs
significantly from that of a polymer segment, inciting
the development of a more comprehensive theory
[58]. Unfortunately, this was achieved at the expense
of a complex model incorporating supplementary
parameters.
2.08.2.3.3 Diffusion in glassy polymers
In the derivation of the solution-diffusion model, a
homogeneous polymeric matrix was postulated.
Consequently, a single population of diffusing
molecules was assumed, leading to a sole diffusion
coefficient. This situation can be considered as rea-
listic for a dense homogeneous rubbery membrane.
Nevertheless, within the above-mentioned frame-
work of dual mode sorption for glassy polymers,
two populations, corresponding to the Henry and
Langmuir modes, should logically be taken into
account. This hypothesis can further be evidenced
by pulsed nuclear magnetic resonance (NMR)
experiments, which confirm the existence of two
dissolved populations of varying mobility in glassy
polymers [59]. Under the hypothesis of a local
equilibrium, the two populations can be described
by a single chemical potential. As a result, the flux
of a gas through a glassy polymer should be
expressed as

J ¼ –DD
qcD

qz
–DH

qcH

qz
ð17Þ

where cD is the concentration of the penetrant
dissolved in the Henry mode and cH is the con-
centration of the penetrant dissolved in the
Langmuir mode. For the sake of simplicity, the
assumption of a complete immobilization of the
molecules in the Langmuir mode was first pro-
posed (i.e., DH¼ 0),. Unfortunately, several studies
later showed that the pressure dependence of the
flux through glassy polymers could be accounted
for only if the complete expression was used [60].
This so-called partial immobilization approach was
successfully applied to various systems with glassy
polymers such as ethylcellulose [61] and polycar-
bonate [62], among others.
2.08.2.4 Influence of Operating Parameters
(T, P, C)

2.08.2.4.1 Constant vs. variable

permeability behavior
Based on the characteristics of the sorption and diffu-

sion coefficients summarized in the previous section,

two major types of situations can be proposed to

describe the permeability of a given permeant

through a known dense polymeric material at a spe-

cific temperature. If S and D can be reasonably

assumed as constant under the investigated condi-

tions, a constant permeability P will result, as shown

in Figure 11(a).
The compositional range that is supposed to

exist in the membrane has been expressed through

the volume fraction of permeant in the membrane.

Nevertheless, as soon as a nonlinear sorption iso-

therm or a variation in diffusion coefficient occurs,

a variable permeability is obtained. This second

type of situation induces major complications that

are often underestimated or neglected. An effective

permeability can indeed always be determined as

soon as the flux, membrane thickness, and partial

pressure difference for a given case are known. For

fundamental purposes, a comparison of the effec-

tive permeability data is clearly to be preferred

over simply comparing absolute fluxes [63].

Nevertheless, the variable permeability situation

should systematically demand the equilibrium (S)

and kinetic (D) master curves to be known in order

to compute the correct effective permeability value

from the membrane boundary conditions that

are examined. This is schematically shown in

Figure 11(b) where the interplay between S and

D for a given set of upstream and downstream

conditions (corresponding to the boundaries of

the shaded area) is demonstrated. In this case, no

unique expression of permeability with the pres-

sure difference can be obtained; however, the

absolute partial pressure conditions on the two

faces of the membrane have to be defined in

order to determine the corresponding effective

permeability [64].
Typical permeability curves are shown in

Figure 12 and the corresponding basic typology is

summarized in Table 3.
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Figure 11 Schematic representation of the sorption and diffusion contributions in the permeability coefficient, according to

the solution-diffusion model. The sorption isotherm of the penetrant is obtained through the dissolved volume fraction j as a

function of the fugacity f. The diffusion coefficient can be constant or dependent on volume fraction. For a membrane

exposed at a penetrant fugacity f9 on the upstream side and f0 on the downstream side, the mean permeability will correspond
to the product of the average sorption coefficient and diffusion coefficient (shaded area). (a) For a constant S and D situation,

permeability is independent of the pressure difference; (b) The same does not hold for variable diffusion behaviors. Modified

from Mauviel, G., Berthiaud, J., Vallières, C., Roizard, D., Favre, E. J. Membr. Sci. 2005, 266, 62–67.
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2.08.2.4.2 Influence of temperature

The influence of pressure (or activity) on the
permeability has thus far been examined under iso-
thermal conditions. It is useful to also describe the
influence of temperature on permeability. The
solution-diffusion model offers a utile framework in
order to achieve such a purpose.

The temperature dependence of the sorption
coefficient S is classically assumed to follow an
Arrhenius-type relationship within small tempera-
ture ranges:

S ¼ S0 exp
–�HS

RT

� �
ð18Þ

Here, �HS is the partial molar heat of sorption that
can be expressed as the sum of two contributions:
the molar heat of condensation and the partial
molar heat of mixing. For regular solutions, the
latter can easily be estimated from the solubility
parameters:

�HS ¼ �HCond þ�HMix � �HCond þ �v � – �Pð Þ2 1 –jð Þ2

ð19Þ

For gases that are above their critical temperature,
the heat of condensation is necessarily small, thus
resulting in a low, positive value of �HS, typically
between 0 and 10 kJ mol�1. Consequently, the solu-
bility increases moderately with temperature. In
contrast, �HS is negative for more condensable
gases, due to the large contribution of the heat of

condensation term. In this case, the solubility

decreases with temperature.
The expression of the temperature dependence of

the diffusion coefficient has, for a long time, also

been proposed through an Arrhenius-type relation-

ship [65]:

D ¼ D0 exp
– ED

RT

� �
ð20Þ

The apparent activation energy of diffusion ED can
demonstrate a complex behavior, especially with the

dissolved penetrant concentration. In this case, the

evolution of ED can sometimes be interpreted as the

result of two terms: the activation energy of diffusion

when the polymer chain mobility is unaffected by the

permeant (i.e., ED with j!0), and a second term that

takes into account the reduction in activation energy

due to the sorbed permeant.
It is interesting to note that, for systems of low

solubility (such as permanent gases under low to

moderate pressure conditions), universal correlations

have been proposed in order to quickly estimate the

apparent activation energy of diffusion from the only

pre-exponential term [66].
For rubbery polymers,

log D0 ¼
ED � 10 – 3

R

� �
– 8:0 ð21Þ
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Figure 12 Examples of the evolution of the average permeability of gaseous compounds or vapors through dense

polymeric membranes as a function of the upstream pressure (or activity). Vacuum is applied on the downstream side and

remains unchanged for the different examples: (a) permeation through a rubbery (silicone rubber) membrane: constant

permeability for a permanent gas (N2) and increase for vapors (propane, butane); (b) carbon dioxide and methane permeability
through glassy polysulfone material; permeability decrease (predicted by the dual mode model); (c) A condensable vapor

(toluene) through a glassy, high free-volume polymer (polytrimethylsilylpropyne): a complex permeability behavior is observed

and can be fitted if a variable diffusion coefficient is added in the dual mode model.
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For glassy polymers,

log D0 ¼
ED � 10 – 3

R

� �
– 9:0 ð22Þ

In the above expressions, D0 is given in m2 s�1 and
ED/R in K. Such formalism predicts a change of the
slope of D versus T in the vicinity of the glass
transition temperature. This has indeed often been
observed, with the exception of certain systems with
small gas molecules.

Coming back to the temperature dependency
of the permeability, the solution-diffusion model
suggests using an Arrhenius-type expression that

combines the S and D apparent activation

energies:

P ¼ P0 exp
– EP

RT

� �
ð23Þ

Here,

EP ¼ �HS þ ED ð24Þ

For permanent gases, the diffusivity is generally a
stronger function of temperature (with an ED ranging

between 20 and 80 kJ mol�1) than the solubility. The



Table 3 A summary of the equilibrium (sorption), diffusion, and resulting permeation behavior for the four main situations

encountered in gas (or vapor) separation processes with polymeric membranes

Rubbery polymer
(T > Tg)

Glassy polymer
(T < Tg)

T > 0.7 Tc

(permanent gas)
Constant S (Henry’s law) Dual mode sorption

Constant D Constant or variable D

Constant EAD P constant (total immobilization) or decreases
with increasing pressure

P constant (or slight variation for high pressure) Example of dual mode permeability

expression:

Typical permeability expression:
P¼DS

P ¼ kDD 1þ

c9Hb

kD
?
DH

DD

1þ bp

0
BB@

1
CCA

T < 0.7 Tc (vapor) Variable S (Flory–Huggins) Complex sorption with possible significant
swelling effects (dual mode with variable D

and kD)

D¼ f(c) (free volume, i.e., exponential dependency) History- and time-dependent diffusion

EAD¼ f(T, c) Complex permeability behavior (possible
occurrence of a minimum)

P usually increases with �p

Example of permeability expression with

D¼D0 exp(
c):
Permeability expression combines S and D

variation and leads to exponential type pressure

dependency
P ¼ D0


p
exp kD
p 1þ

c9Hb

kD
?
DH

DD

1þ bp

0
BB@

1
CCA

8>><
>>:

9>>=
>>; – 1

0
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1
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heat of sorption can be either positive or negative but
remains between �10 and þ10 kJ mol�1. As a result,
the permeability increases with temperature for EP

values between 30 and 80 kJ mol�1. Due to the pre-
dominant role of the heat of condensation term, the
situation for vapors is completely different. In this
case, a negative apparent energy of permeation is
observed and the permeability is found to decrease
with temperature [67].

2.08.2.4.3 Predictive approaches

Apart from the experimental determination of the
variation of permeability with pressure and tempera-
ture, it is also tempting to make use of predictive
approaches. Several attempts based on a group con-
tribution approach (such as the so-called Permachor
method [68] or free-volume group contribution
approaches [69]) or correlations that require physical
characteristics [70] have been reported. For rubbery
membrane materials, a variety of correlations have
been proposed in order to predict the permeability
and selectivity of gases and vapors, especially thanks
to solubility parameters [71]. Nevertheless, the pre-
cise prediction of the polymer permeability remains
a formidable challenge and experimental measure-
ments cannot be discarded if a rigorous evaluation of
the separation performances, including a design
study, is aimed.
2.08.3 Engineering of Gas
Permeation Modules

2.08.3.1 General Framework: Separation
Factor and Trade-Off Curves

The ultimate goal of the previous section was to
propose realistic and consistent permeation laws in
order to achieve a rigorous membrane module design
and thus a precise analysis of the separation perfor-
mances of a given system. Some examples of the
different expressions that can be proposed have
been shown in Table 3. Tabulations of P, D, and S

can be found in the literature for the most common
polymers [72].

The interest of a given system for separation
purposes can be evaluated when one has knowledge
of a consistent permeation law for gases through a
polymer. The classical starting point of this type of
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analysis consists in first determining the separation

performances of a single unit, namely a single gas

permeation module, for a given set of operating and

feed conditions in a steady-state regime. Figure 13

depicts the basic corresponding diagram for a binary

feed mixture.
Similarly to a flash distillation operation, the feed

mixture composition will be modified and split into

two distinct flows with a mole fraction xout on the

retentate side and a mole fraction y on the permeate

side. Logically, the extent of the separation perfor-

mance of the unit depends on its capability of

producing exit streams with the largest possible dif-

ference in composition. In separation science on a

broad sense, this key variable is called the separation

factor � and is expressed as

� ¼ yð1 – xoutÞ
xoutð1 – yÞ ð25Þ

The above expression can be used in order to deter-
mine the target separation factor for a given process.

The relationship between this process variable and

the intrinsic membrane performances is discussed

further on.
In order to evaluate the interest of polymeric mem-

branes for a given gas separation problem, the relative

permeability of the various compounds present in the

feed mixture obviously plays a key role. For a binary

mixture, this leads to the so-called ideal separation

factor, or membrane selectivity (��). Similarly to a

convention used in distillation for the relative volati-

lity, it is usually expressed so as to be >1:

�� ¼ Pj

Pj

� 1 ð26Þ

Taking into account the definition of permeability
within the solution-diffusion framework:
Qin, xin

p ′

p ′′

Qi Q

Membrane
(surface area a)

Feed

Figure 13 Schematic representation of a gas separation mem
difference between the retentate and permeate side is applied, th

feed flowrate (Qin) permeates through the membrane and emerge

(Qi) and the slow compound (Qj) flow rates.
�� ¼ Pj

Pj

¼ Si Di

Sj Dj

¼ ��S�
�
D ð27Þ

Thus, a high selectivity can be achieved from a high
solubility ratio ��S or a high diffusivity ratio ��D, or both.

As for any separation problem, in addition to the
selectivity, the question of the productivity of a
membrane separation system should also be
addressed logically. The interplay between these
two fundamental characteristics is discussed in a sub-
sequent section through an engineering analysis;
nevertheless, it is interesting to first examine the
intrinsic performances of various polymers toward
these two key properties for a given gas pair. This
analysis has been investigated in detail by Robeson
for gas separation applications [73]. The systematic
antagonism between productivity (i.e., membrane
permeability) and selectivity (expressed through the
ratio of the gas permeabilities, called ideal selectivity
��and defined above) is evidenced through this type
of chart. An example for the air separation problem
(O2/N2 gas pair) is presented in Figure 14.

More interestingly, the application to different gas
pairs shows that an empirical limit seems to be char-
acteristic for each gas mixture. This observation has
been further explored by Freeman and a fundamental
analysis of the factors playing a role in the position of
this limit has been proposed [74]. Figure 15 shows a
comparison of the trade-off curves for three gas pairs of
industrial interest, computed by the Freeman approach.

These theoretical limits should not be taken too
literally, and modifications have been proposed
through a continuous improvement of the membrane
materials. Nevertheless, they offer the unique advan-
tage of providing a unified vision of what, in some
cases, can be theoretically expected in order for a gas
separation problem to be solved by a dense polymer
separation process.
Qout, xout

Qp, y

z
j

Retentate

Permeate

brane module for a binary mixture separation. A pressure
anks a compressor and/or a vacuum pump. A fraction of the

s on the permeate side (Qp) as the sum of the fast compound
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The quantitative analysis of a single-stage module
design for a binary mixture separation will now be
developed – at first through a simplified approach.
2.08.3.2 Membrane Module Design:
General Framework and Approximate
Analytical Solution

The general problem of establishing key equations
that describe the separations performances of a gas
separation module can lead to complex formulations
if an exhaustive and rigorous approach is taken
(i.e., mass, heat and energy transfer, multi-component
fluxes including coupling effects, etc.). Fortunately, a
simple development can easily be derived for a
binary gas mixture, provided that a series of simpli-
fying assumptions is proposed. This strategy offers
the major advantage of leading to an analytical solu-
tion, where the roles of the different key variables in
the separation performances can be explicitly
described. A parametric sensitivity analysis can be
readily performed according to such an approach;
based on this, the possibility of achieving the separa-
tion specifications of the problem and the chances of
competing with other gas separation technologies can
be roughly estimated.

Starting from the general situation depicted in
Figure 13, the following hypotheses are put forward:

1. a system in steady state;
2. isothermal conditions (a single temperature

everywhere in the system);
3. isobaric conditions in each compartment (no pres-

sure drop on the upstream and downstream side);
4. perfect gas law;
5. a constant permeability;
6. the absence of flux couplings (the driving force of

each compound is its partial pressure difference);
and

7. perfect mixing conditions on both the upstream
and downstream sides.
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It is important to stress that each of the underlying

hypotheses can potentially be questioned, as will be

partly discussed later. A classical problem consists in

determining the separation efficiency, through the

permeate composition y as a function of various para-

meters such as the feed composition (xIn), the

upstream (p9) and downstream (p0) pressure, the per-

meability to the fast (Pi) and slow (Pj) permeant, etc.

The solution can be obtained by developing mass

balance and mass transfer expressions. The mixture

composition is expressed in mole fractions (which

equal the volume fractions for a perfect gas mixture)

with the fast compound as a reference. A binary

separation problem is treated below and the

employed methodology can be extended to multi-

component mixtures.
First, according to the steady-state assumption and

since no sweep gas is used on the downstream side, the

permeate composition is simply expressed as

y ¼ Qp;i

Qp
¼ Qp;i

Qp;j þ Qp;i
ð28Þ

The mass balance for the fast compound is

Qinxin ¼ Qoutxout þ Qpy ð29Þ

and the global mass balance is written as

Qin ¼ Qout þ Qp ð30Þ

Mass transfer relationships can be expressed for
each compound as

Qp;i ¼
APi

z
: p9xout – p0y½ 	 ð31Þ

Qp;j ¼
APj

z
p9ð1 – xoutÞ – p0ð1 – yÞ½ 	 ð32Þ

where z represents the membrane thickness and A the
membrane surface area.

It is here interesting to note that if one combines
the definitions of the permeate composition and mass

transfer expressions, the membrane thickness does

not affect the composition of the permeate (one of

the early observations made by Graham).
Three fundamental adimensional variables can be

proposed at this stage:

1. The ideal selectivity ��, previously defined as the
ratio of the fast over the slow permeability, is

characteristic of the gas pair/polymer of the

system:

�� ¼ Pi

Pi

ð33Þ
2. The stage cut 	, which corresponds to the ratio of
the total permeate to the flow rate of the feed, is
linked to the productivity of the module, and can
be seen as a key design variable:

	 ¼ Qp

Qin
ð34Þ

3. The driving force, expressed exclusively through
the pressure ratio and not through the absolute
pressure or pressure difference, is a main operat-
ing variable governing the energy requirement of
the module (i.e., to a large extent, the operating
costs):

 ¼ p0

p9
ð35Þ

From the permeate composition and mass transfer
expressions, it is possible to obtain the following
expression:

y

1 – y
¼ �� xout – y

1 – xout – ð1 – yÞ

� �
ð36Þ

If the three expressions (permeate composition, mass
transfer, and mass balance) are combined, they can be
rearranged into a quadratic equation. This result is
interesting in that it can be used to determine the
permeate composition (y) as a function of the feed
composition (xin), the ideal selectivity (��), the stage
cut (	), and the pressure ratio ( ):

ay2 þ byþ c ¼ 0 ð37Þ

With:

a ¼ 	

1 – 	
þ  

� �
�� – 1ð Þ

b ¼ 1 –��ð Þ 	

1 – 	
þ  þ xin

1 – 	

� �
–

1

1 – 	

c ¼ �� xin

1 – 	

� �
ð38Þ

In the above, the positive root of the second-order
polynomial ranging from 0 to 1 was the only physi-
cally consistent answer taken as the solution to the
problem.

It is, at this stage, interesting to identify the con-
ditions that should maximize the permeate mole
fraction of the fast compound (y), that is, the maximal
separation performances. Such conditions are
obtained for a vanishing pressure ratio (i.e., a perfect
vacuum at the downstream side, p0¼0) and stage
cut (	�0, which corresponds to an infinitely
small permeate flow rate and thus a vanishing
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productivity). The second condition leads to a simple

analysis since the composition in the feed stream

remains unchanged (xin� xout¼ x). Somehow, this

mode of operation corresponds to a distillation col-

umn operated under infinite reflux conditions: a

maximal selectivity can be obtained at the expense

of a vanishingly small productivity. Numerous simi-

lar trade-off situations can be found within the topic

of separation science [75]. The final expression that

applies for p0� 0 and 	� 0 is written as

y ¼ ��x

1þ ð�� – 1Þx ð39Þ

Here it is important to note that, for these very
specific operating conditions, the separation factor

� (defined in the introductory part) equals the ideal

selectivity �� (i.e., the compound permeability ratio).

Figure 16 shows a series of curves generated by the

previous expression.
Logically, no separation is obtained when the

ideal separation factor ��¼ 1. For a given feed com-

position x, an increasing separation effect is found

when the fast to slow permeability ratio �� increases.

Interestingly, the same mathematical expression and

equivalent master curves are obtained for vapor

liquid equilibrium of a perfect binary mixture. In

this case, the saturated vapor pressure ratio plays
0

0.2

0.4

0.6

0.8

1

0 0.2 0.4 0.6 0.8 1

y

x

α∗ = 1

α∗ = 100

α∗ = 10

α∗ = 5

α∗ = 2

α∗ = 20

Figure 16 Representation of Equations (25) and (39):
maximal permeate purity (y) which can be obtained for a

given feed composition (x) for different ideal selectivity

values (��). The same expression is obtained in order to
determine the effective separation factor (�) from the outlet

composition of a unit at the retentate (x) and permeate (y)

sides.
the same role as the ideal selectivity [76]. This simple
expression is of great help for shortcut calculations
since, as already mentioned, it provides the highest
mole fraction that can be obtained in a single-stage
membrane unit on the permeate side. Since the
attainment of a target purity is often imposed, this
expression can be used in order to verify whether the
specification can be obtained with a given polymer
material and a known permeability ratio.
Furthermore, it can also be used for the determina-
tion of the minimal target material selectivity (��) if
x and y are fixed.

Another asymptotic solution can be derived for
perfect mixing conditions if an infinitely small stage
cut is assumed (	� 0). In this case, the mole fraction
of the outlet retentate is again identical to the feed
mole fraction (xout� xin¼ x). This expression is of
interest as it permits the analysis of the respective
influence of the ideal selectivity and the pressure
ratio on the separation performances of the module:

y ¼ 2

 
x þ þ 1

�� –1
–

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
x þ þ 1

�� –1

� �2

–
4�� x

�� –1ð Þ

s0
@

1
A
ð40Þ

For a binary system, Equation (40) has two limiting
cases. When ��>> 1/ , the selectivity is no longer
important, and, under the condition that the value of
y can never be greater than unity, the permeate
composition simply becomes

y � x

 
ð41Þ

In this case, the separation performances are
dictated by the process conditions, and the pressure
ratio that is available for the industrial application
becomes a key issue. This situation is typical for
separations where a very high ideal selectivity is
achievable, such as during the removal of hydrogen
from mixtures with hydrocarbons in hydrotreaters in
refineries or during the dehydration of gas streams.
For the latter, the amount of water that can be
removed is limited by the ability to maintain a very
low partial pressure of water in the permeate.

Conversely, if ��<< 1/ , the influence of the
pressure ratio can be neglected and the permeate
composition becomes limited by the polymer
selectivity. This situation occurs when the mem-
brane is operated with vacuum on the permeate
side (i.e.,  ! 0) or when only a low selectivity is
achievable. An example of practical importance is
the separation of nitrogen from methane in the
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treatment of natural gas. In this case, the N2/CH4

selectivity is rarely greater than 2. This induces
large losses of methane in the permeate and such
losses are often problematic for the application.
A significant improvement in the ideal selectivity
of the material is clearly required.

Figure 17 summarizes the major conclusions of
the above-developed analysis and presents examples
of master curves that can be generated when the
different relationships between stage cut, pressure
ratio, and permeate composition are simultaneously
considered. This type of graph depicts the basic
framework that needs to be handled for analyzing
the module design.
2.08.3.3 Membrane Module Design:
Methodology

Historically, the basis of gas permeation module
design was first proposed by Weller and Steiner
[77] in 1950. Nowadays, modern computation tech-
niques enable numerical solutions to the problems
[78], thanks to dedicated routines. Orthogonal collo-
cation methods are reported to be particularly
attractive when a minimum resolution time and com-
putational efforts are required [79]. Several of these
routines have been implemented in commercial
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Figure 17 Schematic representation of permeate composition

module stage-cut for different pressure ratio. The membrane ide

exerted ( ¼1), no separation is obtained and y¼ xin. For zero s
figure), the maximal permeate purity is obtained and it can be c

(noted b on the figure), Equation (40) can be used. For any other

(37–38) under the assumption of perfectly mixed conditions.
process simulation softwares, where advantage can

be taken of thermodynamics or unit operation design

packages in order to simulate hybrid or multi-stage

operations with gas separation membranes.

Nevertheless, much effort has been devoted to the

search of asymptotic analytical solutions to the

problem [80] before computing facilities where avail-

able. Approximate analytical solutions are still

occasionally proposed and they can be of interest,

for instance when a broad and systematic sensitivity

analysis is desired [81, 82].
In the previous section, a general methodology

was proposed in order to predict the performances

of a membrane separation module based on a series

of simplifying assumptions. The main interest of

the approach was to offer the possibility of obtaining

a simple, easy-to-handle analytical expression.

Nevertheless, the solution obtained through this

simplified approach should be taken as a rough

estimate, and the hypothesis of perfect mixing con-

ditions must be reconsidered if one expects a more

realistic answer with regard to the performance of

an industrial module. Similarly to the framework

proposed in chemical reactors, heat exchangers, or

mass transfer operations, a completely different

hypothesis, namely that of a perfect plug flow, is

first proposed in order to estimate the incidence of
0.6 0.8 1

d Ψ =0)

)

θ

delivered by a membrane separation unit as a function of

al selectivity (��) is kept constant. When no driving force is

tage cut and zero pressure ratio conditions (noted a on the
omputed by Equation (39). For zero stage-cut conditions

situation, the general solution can be obtained by Equations
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hydrodynamics conditions on the separation perfor-

mances. This minor modification necessarily leads

to a system of ordinary differential equations and,

strictly speaking, a rigorous analytical solution can

no longer be derived. This difficulty has stimulated

much research efforts in the last decades with the

aim of identifying approximate analytical solutions

to the problem [83]. Basically, different configura-

tions can be proposed and Figure 18 identifies the

four main cases. A fifth one, the so-called one-side

mixing (consisting in perfect mixing conditions on

the upstream side, and a plug flow on the down-

stream side), has also been occasionally studied [84].

However, it is rarely taken into account since the

performances of industrial modules are most often

well covered by the four cases shown in Figure 18.
Despite the fact that situations of greater com-

plexity can nowadays be treated, thanks to

increasing computing capacities, it is interesting to

note that the overall methodology is still employed

successfully in numerous cases for module design
(a)

(b)

(c)

(d)

Figure 18 Schematic representation of the four main different

processes: (a) perfect mixing, (b) cross plug flow, (c) cocurrent f
purposes [85]. More specifically, hollow-fiber mod-

ules may be designed with reasonable precision to

approximate an idealized counter-current when the

permeate pressure is significant, or to approximate a

cross-flow pattern when the permeate pressure is low

enough. Figure 19 displays an example of the excel-

lent agreement that can be obtained between the

simulations performed according to the methodology

exposed in the present section (i.e., a constant perme-

ability, the absence of coupled fluxes, a plug flow,

isothermal conditions, etc.) as well as the experimen-

tal results obtained with a hollow-fiber module fed

by a multi-component mixture.
The cross-plug-flow model, which remains the

cornerstone when it comes to models in this field,

is detailed in the following so as to offer a generic

framework for module design. As depicted in

Figure 20, the cross-plug-flow model assumes a

plug flow on the upstream, feed side of the

membrane, and free flow on the downstream,

permeate side.
flow configurations in polymeric membranes gas permeation

low, and (d) counter-current flow.
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Apart from the flow conditions, the hypotheses
proposed for the derivation of the solution in the

case with perfect mixing conditions are maintained

in the under-mentioned analysis.
A mass balance over a differential surface area ds

leads to the following differential equation:

Q � dx

ds
¼ – x – y þ x

dQ �

ds

� �
ð42Þ

where x is the upstream fast compound mole fraction
and s is the dimensionless membrane area:

s ¼ APi p9

zQin
ð43Þ

Q� corresponds to the local stage cut Q � ¼ Q =Qin.
We can thus write the flux relationships for each

component according to

– d Qxð Þ ¼ Pi p9

z
x – y ð Þds ð44Þ

– d½Q ð1 – xÞ	 ¼ Pj p9

z
ð1 – xÞ – ð1 – yÞ ½ 	ds ð45Þ
These two equations can be combined, giving rise to
the following expression:

dQ �

ds
¼ – x – y þ 1

��
1 – x – ð1 – yÞð Þ

� �
ð46Þ

Finally, from the definition of the equations of the
local permeate composition and the mass transfer,

y

1 – y
¼ �� x – y

1 – x – ð1 – yÞ

� �
ð47Þ

The set of Equations (42), (46), and (47) can be solved
numerically and they represent the basis of the

cross-plug-flow model. Similar sets of equations

have, with the corresponding boundary conditions,

been applied by various authors in order to predict

separation performances for cross-flow, co-current, or

counter-current modes [86]. A correct to excellent

agreement has been obtained when predictions are

compared to experimental lab-scale data [87]. For

multi-component permeation situations, several mod-

eling studies have been reported. Generally, and in
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more practical terms, it is interesting to notice that
experimental data from on-site pilot modules are often
reported as being intermediate between the perfectly
mixed and the cross-plug-flow predictions [88].
2.08.3.3.1 Single module design: Surface

and energy requirements

A rational analysis of the problem should now be
proposed, in order to provide a quantitative answer
in terms of size (required surface area) and operating
conditions (pressure ratio). The starting point
remains the Equations (42) and (46)–(47), offering
the possibility of screening the set of solutions
which respects the specifications and the feed com-
position. Basically, two major situations can be found.

The simplest situation corresponds to a single
target performance, such as the purity of the perme-
ate (y) or retentate (1�xout). For example, hydrogen,
which is a fast compound, can, in certain cases, be
imposed to reach a given purity in the permeate, and
nitrogen to reach a given purity in the retentate. An
example of permeate purity and retentate composi-
tion for a single-stage module operated under
varying pressure ratios and hydrodynamic conditions
is shown in Figure 21. Again, a sensitivity analysis
would demonstrate that, in certain cases, the hydro-
dynamic conditions play a significant role (e.g., a
retentate composition for  ¼ 0.5), while a negligible
effect can be obtained in other situations (e.g., a
permeate purity y for  ¼ 0.1).

More generally, the simulations shown in
Figure 21 confirm that counter-current conditions
systematically provide the best performances, fol-
lowed by cross-plug-flow, co-current, and perfectly
mixed scenarios. As a consequence, either the coun-
ter-current model or that of the cross plug flow will
most often be proposed for engineering purposes.

The second situation for module design concerns
the case of simultaneous purity and recovery con-
straints. The recovery ratio R, corresponding to the
percentage of a target compound that is collected
from one of the exit streams of the module, can also
be simultaneously imposed. When the target com-
pound is the fast permeating species, such as for
hydrogen purification or volatile organic compound
(VOC) recovery applications, R is expressed as

R ¼ 	y=xin ð48Þ

In other cases, the target compound is the slow
compound of the mixture, obtained at the retentate
side. The corresponding recovery ratio is then
R ¼ ð1 – 	Þ ð1 – xoutÞ
ð1 – xinÞ

ð49Þ

This expression can, for instance, be used in order to
determine the recovery of natural gas (slow per-

meant) for sweetening operations.
Before a multi-variate and optimization analysis is

performed, it is interesting to examine the set of

solutions (	,  , s) enabling a fixed y and R to be

obtained when the feed composition and the ideal

selectivity of the membrane are fixed. Figure 22

shows an example of a master curve with the inter-

play between these variables. Numerous curves of

this type, demonstrating the large amount of rela-

tionships between the different variables, can be

found in detailed studies [89].
A general methodology that enables the data set

satisfying the constraints to be identified was pre-

sented in the previous section. The energy

requirement and the membrane surface area needed

can now be estimated according to the following:

1. The estimation of the energy requirement for a
single-stage process is straightforward and is most

often restricted to the contribution of the compressor

or vacuum pump. Since the pressure ratio only plays

a role in the analysis, it is possible that feed compres-

sion or vacuum pumping at the permeate side can be

indifferently applied. This is not exactly the case due

to the differences in flow rates at the feed and perme-

ate. For instance, for a feed compression with

atmospheric pressure at the permeate side (p0¼ 1),

the energy requirement can be estimated as

E ¼ Qin
�RT

�ð� – 1Þ
1

 

� �� – 1
�

– 1

" #
ð50Þ

where, � is the adiabatic expansion factor of the
gas mixture (e.g., �¼ 1.4 J mol�1 K�1 for nitrogen),
� the isentropic efficiency, and T the inlet tempera-
ture (K).

For a permeate vacuum pumping strategy with

atmospheric pressure at the retentate side (p9¼ 1),

the energy requirement becomes

E9 ¼ QP
�RT

�9ð� – 1Þ
1

 

� �� – 1
�

– 1

" #
¼ 	E ð51Þ

Such a simplified analysis would suggest the sys-

tematic application of a vacuum pumping strategy, in

order to minimize the energy requirement of the

process. Industrial feedback shows that this option is

very rarely chosen for a variety of reasons. Above all,
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vacuum pumping generates a much smaller driving

force than the feed compression and a much larger

surface area, thus giving rise to a considerably higher

capital cost. Other arguments in favor of feed com-

pression include the difficulty of achieving vacuum

at an industrial scale, the lower energy efficiency of

vacuum pumps as compared to compressors (�9 < �
in Equations (50) and (51)), and their large foot prints.

Conversely, the risk associated with compression

favors the use of vacuum operation for VOC recov-

ery. For permanent gas separations, however, apart
from very specific cases, the practical operation of

vacuum pumping is almost never selected.

Practically, the operating costs associated with mod-

ule operation can, be estimated if a unit cost of

electricity is available.
2. When the pressure ratio in combination with the

feed compression or vacuum option is selected, the

corresponding module area can be easily determined

from the definition of s. The related capital cost can be

estimated as soon as a unit cost of the membrane area

is available. It should be noted that, for the latter,
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considerable discrepancies can be found in the litera-

ture. Depending on whether or not pretreatment costs

are included, and whether a well known and already

available membrane material as opposed to a hypothe-

tical one is considered, very different figures are

obtained.

Finally, the best set of (s,  ) data can be determined

when the operating costs (estimated from the energy

requirement E) and the capital costs (the membrane

area estimated from s and compressor unit cost) are

considered together. A sketch of the interplay between

these two contributions is presented in Figure 23.
Again, a trade-off needs to be made between solu-

tions favoring low capital cost (i.e., a low  value) at

the expense of high operating costs, and the opposite

situation. The same operation can be reiterated with

another membrane material and a different design

would then be obtained through the cost minimiza-

tion operation. An example of the solution obtained,

thanks to this methodology, is illustrated in Figures

24 and 25, in which a comparison is performed of the

operating conditions, surface area, and energy

requirement for producing a defined capacity of a

nitrogen stream of 95% purity with two membrane

types covering the extremes of the selectivity/per-

meability trade-off: a highly permeable, poorly

selective silicone rubber membrane and a poorly
selective permeable cellulose acetate membrane.
A systematic and rigorous cost analysis takes a great
number of factors into account.

2.08.3.3.2 Recycling and multi-stage

processes

The methodology exposed in the previous section can
be said to correspond to a single theoretical stage
analysis in conventional separation processes. The
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impossibility of achieving the target performances with

a single stage thus suggests an exploration of the

potentialities of multi-staged operations. This classical

option in an equilibrium staged process is however

completely different for membrane gas separation pro-

cesses. The main reason is that any supplementary

stage requires a recompression step, affecting both the

capital and operating costs, whereas staging is easy and

relatively inexpensive in absorption or distillation

towers. As a consequence, even if improved perfor-

mances can be obtained as compared to in the single-

stage case, industrial practice shows that the number of

stages remains limited to 2, or exceptionally 3, in

membrane gas separation. Basically, the methodology

described for a single stage can be extended to cascades

or interconnected networks in order to simulate and

evaluate the interest of these more sophisticated

designs. A great number of flowsheets can be proposed

depending on recycling and connection possibilities.

Two such examples, taken from design studies of a

VOC recovery [90] and a natural gas treatment [91],
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igned for the production of 33 000 SCFD of a 95% purity

one rubber membrane (a) and a selective, poorly permeable
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are shown in Figure 26. The search for optimal con-

ditions can logically be very complex and several

investigations have addressed the problem of optimiz-

ing multi-staged or network gas separation processes,

for instance, in the case of carbon dioxide/methane

separation [92].
Instead of adding separation stages in a cascade, it

can be useful to explore how the single-stage perfor-

mances can be improved by a modification of the fluid

distribution. The recycling of the retentate to the

permeate stream can be an effective means of enrich-

ing the less permeable component in the retentate

stream [93] (Figure 27). Comparative studies have

confirmed the interest of the technique, including a
Feed

Retentate

Sweep

Permeate

Figure 27 Membrane separation module with retentate

recycle for permeate sweeping.
multi-stage cascade, as compared to that of the single-
stage operation [94]. This option is often selected for
hydrogen purification or drying operations.
2.08.3.4 Membranes, Modules, and
Industrial Installations

2.08.3.4.1 Membrane and module

structures
There are basically two main types of membranes
used for industrial gas separations: skinned asym-
metric structures and composites (Figure 28).

For industrial application purposes, a polymer is
required to be fabricated into a device with a thin
active layer of 1 mm or preferably less. For glassy
materials, it can be as thin as 50 nm (Figure 29).

Membranes can be inserted in three major types of
modules for gas separations applications: plate and
frame, spiral-wound, and hollow-fiber modules. The
main characteristics of these three geometries are
summarized in Table 4.

Figures 30 and 31 respectively show a hollow-
fiber module with typical characteristics and a spiral-
wound module.

The tolerable pressure of membrane modules is in
the range of 150 bar (for the spiral-wound or hollow-
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Figure 28 SEM pictures of the two main structures of membranes which can be found for industrial use in gas separation

applications: an asymmetric skinned membrane fabricated from a single polymer by a phase inversion process (a) and a

composite membrane, with a dense skin layer coated on a porous support made of a different polymer (b).
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fiber types), and the maximal operating temperature is

150 �C. From a practical point of view, a module can be

used with feed mixture on either the bore side or the

shell side. If boundary layer mass resistances are
(a) (b)

Figure 29 A bundle of hollow fibers such as those used in ind

picture of a single fiber (b) showing a detail of the dense outer s
neglected, there should be no difference between

these two operating modes, according to the

above-mentioned basic methodology (the pressure

ratio is the only influencing variable in the expression).
10 X

(c)

ustrial modules (a) and scanning electron microscopy (SEM)

kin layer (c). Courtesy of Air Liquide/MEDAL�.



Table 4 Key characteristics of the three major types of modules used for industrial applications of gas

separation processes with polymeric membranes

Plate and frame Spiral wound Hollow fiber

Packing density (m2 m�3) 30–500 200–1000 500–10 000

Approximate area per module (m2) 5–20 20–40 300–600
Pretreatment requirement Minimal Fair High

Resistance to fouling Good Fair Poor

Pressure drop Low Fair High
Flow distribution Fair Moderate Good

Manufacturing cost High (50–200$ m�2) Medium (10–50$ m�2) Low (2–10$ m�2)
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Nevertheless, flow distribution, membrane mechanical
resistance, or subtle effects assumed to result from the

differential mechanical stress exerted on the skin layer

can lead to measurable differences in performances

depending on the feed mode. A 15% increase in the
permeance has been reported for bore-side feed, as

compared to shell-side feed, in an air separation
Length c. 1 m

Diameter c. 0.3 m

Number of fibers c. 106

Fiber internal diameter ~1

Fiber outer diameter ~200

Dense skin thickness 30–

Total mass of polymer c. 1

Mass of polymer of the de

Nominal feed flowrate 300

Figure 30 Schematic representation of an industrial hollow-fib

through the collecting tube on the left and the permeate from th

MEDAL�.
application [95]. Shell-side feeding is preferred when
a high pressure is needed as it displays the advantage of

a higher mechanical resistance of the fiber and a larger

interfacial area. However, it also has the disadvantage

of a more elevated pressure drop on the permeate side,
the requirement of a casing that is resistant to the

high-pressure conditions, and moreover, channeling
00 µm

 µm

50 nm

0 kg

nse skin c. 10 g

0 m3 (STP) h–1

er module with shell-side feeding. The retentate emerges

e bore of the fibers on the right. Courtesy of Air Liquide/
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Figure 31 Schematic representation (a) and picture (b) of an industrial spiral wound module. Courtesy of MTR.

Polymeric Membranes for Gas Separation 187
problems on the retentate side. Bore-side feeding is

applied for low feed pressure conditions. A lower inter-

facial area is obtained and flow distribution problems

can result from internal diameter variations of the

fibers.
2.08.3.4.2 Feed pretreatment

When installed in an industrial environment, the

selection of the different feed pretreatment opera-

tions is a key issue. A traditional pretreatment

scheme usually consists of:

1. a coalescing filter for liquid and mist elimination;
2. an adsorbent guard bed for the removal of trace

contaminants, such as hydrocarbons (this is often

nonregenerable);
3. a particle filter for dust removal after the adsor-

bent bed; and
4. a heat exchanger to achieve the target feed

temperature.

In some cases, a chiller or a turboexpander may

be included to reduce the dew point of the gas

as well as the hydrocarbon content. The risk asso-

ciated with the formation of hydrates sometimes

requires the addition of inhibitors, or the incorpora-

tion of a deep-drying operation, such as glycol

absorption.
When the feed composition is subject to changes,

a pretreatment retrofit is often needed in order to

prevent damage to the membrane.
2.08.3.4.3 Industrial module design: From

permeability to permeance and effective
selectivity

When studying scanning electron microscopy
(SEM) micrographs of industrial membranes, it is
difficult to precisely determine the thickness (z) of
the dense layer. Furthermore, for different reasons,
the membrane properties can vary from those of the
bulk at this scale. The discrepancy can be significant,
even though a difference of a factor >2 is rarely
obtained.

Fortunately, for module design purposes, only the
effective proportionality constant is required in com-
bination with the local driving force, as has been
previously demonstrated. Thus, it is of greater rele-
vance to express membrane performances through a
combined permeability and thickness variable, called
permeance [96]. For gas separation with polymer
membranes, the permeance is often expressed in gas
permeation units (GPUs). One GPU is 10�6 cm3

(STP)/cm2 s cmHg, which in SI units corresponds
to 3.347�10�12 mol m�2 s�1 Pa�1. The role of the
porous support, which, in general, cannot be
neglected from the point of view of mass transfer, is
usually included in this effective parameter. In the
case of composites, the permeation behavior can be
explained according to an analogy between gas per-
meation and electrical flow [97]. The various
portions of the composite are described in terms of
their resistance to gas permeation and the support
(substrate) and dense layer (coating) contributions
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can be matched in order to optimize the flux and
separation factor [98].

Table 5 summarizes some major permeance and
selectivity characteristics that are currently achieved
for industrial gas separations, and a nonexhaustive
list of suppliers is given in Table 6.

The number of polymeric materials that are com-
mercially available for industrial applications is
surprisingly small when considering the hundreds
of polymers having undergone investigation and
that can be synthetized. This situation can be
explained by the fact that the development path to
an efficient and reproducible membrane is a long,
complex, and expensive process, and includes both
technical and commercial activities. Numerous steps
and potential bottlenecks can block the development,
for instance, the difficulty in achieving the target
permeance and effective selectivity, problems of
incorporation in a module, the potential incompat-
ibility with sealants (epoxy, polyurethane, silicone,
etc.), the sensitivity to contaminants (that, in certain
cases, can only be detected on-site), and so forth. On
the whole, these issues have limited the development
of commercially available membrane modules to a
small number of candidates.

From a practical point of view, the tailoring of a
polymeric structure is often performed in order to
achieve the best performances. The simultaneous
increase in fractional free volume and the hindering
of chain backbone motions is especially applied. As a
result, membrane permeability can be increased by
over two orders of magnitude in the best cases, espe-
cially through an augmentation of the diffusion
coefficient. The sorption and selectivity are defi-
nitely more difficult to tune, and improvements by
a factor 2–4 as compared to the base material are
often considered as upper limits.

Before continuing with a description of the indus-
trial applications of polymeric gas separation
membranes and returning to the equations frame-
work that was developed in the previous section, it
is important to note that several complications are
susceptible of arising. These factors can be roughly
divided into two main categories: first, potential
changes to the hypotheses proposed for the operating
conditions, and second, complications arising from
the permeation behavior.
2.08.3.4.4 Pressure drop

The hypothesis, postulated in the analysis above, of a
constant total pressure on each side of the membrane
is not necessarily systematically valid. Numerous

studies have addressed this problem and, for

bore-fed hollow-fiber modules, the results have

demonstrated that the pressure drop on the bore

side can be adequately estimated by the Poiseuille

equation [99]. For a fiber of internal radius r, the

pressure gradient in the axial direction principally

depends on the total rate of the gas flow Q as well as

the mixture viscosity �:

dp

dl
¼ –

8�RTQ

�pr 4
ð52Þ

The special case where a permeate pressure builds
up when hollow fibers are fed to the shell side and

vacuum is simultaneously applied to the bore side

has been studied in greater detail [100]. Moreover,

many studies have addressed the specific problem of

a pressure drop in lumen of hollow-fiber modules

[101].
2.08.3.4.5 Nonisothermal permeation

conditions

Isothermal conditions were postulated in the general

framework; however, this hypothesis should be

reconsidered, particularly for water permeation, due

to the considerable amount of condensation heat

released at the upstream side and the possible cooling

that may occur due to evaporation on the down-

stream side. Even though these two effects are

expected to be perfectly balanced, temperature gra-

dients are known to occur during steady-state water

permeation, causing the temperature polarization to

become predominant.
The specific case of temperature changes in a gas

permeation module has been investigated by Gorisen

[102]. Temperature changes on the retentate side

ranging from 1 �C (nitrogen production from air,

hydrogen recovery) to more than 7 �C (natural gas

treatment) have been estimated. This range in the

temperature change depends on the Joule–Thomson

coefficient of the gas mixture and a shortcut calcula-

tion can be used in order to estimate the effect. A

temperature decrease is usually obtained, but an

increase can also occur. This is especially true for

hydrogen as a result of the negative Joule–Thomson

coefficient of this compound. Recent reports have

described a general and rigorous modeling frame-

work for gas membrane separation, incorporating

nonisothermal conditions [103].



Table 5 A summary of the major industrial applications and material and engineering characteristics of gas separation processes with polymeric membranes

Application
Typical membrane
materials

Membrane
effective
selectivity (a)

Membrane
permeance
(GPU)

Approximate target design
parameters Remarks

H2 purification (H2/
CO, H2/N2, H2/

CH4)

Glassy: polysulfone,
polyimides, cellulose

acetate

50–200 50–500 xin 0.3–0.7 High pressure for ammonia synthesis application (140
bar), medium for refinery (40–70 bar)

(H2/CO < H2/N2

�H2/CH4)
v�0.9
R�0.9

H2/CO separation is more difficult (�< 100)

N2 production

from air

Glassy: polyimides,

polysulfones,

ethylcellulose

�7 5–250 xin¼0.79 Single stage with feed compression to �10–15 bar

xout�0.9–0.99 H2O, O2, and CO2 are removed

Higher N2 purity requires multi-stage or hybrid processes

CO2 removal from

natural gas

Glassy: polyimides,

cellulose esters

�30 10–200 xin �0.05–0.5 Single-stage, hybrid, or multi-stage processes

xout�0.02 (pipeline) or

v�0.9–0.97 and R�0.9–

0.95 (EOR)

H2O can be removed with CO2

Membrane plasticization can be a problem and requires

adequate pretreatment
VOC recovery from

air or inert gases

Rubbery: silicone

rubber (PDMS)

3–100 >1000 xin�0.01–0.1 xout�0.001

or R�0.9

Selectivity depends on VOC type and increases when

temperature is decreased. Used in combination with a

condenser.

H2O removal (air or
permanent gas

drying)

Glassy: polysulfone,
polyphenyleneoxyde

(PPO). . .

>200 >200 Relative humidity decrease
50–90%

Temperature and concentration polarization



Table 6 Principal membrane and module suppliers for gas separation processes with dense polymer membranes

(nonexhaustive list)

Membrane Module Main applications

Permea (Air Products) Polysuflone Hollow fiber H2 recovery

Air separation CO2 removal Drying
Medal (Air Liquide) Polyimides, polyaramide Hollow fiber H2 recovery

Air separation CO2 removal

Ube Polyimides Hollow fiber H2 recovery
Air separation CO2 removal Drying

Generon (Messer) Polycarbonate Hollow fiber Air separation

Separex (UOP) Cellulose acetate Spiral wound Natural gas treatment (CO2)

Nateo Cynara Cellulose acetate Hollow fiber Natural gas treatment (CO2)
Parker Hannifin Polyphenylenoxide Hollow fiber Air separation Drying

MTR Silicone rubber (composite) Spiral wound VOC recovery Syngas, natural gas (N2, H2S. . .)

Sihi GKSS Silicone rubber (composite) Plate & Frame VOC recovery
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2.08.3.4.6 Hydrodynamic dispersion

effects

In the derivation of the design equations (Section
2.08.3.2), the hydrodynamic conditions were assumed
to respect two extreme situations: perfectly mixed or
plug-flow scenarios. In reality, an intermediate situa-
tion is more likely to occur and this may induce
significant deviations. More generally, the incidence
of a dispersion effect, best expressed through a
dispersion coefficient, has not been investigated in
detail. It can be stated that, similarly to any counter-
current mass transfer operation, deviations from the
plug-flow behavior should be detrimental since they
would lead to a decrease in the effective driving
force. Basic calculations have shown that, at least
for industrial modules and operating conditions, the
plug-flow hypothesis is probable for gas flow inside
the fibers. The Peclet number, for instance, is very
high and the influence of a supplementary term in
the radial flow profile is most often negligible [104].
On the shell side, however, the situation is more
complex. A detailed analysis has demonstrated that
flow patterns, in some cases, affect the overall separa-
tion performances [105]. This prediction has been
experimentally confirmed by measurements with a
thermo-anemograph on hollow-fiber modules [106].
In this study, maldistributions of the shell-side flow
were detected, especially for high separation factors
and stage-cut conditions. Nevertheless, diffusional
contributions were reported to be small on the shell
side for industrial hollow-fiber modules in the case of
O2/N2 separation [107].

2.08.3.4.7 Fiber variation effects

The intrinsic properties of a module, such as the
effective permeance, the internal diameter, and the
selectivity, are subject to variations from one fiber to
another, and the resulting performances of the mod-
ule thus become affected. These types of effects have
not been investigated in detail, apart from in a study
dedicated to air separation [108].

2.08.3.4.8 Additional mass transfer

resistances

Upstream and downstream boundary layer resis-
tances can affect the effective flux through a dense
polymeric membrane. Concentration polarization
effects, which are well known in membrane science
[109], are generally less pronounced in gas separa-
tion, due to the larger mass transfer coefficients and
diffusion coefficients as compared to liquid phases.
Nevertheless, the occurrence of non-negligible
mass transfer resistances in the upstream boundary
layer has been predicted to take place for highly
permeable and selective membranes [110]. A case
study [111] devoted to air separation and hydrogen
purification has suggested that the phenomenon
may be significant when the permeation rate of the
most permeable compound exceeds 10�4 cm3

(STP) cm�2 s�1 cmHg�1 (which is equivalent to
100 GPU). The recovery of volatile organic
vapors from air or inert gases, which makes use of
highly permeable and selective rubbery membrane
materials, is one of the applications where
concentration polarization phenomena can play a
significant role, both at the upstream side (feed-
side boundary layer) and at the downstream side
(in the porous support) [112].

Drying operations are also subject to this addi-
tional phenomenon, due to the very high selectivity
and permeability obtained during the extraction of
water. For CO2/CH4 applications, however, the
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concentration polarization is expected to play a

minor, if not negligible, role; gas-phase nonidealities

and plasticization are the main effects to take into

account if a consistent simulation is desired [113].
For overall mass transfer analysis, it is more conve-

nient for the concentration difference to be maintained

as the effective driving force in a manner similar to that

of the classical mass transfer approach. The overall flux

of a compound i thus incorporates the contributions of

the various mass transfer resistances in series:

Ni ¼
ci 9 – ci 0

1
ki 9
þ 1

km
i
þ 1

ki 0

¼ ci 9 – ci0
1

ki 9
þ z

Deff
i

þ 1
ki 0

ð53Þ

The membrane mass transfer resistance can be com-
puted from the ratio of the membrane thickness to the

effective diffusion coefficient. A simple calculation

shows that 1 Barrer corresponds to an effective diffu-

sion coefficient of 8.3�10�13 m2 s�1. The upstream

(retentate) and downstream mass transfer resistances

can be estimated through correlations described in

chemical engineering textbooks. For an open, smooth

tube with laminar flow conditions, such as those found

on the bore side of hollow fiber, k can be determined as

k ¼ 1:86 D Re0:33 Sc0:33

d

d

L

� �0:33

ð54Þ

Here, Re is the Reynolds number, Sc the Schmidt
number, D the diffusion coefficient in the gaseous
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Figure 32 Approximate range of mass transfer coefficients (k

porous media such as the support layer of a composite membra
(right, 1 Barrer¼ 8� 10�13 m2 s�1). For a composite membrane,

transfer resistance cannot be neglected. If the right and left bar

takes place.
phase, d the fiber diameter, and L the fiber length.
Based on this, the potential variation range of the
mass transfer coefficients for the membrane, gas
phase, and support (porous matrix) can be estimated,
and a synthetic picture is presented in Figure 32.

Finally, it should be noted that, for very thin
selective layers (i.e., one of the major goals in mem-
brane development), the hypothesis of infinitely
rapid equilibrium kinetics, as compared to the diffu-
sion kinetics, can be questioned. In such a case, the
permeate flux will not be strictly inversely propor-
tional to the dense layer thickness [114].
2.08.3.4.9 Multi-component effects 1:

Coupling of the frame of references

It is well known that mass transfer modeling for
systems involving more than two components, that
is, multi-component systems, is considerably more
complex than the modeling of a simple binary system
[115]. Any gas separation problem that involves a
membrane becomes a multi-component problem,
since at least two permeating species are dissolved
and transferred into a third compound, namely the
polymer matrix. In this case, the question of the
frame of reference is of crucial importance [116].
Surprisingly, this problem has only recently been
addressed in detail for gas separation through dense
membranes [117], although it has been occasionally
mentioned before [118].
s 
rt)

Gas in dense
polymeric

membrane 

1 GPU 
(or 1 Barrer with z = 1 µm)

in m s�1) of gaseous species in gaseous phase (left bar), in a

ne (middle) and in a dense polymeric or skinned membrane
if the right and medium bars overlap, the support mass

overlap, polarization concentration (on the retentate side)
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To this respect, it might be useful to recall that
‘‘the purely kinematical presumptions leading to
Fick’s law are unsupported by any principle or
method of mechanics or physics and cannot be
expected to explain or predict motions except
under particularly simple circumstances [119].’’

For a multi-component system, the transmem-
brane flux in steady state with the volume-average
bulk velocity can be expressed as

Ni ¼ Ji þ
ji

�vi

Xn

k¼1

�vkNk ð55Þ

For pure compound permeation, that is, one penetrant
in one polymer, with the stationary frame of reference
(Np¼ 0), the expression (55) reduces to expression (56):

Ni ¼ –
1

�vi 1 –jið ÞDi

dji

dz
ð56Þ

Interestingly, if anisotropic swelling is assumed, the
membrane thickness z can be expressed as a function
of the dry orthogonal coordinate Z through:
dZ = �pdz = (1��i)dz, and one obtains the classical
diffusion proposed in the introductory part of this
chapter:

Ni ¼ –
Di

�vi

dji

dZ
¼ –Di

dci

dZ
ð57Þ

The situation is very different for a multi-component
system, where, for a fixed frame of reference, the flux
of the permeating component i is a combination of
diffusion and convection (the so-called bulk flow)
contributions. The latter, which is often neglected,
plays a significant role on the flux of the less perme-
able compound when the relative flux of the other
(more permeable) component is high. This supple-
mentary term has been investigated, for instance, in
the case of carbon dioxide/methane separations by
glassy polypyrrolone membranes [117]. The separa-
tion has been shown to become significantly less
efficient, due to the enhanced bulk flux of the slow
(methane) compound. Consequently, the specificity
of multi-component systems should not be under-
estimated in the rigorous prediction of separation of
binary mixtures by membranes.
2.08.3.4.10 Multi-component effects 2:

Flux coupling and plasticization effects

In the general methodology described in the module
design section, no effects of one gas upon another
have been assumed for the description of the steady-
state permeation. This hypothesis can be considered
as valid especially for mixtures of permanent gases.

An often invoked reason for this is the extremely

small solubilities (<0.2%) for these systems at normal

temperatures, which imply that a dissolved gas has

little effect on polymer properties and thus diffuses

independently (i.e., gas–gas contacts are rare).

Nevertheless, as the solvent power and the concen-

tration of the dissolved species increase, flux

interdependencies are likely to arise and demand

the development of a more complex framework.
The most rigorous approach makes use of an

irreversible thermodynamics framework, which for

a two-compound permeation process (binary mix-

ture separation) can be expressed as

Ji ¼ Lii

d�i

dz
þ Lij

d�j

dz

Jj ¼ Ljj

d�j

dz
þ Lji

d�i

dz

ð58Þ

A classical question concerns the consistency of
the solution-diffusion model and the above equa-

tions. It is important to note at this point that the

permeability concept is compatible with the phe-

nomenological approach that is most often proposed

for the rigorous analysis of transport processes. When

taking the chemical potential gradient as the general

driving force for mass transfer, one obtains

Ji ¼ –Lii

q�i

qz

� �
¼ –Lii

q�i

qci

� �
:
qci

qz

� �
ð59Þ

where � is the chemical potential of species i (pene-
trant gas) in the membrane phase:

�iðT ; P; ciÞ ¼ �0
i þ RT lnð�i ciÞ þ viðP –PRef Þ ð60Þ

With the hypothesis of an inexistent pressure change
through the membrane, postulated by the solution-

diffusion model (Figure 4), the flux can be expressed as

Ji ¼ –
Lii RT

ci

� �
1þ qln�i

qlnci

� �
:
qci

qz
¼ –DT

i

qci

qz

� �
ð61Þ

From a practical point of view, the evaluation of mixed
gas transport through polymeric membranes is a

tedious task since it requires the precise determination

of both the pure compound and mixture permeation,

ideally on the same experimental setup. As a result,

experiments on mixtures are scarce in comparison to

those on pure compounds. An example of a laboratory

setup dedicated to mixture permeation studies for flat

membrane samples is shown in Figure 33.
The temperature, pressure, flow rates, and com-

positions have to be either controlled or determined
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in order for the mass balance on the module to be
verified. In general, a very large feed flow rate, as
opposed to the permeate flow rate, is applied. This
condition, which corresponds to a small stage cut 	
(typically in the range of 0.05–0.1), prevents the
incidence of hydrodynamic conditions on the separa-
tion performances (i.e., for a low stage-cut value, the
various hydrodynamic regimes show the same
results). The direct comparison of the obtained
experimental results, for instance, expressed through
the real separation factor, with the ideal separation
factor ��, demonstrates the importance of coupling
effects.

An example is shown in Figure 34 for the
propane/hydrogen separation with a rubbery poly-
mer. Depending on the membrane material, the
mixture composition and the operating conditions, a
variety of behaviors can be obtained. These include
increases, decreases, or the lack of differences with
regard to the permeability of a given compound in a
mixture as compared to its pure component
permeability.
2.08.3.4.11 Membrane deformation

In the general methodology described in the previous
section, a constant membrane thickness (z) and a
constant specific surface area were postulated.
These assumptions should be reconsidered if fiber
deformation effects occur. An extreme situation cor-
responds to self-standing rubbery hollow fibers,
capable of demonstrating significant dimensional
changes under pressure. This effect, which can be
beneficial in terms of permeability, has been modeled
and experimentally evidenced for external pressur-
ization conditions [120]. Nevertheless, all the
membranes that are presently used at an industrial
scale have a supporting porous matrix that is sup-
posed to prevent such changes.

Table 7 provides a tentative synoptic summary of
the various concepts and experimental situations that
have been covered, from the permeability definition
to the module design methodology. The table also
presents the approximate frequency of occurence of
the concepts in literature.
2.08.4 Industrial Applications

2.08.4.1 General Features

The selection of a separation process for a given
application depends on a great number of variables.
For instance, a defined purity or composition can be
the only (or main) target for certain applications
(the production of nitrogen of a given purity from
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air, the capture of VOCs from a vent stream with

requirements of respecting emission standards, the

drying of air, etc.). A recovery or capture ratio R is

often taken into account in order to minimize com-

pound losses during, for example, hydrogen

production or the treatment of natural gas. These

types of constraints must obviously be precisely

defined before the rational design of a separation

process becomes possible.
Naturally, membranes do not represent the only

means of achieving gas separation in industry, nor is

their use the most dominating. Basically, three major

competing processes can be identified for industrial

applications [121]:

1. Cryogenic distillation or condensation, thanks to a
cold box, can be utilized for air separation or the

recovery of volatile organic compounds, for

instance.
2. Adsorbent-based processes, such as pressure swing

adsorption (PSA), temperature swing adsorption

(TSA), or vacuum swing adsorption (VSA), are

often selected for hydrogen purification, oxygen

production, gas drying, or the recovery of organic

compounds.
3. Solvent-based processes are also considered for
natural gas treatment (i.e., carbon dioxide removal

by amine wash), gas drying with heavy and hydro-

philic solvents such as glycols, or the removal of

sour gases by physical solvents.

It is obvious that the ultimate choice of a separation

process is dictated by a technico-economical com-

parison. This task is generally achieved through a

balance between capital and operating costs. Several

studies, including sophisticated optimization meth-

ods, have been reported for specific applications.

Given the number of variables that have to be taken

into account as well as case-to-case specificities, it is

obvious that a generic and systematic positioning of

the different techniques can hardly be achieved.

Furthermore, it is important to note that the conclu-

sions that are drawn from these analyses are subject

to changes; a breakthrough development in material

selectivity, a change in membrane production costs,

or energy costs can drastically affect the optimal

domain of a given process.
A more subtle effect concerns the fact that the

evaluation of membrane separation processes is

usually performed according to the specifications for
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Table 7 A tentative synopsis of the experimental situations and the associated concepts and methodologies that can be

used in polymeric gas separation operations

Experimental situation Key results Notes

1. Pure compound permeation

through a dense polymer
sample

Pi, Pj, �
� Usually performed at lab scale on thick

polymer samples. Numerous data
reported in the literature

2. Pure compound permeation

through a skinned or

composite (i.e., industrial)

membrane

GPU for i and j and effective pure

compound-based selectivity:

��9¼ (GPUi/GPUj)

Few results in the literature (membrane

supplier data). The role of the support

can be estimated when the effective pure

compound selectivity ��9 and the ideal
selectivity �� are compared

3. Mixed gas permeation

performed on homogeneous

or industrial membrane
samples

Permeance and effective gas mixture

selectivity �eff

Some results on homogeneous membrane

samples, few results on industrial

membranes. Flux coupling effects can
be estimated when comparing the

effective selectivity of the pure

compound (step 2) and the effective

mixture selectivity (step 3).

4. Pilot tests with a membrane
module

Effective module separation performances The possibility to rigorously predict
separation performances from

permeability data can be estimated.

In case of failure, complicating

factors must possibly be taken into
account: variable permeability,

pressure drop, temperature variation,

concentration polarization, flow

distribution, etc.

5. Rigorous and exhaustive
design study (process

simulation softwares)

Selection and design of the optimal
installation based on a comparative

analysis including capital and operating

costs (NB: Feed pretreatment costs have
to be included)

Schematically, single-stage module,
recycling module, multi-stage units

(usually limited to three stages) or hybrid

processes can be compared

The various steps have been identified in order to fit the parts described in the text. They do not necessarily reflect the sequence of
operation that is performed for industrial module design.
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an established separation technique (e.g., cryogeny or

adsorption). This constrained framework can some-

times lead to the conclusion that membranes are

noncompetitive, while the opposite conclusion is

obtained when the process is optimized for membrane

separation [122]. A notable exception to the previous

statement concerns the production of nitrogen from

air. For this specific application, a well-known and

constant feed composition is naturally available and

decades of design studies performed on the three

major separation processes can be summarized in a

single map, shown in Figure 35.
It is remarkable that the three dominating separa-

tion techniques have found a domain in which they

offer the minimal overall cost. More interestingly, it

has to be noticed that membranes represent a super-

ior technology when the lowest purity and the

smallest capacity are needed. This observation is
often extended, possibly too rapidly, to membrane

gas separation processes in general.
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Given the difficulty of obtaining a complete and
rigorous picture, a more qualitative analysis of the

advantages and limitations of membrane separation

versus other separation processes is of interest. The

advantages can be summarized as follows:

1. operating flexibility causing membranes to toler-
ate fluctuating feed conditions without losing in

quality;
2. low energy requirement and/or high energy effi-

ciency [123] leading to low operating costs;
3. the absence of chemicals, make-up and solvent

emissions;
4. easy start-up and shut-down;
5. no moving parts, a minimal maintenance, and

operator attention (remote control is sometimes

possible);
6. modular design, easy to scale up when an

increased capacity is required (a numbering-up

approach: additional modules);
7. small footprint and compact system (can be a

decisive argument for off-shore applications); and
8. minimal utilities required, easy to control, simple

sensors required (pressure, flow rate).

The major drawbacks of membrane processes for

gas separation are outlined in the following:

1. No economy of scale due to the modular design
(unit capital costs do not decrease with capacity,

contrarily to for absorption, adsorption, and cryo-

genic processes), thus representing a decisive

penalty for large capacity applications.
2. Pretreatment can be heavy, and, in some cases, as

expensive as the cost of the modules (particulates,

aerosols, organic compounds, moisture, etc.).
3. Sensitivity to chemical compounds can be proble-

matic in certain cases (the plasticization effect

exerted by trace amounts of hydrocarbons on

glassy polymers is a typical example).
4. Requires a high-quality energy source (namely

electrical power for compression with most appli-

cations), whereas TSA or absorption processes can

make use of low-quality energy such as heat.

Membrane-based gas separation processes became a

reality in industry in the 1980s [124]. Since then,

applications have evolved and have been subject to

numerous reviews [125, 126]. Similarly to mem-

brane and module fabrication, a tentative review of

the existing industrial applications is a complex and

risky task; a large part of the information is

considered by membrane equipment suppliers to
be proprietary and trade, or closely guarded
information.
2.08.4.2 Hydrogen Purification

The first large-scale application of gas separation
with polymeric membranes was for the recovery of
hydrogen. Indeed, hydrogen applications provide a
combination of factors that favor membrane applica-
tions. First, the high permeability of hydrogen in
glassy polymers such as polysulfones or polyimides
leads to a high selectivity over nitrogen, carbon mon-
oxide, or hydrocarbons. Second, the fast permeating
compound is available at a high concentration in the
feed mixture. Furthermore, a pressurized feed is most
often present and, thus, no further compression is
required. In addition, the target hydrogen purity
needed is not extreme. Last but not least, applications
principally concern feed streams that correspond to
purge and that would normally be vented.
Membranes are in this case the best means of achiev-
ing hydrogen recovery. The main disadvantage of
membrane operations resides in the fact that hydro-
gen is recovered on the low pressure side (permeate),
which can lead to redhibitory recompression costs in
certain cases.

A large variety of industrially interesting applica-
tions exist:

1. hydrogen recovery from an ammonia purge gas;
2. hydrogen recovery from a methanol purge gas;
3. CO/H2 synthesis gas ratio adjustment;
4. units for steam methane reforming;
5. carbon monoxide purification; and
6. hydrogen recovery from refinery purge gases.

For these various applications, a recovery of 95%
or more is often achievable, combined with a purity
of above 98%.

An example of an industrial hydrogen recovery
unit is shown in Figure 36 and a flowsheet of a
hydrotreater unit using a membrane is presented in
Figure 37.
2.08.4.3 Nitrogen from Air

Due to a higher solubility in many polymers, oxygen
can be fivefold faster than nitrogen. As a result, mod-
erate purity N2 (i.e., 95–99.5%) can be obtained from
single-stage membrane units. For low-to-moderate
capacities, membrane separation has proved to be
economical and a great number of applications are
currently operated. A description of the respective



Figure 36 An industrial hydrogen purification plant with

several hollow-fiber modules for refinery applications.

Courtesy of Air Liquide/MEDAL�.
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Figure 37 Example of flowsheet for hydrotreater unit with a m
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domains of cryogeny, adsorption, and membranes for

nitrogen production is reproduced in Figure 35. The

target purity and the plant capacity can be seen to be

the two main differentiating variables. This decision

map is illustrative of the positioning of membranes,

which find applications when the aims include a not

too stringent purity and a small-to-medium capacity.
A classical process can be described as follows:

atmospheric air is compressed in a compressor and

passed through a series of filters in order for moisture

and any other condensable compounds (e.g., oil) to be

removed. The compressed feed is further heated in a

heat exchanger before entering the membrane mod-

ule. Air travels through a bundle of hollow fibers

where oxygen, carbon dioxide, water, and hydrocar-

bons permeate in preference to nitrogen. Argon,

being less permeable, accumulates on the retentate

side with nitrogen. The oxygen-enriched stream

(i.e., the permeate) can be vented to the atmosphere

or used, for instance, to improve the efficiency of

combustion units.
In the search for more efficient membrane mate-

rials for the oxygen/nitrogen separation, hundreds of

polymers have been screened during recent years.

Reports continue to appear on studies with novel
fuel gas

800 psig
100 °F

Recycle
compressor 

HP
separator

LP
separator

embrane hydrogen recovery unit [124].
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compounds but the performances should be
systematically compared to existing materials. For
instance, an oxygen/nitrogen selectivity above 11
has been reported for the O2/N2 gas pair with sulfo-
nated polystyrene, where the best combination was
Mg2þ form polymers with the largest extent of sul-
fonation [127].

More generally, the O2/N2 diffusion selectivity
(��D) is probably the variable that should be tuned in
order to maximize the separation performances.
Maximal values around 8.7 have been reported for
the O2/N2 pair in hyperrigid polypyrrolone poly-
mers exhibiting a performance lying on or above
the tradeoff line [128]. However, this value is much
smaller than the one reported in rigid zeolite or
carbon molecular sieves, where a diffusion selectivity
as high as 104 can be obtained. A detailed analysis
suggests that this large difference results from entro-
pic selectivity effects.

It should be noted that a very different situation,
namely the CO2/N2 separation from combustion
exhaust gases, has also been occasionally investigated
at a pilot scale for nitrogen generation. No significant
change was detected after 4 months of operation,
even with interrupted feed admissions and shut
downs. Moreover, a purity of 98.5% N2 could be
achieved. Nevertheless, the exact potential of this
specific application remains to be evaluated.
2.08.4.4 Carbon Dioxide Removal in the
Treatment of Natural Gas

Most of the natural gas produced in the world is co-
produced with acid gases such as carbon dioxide
and/or hydrogen sulphide. These compounds,
which, in glassy polymers, are faster permeants than
methane, have to be removed in order to achieve
pipeline specifications. While the diffusion selectiv-
ity is clearly the key factor for hydrogen purification,
carbon dioxide removal through glassy polymers
often shows a combined diffusion and solubility
effect, with an �D ranging from 4 to 15 and an �S

from 2 to 7 [129]. The significant solubility of carbon
dioxide can, in turn, affect the permeation perfor-
mances and the prediction of a mixed gas
permeability has been the subject of numerous efforts
for this system.

Membrane operation has proven to be economic-
ally competitive, especially for small to intermediate-
sized systems. For the treatment of natural gas, reviews
on applications, including technico-economic ana-
lyses, have been published [130, 131]. A rough
conclusion is that membranes can either compete
with or be combined with absorption processes, as
soon as the carbon dioxide content in the natural gas
exceeds 10% [132]. The potential of hybrid processes
appears to be particularly attractive: in this case, the
membrane removes the bulk quantities of the CO2

with a relatively small area and the amine absorption
process is used for the final clean-up [133]. Such a
configuration takes advantage of the respective char-
acteristics of the two processes: indeed, amine units
require more energy when the CO2 concentration
increases, whereas membranes, on the other hand,
are more effective at high concentrations of CO2.
A process design study concludes that, under most of
the tested conditions, gas absorption processes are not
competitive with either hybrid processes or indepen-
dent membrane processes [134].

Further complications arise when carbon dioxide
and hydrogen sulfide are simultaneously present in
natural gas. In this case, the use of two different
membranes, one with a high CO2/CH4 selectivity
and the other with a high H2S/CH4 selectivity, can
be proposed and a detailed technico-economical
analysis has been performed for such a situation
[135]. More generally, the applications in the field
of natural gas treatment are continuously increasing
and very large installations have recently been
started [136].

In order for membranes to find applications, it is
useful to indicate the compositional specifications for
a delivery of natural gas by pipeline. For instance, in
the US, the maximal tolerable composition is the
following: 2% (or less) of carbon dioxide, 120 ppm
of water, 4 ppm of hydrogen sulfide, and 4% of inert
gases (N2, He, etc.). More specifically, if membranes
are to compete with other separation processes, the
partial pressure of the carbon dioxide should be
sufficiently high as this would lead to the necessary
driving force for the membrane transport. In this case,
there is no unique configuration and, depending on
the values of the carbon dioxide concentration and
the price of the natural gas, single-stage or multi-
stage (usually limited to three stages) units can be
proposed based on optimization studies [137].

It is generally recommended that membranes be
restricted to a bulk removal, typically down to a
carbon dioxide content of 8–10%. Any remaining
CO2 is further removed by polishing techniques,
such as amine absorption. A detailed study of hybrid
schemes that combine membrane and amine pro-
cesses, including a technico-economical analysis,
has been reported. A recycling stream can also be
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achieved, in order to increase the hydrocarbon
recovery. Each system is designed to minimize the
overall compression requirements. Pretreatments
generally include air cooling, liquid knock-out, and
reheating, with a possibility of achieving the latter in
combination with compression.

Polymeric membranes are hardly competitive
with conventional absorption processes when the
partial pressure of carbon dioxide in the feed stream
is low. More specifically, for partial pressures of
carbon dioxide in the feed mixture lower than 0.5
bar, advanced processes require the use of thin
(i.e., 4 mm) membranes for a facilitated transport to
be competitive [138].

Carbon dioxide is often vented but can, in some
cases, also be recovered in order to be reinjected for
enhanced oil recovery. With the increasing demand
on oil and the issues associated to greenhouse gas
mitigation, it is likely that this type of application
will undergo a significant increase. A 90–95%
recovery ratio, combined with purities ranging
from 90% to 97%, is often typical in such cases,
and field tests were started as early as 1983 for this
application [139].

A difficulty associated to the treatment of natural
gas resides in the fact that the mixture to be treated is
complex and contains numerous compounds such as
oil, hydrocarbons, water, glycol, drilling fluids, and
particulates (especially iron sulfide particles resulting
from the reaction of hydrogen sulfide with iron con-
tained in the pipes). Consequently, pretreatment is a
key issue and problems of membrane fouling can
occur if this operation is not carefully designed.
A major bottleneck of polymeric membranes in the
treatment of natural gas comes from the so-called
plasticization effect that can be exerted by hydrocar-
bons or carbon dioxide on glassy polymers. In most
applications, hydrocarbons have to be removed in the
pretreatment step. Alternatively, the operating
temperature of the membrane can be maintained
sufficiently high (65–100 �C) to prevent their
condensation. From a practical point of view, plasti-
cization, which can occur over large timescales when
trace compounds are involved, simultaneously
induces a decrease in the selectivity and an increase
in the permeability. This effect is by no means
negligible and can be quite impressive. For polyimide
materials, for instance, considered to be subject to
plasticization by hydrocarbon impurities (hexane,
toluene) to a higher degree than cellulose acetate
membranes, a twofold decrease in selectivity
has been reported [140]. This phenomenon is
irreversible, complex, and history dependent, and
has been subject to substantial research efforts given
its negative implications. It is basically different from
competitive sorption or flux coupling effects, even
though a subtle balance between these two types of
phenomena can be observed [141]. Strategies to
minimize plasticization include the selection of ade-
quate materials, chemical crosslinking [142], and
membrane posttreatments, such as thermal annealing.

Current carbon dioxide/methane selectivities of
membrane gas separation units range from 15 to 25.
A major change in the competitiveness toward the
amine absorption technology would be achieved if
membranes with a selectivity of 40 or more could be
produced at an industrial scale, and it is interesting to
note that the probability of accomplishing this target is
high. For instance, laboratory-scale studies performed
with multilayer composite poly(4-vinylpyridine)/
polyetherimide hollow-fiber membranes have
recently shown ideal separation factors for CO2/CH4

up to 62 [143].
Another specific application concerns the treat-

ment of low-quality natural gas or biogas. The
upgrading of low-quality natural gas from a well
was investigated for more than 20 months [144],
and the retentate was found to always meet pipeline
specifications. There is an increased interest in bio-
gas, containing 30–45% carbon dioxide, especially as
a renewable energy source for electricity production
or as a transport vehicle fuel [145]. There are emer-
ging needs for efficient and cheap scrubbing
techniques and membranes should logically play a
role in this field.
2.08.4.5 Volatile Organic Compounds
Recovery

The recovery of VOCs from contaminated gas
streams started in the US in the 1980s, and has
since then become an established process. The use
of highly permeable elastomeric membranes, such as
silicone rubber, enables selectivities of organic com-
pounds over permanent gases on the order 20–100 to
be achieved. This is often sufficient in order to
compete with other technologies, for example,
adsorption, condensation, or incineration, especially
when the vapor concentration is roughly in the range
of 0.1–10%. Adsorption is often more competitive for
diluted streams, while condensation and incineration
techniques require concentrated mixtures.

Schematically, the applications are driven by two
factors; in some cases, the recovery of a high-value
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solvent from the vent streams is rendered possible.
Similarly to in hydrogen recovery applications, the
driving force is clearly economic and a payback
time on the order of 1 year or less can be obtained.
The recovery of halogenated compounds (CFCs),
monomers or solvent vapors (chlorinated solvents,
ethers, ketones, etc.) are typical examples. Another
method showing a great potential in the petrochem-
ical and refinery areas is the separation of propylene
from nitrogen in polyolefin resin degassing vents
[146]. An example of such a propylene recovery
unit is shown in Figure 38.

In other cases, environmental regulations push for
membrane installations in order for the limiting emis-
sion range to be respected. This is particularly the
Feed stream
(inert gas + VOC)

Liquid 

Liquid ri
pump

Heat exchange

Gas–liquid 
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Figure 38 Recovery of volatile organic compounds (VOCs) fro

(vacuum operation).

Figure 39 Example of an industrial membrane vapor recovery
situation for hydrocarbon vapor recovery in various
operations, especially when a transfer is operated.

VOC membrane recovery units are often
designed as hybrid processes with a condenser. The
membrane can be installed either before or after the
condenser, depending on the feed concentration
design constraints (Figure 39).

Composite membranes with active layers of rub-
bery silicone are employed, and industrial modules
are of either spiral-wound or plate-and-frame type.
Vacuum operation is often applied. A liquid ring
pump is frequently selected rendering it possible to
achieve vacuum down to 10–100 mbar.

As already stated, the high solubility of organic
vapors in elastomers (Flory–Huggins-type isotherm)
Retentate

ng 

r

Membrane module

Permeate

m a gaseous stream by a single-stage membrane unit

unit (propylene purge treatment). Courtesy of MTR.
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can lead to high ideal VOC/N2 selectivities. This, in
combination with the very high permeability of sili-
cone rubber, has two major implications. First, the
support mass transfer resistance plays a significant
role and the active layer thickness has to be tailored
in order for the effective selectivity to remain com-
patible with the application. Table 8 displays a series
of effective selectivities of composite silicone rubber
membranes for various VOCs.

Second, the high selectivity, combined with a high
effective permeability, favors the occurrence of con-
centration [147, 148] and temperature polarization
[149] phenomena. Gas-phase nonidealities should
also be taken into account for a rational mass transfer
analysis [150].
2.08.4.6 Drying of Gases

Water is the fastest permeant in polymers and, for
permanent gases, selectivities of several thousands
can be achieved with numerous materials. As a con-
sequence, air-drying operations by hydrophilic
polymeric membranes can be competitive with
other techniques such as condensation or molecular
sieve beds. Membrane materials for air drying often
include polyphenyleneoxide and Nafion [151],
where the latter is an ion-exchange polymer widely
used in electrodialysis and in fuel cells. A simple
formula for water permeability is frequently pro-
posed for Nafion for design purposes, even though
unexpected effects of the membrane thickness on the
water permeability have been observed for this poly-
mer [152].
Table 8 An approximate ra
selectivity data of composite

membranes for various comp

applications

Volatile organic compound

Octane

1,1,2-Trichloroethane
Isopentane

Methylene chloride

CFC-11 (CCl3F)
1,1,2-Trichloroethane

Isobutane

Tetrahydrofurane

Acetone
Propane

Halon-1301

Courtesy of MTR.
When it comes to membrane air drying, two major
problems have to be faced, both of which have to do
with boundary layer effects (which were neglected in
the design analysis presented before). The very high
permeability of water, combined with an extremely
high selectivity, induces a strong concentration
polarization, especially on the downstream side,
causing the effective driving force to be dramatically
decreased. The mass transfer can often be enhanced
by recycling some of the retentate as a sweep stream
on the permeate side. Mass transfer resistance and
sweep stream may interact in a subtle way such that
the smallest membrane area for a given task may
require a less selective membrane [153].
2.08.4.7 Miscellaneous Applications

2.08.4.7.1 Rare gases

Helium, a fast permeating gas, can be recovered from
natural gas wells by polymeric membrane processes.
The low concentration that is encountered (typically
<1%) translates into a low driving force. Multi-stage
units would thus be needed in order to achieve the
target purity level. Methane losses are also one of the
major bottlenecks for this application. Another field
of application where membranes are best suited con-
cerns the recovery of helium after it has been used
and become diluted. Classical examples include
deep-diving gases or blimps, in which cases the con-
taminants are rejected by small units, sometimes on-
board, consisting of a compressor and a membrane
module. The purified helium stream is recycled.
Polyphosphazene has been proposed as a potential
nge of effective
silicone rubber

ounds for VOC recovery

Membrane selectivity
(� VOC/N2)
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material candidate for this application [154], but
glassy materials already available in industrial mem-
brane modules can generally be more adequate.

Argon recovery from oxygen feed streams repre-
sents another potential application that would take
place after a cryogenic air separation unit.
Unfortunately, this separation is difficult to achieve
since the diameters of the two permeants are very
close (3.40 Å and 3.46 Å for argon and oxygen, respec-
tively). Moreover, experimental studies have shown
that the solubility selectivity is in favor of argon, while
the diffusion selectivity is in favor of oxygen [155].

The separation of rare gases such as of the krypton
(Kr)/xenon (Xe) pair through silicone rubber mem-
branes has also been occasionally reported for the
treatment of nuclear reactor atmospheres [156].
However, this prospective application has apparently
not been further investigated.
2.08.4.7.2 Oxygen

Oxygen is the third largest commodity chemical. As a
consequence, oxygen production from air has
attracted considerable efforts given the large market
and the large number of applications requiring
oxygen of a given purity. Cryogenic distillation and
adsorption (PSA or VSA) are established technolo-
gies for high- and medium-purity applications,
respectively. Up until now, membrane separation
can hardly compete with these technologies, unless
a low purity, typically of a maximum of 30–45%
mole, and a small plant capacity, typically no more
than 20 ton equivalent pure oxygen per day, are
needed. These conclusions were put forward in two
detailed technico-economical analyses [157, 158].
The design analysis showed that, for this application,
a process with a feed compression was not competi-
tive because of the electricity requirement. Instead, a
vacuum pump was more interesting since, as dis-
cussed above, a smaller power consumption was
required due to the low stage cut of the unit. The
major utilizations of oxygen-enriched air streams are
for medical use (breathing): improved combustion,
claus and fluid catalytic cracking (FCC) catalyst
regeneration applications, and aerobic fermentation
or wastewater treatments. For such applications,
highly permeable and moderately selective materials,
such as silicone rubber, represent the best choice.
Nevertheless, alternative materials, such as polyvi-
nyltrimethysilane, have also been proposed for
these purposes. For higher oxygen purities (60% or
more), multi-stage operation, or, improved, hybrid
processes, such as membrane/adsorption (vacuum
swing adsorption), can be proposed.

2.08.4.7.3 High-value chemicals
In terms of specific applications, the recovery of trace
amounts of SF6 is illustrative to the extreme range of
concentrations that can be found for gas permeation
processes [159]. Glassy polyimide membranes have
been proposed for the separation of chlorofluorocar-
bons (e.g., CFC-12) from air [160]. In this case, flux
coupling effects are not negligible. As compared to
the performances of pure compounds, a substantial
decrease in the permeability of the more permeable
gas (air) was observed together with a decrease in
selectivity.

The recovery of silane (SiH4) mixed with hydro-
gen has been investigated in the production of
ultrahigh purity silicon for the electronics industry.
The objective was to reuse silane, which was not
completely converted in one pass, in the process. For
reasons of simplicity and energy efficiency, a com-
parative engineering analysis was proposed for using
membranes for absorption or condensation [161].

Ammonia can be selectively permeated through
polymers with very large separation factors, espe-
cially in ion-exchange materials, such as
perfluorsulfonic acid polymers in Hþ form under
wetted conditions [162]. A selectivity over hydrogen
as high as 500 has been reported with composite
membranes [163], which could be of interest for
applications in ammonia synthesis. The mechanical
resistance to the high-pressure conditions that pre-
vail in ammonia production units is however a
critical issue for this application.

2.08.4.7.4 Isotopes
The separation of isotopes by polymeric membranes
is almost systematically discarded since the separa-
tion factors are very small [164], thus preventing the
technique from competing with other technologies
such as Knudsen diffusion or centrifugation. One of
very few existing studies was devoted to isotope-
explored membrane cascades for boron isotopes in a
BF3 application [165]. Experimental selectivity data
in the range of 1.02–1.09 were reported and used for
the design analysis of a multi-stage unit.
2.08.5 Future Trends and Prospects

The increasing role of separation operations [166],
and more specifically of membrane processes [167]
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have been discussed recently, with particular empha-
sis on energy and sustainability challenges. The role
of membranes is expected to significantly increase in
a large variety of industrial sectors due to their
unique features: separation performances, energy
efficiency, ease of operation, absence of chemicals,
intensification, and associated productivity.
2.08.5.1 Membrane Materials

In 1990, Stern published a visionary paper on the
developments that could be expected in the field of
polymeric materials for gas separations [168]. More
recently, Koros and Mahajan [169] have also
explored how to push the limits for large-scale appli-
cations. It is clear that the continuing development of
new polymeric materials is a major source of
improvement and can open new fields of applica-
tions. The search for plasticization-resistant
polymers for high-pressure CO2 separations, for
instance, is a typical example [170].

Another recent trend consists in systematically
exploring the potentialities of solubility selectivity,
in contrast to the diffusion selectivity obtained by
glassy polymers, which for some reason has been
favored up until now. The major industrial applica-
tion of solubility-selective membrane separations
concerns the recovery of VOCs, thanks to silicone
rubber. It is possible that other rubbery materials,
showing large permeabilities and being less subject
to plasticization effects, display promising potential-
ities for new separations [171]. In a recent study, this
concept was demonstrated to offer promising separa-
tion properties for hydrogen purification [172]: if a
carefully selected temperature and operating pres-
sure was applied, rubbery, molecularly engineered
cross-linked poly(ethylene oxide) membranes
demonstrated a remarkable reverse selectivity
toward the CO2/H2 pair, one of the most difficult
mixtures where membrane gas separation is con-
cerned. For industrial applications, this result is
very promising since hydrogen is recovered at the
high pressure side. Thereby, the main drawback of
membranes for hydrogen purification can thus be
circumvented. From a fundamental point of view,
the plasticization effect of CO2 is in this case har-
nessed, contrary to the unwanted plasticization that is
observed for applications of glassy membrane mate-
rials. Interestingly, the presence of moisture in the
feed is not detrimental as it improves the selectivity
and permeability performances.
More generally, breakthrough material develop-
ments could occur from innovative nanotechnological
methods, including techniques such as self-assembly in
solution, molecular templating or bottom-up designs.
Tailored free-volume topologies that make use of the
inclusion of judicious templating molecules in glassy
polymers have recently been reported to present out-
standing separation properties surpassing the limits
dictated by trade-off relationships [173].
2.08.5.1.1 Tackling chemical reactivity

Nowadays, gas separation operations by membranes
at an industrial scale are still operated with strictly
physical interactions (i.e., without the involvement of
chemical reactions). To a certain extent, this situa-
tion could be compared to gas absorption processes
with only physical solvents as separating agents. The
use of chemical reactions is known to provide
exceptional potentialities in terms of separation
selectivities. This strategy is already widely applied
for gas–liquid absorption (chemical solvents), liquid–
liquid extraction, and chromatographic processes,
among others. Thus, it is not surprising that chemi-
cally reacting membrane systems have been
investigated for decades, in order to enhance separa-
tion performances. Nevertheless, attempts in this
field remain essentially restricted to laboratory scale
or pilot studies. It is expected that new applications
will emerge in the near future, due to the consider-
able improvement offered by chemically reacting
systems.

More specifically, two major possibilities of che-
mical reaction utilization can be potentially
proposed:

1. Species that are specifically involved in a che-
mical reaction with a gaseous permeant are bound to
the matrix (e.g., by covalent bonds). These so-called
fixed site carrier membranes have been examined
from a theoretical point of view by Noble [174] and
the interest in the concept has been validated
through numerous laboratory studies. The particular
case of selective oxygen permeation has been inten-
sively investigated by the incorporation of a metal
salt [175], such as CuCl2, or chelates, which reversi-
bly bind oxygen in rubbery copolymers [176],
EDTA-acrylates copolymers [177], polyurethanes
[178], or cellulosic materials [179]. Cobalt(III) com-
plexes have been tested and reports reveal impressive
improvements of the O2/N2 selectivity (with values
up to 50!) together with oxygen permeabilities of
6000 Barrer. It is however imperative to confirm
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these results by long-term experiments, due to the

fact that complex desactivation is a major concern.
2. Another approach consists in using a mobile

carrier that reacts with and transports the target

species. This concept leads to applications for liquid

membranes, a topic that has received considerable

attention for decades and that will not be detailed

further in that chapter [180].
2.08.5.1.2 Combining adsorbents and

polymers: Mixed matrix membranes

The upper-bound limit of polymeric gas separations

can be seen as a major bottleneck for certain indus-

trial applications. Therefore, considerable efforts

have been dedicated to identifying a means of going

beyond this limit. For gas separation in glassy poly-

mers, the diffusion selectivity plays a key role, and

this boundary is supposed to result from so-called

entropic selectivity effects [181]. The same does not

hold true in the rigid cage of nonpolymeric structures

such as molecular sieves, zeolites, or mineral adsor-

bents, which show much higher intrinsic selectivities

(usually, however, at the expense of lower perme-

abilities). Thus, the incorporation of porous selective

powdered adsorbents intimately dispersed in a

polymeric matrix can be a promising method for

improving the performances of gas separation mem-

branes. This concept is generally referred to as mixed

matrix membranes and was initiated for separation

purposes rather recently, whereas the fundamental

problem of gas transport in a polymer/adsorbent

heterogeneous matrix was addressed long ago [182].
(a)

Figure 40 (a) SEM picture of a mixed matrix membrane for gas

polymeric membrane. (b) Example of the potentialities of mixed

Evolution of oxygen and nitrogen permeability and membrane s
Porous adsorbent fillers were first shown to
diversely affect the separation performances of
poorly selective rubbery polymers [183, 184].

Depending on the adsorbent structure (dead-end or

interconnected pores), intrinsic permeability, and the
possibility of achieving an intimate contact between

the polymer and the adsorbent particle, the perme-

ability and selectivity can either increase or decrease.
If a correct contact is achieved between the dispersed

phase (i.e., the particles) and the continuous phase

(i.e., the polymer), the effective permeability can be
estimated according to one of the numerous models

that have been proposed for heterogeneous media

transport properties. Results are often compared to
the outcome of an expression derived by Maxwell

[185] for the prediction of the electrical properties of

two-phase systems. For a matrix with a filler volume
fraction j, the effective permeability of a permeant

can be computed from the pure compound perme-

ability of the polymer (Pc) together with that of the
adsorbent (Pd) through

P ¼ Pc
Pd þ 2Pc – 2j Pc –Pdð Þ
Pd þ 2Pc þ j Pc –Pdð Þ ð62Þ

An example of a mixed matrix membrane and some
observed improvements on oxygen/nitrogen selec-
tivity [186] is shown in Figure 40.

A more specific analysis has to be carried out for
the incorporation of impermeable nanoparticles in a

dense polymeric membrane. This type of operation
has, in material science, been performed for decades

for reinforcement or cost purposes, and examples

include the use of silica in silicone rubber [187].
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For permeation applications, nanoparticles can sig-
nificantly increase the glass transition temperature
due to the restriction of segmental chain mobility.
This can induce beneficial effects in terms of perme-
ability and selectivity and possibly push the
performances beyond the trade-off limit. Several
observations confirm these effects for silicon dioxide
particles for O2/N2 separation [188], or butane/
methane separation by PTMSP nanocomposites,
where a sixfold increase in the butane permeability
has been reported [189]. However, the most impress-
ive results have been obtained with fumed silica
nanoparticles incorporated in glassy amorphous
poly(4-methyl-2-pentyne); surprisingly, a consider-
able enhancement in both the permeability and
selectivity of large organic vapors over small perma-
nent gases was obtained, in contrast to the results
found for conventional filled polymer systems
[190]. Nanoscale hybridization could be an innova-
tive means of tuning the molecular packing, and
consequently, the separation properties in glassy
polymers.

2.08.5.1.3 Pushing the limits of ultrathin

membrane skin layers

In terms of membrane preparation processes, the
search for ultrathin defect-free active layers can pos-
sibly lead to breakthrough techniques. Up until now,
the productivity of membrane modules for gas
separation can roughly be considered to have a
lower limit of 50 nm for the best film-forming mate-
rials, based on extrusion/coating techniques. This
performance is remarkable and will probably be
hard to overcome, unless a revolutionary fabrication
technique proves to be more efficient. It is interesting
to note that alternative and essentially unexplored
approaches have been occasionally proposed for such
purposes and these include polymerizable ultrathin
Langmuir–Blodgett structures [191], or the use
photochemical reactive assemblies [192]. The surface
structure of the support material and the stability of
the thin layer are obviously key issues in this case.

Specific surface treatments that make use of che-
mical vapor deposition (CVD) or plasma techniques
also harbor great potential. The influence of surface
fluorination [193], bromination [194], ozonation
[195], or ultraviolet (UV) posttreatment [196] has
been investigated in greater detail. A completely
different strategy would consist in promoting corru-
gated structures in order to increase the flux [197];
this approach, already applied in certain cases
for reverse-osmosis membrane manufacturing,
apparently has yet to attract attention for gas separa-
tion purposes.

2.08.5.1.4 Pushing the operation range of
gas separation membranes

Aggressive environments are of particular concern
for polymeric materials in general, and are often a
key issue for membrane applications. The sensitivity
of the active layer, of the support, or of the module
(such as the casing material, glue, sealants, etc.) to
reacting gases, acids, volatile organic compounds, or
heavy substances is decisive in terms of process selec-
tion, and this certainly constitutes one of the main
causes for rejecting gas separation membranes for use
in numerous applications. Unfortunately, these
aspects are poorly documented in the open literature
and the feedback of end-users is very limited.

The difficulties associated with plasticization
effects and the necessity of achieving an efficient
pretreatment of heavy compounds and hydrocarbons
have been discussed above. Moreover, various stu-
dies have addressed the durability of membrane
materials when exposed to aggressive gases such as
chlorine [198] or ozone [199].

Another challenge consists in extending the
applicability of gas separation with polymeric mem-
branes in extreme environments of temperature and
pressure. Pressure operations up to 380 bar have been
occasionally reported for the separation of CO2/H2

with a polyamid membrane [200]. The effective
transport properties under these conditions are diffi-
cult to predict since they result from a competition
between swelling and membrane compaction, but a
substantial increase in selectivity can, in some cases,
be gained.

Gas permeation studies with polymer membranes
under high-temperature conditions are scarce.
Nevertheless, polypyrrolone has been studied to
that extent due to its exceptional thermal stability.
Experimental results up to 200 �C have been
reported for this polymer [201].
2.08.5.2 Novel Processes

2.08.5.2.1 Operation modes and module

design

Innovative processes or operating modes are rela-
tively unexplored issues for membrane gas
separation. One could say that the development of
polymeric membranes for gas separation has up until
now been driven mostly by achievements in materi-
als science: thin active layer membranes, hollow-fiber
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modules, and, above all, new polymeric materials.
The process development part remains modest,
apart from the classical cascade or recycling
approach.

Historically, one of the main attempts of promot-
ing novel membrane gas separation processes has
been the continuous membrane column, originally
proposed by Hwang and Thorman [202]. Here, the
key idea is to take advantage of the countercurrent
flow principle in a reflux cascade, in order to max-
imize local driving forces. Similarly to a continuous
distillation column, two product flow rates can be
continually extracted: a bottom depleted of and a
top enriched with a fast permeating compound.
Unfortunately, this mode of operation has, in several
case studies, been shown to consume more energy
and require more membrane area than a simple sin-
gle-stage process [203].

It is interesting to note, however, that a series of
recently published studies has proposed alternative
modes of operation, making use of gas separation
modules. A common point of several of these new
approaches is to take advantage of transient opera-
tion. Methods such as the preferential accumulation
of the fast compound of a mixture [204], cyclic pres-
surization and evacuation [205], pressure swing
permeation [206], or pulsed feed operation [207]
have been explored toward different mixtures. At
first glance, this could be regarded as a deadlock;
the fact that membrane modules can be operated
under steady conditions is often considered a deci-
sive advantage in terms of productivity and ease of
operation for process control. Nevertheless, working
under unsteady conditions offers the possibility of
extending the range of performances in terms of
selectivity and productivity.

The key concept of unsteady membrane gas
separations was originally proposed for microporous
carbon or glass membranes [208]. The idea is based
on the fact that, in a closed two-compartment system
in transient state, the characteristic curves of two
permeating compounds displaying differing diffusion
coefficients but identical permeabilities should show
different breakthrough times. In this case, the
sorption selectivity (�S¼ S1/S2) is strictly inverse
to the diffusion selectivity (�D¼D1/D2¼ 1/�S).
Such a situation is not at all systematic, although it
may occur occasionally with gas pairs, for example,
rare gases.

It is not possible to obtain selectivity under steady
operation (�¼ 1); however, a very pure fraction of
the fast permeating compound can be extracted for a
short time. Thus, a selectivity–productivity trade-off
again needs to be solved. Paul [209] has reported on a
pioneering theoretical analysis of the problem,
thanks to a dual volume recovering setup with a
cyclic feed and a permeate mode of operation. The
separation of He/CH4 was explored and, through an
analytical solution of the problem, it could be con-
cluded that the loss of productivity could not be
compensated for by the impressive increase in selec-
tivity. A similar conclusion was later obtained for the
separation of O2/N2 [210]. The concept has recently
been re-explored, thanks to modern simulation and
optimization methods for separation of the CO2/H2

gas pair and a more positive conclusion has been
drawn [211]. Further studies are clearly necessary
before the real potential of these operating modes
can be precisely identified.

Another possibility for achieving multi-component
separation consists in utilizing different membranes;
this concept has been experimentally and theoretically
explored, in particular for the ternary mixture of
He–CO2–N2 [212]. This mixture was chosen since it
is possible to find two different membranes that are
inversely selective to the two fast components of the
feed (cellulose acetate and silicone rubber). From a
practical point of view, the separation can be carried
out using a single module equipped with two different
membranes [213], or alternatively with two single
membrane permeators in series. More recently, var-
ious process alternatives for gas separation with
membranes have been explored, such as a so-called
sorp-vection concept [214].

Significant progress has been made in the design
of membrane modules and it is reasonable to state
that no major change can be expected within this
field in the near future. Generally speaking,
hollow-fiber modules take advantage of the better
mass-to-momentum transfer efficiency of open
tubular contactors as compared to packed beds
[215]. The general question of the thermodynamic
energy efficiency of modules, which depends, among
other things, on the membrane selectivity and
pressure ratio, has been investigated for binary
mixture separation by one-compressor [216] and
two-compressor [217] cascades. These studies
confirm that membranes are less adequate for the
production of products of extremely high purity.
The use of a sweep stream has also been shown to
have a strong impact on the energy efficiency, but
this mode of operation has remained essentially
unexplored in gas permeation applications. The key
to thermodynamic efficiency improvement is to
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reduce the irreversible entropy production term
associated with the separation. This topic was
recently explored for membrane separations [218],
but the implications in module design with respect
to entropy minimization approaches [219], which
could possibly open new strategies for module design
or driving force distributions, have yet to be
addressed.
2.08.5.3 Novel Driving Forces

In addition to the pressure driving force employed
for membrane gas separations, alternative approaches
could be considered. An electrical potential may also
be used, principally in order to achieve a selective
transport when examining the general electrochemi-
cal potential expression. This option has remained
almost unexplored for membrane gas separation
purposes, even though the electric potential can
be a very strong driving force as compared to pres-
sure. A simple calculation indeed shows that for a
species with a net electric charge of 
2, a potential
difference of 60 mV can be equivalent, in terms of
the concentration difference, to 100 bar for an
uncharged species [220]. Nevertheless, the applica-
tion of an electric driving force for gas separation
remains largely hypothetical, despite that it could
be potentially investigated with electronically con-
ductive polymers, such as polyaniline, having been
reported to demonstrate interesting permeation per-
formances in pressure difference operations [221].
Apart from early investigations on electroconvective
liquid membranes for gas separation based on liquid
crystals [222], this strategy has not attracted
attention.

The sensitivity of polymers to specific com-
pounds, usually referred to as solvents, is well
known and affects the permeation performances of
a gas separation membrane to a large extent. The
previous discussion on the negative effect of carbon
dioxide or hydrocarbons on glassy polymers due to
plasticization belongs to this category. Nevertheless,
the swelling effect exerted by one of the compounds
present in the feed mixture but not showing an
interest can be beneficial. The best example is prob-
ably the significant performance changes observed
with certain hydrophilic materials when a humid
gaseous mixture is treated. This effect has been
investigated in detail for cellulosic membrane mate-
rials, for which the dry and water-swollen
membrane performances have been compared
[223]. Nevertheless, a similar study performed on
cellulose acetate, polyethersulfone, and polysulfone
for the separation of CO2/CH4 reported a decreas-
ing separation factor with an increasing content of
feed water [224].

Finally, an unconventional approach consists in
exploring the potentiality of visible light or specific
wavelengths as an effective driving force for mem-
brane gas separation. Such photoactivated processes
would be very appealing when one considers a free
energy source. The concept has been experimentally
validated for the selective transport of CO through
liquid membranes based on a reversible photochro-
mic carrier [225].
2.08.6 Conclusions

In 1955, Weller and Steiner listed a series of what
could be considered as impressive, if not utopic,
challenges to be overcome for polymeric membranes
to find applications in industry:

1. a three- or fourfold increase in flux (permeance) as
compared to the performances achieved in the
mid-1960s;

2. a sufficient selectivity, generally higher than 20
(NB: air separation is clearly an exception to this
rule);

3. the capability of functioning under high pressure
differences (up to 150 bar);

4. a good stability in the presence of contaminants
within a large temperature range (0–100 �C); and

5. the possibility of developing large-scale, efficient,
and stable modules.

Today, these challenges have been achieved to a
large extent. As a result, membrane gas separation
processes have gained confidence in industry and are
nowadays almost systematically considered as one of
the possibilities in terms of processes for gas or vapor
separation [226].

Given the current and future challenges of the
manufacturing and chemical process industries, it
can be expected that their use and role will show a
considerable development. The number of different
markets that can potentially emerge is large. Three
main opportunities and their associated challenges
are listed below. Overcoming one of these challenges
would lead to a major breakthrough and a very large
market can be expected.
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2.08.6.1

2.08.6.1.1 Hydrogen production

Hydrogen is considered as one of the most promising
energy sources when taking into account global cli-
mate change and local air pollution issues. The
demand for hydrogen is continuously increasing and
the separation of hydrogen from other gases by mem-
brane separation processes is often considered to be an
extremely promising technology [227]. Nevertheless,
breakthrough performances are required in order for
polymeric membranes to compete with other technol-
ogies in this field. Enhanced selectivities are needed,
especially for CO2/H2 separation, and higher toler-
able operating temperatures would be of interest.
2.08.6.1.2 Greenhouse emissions

mitigation

The capture of carbon dioxide from flue gases, gen-
erally called postcombustion capture, in order to
mitigate greenhouse gas emissions is surely a formid-
able challenge for membrane gas permeation
processes. While polymeric membranes were dis-
carded in the earliest studies, principally because of
too low selectivities [228], recent studies have
reported a more promising situation [229, 230].
Nevertheless, the exact place and potential of poly-
meric membranes for this application remains
controversial [231] and further investigations are
necessary before a clear picture of their practical
use can be identified.
2.08.6.1.3 Isomer separations

Isomer separations, mostly among hydrocarbon pairs,
represent a very large ratio of the energy require-
ment for separations in the chemical process
industries (e.g., ethylene/ethane and propylene/pro-
pane). Glassy polymers, such as poly(phenylene
oxide), polysulfone, cellulose acetate, and ethylcellu-
lose, have been considered as potential candidates for
separation of the propylene/propane pair, for
instance, [232]. Rubbery silicone membranes have
also been considered. A major difficulty in this field
resides in the strong permeant coupling effect, which
drastically decreases the real (effective) selectivity
down to a range of 5–10. This is in some cases two-
to tenfold lower than the ideal selectivity (��, com-
puted from pure gases performances).

Finally, various major arguments support a pro-
mising future for gas separation with polymeric
membranes:
1. Energy is already a key challenge for industrial
manufacturing and membranes are known to offer
smart, energy-efficient answers for gas separation.
Thus, numerous solutions making use of membranes,
which have been discarded due to relatively low
energy costs, are expected to be reconsidered.

2. With an increasing amount of sustainable devel-
opment concerns, constraints such as green
engineering or sustainable chemistry issues are
becoming more significant. To this respect, mem-
branes combine a unique set of arguments: the
absence of chemicals, energy-efficient solutions for
recovery or recycling applications, the possibility of
working under moderate conditions, etc.

3. It has up until now been said that membrane
separation processes often have to fit and be adapted
to industrial flowsheets designed for other separation
technologies. As a consequence, membrane units
have, in a great number of cases, been installed at
the process boundaries (e.g., purges, effluents, retro-
fit of an existing installation, etc.). When new units
are designed within an original framework, mem-
brane gas separation processes will have the
possibility of playing an increasing role in the heart
of the process.

4. Industrial evolution could promote new con-
cepts such as a distributed or consumer-oriented
production. In that event, membrane gas separation
modular units as well as easy-to-control units would
represent an ideal solution.
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Glossary
EOS Equation of state for describing the

pressure–volume–temperature relationship of gas

mixtures.

Flow sheeting program Computer tool for

process design.

Fugacity Corrected partial pressure taking into

account the real gas behavior.

GKSS German government-founded research

center, member of the Helmholtz Association of

German Research Centres.

GKSS GS Module Flat sheet gas separation

membrane module developed by GKSS.

JFE Holdings, Inc. Merger of Nippon Kokan

Kabushiki (NKK) and Kawasaki Steel Corporation,
J for Japan, F for steel as in Fe, the atomic symbol

for iron, E for engineering.

Joule–Thomson effect Temperature change due

to expansion of a real gas.

PDMS Polydimethylsiloxane hydrocarbon

selective membrane material.

POMS Polyoctylmethylsiloxane hydrocarbon

selective membrane material.

Property package Assembly computer programs

for calculating physical properties of substances

and their mixtures.

RVP Reid vapor pressure, vapor pressure at 38 �C.

VRU Vapor recovery unit mostly used in tank farm

applications.
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Nomenclature
A area (m2)

b breadth (m)

c Concentration (kmol m�3)

dh hydraulic diameter (m)

dz differential length element (m)

D diffusion coefficient (m2 s�1)

Eact activation energy (kJ kmol�1)

F function

H
�

molar enthalpy (kJ kmol�1)

k heat transfer coefficient (kW m�2 K�1)

L permeance (m3
(STP) bar�1 m�2 h�1)

L1
0 permeance for T!1 and p! 0

(m3
(STP) bar�1 m�2 h�1)

m0 parameter in free-volume model (bar�1)

mT parameter in free-volume model (K�1)

nc number of components

_n molar flow rate (kmol h�1)

_n0 molar flux (kmol m�2 h�1)

p pressure bar

P permeability (m3
(STP) m bar�1 m�2 h�1)

_q0 heat flux (kW m�2)

R resistance

R ideal gas constant

(0.083 143 3 m3 bar kmol�1 K�1)

S solubility coefficient (kmol m�3 bar�1)

T temperature (K)

v velocity (m s�1, m h�1)
_V volumetric flow rate (m3 h�1)

y mole fraction

� selectivity
� mass transfer coefficient (m h�1)

� friction coefficient

� temperature (�C)

� density (kg m�3)

s Lennard-Jones molecule diameter (Å)

j fugacity coefficient

� pressure ratio
Subscripts
av average

A component

B component

EOS equation of state

H high pressure

i component

j component

k permeation cell number

L low pressure

M membrane

P permeate

PM permeate–membrane surface interface

R retentate

RM retentate–membrane surface

interface

std at standard conditions

STP standard temperature (273.15 K) and

pressure (1.013 25 bar)

T total
Superscripts
G gas phase
2.09.1 Introduction

Membrane technology to separate volatile organic
compounds (VOCs) from gas streams is a well-estab-

lished technology in several industrial processes since
the early 1990s. Membrane processes are used to treat
vent streams according to stipulated clean air regula-

tions or to separate organic components from process
streams. Often, membrane technology competes with
processes such as absorption, adsorption, or cryogenic
technology. In the case of the recovery of VOCs, the

combination of membrane separation with absorption,
adsorption, or condensation could be the favorable
design in terms of efficiency and competitiveness.

Membrane technology for VOC separation has
captured several niche applications. Typical exam-
ples are gasoline vapor recovery, monomer
separation in polymer production, and solvent
separation from high organic vapor concentrated
off-gas streams.

Research Centre Geesthacht (GKSS) and its
licensees as well as Membrane Technology and
Research (MTR), USA, in cooperation with Nitto
Denko, Japan, can be considered front-runners in
the technology transfer of membrane-based organic
vapor recovery into industrial use.
2.09.2 History of VOC-Selective
Membranes

Silicone materials have been used to understand
and to explore gas permeation through dense films.
J. K. Mitchell [1,2], as early as in 1831, and Sir
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Thomas Graham [3], in 1866, published papers on
gas absorption in rubbery materials and on the first
quantitative measurements of gas permeation rates.
Besides this fundamental research, a patent on pro-
cess for concentrating hydrocarbons was filed by
Fredrik E. Frey from Phillips Petroleum Company.
The US patent 2159434 was granted in 1939. Years
later, Jean P. Jones, also from Phillips Petroleum
Company, filed a patent application titled
‘Separation of hydrocarbons from non-hydrocarbons
by diffusion.’ This patent application was granted as
US patent 2167493 in 1952. No technical applications
based on these patents have been realized because of
the lack of efficient membranes.

G. J. Amerongen (1950) and R. M. Barrer (1951)
published very important and useful contributions
for a better knowledge and understanding of per-
meation through polymers. In 1981, Roger W.
Fenstermaker filed the US patent 4370150 ‘Engine
performance operating on field gas engine fuel.’
Hydrogen sulfide and heavier hydrocarbons as com-
pounds of natural gas have to be separated in order to
upgrade the quality of gas engine fuel. Fenstermaker
claimed a process to separate interfering substances
from natural gas used as engine fuel gas by means of
silicone-based membranes.

The introduction of technically feasible processes
failed because of the lack of membranes with appro-
priate selectivities and permeances. In the 1980s,
research activities commenced in the United States,
Japan, and Germany to develop suitable membranes
and membrane separation processes to separate
organic vapors from air, off-gas, or process streams.
MTR, in cooperation with Nitto Denko (Japan),
developed membranes for organic vapor recovery.
GKSS Research Center Geesthacht was also active
in the development of VOC-selective membranes.
GKSS Research Center was focused on the
development of membranes, modules, and processes.
Several GKSS licensees introduced the develop-
ments into industrial use. MTR utilized its own
developments as an engineering company. Nitto
Denko was the membrane supplier for the Japanese
engineering company Nippon Kokan Kabushiki
Kaisha (NKK).

The following three process patents show the
focus of initial activities to implement organic
vapor recovery by means of membrane technology.
R.W. Baker from MTR filed the US patent 4553983
‘Process for organic vapor recovery from air’ in 1985.
The patent describes a process to separate organic
vapors from effluent streams with a maximum
concentration of 2 vol.% organic vapors. In 1986,
Kato et al. from NKK (now JFE) invented a process
to separate and recover organic vapors from off-gases
as a combination of absorption and membrane
separation (EP 0247858). The GKSS patent
‘Method for extracting organic compounds from
air/permanent gas mixtures’ (EP 0329962) filed in
1988 is based on compression of organic-vapor-laden
gas streams in order to enhance the recovery of
organic vapors by condensation, adsorption, or
absorption in combination with a membrane separa-
tion stage. The first realized unit based on this patent
was a gasoline vapor recovery unit (VRU) in a gaso-
line tank farm in Munich. The unit was
commissioned in 1989. G. Hauk, in 1989, filed the
German patent DE 3940855 ‘Process-integrated
waste air purification system for vacuum pumps.’
Organic vapors contained in outlet streams of
vacuum pumps are separated by means of mem-
branes. The required pressure difference needed to
support the permeation of organic vapors through
the membranes is provided by the same vacuum
pump. The pump is used to suck gas mixtures from
processes, to feed the gas to the membrane separation
stage, and to apply a vacuum at the downstream side
of the membrane.

By the late 1980s, several industrial plants were
commissioned in the United States, Japan, and
Germany. In 1989, MTR commissioned plants to
vent streams from refrigerant units. NKK, in 1988,
installed the first gasoline vapor recovery in Japan.
The GKSS licensee Aluminium Rheinfelden (these
activities are now owned by Borsig Membrane
Technology) built the first VRU in 1989 to treat
the off-gases from a gasoline loading terminal.

Organic vapor recovery by means of membranes
is now an accepted technology for different
applications in off-gas treatment and gas processing.
It is a small market in comparison with the widely
accepted adsorption technology; however, mem-
brane technology is established in niches where
membrane separation shows the best performance
regarding efficiency, safety, and process reliability.
Typical examples are gasoline vapor recovery,
olefin separation, and separation of solvents
from high concentrated off-gas streams. Because of
its continuous operation mode, membrane technol-
ogy is very suitable as a process-integrated
separation unit.

A membrane stage can also be used for the pretreat-
ment of gas streams with fluctuating organic vapor
concentrations to optimize a posttreatment stage in
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order to achieve very stringent clean air requirements.

The references are spread throughout the industrial

world and the customers include the chemical, petro-

chemical, and pharmaceutical industries.
2.09.3 Membranes for Organic
Vapor Separation

The basic polymer for separation of organic vapors is

polydimethylsiloxane (PDMS). PDMS shows a suffi-

cient selectivity for various organic vapors over

nitrogen and oxygen. PDMS is known for a preferable

permeation of organic compounds. The solution–

diffusion model describes gas permeation through

nonporous polymer films. It is assumed that the gas at

the upstream side of the membrane dissolves into the

polymer, diffuses along a concentration gradient

through the film, and desorbs at the downstream side.

The permeability of a gas through a membrane

depends on its solubility and diffusion.
The ideal selectivity is defined as the permeabil-

ity coefficient of compound A over compound B:
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¼ DA
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ð1Þ

The ratio DA/DB can be explained as mobility selec-
tivity, whereas the ratio SA/SB as solubility selectivity.
The preferred mobility or solubility is highly depen-
dent on the chemical and physical properties of the
polymeric material. The diffusion coefficient com-
monly decreases with an increase of the molecule
size. The transport of smaller molecules is preferential.
The solubility of gases increases with the increase of
molecule size. Generally, glassy polymers show a
dominant mobility selectivity in comparison to a
higher solubility selectivity of rubbery polymers.
Reviews published by A. Stern [4], M. R. Pixton and
D. R. Paul [5], and B. D. Freeman [6] provide an
excellent overview on polymer structure and transport
behavior of gases through polymers.

The diffusion and solubility coefficients of differ-
ent gases in silicone rubber are shown in Figure 1.

Comparing pentane over oxygen, it can be seen
that the diffusion coefficient of pentane is 3.6 times

smaller than that of oxygen. On the other hand, the

solubility of pentane is approximately 200 times

higher than that of oxygen. The relative low diffusion
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coefficient of pentane is remarkably overcompensated
for by its high solubility. This results in a higher
permeance of pentane through silicone rubber films
in comparison with oxygen.

Thin-film composite membranes have been
designed in order to achieve reasonable flux rates
through the technical membrane. The membrane
consists of a three-layer sandwich. A nonwoven
material is used as a substructure to provide the
necessary mechanical strength. A microporous mem-
brane is used as substrate to apply the thin pore-free
organic-vapor-selective film. Set parameters to cast
the substrate membrane are pore size and pore dis-
tribution to provide an unhindered permeation
through the membrane arrangement. The thickness
of the selective film is a compromise between
mechanical stability and achievable flux rates.

PDMS has some limitations regarding organic
vapor/nitrogen selectivity. It depends on the appli-
cation whether a high-flux membrane with moderate
selectivities or lower flux densities and higher selec-
tivities are the preferred choice. A higher organic-
vapor-selective polymer is polyoctylmethylsiloxane
(POMS) [7]. Figure 2 shows the comparison of
PDMS and POMS membranes for different organic
vapors over nitrogen – the overall selectivities of a
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multicomponent mixture are represented taking into
account further interaction effects.

Lower permeation rates require more membrane
area to achieve a given outlet purity. The advantage
of the higher selectivity is a reduced and higher
concentrated permeate stream, which leads to
smaller vacuum pump and compressor capacity and
a lower energy consumption of the separation
process. PDMS and POMS membranes have parti-
cular advantages and are selected depending on
site-specific requirements.
2.09.4 Design Criteria

The challenge of the design of a membrane separa-
tion stage is to convert the selectivities obtained from
single gas measurements as efficient as possible into a
technical process. Operating temperature, feed pres-
sure, feed composition, and module design have a
strong influence on the separation efficiency.

The gas permeation through a membrane is
dependent on the operation temperature. The per-
meation of permanent gases, such as oxygen or
nitrogen, increases with the increase in temperature.
As explained previously, the permeation of organic
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vapors is governed by its solubility and the solubility
increases with a decrease in temperature.
A temperature decrease leads to a higher selectivity
of organic vapors over nitrogen. To benefit from this
behavior, it is advantageous to operate the separation
stage at the lowest possible temperature.

Most vapor recovery processes operate at moderate
pressures from atmospheric pressure up to 10 bar. In
the case of operations at pressures higher than 10 bar,
the nonideal gas behavior has to be taken into account
[8]. According to Dalton’s law, the ideal driving force
for permeation increases directly proportional to
higher pressures. In the case of high-pressure applica-
tion, the partial pressure difference as driving force has
to be replaced by the fugacity difference. This is
because the real gas behavior has a stronger impact
on nonideal vapors than on permanent gases. The
effect of higher pressure must be taken into account
regarding membrane and module design.

High permeation rates of organic vapors could
influence the selectivity of a membrane. The feed
channel of a membrane module consists of a turbu-
lent and a laminar part. On top of the selective layer,
a boundary layer is formed that depends on the flow
velocity of the feed flow and the permeance of the
feed components through the membrane. The
boundary layer is enriched by the lower permeating
feed compound and creates an additional resistance
High pressure
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Chemistry; Wiley-VCH Verlag GmbH & Co. KGaA, 2005 [46].
for the fast compound. The diffusion through the
boundary layer is dependent on the feed pressure
and decreases with increasing pressure. The achiev-
able selectivity is determined by the resistance in (1)
the boundary layer, (2) the selective layer, and (3) the
substructure of the composite membrane.

The partial pressure profile of a binary mixture
within the boundary layer is depicted in Figure 3
and shows the flow resistance of membrane separa-
tion comparable with electrical series connection.
2.09.5 Membrane Modules

Flat-sheet membranes are commonly used for
organic vapor separation applications. Typical mod-
ule configurations are spiral wound modules or
envelope-type modules, based on a design developed
by GKSS. Capillary or hollow fiber modules are only
known for some small-scale laboratory applications.
The spiral wound module design is well known and
widely accepted, which has the advantages of a sim-
ple manufacturing process and relatively low costs of
the pressure vessel. The so-called packing density –
the ratio of installed membrane area over pressure
vessel housing volume varies from 300 to approxi-
mately 1000 m2 m�3. A possible disadvantage for
highly efficient separation applications is the long
Nonwoven fleece
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feed and permeate path. The spiral wound module is
the first choice for high volume or bulk removal
applications (Figure 4).

Some membrane separations require a flow pattern
and pressure drop optimized module design to achieve
an optimized mass transfer. Elastomeric membranes
swell in the presence of organic vapors. The degree of
swelling depends on the nature of the organic compound
and the vapor concentration. The swelling causes an
increase in gas permeation. Permeate has to be dis-
charged as efficiently as possible in order to avoid a
pressure buildup on the permeate side. A short permeate
path and sufficient free volume between the membrane
sheets have to provide the conditions for an unrestrained
permeate drainage. The GKSS GS envelope-type mod-
ule refers to the requirements of high-flux membranes.
The design is based on disk filter arrangements. Two
round-shaped membrane sheets with layers of nonwo-
ven fabrics and spacers in between are welded at the
cutting edge to form an envelope. The envelope inlays
are selected in accordance to the excepted permeate
drainage in order to provide an unrestrained permeate
discharge. The permeate flow is directed to the drainage
ring at the central hole. The permeate of the envelope is
directed to permeate pipe. The permeate pipe is also
used to align the membrane stack.

A number of envelopes are arranged to build a mem-
brane stack. The stack can be divided into compartments
by means of baffle plates. The number of envelopes in a
compartment varies in accordance to the reduction of
feed volume flow caused by permeation. The required
flow velocity over the membrane surface to achieve the
most efficient separation determines the reduction of
membrane area assembled in a compartment. The feed
is introduced at the front flange inlet and is directed to
the first compartment by means of a baffle plate, which,
in turn, is directed in meander form to the module outlet.
Permeate is collected in the central permeate pipe. The
permeate discharge is optionally single or double sided,
depending on the expected permeate volume flow and
the pressure drop. The schematic design of the GKSS
GS module is depicted in Figure 5.
2.09.6 Development of Simulation
Tools

Numerous models have been presented for the simu-
lation of gas permeation modules. The majority deals
with the module as a stand-alone unit (see,
e.g.,References 9–14). The shift from end of pipe to
more process-integrated applications for gas
permeation units equipped with membranes selective
for hydrocarbons and other VOCs necessitated a
more stringent design of these units. For this task,
process simulation tools are required. Ideally, these
tools should be compatible commercial process simu-
lators. Far fewer examples for these models can be
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found in literature. Examples are given in References

15–17. Research work at GKSS in this field focused

on the modeling of the envelope-type module to

address the following points:

• prediction of module sizes and numbers for a
given separation task;

• prediction of the separation achievable for a given
module configuration;

• sizing of up- and downstream equipment;

• influence of recycle streams in complex process
topologies;

• comparison with conventional unit operations;

• determination of the process economics; and

• application of process simulators in early design
stages, that is, technologically new unit operations

are often only considered, if a reliable model is

available.

In order to accurately predict the operation perfor-

mance of a membrane module used to separate VOCs

and other components from permanent gases, mass

and energy transport phenomena as well as thermo-

dynamics have to be taken into account as discussed

in the previous sections. These effects are:

• selective mass transfer resistance of the active
membrane layer, that is, the permeance of a
component in a membrane material as a function
of temperature, pressure, and composition;

• thermodynamically correct description of the
driving force, that is, the application of fugacities;

• consideration of the Joule–Thomson effect;

• the buildup of boundary layers between the
bulk phase and the membrane surface, that is,
concentration polarization;

• pressure drops on the retentate and permeate
sides; and

• mass transfer resistances and pressure drops of the
porous support layers.

The listed phenomena are described by functions of
local temperatures, pressures, and compositions on the
retentate and permeate sides of the module. As these
variables are typically changing along the membrane
surface, the listed local phenomena have to be coupled
to the material, energy, and momentum balances
describing the flow patterns inside the module.
2.09.6.1 Description of Multicomponent
Permeation

The temperature and pressure dependence of the
permeance of n-butane and nitrogen in a silicone-
based membrane material is illustrated in Figure 6.
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It is apparent that n-butane has a solution-
controlled permeation behavior, while that of nitrogen

is diffusion controlled. The permeance of the former

decreases with increasing temperature, while the tem-

perature dependence of the latter is vice versa.

Furthermore, the exponential increase of the butane

permeance with increasing average pressure indicats

that the silicone-based material is plasticized by higher

hydrocarbons. As expected, the butane permeance is

considerably higher than that of nitrogen. The mea-

surements were collected using an automated single

gas permeation measurement apparatus [18]. The

lines fitted to the experimental data are predictions

by the free-volume model Equation (2) [19] where the

parameters Li,1
0 , Ei,act, mi,0, and mi,T were determined

by means of a nonlinear least square method [18].
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However, Equation (2) describes only the single gas
permeation behavior, that is, the interaction of indi-
vidual, permeating species with the polymer matrix
is described. No information on how the impact on
the mass transfer of other species is can be deduced.
This information is crucial for the correct design of
membrane modules, since the permeation of plasti-
cizing components loosens the structure of the
polymer matrix and hence creates additional path-
ways for components that by themselves do not swell
the membrane, that is, the selectivity of the process is
reduced. In order to predict these phenomena, an
extension of Equation (2) was suggested [19, 20]:
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This model employs the same parameter as
the single-component relationship (Equation (2)).
Hence, only single gas permeation experiments are
required to predict the multicomponent permeation
behavior. Herein lies the great practical importance of
Equation (3). That this equation can indeed be used to
give an excellent prediction of the separation perfor-
mance of a membrane module is shown later in
this section.
2.09.6.2 Nonideal Thermodynamic
Behavior

The importance of using fugacities instead of partial

pressures for the description of the transmembrane

driving force at absolute pressures exceeding 10 bar

has already been discussed. The fugacity of a com-

ponent is calculated as the product of the partial

pressure pi¼ yi ? p and fugacity coefficient ji. The

latter is a function of temperature, pressure, and
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composition and can be calculated by means of an

equation of state (EOS). Examples are the Soave–

Redlich–Kwong EOS [21] or the Peng–Robinson

EOS [22]. The molar transmembrane flux can then

be expressed as

_n0
i;M ¼ Li?ðpStd

= R?T
Std
Þ

� �
?ðji;RM?pi;RM – ji;PM?pi;PMÞ

ð4Þ

Another thermodynamic phenomenon to be taken
into account is the Joule–Thomson effect account-
ing for the change of temperature when throttling a
real gas. The temperature change can be deter-
mined by means of an energy balance around an
element of membrane area of infinitesimal length dz

as shown in Figure 7.
The expansion of the permeate when desorbing

out of the membrane material is considered to be

isenthalpic. The molar enthalpies on the retentate

and permeate sides can also be determined by an

EOS. Hence, it is possible to predict the permeate

temperature according to Equation (5), when the

retentate temperature, the composition of the

permeate flux, and the retentate and permeate pres-

sures are known.

H
� G

M TR;pR;yi¼1;? ? ? nc;M

� �
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� G

M Tp;pp;yi¼1;? ? ? nc;M

� �
ð5Þ

Equation (5) considers the membrane as a thermal
insulator. This is, in practice, not the case and the
heat conduction has to be taken into account as
well.
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Figure 7 Energy balance for determination of the

Joule–Thomson effect. Reproduced with permission from
Ohlrogge, K., Ebert, K. MEMBRANEN, Grundlagen

Verfahren und industrielle Anwendungen; WileyVCH

Verlag GmbH & Co. KGaA, 2006; pp 299, 306, 379, 425

[48].
2.09.6.3 Concentration Polarization

The influence of concentration polarization was

already introduced previously. In order to quantita-

tively describe the mass transfer in a boundary layer

for a binary system, the following equation can be

employed:

_ni0;M ¼ yi;RM? _n
T0 ;M
þ c

T;R
?�i;j ? yi;R – yi;RM

� �
ð6Þ

It is derived from the differential description given,
for example, by [23]. The mass transfer coefficient �i,j

can be determined by means of a Sherwood correla-
tion appropriate for the module geometry under
consideration. Equation (6) is solved for only one
component, since the composition for the second
component is always given by

Xnc

i¼1

yi;RM ¼ 1 ð7Þ

For a multicomponent mixture Equations (6) and (7)
can still be employed if the binary mass transfer
coefficient �i,j is replaced by an approximation for a
multicomponent mass transfer coefficient, that is, the
diffusion coefficient required for the Sherwood cor-
relation was determined using some mixing rule as,
for example, listed by Froment and Bischoff [24].
However, this approach will cause some errors,
since the characteristics of multicomponent mass
transfer are not described accurately. For this, the
frictional drag between the species present has to be
taken into account, which is described by the Stefan–
Maxwell equations. A rigorous treatment of this
subject is given by Taylor and Krishna [25]. One of
their results is a linearized expression similar to
Equation (6):

_n0
i;M ¼

Xnc�1

j¼1

�i;j ?cT;R? yj ;R – yj ;RM

� �
þ yi;RM?

Xnc

j¼1

_n0
j ;M ð8Þ

However, here, the mass transfer coefficient �i,j is an
element of a (nc� 1)� (nc – 1) matrix, implying that
the mass transfer of one component i is dependent
not only on its composition gradient but also on those
of the other components. Analogous to the binary
case, here, only (nc� 1) equations are independent.
Equation No. nc again is provided by the summation
of mole fractions (Equation (7)). Since the mass trans-
fer coefficients are elements of a matrix, the
Sherwood correlation also has to be evaluated in
this manner. Some mathematical expenditure is
required here, since this involves the power of a
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matrix, which is a mathematically difficult task.
Alopaeus and Nordén [26] suggested a highly effi-
cient method to simplify this operation with not
much loss of accuracy.
2.09.6.4 Pressure Drops on the Retentate
and Permeate Sides of the Membrane
Module

The consideration of the pressure drops in the
flow channels of the module leads to a simplified
form of the momentum balance itself. It can be
expressed as

dp

dz
¼ – �?

1

dh
?
�

2
?v2 ð9Þ

The hydraulic diameter dh results from the geometry
of the channel, while the friction coefficient � is
determined by means of experiments for a given
module type and typically expressed as a function
of the Reynolds number.
2.09.6.5 Transport Resistances of Porous
Support Layers

These resistances will not be discussed further as
they were found to be of little influence on the
operation performance of the processes discussed
here.
2.09.6.6 Modeling of Membrane Modules

In order to model a membrane module and not just
the phenomena occurring at and in an infinitesi-
mally small element of membrane area, it is
necessary to consider the flow patterns inside the
module. Typical flow patterns are cocurrent and
counter-current flow, which are realized in hollow
fiber modules; cross-flow occurs in spiral wound
modules, while the GKSS GS module can be repre-
sented by the assumption of unhindered permeate
withdrawal for the applications under consideration
in this section.

The flow patterns are described by the differential
material, momentum, mass, and energy balances. The
boundary conditions of these equations, orthogonal
to the main flow direction, are posed by the mass and
heat transfer through the membrane as well as a
possible heat transfer to the environment. In flow
direction, they are given by the conditions enforced
at the feed, retentate, and permeate ports. This
results in a system of partial differential and algebraic
equations representing a membrane module, which
involves, in its most general case, three spatial and
one temporal domain. The mathematical expendi-
ture to solve this system is too high for typical
design problems. Hence, they are simplified, for
example, by the assumption of steady-state operation
and the assumption of one spatial coordinate for co-
and counter-current flow as well as free permeate
withdrawal. Cross-flow can be well represented by
two spatial coordinates [18, 27]. The boundary con-
ditions orthogonal to the flow directions, that is, the
transfer terms, are implemented directly into the
resulting ordinary differential equations. For their
solution, a numerical approximation of the differen-
tials is required. This can be done by applying an
appropriate discretization scheme or by subdividing
the considered membrane area into permeation cells
and casting the balance equations for each of those
cells. The individual cells are then interconnected in
such a way as to represent the membrane module.
For unhindered permeate withdrawal applicable to
the GKSS GS module, this approach is shown in
Figure 8.

Assuming that transport resistances on the perme-
ate side and dispersion effects can be neglected, the
following equations have to be solved for each per-
meation cell k, where the feed conditions are always
provided by the previous cell k – 1. For cell 1, the
feed conditions are identical to those of the module
itself. In order not to completely overload the list, the
transfer coefficients are assumed to be constant.
These are the friction factor �k,R, the elements of
the mass transfer coefficient matrix �i,j,k,R, and the
heat transfer coefficient kk,R (Table 1).

The unknowns of the given system of equations
are the molar flow rates for each component i on the
retentate and permeate sides, as well as the trans-
membrane flow _ni;k;R, _ni;k;P, and _ni;k;M, the
permeances of the individual components Li,k, the
fugacity coefficients at the retentate side membrane
surface and on the permeate side ji,k,RM and ji,k,P,
the mole fractions on the retentate and permeate
sides as well as at the retentate side membrane sur-
face yi,k,R, yi,k,P, and yi,k,RM, the average fugacity
(pk?yi,k?ji,k)av, the retentate pressure pk,R, the average
temperature Tk,av, the retentate and permeate side
temperatures Tk,R and Tk,P, the enthalpies of the
retentate and permeate sides as well as that of the
transmembrane flux H

�
k,R, H
�

k,P, and H
�

k,M, h the total
molar flow rates on the retentate and permeate sides
_nk,R and _nk,P, the concentration on the retentate side
ck,R, h and the density on the retentate side �k,R. This
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amounts to a total number of unknowns of 10 ncþ 11.
Hence, the system of equations representing one
permeation cell can be solved using an appropriate
numerical method.

Several approaches for implementing the above
equations for one cell and their interconnection to
represent a module are possible. One option is to use
a programming language as C, Cþþ, Fortran, or Java
and develop a stand-alone model. It is also possible to
use a spreadsheet program with an included macro
language as, for example, Microsoft Excel/Visual
Basic for Applications. The disadvantages of this
approach are the necessity to provide subroutines
for the required numerical methods and physical
properties and that the model cannot be used to
represent interactions with the other unit operations
making up the entire or part of the process. An
advantage of this approach is the relatively low cost
for software licensing. Numerical routines well
suited for the modeling of membrane modules can
be found in Press et al. [29]. Gmehling and Kolbe [28]
published a collection of subroutines for the
determination of thermodynamic properties as fuga-
cities and enthalpies. Relationships for the
calculation of transport properties can be found in
Reid et al. [30].

However, the leading commercial process simula-
tion packages all have interfaces that allow including
user-written models into flowsheets. In addition, the
property packages can be interfaced. In the case of
Aspen Plus� [31], it is possible to use Fortran sub-
routines, Excel spreadsheets, or the Cape Open
standard [32]. The latter is a development resulting
from a European Union project where standardized
interfaces for models and property packages were
defined.

A further possibility to model membrane modules
equation-oriented process simulators. The most
popular ones are probably Aspen Custom Modeler�

[31] and gProms� [33]. These simulators provide an
integrated development environment in which an
object-oriented scripting language is implemented.
The elements of these languages are types, which
reflect the typical modeling tasks in process engi-
neering, that is, different physical quantities as
temperatures or pressures have their own variable
types, port types handle the feed and product streams
of a unit, etc. The resulting models allow for different
depths controlled by parameters that switch desired
blocks of equations active or inactive. Hence, the
natural way of modeling, that is, starting with a
simple model and making it increasingly more com-
plex by considering, for example, nonideal
thermodynamic behavior or additional transport
resistances, is supported. Numerical methods and
physical property calculations are automatically
implemented. Furthermore, the equation-oriented
simulators support the implementation of dynamic
models.

An example for the approach to model an envelope-
type membrane module presented above is the separa-
tion of n-butane and carbon dioxide from nitrogen.
This process was investigated in the scope of a diploma
thesis [18], whereas the model was presented at the
Euromembrane Conference 2004 [27]. Figure 9 shows
a simplified flow sheet of a pilot plant into which an
envelope-type membrane module was installed. The
module was equipped with approximately 3 m2 of
POMS membrane and a number of sample ports
along the membrane surface. Hence, the composition
profiles developing inside the membrane module could
be determined experimentally by means of a gas
chromatograph. The feed gas was mixed by using
pure gases and introduced into the feed vessel. A typical
composition was 88 vol.% N2, 6 vol.% n-C4H10, and 6
vol.% CO2. A liquid ring compressor provided the feed



Table 1 System of equations for permeation cell with free permeate withdrawal

Equation Number

Material balance, cell _n i;k – 1;R – _ni;k;R – _n i;k;P ¼ 0 nc

Material balance, retentate side _n i;k – 1;R – _ni;k;R – _n i;k;M ¼ 0 nc

Permeation _n i;k;M –Ak?Lk?
pstd

R?Tstd
? ji;k;RM?yi;k;RM?pk;R –ji;k;P?yi;k;P?pP

� �
¼ 0 nc

Free-volume model
Li – L0

i;1?exp –
Ei;act

R?Tk;av
þ
Xnc

j¼1

�i

�j

� �2

?mj;0? pk?yj;k?jj;k

� �
av

?exp mj;T ?Tk;av

� �" #
¼ 0

nc

Pressure drop, retentate side
pk;R –pk –1;R þ �k;R?

Ak

dh;R?bR
?
�k;R

2
?v2

k;R ¼ 0
1

Mass transfer, boundary layer
_n i;k;M –Ak?ck;R?

Pnc –1

j¼1

�i;j;k;R? yj;k;R – yj;k;RM

� �
– yi;k;RM?

Pnc

j¼1

_n j;k;M ¼ 0
nc�1

Mole fraction summation, retentate side membrane surface Pnc

j¼1

yi;k;RM – 1 ¼ 0
1

Energy balance, cell _nk – 1;R?H̃k– 1;R – _nk;R?H̃k;R – _nk;P?H̃k;P ¼ 0 1

Energy balance, retentate side _nk�1;R?H̃k�1;R – _nk;R?H̃k;R – _nk;M?H̃k;M –Ak? kk;R? Tk;R –Tk;R

� �
|fflfflfflfflfflfflfflfflfflfflfflfflffl{zfflfflfflfflfflfflfflfflfflfflfflfflffl}

¼ _q

0k,M=0 1

Average cell temperature Tk;av ¼ 0;5? Tk;R þ Tk;P

� �
1

Average cell fugacity pk?yi;k?ji;k

� �
av
¼ 0;5? ji;k;RM?yi;k;RM?pk;R þ ji;k;P?yi;k;P?pP

� �
nc

Total flow rate, retentate side
_nk;R ¼

Pnc

j¼1

_nj;k;R
1

Total flow rate, permeate side
_nk;P ¼

Pnc

j¼1

_n j;k;P
1

Molefractions, retentate yi;k;R ¼ _n i,k,Rn˙k,R nc

Molefractions, permeate yi;k;P ¼
ni;k;P

nk;P

nc

Fugacity coefficient, retentate side, membrane surface ji;k;RM ¼ FEOS Tk;R;pk;R;yj¼1; : : : ;nc;k;RM

	 

nc

Fugacity coefficient, permeate side ji;k;P ¼ FEOS Tk;P;pk;P;yj¼1; : : : ;nc;k;RM

	 

nc

Enthalpy, retentate side H̃k;P ¼ FEOS Tk;R;pk;R;yj¼1; : : : ;nc;k;R

	 

1

Enthalpy, permeate side H̃k;P ¼ FEOS Tk;P;pk;P;yj¼1; : : : ;nc;k;P

	 

1

Enthalpy, transmembrane flux H̃k;M ¼ FEOS Tk;R;pk;R;yj¼1; : : : ;nc;k;P

	 

1

Density, retentate side �k;R ¼ FEOS Tk;R;pk;R;yj¼1; : : : ;nc;k;R

	 

1

Concentration, retentate side ck;R ¼ FEOS Tk;R;pk;R;yj¼1; : : : ;nc;k;R

	 

1

Number of equations 10 nc þ 11
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pressure of up to 4 bar at flow rates between 29 and
45 m3

(STP) h�1. Furthermore, the product stream of

the compressor was water saturated, since water was

used as the service liquid. The N2-rich retentate (i.e.,

high pressure) product stream of the membrane

module was throttled and recycled to the feed vessel.

Next to the feed compressor, a liquid ring vacuum
pump also contributed to the required driving force

by applying a permeate pressure of approximately

400 mbar. The n-C4H10 and CO2-enriched permeate

was recompressed by this pump and also recycled to

the feed vessel. Hence, a closed circuit system was

investigated.
Figure 10 shows the measured and simulated

composition profiles for n-C4H10 and CO2 on the

feed/retentate side of the investigated module. The

model for the membrane module was implemented

in Aspen Custom Modeler�. A discretization of the

membrane area into 60 permeation cells was cho-

sen. For each of the cells, the system of equations as

detailed in Table 1 was solved. The cells were
interconnected as shown in Figure 8. For this

application, the consideration of real gas behavior

(use of fugacities and Joule–Thomson effect) prob-

ably was not necessary due to the low process

pressures. Of great importance, however, was the

calculation of the permeances of the individual

components and the consideration of the mass
transfer resistance of the feed-side boundary layer.
The former was evaluated by means of the free-
volume model (Equation (3)). An important fact to

be mentioned is that the parameters used in the
model were evaluated from single gas permeation

measurements as shown in Figure 6, that is, no
experimental mixed gas data were used as input

for the simulation. This is a great advantage for
the practical application of the model to predict

operating performances of membrane units for the

removal of VOCs, since the amount of experimental
work required is considerably reduced. The con-

centration polarization was calculated assuming the
linearized equation for multicomponent mass trans-

fer (Equation (8), as outlined above). Furthermore,
the pressure drop on the feed/retentate side of the

module was calculated. The predictions of the

model shown in Figure 10 correspond well with
the experimental data. The stage cut of this parti-

cular experiment was measured to be 29.4%, while
the simulation gave a result of 30.2%. Hence, it can

be assumed that the model is well suited for the
design gas permeation units equipped with silicone-

based membranes for the removal of hydrocarbons

from permanent gas streams. The model has been
extensively employed for these tasks, which

included more complex layouts similar to the ones
presented here. Some examples are the inclusion of

other unit operations as heat exchangers, conden-
sers, and distillation columns or the use of recycle
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streams. An example is simultaneous recovery of

hexane from and drying of a N2 purge gas stream

in a polyethylene (PE) production process pre-

sented in [34].
A detailed optimization of processes is possible and

also the most effective selection of membrane type,

membrane thickness, and flow distribution can be

found.
As an example for membrane module optimiza-

tion, the effect of membrane thickness and feed gas

velocity has been calculated for a hexane separation

process in accordance with the flow sheet depicted in

Figure 20. The separation has been calculated for

POMS membranes with different nitrogen per-

meances, which can be taken as a measure for the

separation layer thickness.
The nitrogen permeances have been set to:

• membrane A: 0.1 m3
(STP) m�2 h�1 bar�1

• membrane B: 0.2 m3
(STP) m�2 h�1 bar�1

• membrane C: 0.4 m3
(STP) m�2 h�1 bar�1

The membrane areas used in a GKSS envelope-type

module were adjusted in accordance to the different

thicknesses of the membranes. A feed gas flow of

100 m3
(STP) h�1 was assumed.

Figure 11 shows that increasing the feed gas
velocity reduces the effect of concentration polariza-

tion. It is obvious that the effect of concentration
polarization increases with decreasing membrane
thickness. The overall selectivities shown are calcu-
lated mean values for a complete module taking all
interaction effects into account.

From Figure 12 it can be seen that it is not the
highest gas velocity that produces the best separation
effect. This is due to the pressure drop in the mem-
brane module, which increases significantly with
higher gas velocities and leads to a reduction in
driving force. In this example, it was not possible to
achieve the same retentate vapor concentration using
the more permeable membrane because the mem-
brane area has been set exactly to halve the value
when the thickness was reduced in the same manner.
A small additional amount of membrane area would
lead to the same retentate concentration but with
slightly increased permeate volume flow.

The optimal choice of the membrane arrangement
can be found when all aspects, such as membrane
costs, investment for compressors, vacuum pumps,
and operating costs, are taken into account.
2.09.7 General Layout Criteria

Organic VRUs are used for off-gas treatment as end-
of-pipe systems or as integrated system to separate
compounds interfering with a process or the quality
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of the gas streams. The membrane systems are used for

an efficient recovery of a valuable product, purification

of off-gas streams, or feed gas concentration control.

Commonly, end-of-pipe organic vapor separation

units have to meet stipulated clean air standards.

Effluents are collected and fed to a booster pump or

compressor. In the case of pressure increase, the recov-

ery of organic compounds occurs by condensation in
the recovery stage after the compressor. The conden-

ser exhaust gas containing a residual organic vapor

concentration is fed to the membrane stage. The mem-

brane separation process can be performed at elevated

pressure or by applying vacuum at the permeate side

or a combination of both. The adjustment of the pres-

sure ratio depends on feed pressure, membrane

selectivity, and required separation efficiency.
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The pressure ratio � is defined as follows:

� ¼ PF

PP
ð10Þ

The applied pressure ratio has to be chosen depend-
ing on the membrane selectivity. Highly selective
membranes require the highest possible pressure
ratio. On the other hand, it does not make sense to
apply a high-pressure ratio to low selectivity
membranes [35]. The units are designed as single
unit system or the membrane stage and can easily
be combined with other separation or recovery
techniques such as condensation, adsorption, absorp-
tion, or with posttreatment systems to destroy any
residual organic vapor content by combustion or
catalytic conversion. A simplified flow scheme of a
membrane-based separation process is shown in
Figure 13.

The size of an organic vapor recovery membrane
stage mainly depends on applied feed pressure, pressure

ratio, and required retentate concentration. The

organic-vapor-enriched permeate is fed back to the

intake of feed pump. Organic vapors are recovered by

condensation or absorption downstream of feed com-

pressor or vacuum pump.
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Condense
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 • Temperature
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Figure 13 Flow scheme of a membrane-based organic vapor
Some process-integrated separation systems require
only a membrane stage to control the organic vapor
content of the feed gas. Permeate is discharged to further
treatment.
2.09.8 Technical Applications

2.09.8.1 Gasoline Vapor Recovery

The stipulation of new clean air standards for large
refineries and tank farms by the Technical Instructions
on Air Quality Control – TI Air in Germany [36]
necessitated the development of membrane-based
gasoline vapor recovery systems. The new standards
required the development of new technologies or the
improvement of existing techniques to reduce the con-
centration of organic compounds in the gasoline
handling off-gas to <150 mg m�3. Other legal require-
ments for gasoline storage and distribution are the two
‘‘ordinances on the reduction of hydrocarbon emissions
arising during the handling of otto-engine fuels (20.
and 21. BImSchV)’’ [37, 38]. The strong provisions
stipulated by German law are in contrast to the
European Directive 94/63/EC. This directive pro-
vides an emission limit of 35 g m�3 hydrocarbons in
r
Membrane stage

r Vacuum
pump

Design
concentration

Optional
posttreatment

Membrane/Module
 • Permeability
 • Selectivity
 • Chemical stability
 • Pressure ratio
 • Stage cut
 • Flow pattern
 • Pressure drop

separation process.
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air, which was far from the state-of-the art emission
reduction technology and is approximately 230 times
higher in comparison with the stipulated TI-Air
values.

The commonly used technologies to recover
gasoline vapor, at that time, were adsorption on
activated carbon or condensation by cryogenic
systems.

The advantages of membrane separation for gaso-
line vapor recovery are:

• membranes are considerably more selective for
gasoline vapor compounds than for air;

• variation of feed concentration can be accepted;

• passage of organic vapor concentration from
greater than upper explosion limit to less than
lower explosion limit occurs in a static apparatus;

• ease of start-up and shutdown operations;

• low maintenance;

• simple design;

• easily combined with recovery techniques or
posttreatment systems;

• energy efficient; and

• small footprint.

Loading terminals of tank farms are characterized by
intermittent operations, and several peak times dur-
ing the day can be expected. In order to design the
most economical unit, it makes sense to install a
gasholder to balance the off-gas volume during
peak loading times. The VRU can be designed
according to an average gas volume flow. This often
leads to lower investment costs, lower energy
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Gasometer Compression
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Tank truck
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Figure 14 Design options of gasoline vapor recovery units. R

Membranes: Separation of Organic Vapors from Gasstreams. In

Verlag GmbH & Co. KGaA, 2005 [46].
consumption, and steady-state operation of the unit.
The simplified flow scheme in Figure 14 shows the
design options of a gasoline VRU.

The design most applied in Germany is the com-
bination of membrane technology and pressure swing
adsorption (PSA).

The tank farm off-gas is sucked by means of a
liquid ring compressor and compressed to a pres-
sure of approximately 3 bar. Lean gasoline is used
as service liquid to operate the compressor and the
scrubber to recover gasoline vapors. The feed gas,
containing a residual concentration, leaves the
scrubber top and is fed to the membrane stage.
Commonly, the membrane separation process is
supported by applying vacuum to the permeate
side. The enriched permeate is mixed with the
off-gas to the suction line of the compressor.
The concentration at the compressor intake is typi-
cally enhanced to a level higher than the upper
explosion limit of gasoline vapor/air mixtures. In
the case of a hybrid system consisting of membrane
separation and PSA, the hydrocarbon outlet concen-
tration of the membrane stage is reduced to
approximately 2–10 g m�3. The PSA system typi-
cally consists of two adsorption beds arranged in
parallel. One bed is in the adsorption phase, while
the other one is being regenerated. The feed pres-
sure of the membrane stage is used for an enhanced
adsorption; the process vacuum is used to support
desorption of the carbon bed. Clean vent gas of the
PSA system is used as purge gas in the desorption
phase (Figure 15).
ndensation

bsorption

Vacuum

Membrane

Posttreatment

Motor
generator

Pressure
swing

adsorption

eproduced with permission from Ohlrogge, K., Stürken, K.

Ullmann’s Encyclopedia of Industrial Chemistry; Wiley-VCH
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The combination of membrane technology and
PSA has the following advantages:

• the intake concentration to the PSA is nearly uniform;

• the content of higher hydrocarbons and aromatic
compounds is low;

• low volume flow variations;

• the gas stream is separated from water vapor; and

• the temperature rise in the adsorption bed is neg-
ligible because of the low intake concentration.

Hybrid systems of membrane technology and PSA
are the best-selling systems to meet stringent clean
air requirements and have the major share in German
tank farms and gasoline terminals.
2.09.8.2 Vapor Recovery at Gasoline
Stations

Gasoline vapor escapes when drivers fill car tanks at
service stations. Gasoline vapors are known as a pre-
cursor to form ground-level ozone – the main
constituent of summertime smog. Exposure to
ozone presents a direct risk to human health and
exposure to ozone can damage crops and ecosystems.
Benzene, as a constituent of gasoline vapors, is a
genotoxic human carcinogen. Another impact is the
characteristic gasoline smell associated with service
stations influencing the quality of life of motorists
and those living and working nearby.

The prevention of VOC emissions generated by
gasoline handling and distribution from terminals to
gasoline stations and fueling of cars is governed by
the so-called stage I and stage II ordinances dealing
with the reduction of hydrocarbon emissions arising
during handling of Otto-Engine-Fuels. The basic
technique to avoid emissions created by loading of
gasoline is vapor balancing. However, it is known
that extra off-gas volume is generated during loading
procedures, by change of temperature or atmospheric
pressure as well as by evaporation of gasoline satur-
ating the headspace atmosphere above the fuel level
of storage tanks.

Stage I gasoline vapor recovery concerns the con-
trol of VOC emissions during storage, transport,
loading, and unloading of gasoline at terminals and
service stations.

The stage II ordinance addresses the vehicle-
refueling process at petrol stations with an annual
turnover that exceeds 1000 m3 a�1. The fuel vapor/
air mixture displaced from a car tank during refuel-
ing has to be collected and returned to a storage tank
by a vapor return system. If emissions at the vent
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stack of a storage tank are likely, a vapor recovery
system with a minimum efficiency of 97% has to be
employed in order to prevent vent stack emissions.

The driving force to develop a gasoline vapor
recovery system at petrol stations was provided by
new and more stringent air quality control ordi-
nances and money savings by the recovery of a
valuable product. The vapor recovery process has
to not only meet a high degree of efficiency but
also ensure that all types of equipment meet the
suitable safety standards. Equipment and process
have to be approved by certified organizations.

The initial situation was the following.
Without any environmental precautionary measures,
approximately 1 g gasoline vapors per liter of refueled
gasoline was emitted in an uncontrolled manner. The
pumped liquid volume from storage tank to the car
tank was replaced by lean air balancing by the storage
tank vent stack. Additional emissions occur by satura-
tion of headspace atmosphere. Change of atmospheric
pressure or filling of the storage tank from tank trucks
causes breathing of headspace vapors via the vent
stack. The vapors vented at the car filler neck are
collected by vapor-balancing devices of the dispenser
nozzles. Two principles are available: active systems,
that is, vacuum-assisted vapor return and passive sys-
tems having a close connection between car filler neck
and gasoline nozzle. Because of the greater comfort in
handling, vacuum-assisted vapor return is the com-
monly used and widely accepted technology.

A second option to recover refueling emissions is
on-board refueling vapor recovery (ORVR). Large
carbon canisters (LCCs) are installed into new vehi-
cles that would allow gasoline vapor from vehicle
fuel tanks to be contained within the vehicle instead
of being vented to the atmosphere. Vapor is displaced
into an activated carbon-filled canister during car
tank refueling. The adsorbed vapors are desorbed
by airflow, drawn into the engine, and burned. This
principle is used for new cars in the United States. In
this case, the volume balancing in storage tanks takes
place by lean air return and creates emissions by
saturation of headspace volume. A treatment of vent
stack emissions is absolutely essential.

European cars are commonly equipped with small
carbon canisters to avoid the so-called running losses
and to catch emissions created during parking and
heating up by solar radiation. Refueling of cars with
small carbon canisters required vapor return during
refueling.

If only active vapor return is installed, some emis-
sions may occur. The efficiency of return depends on
the design of the car filler neck and the type of vapor
return nozzle. Investigations of TÜV Rheinland have
shown that the vapor return efficiency is limited to
approximately 75%, depending on the car type [39].
New observations show an improved filler neck
design, which leads to an average vapor return effi-
ciency of 85% [40]. The vapor return rate can be
improved up to 95–99% by increasing the air-over-
liquid ratio (A/L) from 1:1 to 1:1.2 or higher [41]. In
order to avoid an emission transfer from interface
filler neck to storage tank vent, a treatment of vent
stack gases is required [38] (Figure 16).

An essential requirement for the operation of an
environment-friendly petrol station is a leak-proof
installation of tanks, piping, and dispensers
(Figure 17). An installation of pressure/vacuum
valves (P/V valves) (12/13) on top of the storage
tank vent pipes and an electronic level gauge (17) is
also required.

The vent gas treatment unit is installed in parallel
to the storage tank vent stack. Only a single unit is
necessary to treat the vent gas of a petrol station. A
pressure sensor (9) with an integrated pressure switch
monitors the differential pressure of atmospheric
pressure over tank pressure. Vapors generated by
vehicle refueling are returned to the storage tank by
means of a vapor return pump of a dispenser and the
vapor spout of the vapor return nozzle. A pressure
buildup may occur by return of extra volume, eva-
poration of gasoline to saturate the headspace above
the liquid level, or by change of atmospheric pres-
sure. At a given set point, the vacuum pump of the
recovery unit (8) is activated. The applied vacuum
opens the pneumatic retentate valve as well as the
vent line (6) to atmosphere. The gas from headspace
flows over the membrane surface of module (7).
Gasoline vapors permeate through the membranes
and feed back to the storage tank. Clean air is
released to atmosphere. Some installations are
equipped with a retentate pump (10).

The use of the retentate pump provides some
advantages:

• adjustment of a constant flow velocity; and

• adjustment of start-up and shutdown set points
close to atmospheric pressure.

The constant flow volume allows an optimized
design of module compartment staging to achieve
the highest possible separation efficiency. Start and
stop set points close to atmospheric will avoid the
impact of possible diffusive emissions caused by
small leakages in the petrol-station infrastructure.
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Figure 17 Principle of emission reduction with vent gas processing at petrol stations. Reproduced with permission from
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Figure 18 shows the developing of tank pressure
over 16 h from station closing time at 11 p.m. to

afternoon next day. The start-up set point was

adjusted at 6 mbar and the shutdown set point at

2 mbar. It can be seen that a pressure buildup takes

place during nighttime. This is because of the

saturation of tank headspace above liquid level,

which is associated with an increase of tank pres-

sure. The start of the recovery unit is activated and

the tank pressure is decreased by release of gas volume
Figure 19 Gasoline vapor separation system.
to atmosphere. When the petrol station opens at 6 a.m.,

the pressure buildup is caused by vapor return and

there is a decrease of atmospheric pressure from 998

to 990 mbar. At 11 a.m., a refilling of storage tank

‘A’ takes place. This procedure creates overpressure

and negative pressure. The graph shows the fre-

quent operation during peak sales time (Figure 18).
The technical implementation of vent gas treat-

ment system started in the mid-1990s in Germany

and Luxembourg and, by the end of the decade, the
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first unit was installed in the United States. Besides

the treatment of petrol station, off-gas was the system

used by car manufacturers to reduce emissions gen-

erated by the first fueling of new cars in the final

assembly line. The real breakthrough of the technol-

ogy came in early 2002 in the United States. The

system, marketed in the United States under the

trade name Permeator�, was granted ORVR

approval by Texas Commission on Environmental

Quality (TCEQ) and the Maryland Department of

Environment certified the compliance with the Code

of Maryland Regulation. In March 2007, the system

achieved the certification by the California Air

Resources Board (CARB). In Europe, the system

was certified by TÜV Rheinland, by TÜV

Süddeutschland, and, in Switzerland, by Bundesamt

für Umwelt, Wald und Landschaft (BUWAL).
The latest demand for implementation of this

technology was caused by clean air requirements in

highly populated areas in China. To improve the air

quality in Beijing, several gas stations have been

equipped with storage tank vent processing.
It was proved by third-party testing that storage-

tank evaporative losses are between 0.1% and 0.5%

of gasoline stations’ throughput [42]. The variations

in range are due to various site-specific factors as

installation of stage I equipment, Reid vapor pressure

(RVP) of gasoline, fuel tank temperature, altitude,

use of vent stack P/V valves, and population of
Cooling
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NaOH
solution
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(purified nitrogen)
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(hydrocarbon enriched)

Heating

PE powder

PE powder

Purge bin

Figure 20 Flow scheme of polyethylene (PE) powder treatme

Stürken, K. Membranes: Separation of Organic Vapors from Gas

Wiley-VCH Verlag GmbH & Co. KGaA, 2005 [46].
ORVR-equipped vehicles. Recovery rates of 97%
to >99% have been confirmed.

Meanwhile, approximately 300 systems are
installed worldwide. The acceptance is growing
because of the increasing oil price and clean air
requirements, especially in highly populated cities.
2.09.8.3 PE Powder Treatment

Membrane separation can be used to separate hexane
from the purge gases of the PE powder treatment and
to purify the purge gas for further reuse. PE powders
are purged in a purge bin with heated nitrogen [43].

The membrane process is used for

• recovery of hexane for the reuse as feedstock for
the polymerization process;

• purification of nitrogen for reuse as recycle gas or
to minimize the off-gas treatment facility; and

• separation of water and traces of HCl from the
recovered hydrocarbons.

Figure 20 shows the flow scheme of a PE powder
treatment.

The hydrocarbon-enriched purge gases are fed to
an in-line cooler. By means of spray cooling, the gas
temperature is decreased from 100 to 40 �C. The
cooling water is provided by a bypass of the service
liquid loop of the liquid ring compressor. Hexane has
negligible solubility in water. The purge gas is
Cooling

g

Hydrocarbons
condensate

Waste

nt [43]. Reproduced with permission from Ohlrogge, K.,

streams. In Ullmann’s Encyclopedia of Industrial Chemistry;
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compressed by means of the liquid ring compressor
to 7 bar. The vapor is cooled down to 30 �C and
partial condensation takes place. The condensate
forms an aqueous and an organic (hydrocarbon)
phase. The liquid ring service water tank also acts
as a phase separator. The water phase is further used
as service liquid for the compressor, and hydrocar-
bons are fed to a collection tank for reuse. The gas/
vapor mixture exiting the cooler is fed to hydrocar-
bon-selective membrane stage. A liquid-ring vacuum
pump creates a vacuum of 200 mbar to provide an
additional driving force for the permeation of the
residual hydrocarbons. The hydrocarbon vapors are
recycled to the intake of the liquid ring compressor
and purified nitrogen is fed back to degassing bin.
2.09.8.4 Polyolefin Production

Another promising application is the separation of
olefins from off-gases of the polyolefin production
and the associated purification of purge gas. The
olefin recovery is based on following process steps,
as shown in Figures 21 and 22:

• compression,

• refrigeration/condensation, and

• membrane separation.
Feed

Purge gas

Recovere

Recycle
compressor

Purge
bin

Compressor

C3-rich produ

R
ea

ct
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Figure 21 Membrane-based propylene recovery unit. Reprod

Membranes: Separation of Organic Vapors from Gasstreams. In
Verlag GmbH & Co. KGaA, 2005 [46].
In the case of polypropylene production, the off-gas

from the purge bin is compressed by means of an oil-

lubricated screw compressor. A typical feed pressure

is 16 bar. After compression, the gas is released to a

cryogenic condensation unit, operating temperature

at –20 �C. The noncondensed vapors are then fed to

the membrane stage and separated into a hydrocar-

bon-depleted nitrogen stream (retentate) and an

organic-vapor-enriched permeate stream, which is

recycled to the intake of the compressor. If high

nitrogen purities are required, the membrane

stage can be separated into two stages. The first

stage operates at atmospheric pressure at the perme-

ate side. In order to achieve high nitrogen purities,

the separation of the second membrane stage can be

supported by vacuum. The highly purified nitrogen

can be returned to the purge bin.
In the case of polyethylene production, the off-gas

from the purge bin is compressed to higher pressures.

The membrane integration is extremely simple if the

already-existing recycle compressor has adequate

spare capacities to recompress the additional amount

of permeate gas from the membrane stage.
Downstream of the compressor, the first separation

of the ethylene takes place in the cryogenic conden-

sation unit. The off-gas ethylene content is reduced to

approximately 70 mol.% and the stream is partly fed
d monomer

Condensation

Purified nitrogen

@16 bar
–20 °C

Permeate
1.1 bar

Product

Permeate
0.2 bar

Nitrogen > 97.0%
Nitrogen > 99.5%

Vacuum pumpct

uced with permission from Ohlrogge, K., Stürken, K.

Ullmann’s Encyclopedia of Industrial Chemistry; Wiley-VCH
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to the membrane stage. The feed gas temperature and

pressure are adjusted to reasonable values before

the gas enters the membrane, which is not shown in

the simplified flow scheme depicted in Figure 22.

The temperature of the feed gas to the membrane

usually could not be kept to values comparable to the

condensation temperature because the additional

cooling of the gas in the membrane module caused

by the Joule–Thomson effect would lead to extreme

low retentate temperatures, which could create pro-

blems to the pressure resistance of the stainless steel

piping.
The temperature is adjusted to values as low

as possible – because the membrane selectivity

increases with decreasing temperature – but high

enough to avoid pressure resistance problems of the

piping. The nitrogen content of the retentate is

enriched by the membrane to c. 97 mol.% and enables

the reuse of the nitrogen in a closed loop. The ethy-

lene recovery rate of the membrane stage is in the

range of more than 99%. However, the total perme-

ate is not recycled to the process and a small portion

of the ethylene enriched gas is purged to the flare to

avoid accumulation of trace gases such as ethane,

which is enriched in the permeate stream as well

(Figure 23).
2.09.8.5 Ethylene Oxide and Vinyl Acetate
Production

The production of ethylene oxide and vinyl acetate

is based on the reaction of ethylene and oxygen in a

catalytic reactor. Trace gases, which are found in

small amounts, could interfere with the process if

these gases accumulate to higher concentrations in

the recycle loop as depicted in Figure 24.
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Ethylene, oxygen, including the trace gases, are
fed to the reactor [44].

The product is discharged and the nonreacted
gases have to be treated and recycled. In the first
stage, CO2 is separated by scrubbing and discharged
to atmosphere or to CO2 utilization plant. In a second
step, inert gases have to be removed. This can be
done by means of PSA or membrane separation.
Because of the limited lifetime of activated carbon
in an existing production plant, the operator decided
to use membrane technology to treat the process gas
stream. The membrane separates the nonreacted
ethylene from the recycle stream. The inert gas at
the retentate side of the membrane will be fed to
further off-gas treatment.
2.09.9 Conclusions and Outlook

Organic vapor recovery by means of membranes can
be considered as state-of-the-art technology.
Membrane technology is established in various end-
of-pipe applications as well as in process-integrated
systems. Membrane technology is also used as part of
hybrid systems in order to achieve highly efficient
separations to meet stringent clean air requirements.
Typical applications are solvent recovery in the che-
mical and pharmaceutical industry and gasoline
vapor recovery in the gasoline distribution chain.
Associated with the development of membranes
and modules, engineering tools to design separation

units have been evaluated.
Accurate models describing the flow patterns in

industrial-scale membrane modules as well as the

transport phenomena and thermodynamics impor-

tant to transmembrane mass transfer have been

developed. Combined with process simulation tools,

these models allow process engineers and plant

operators to design optimized integrated processes

consisting of membrane units and other separation

equipment. The integration of membrane design

tools into existing flow-sheet programs was an

important step for the acceptance and extension of

membrane-based organic vapor separation processes.
Particularly, the increase of oil prices has a con-

siderable impact on the development of new

utilizations of organic vapor selective membranes.
Spin-off applications based on the experience

gained from established solvent recovery and gaso-

line recovery systems are treatment of natural gas

streams for hydrocarbon dewpointing and methane

number control of fuel gas for gas engines.
Modified organic vapor separation membranes

are used for oxygen enrichment from air. A typical

use is the oxygen enrichment up to 30 vol.%.
The treatment of off-gases from coalmines is in the

focus of research activities because of environmental

as well as economical reasons. The coalmine off-gases
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have typically fluctuating methane concentrations and
are often flared to the atmosphere. If a certain mini-
mum methane concentration can be provided, the
methane can be used as feedstock for power-genera-
tion units. A silicone-based membrane can be used for
the upgrading of coalmine off-gas to fuel gas.
Membrane variations and module optimizations are
tested to review the performance. Experience gained
from experiences with organic vapor recovery provide
the background to evaluate the applicability of mem-
branes for this application [45].

Experience gained from the development of
organic vapor selective membranes has also a high
impact on the improvement of new membranes in
pervaporation and organophilic nanofiltration
applications.
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2.10.1 Introduction

As compared to conventional methodologies, mem-
brane separation technology has various advantages,
one of which is its capability to carry out isothermal
operation at low temperatures. Moreover, this parti-
cular technology imposes no requirements for
additives, and enjoys the advantages of low energy
consumption and ease of integration into other
separation or reaction processes. Historically, mem-
brane science and technology comprise a wide
variety of industrial applications in gas separation
and water purification, such as the removal of small
solids and ions from water. The pervaporation pro-
cess is one of those identified membrane processes
that can separate liquid mixtures.

Since the early stage of membrane engineering,
water purification membranes have contributed to
the production of drinking water and the process of
rinsing water for the electronic industry (e.g., semi-
conductor manufacture). This technique also finds
applications for in-house water purification, and
even in large-scale systems for city operations. In
addition, the current applications of ultrafiltration,
microfiltration, nanofiltration, and electrodialysis
include medical, chemical, food, beverage, and
fermentation industries.
In 1982, the first commercial-scale membrane
system for liquid separation was established to sepa-
rate ethanol–water mixtures through pervaporation
[1]. Since then, more than 50 plants have been
installed for ethanol dehydration. However, such
pervaporation processes remain largely underdeve-
loped in the fields of water purification and liquid
separation, both of which have been proven suitable
in the production of bioethanol.

A separation membrane is the interphase between
two adjacent phases acting as a selective barrier,
which regulates the transport of substances between
the two compartments. It is employed for specific
functions, including the separation of gases and
liquids, ions, or biological matters. In pervaporation,
a liquid mixture is supplied to a membrane on one
side and the permeate components are evaporated
from the other side (Figure 1). Therefore, the driving
force of this process is a gradient of partial pressure or
chemical potential located across a membrane. To
enhance the flux or the total amount of the product,
the permeate side is always maintained at a pressure
below the saturated pressure of a given component,
either under a vacuum or by sweeping the vapor
using a carrier gas. The vapor at the permeate side
is then condensed and recovered as liquid.
Interestingly, the pervaporation process has been
243
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Figure 1 Vacuum-driven pervaporation process.
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noted as the only membrane process, in which a

mixture’s phase transition manifests itself during

transport through a membrane (i.e., a change from

liquid phase to vapor phase).
In 1917, Kober [2] observed the permeation of

a liquid kept in a closed collodion bag suspended

in midair. This phenomenon was ascribed the tech-

nical word pervaporation, coined from the two

concepts, permeation and evaporation. In 1935,

Farber [3] developed a pervaporation technique to

concentrate solutions of proteins and enzymes by eva-

porating water through a cellophane bag. By 1956,

the separation of liquid mixtures (e.g., ethanol–water

mixture) through pervaporation using a cellophane

membrane was attempted by Heisler et al. [4].

Currently, the pervaporation process being widely

used is a result of the process proposed by Binning

in the late 1950s [5–8].
Mechanisms for water purification using a

membrane-based process, such as ultrafiltration and

microfiltration, involve size-sieving filtration which

removes small solids from water. In contrast, perva-

poration is based on a solution–diffusion, adsorption–

diffusion, or size-sieving filtration mechanism.

Pervaporation is used to achieve the removal of

volatile organic compounds (VOCs), such as ethanol,

from water; the dehydration of VOCs (i.e., removal of

water from VOCs); or the separation of mixtures of

VOC liquids. Among all liquid separation technolo-

gies (e.g., distillation), a pervaporation process is

noted to be most effective under the following con-

ditions: (1) when liquid mixtures are separated at

azeotropic point, (2) when they have similar boiling
temperatures, or (3) if they contain thermally

unstable component(s). Based on such separation

mechanism, at the permeate side, it is impossible to

recover components which have not evaporated

(e.g., metals, ions, peptides, or polymers). They may

remain in the feed.
The properties of a membrane strongly depend on

the chemical structure and microstructure of the

membrane material, both of which are substantially

affected by the molecular weight of the polymer, the

presence of impurities, the membrane formation pro-

cess, membrane thickness, and membrane

pretreatment. Therefore, the synthesis of novel poly-

mer and inorganic materials with well-defined

structures as designed membrane materials will not

only contribute to the development of new mem-

brane materials, but will lead to a significant

advancement in the study of membranes as well.
Permeation through a membrane has been identi-

fied as a rate-determining step. As such, a minor

component of the mixture must be removed via

selective permeation through the membrane in

order to minimize the amount of permeate liquid.

For example, preferential water permeation (water

selectivity) is a characteristic feature of most poly-

mers. However, there have been some reports about

VOC-selective polymers to date. Substituted poly-

acetylenes exhibit a remarkably interesting example

of a class of polymer by displaying both their VOC-

and water-selectivity characteristics [9]. Therefore, a

design to achieve a highly efficient and economically

viable membrane material requires the elucidation of

the relationship of their transport properties and
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molecular structures. This is primarily because mem-
brane functions are governed by the primary and
secondary structures of both polymers and inorganic
materials.

This chapter reviews the fundamentals and per-
spectives of pervaporation, and subsequently
provides a comprehensive overview of the separation
mechanisms, experimental methods, and structure–
property relationships of membrane materials in
various important applications of the pervaporation
processes.
2.10.2 Target Solutions for
Separation

In his book, Baker [1] summarized the industrial
application fields of pervaporation and focused on
three applications: dehydration of solvents, water
purification (i.e., separation of dissolved organics
from water), and separation of organic liquid
mixtures.

This chapter mainly addresses various existing
and prospective target solutions for separation by
pervaporation as earlier reported in academic
research fields. To date, such technique has demon-
strated multidimensional potentials in the energy,
petroleum, environmental, pharmaceutical, as well
as in food and beverage industries. A pervaporation
process is expected to purify a target liquid on the
permeate side or concentrate it on the feed side.

It is important to emphasize the fact that across
separation technologies, the pervaporation process
takes prior advantage in the separation of liquid mix-
tures at the azeotropic point. This is also true when it
involves mixtures with similar boiling temperatures
or those containing thermally unstable component(s).
According to this separation mechanism, the permeate
component(s) must involve a vaporization behavior
at a given operating temperature and pressure.
Components considered as VOCs include hydrocar-
bons (e.g., hexane, octane, and cyclohexane),
BTX (benzene, toluene, and xylene isomers), halogen-
containing compounds (e.g., trichloroethylene and
chloroform), alcohols (e.g., methanol, ethanol, propanol,
and butanol), phenol, oxygen-containing compounds
(e.g., acetic acid, methylethylketone, butanone, 1,4-
dioxane, and methyl-tert-butyl ether (MTBE)), nitro-
gen-containing compounds (e.g., acetonitrile and
acrylonitrile), aromas (e.g., menthol, lactones, higher
alcohols, higher ketones, and higher esters), and
endocrine disruptors (e.g., dioctylphthalate, 2-sec-
butylphenylmethylcarbamate, 2,2-dimethyl-1,3-benzo-
dioxol-4-yl methylcarbamate, and 1,2-dibrolo-3-
chloropropane).

The above-mentioned VOCs can also be recov-
ered as concentrated products in the feed side. Unlike
in the permeate side, it is not necessary for concen-
trated compound(s) in the feed solution to be
evaporated when they are separated through a mem-
brane. Examples of these compounds include ions,
large molecules (e.g., saccharin, glucose, fructose,
glycosan, ascorbic acid (vitamin C), amino sugars,
polyethylene glycol, maltose, lactose, sucrose, treha-
lose, and raffinose), polymers (e.g., poly(vinyl alcohol
(PVC)), polypeptide, starch, glycogen, cellulose,
alginic acid, and chitin), as well as enzymes
(e.g., amylase and laccase).

The optimum component balance in a solution
can also be adjusted through pervaporation, such as
in the production of fruit juices and liquors, and in
the manufacture of petroleum products. Under these
circumstances, pervaporation processes are not
required to have high separation abilities.
2.10.3 Separation Mechanisms and
Experiments

2.10.3.1 Transport Mechanism

Separation membranes can be divided into two major
classes (porous and nonporous membranes) and the
respective transport of small molecules through these
two types of membranes occurs under different
mechanisms (Figure 2).

In a porous membrane, diffusion occurs under
mechanisms that are largely dependent on the mor-
phology of the membrane (i.e., pore size) and the size
of the diffusing molecule. These mechanisms include
Knudsen diffusion, surface diffusion, capillary con-
densation, and molecular sieving, among others.
In Knudsen diffusion, the penetrant collides more
frequently with the pore wall than with other pene-
trant molecules. In surface diffusion, the penetrant is
adsorbed onto the surface and then diffused along the
pore surface through activated jumps. Meanwhile, in
capillary condensation, an interaction between the
penetrant and the pore walls causes the condensation,
which in turn influences diffusion through the pore.
Finally, in molecular-sieving pores, the size of the
pore prevents larger molecules from passing.

On the other hand, a nonporous membrane acts
accordingly with the solution–diffusion mechanism.
Pores do not control the passage of the penetrant as
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similarly depicted in gas separation and vapor

separation. A penetrant is dissolved into the surface

of a membrane, its molecule diffuses inside a mem-

brane from one side to the other side, and then it is

removed from the surface of the other side of the

membrane.
Polymer membranes and inorganic membranes

are designed by nonporous and porous structures,

respectively. In polymer membranes, the penetrant

molecules are dissolved and diffused in transient

molecular spaces across assemblies of polymer seg-

ments, which appear to be continuously arranged

within a nonporous membrane. In inorganic mem-

branes, the penetrant diffuses in fixed pores, which

are continuously prepared across a porous mem-

brane. These molecules adsorb onto the surface of

the pores, because organic compounds have interac-

tions with inorganic materials. This behavior results

in Knudsen diffusion, surface diffusion, and capillary

condensation. In this regard, the transports that occur

within polymer membranes and inorganic mem-

branes are based on solution–diffusion and

adsorption–diffusion mechanisms, respectively.

Separation of the mixture occurs when the solu-

tion/adsorption phenomena and/or diffusion speed

of each component differ from each other.
Among the mechanisms presented in Figure 2,

the molecular sieving has been observed to produce

the highest separation property, and only smaller

molecules inside the pores of the membrane.

Similar to the others, this transport process for these

smaller molecules manifests an adsorption–diffusion

mechanism.
The flux (Ji) of component i found across

a membrane at a steady state is expressed below

using Fick’s law:
Ji ¼ –Di

dCi

dx
ð1Þ

where Di is the diffusion coefficient of component i,
and dCi/dx is the concentration gradient of compo-
nent i across a membrane with thickness l. If the
concentrations of the surfaces of the membrane at
the feed and permeate sides are Ci1 and Ci2 (Ci1 > Ci2),
respectively, this equation can be rewritten as

Ji ¼ Di

Ci1 –Ci2

l
ð2Þ

In addition, for polymer membranes, the concentra-
tions, Ci1 and Ci2, are also described using the
solubility coefficient Si as a function of each partial
pressure, pi1 and pi2:

Ci1 ¼ Si pi1 ð3Þ

Ci2 ¼ Si pi2 ð4Þ

Hence, Equation (2) is given as

Ji ¼ Di Si

pi1 – pi2

l
¼ Pi

pi1 – pi2

l
ð5Þ

The permeability (Pi) of component i that goes
through a membrane can be expressed in terms of
solubility and diffusivity factors, which are concepts
offered in the following solution–diffusion mechanism:

Pi ¼ Si Di ð6Þ

The feed solution always makes contact with the sur-
face of a membrane. In contrast, the membrane
remains dry at the opposite side, because permeate
components always evaporate. Unlike gas separation
and vapor separation membranes, during the permea-
tion, the cross section of the pervaporation membrane
has a gradient structure with the membrane containing
liquid in the feed side and vapor in the permeate side.
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The concentration gradient in the pervaporation
membrane is classified into three types as described
in Figure 3. In type I, the concentration gradient is
linear across a membrane, which follows Fick’s law in
Equation (1). The membrane is not swollen by the
feed solution, as in the case of several inorganic
membranes.

When membrane materials are composed of poly-
mers and some other inorganic materials, they
sometimes become swollen by the liquid on the
feed side. In contrast, the membrane remains dry
continuously maintaining its shape in the permeate
side (i.e., moderate swelling for type II and high
swelling for type III). During permeation, the poly-
mer membrane is thought to have two layers
(i.e., swollen layer and nonswollen layer). Liquid
components in the feed solution are selectively dis-
solved and diffused in the swollen layer. Due to the
fact that the polymer segments are expanded in
the region swollen by the liquid, all components
achieve a high diffusion speed, which is largely simi-
lar to the others on the basis of weak size-sieving
behavior. In the swollen layer, it is the solubility
coefficient, and not the diffusion coefficient, which
is considered as the dominant factor of the transport.

These aforementioned components are then
selectively dissolved in the interface between the
swollen and the nonswollen layers. Under these cir-
cumstances, it is important to note that since this
interface is not clearly separated as in a laminate
membrane, the thickness of the nonswollen layer
cannot be determined. Subsequently, the penetrant
diffuses through the nonswollen layer and is left in
the surface as vapor. Unlike the diffusion process
occurring in the swollen layer, the polymer segments
herein are densely packed leading to the large
resistance of diffusion by the small molecules.
Transport behavior through the nonswollen layer is
almost similar to that described in the vapor and gas
separation membrane. Hence, the dominant factor of
the transport in the nonswollen layer is the diffusion
coefficient, and not the solubility coefficient. The
nonswollen layer has also been referred to as the
dried layer, dense layer, or the active separation
layer. In addition, the nonswollen layer is generally
thinner than the swollen layer.
2.10.3.2 Permeability and Permselectivity

The flux (Ji) of component i across a membrane is
determined as

Ji ¼
Qi

A t
ð7Þ

where Qi is the amount of the permeated product of
component i, A is the permeation area of a membrane,
and t is the measurement time. There is a time lag in
the permeation occurring at the initial stage of
measurement. Immediately after the permeation
measurement begins, the amount of the permeated
product gradually increases (i.e., nonsteady state),
before settling down to a constant steady state. In
general, the Qi value is recorded at a steady state. The
flux units are represented in practical units of g m�2

h�1, kg m�2 h�1, cm3 cm�2 h�1, and m3 m�2 h�1, as
well as the SI unit mol m�2 s�1. This is because the
recovered liquid product is normally measured by
weight or volume.

The combination of the pressures at the feed and
permeate sides provides variations in flux and
permselectivity. For example, in the permeation of
pure hexane liquid through the polyethylene
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membrane at 30 �C, as the feed pressure increased,

the flux of hexane increased linearly when the

permeate pressure was set at 300 mmHg, which is

higher than that of the saturation pressure of hexane

(Figure 4) [10]. In contrast, the flux was almost

independent of the feed pressure when the perme-

ate pressure was much lower than that of the

saturation pressure of hexane. As the permeate pres-

sure decreased, there occurred an increase in the

gradient of partial pressure or chemical potential

across a dried nonswollen layer. As a result, when

the permeate components became easily vaporized,

the flux or the total amount of the product

increased.
As the permeate pressure approached zero, the

flux began to show the larger values. For hexane/

heptane binary mixtures, the permeate pressure is

noted to strongly affect permselectivity (Figure 5)

[11]. Each component then created a different gradi-

ent of partial pressure across the nonswollen layer,

because each component incorporated different

vapor pressures. Afterwards, there appeared a linear

relationship between permselectivity and saturation

vapor pressure of the endocrine disruptors in the

pervaporation of endocrine disruptor aqueous solu-

tions (concentration: 10 ppm) through the

polydimethylsiloxane (PDMS, 1) membrane at

90 �C (Figure 6) [12].
− Si − O −

CH3

CH3

n

PDMS

1

In this regard, unlike in the other liquid separation
membrane processes, such as reverse osmosis and
ultrafiltration, the addition of the pressure in the
feed is generally unnecessary during pervaporation
in polymer membranes. The permeate side is main-
tained at a pressure below the saturation pressure of a
given component either under a vacuum or by
sweeping the vapor using a carrier gas.

The permeation process through a membrane
involves a rate-determining step. As the membrane
thickness becomes thinner, the flux increases. Ideally,
the flux of a homogeneous membrane is in proportion
to the reciprocal of the membrane thickness. Figure 7
presents a pure water flux at 25 �C, which passed
through a poly(vinyl pyridine) membrane to study
the function of reciprocal membrane thickness [13].
The distinct linear relationship then appeared.

Using Equation (7), the normalized flux can be
written as

Ji ¼
Qi l

A t
ð8Þ
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where l is the membrane thickness. The unit of the flux
is represented as g m m�2 h�1, kg m m�2 h�1, cm3 cm
cm�2 h�1, m3 cm m�2 h�1, or mol m m�2 s�1.

The permselectivity or separation factor (�P) of
component i over component j in a binary mixture is

obtained from
�P ¼
Yi
Yj

� �
Xi
Xj

� � ¼ Yi 1 –Xið Þ
Xi 1 –Yið Þ ð9Þ

where Xi and Xj are the weights or weight fractions
(XiþXj¼ 1) of component i and component j in a
feed solution, respectively. The variables Yi and Yj

are the weights or weight fractions (YiþYj¼ 1) of
component i and component j in a permeate solution,
respectively. Molar fractions can also be used
together with weight fraction. The composition of
the feed and permeate solutions can then be deter-
mined using an analyzer, such as gas chromatograph.
The flux is dependent on membrane thickness,
whereas normalized flux and permselectivity are ide-
ally independent of the thickness of such
homogeneous membranes.

As membrane thickness reaches a measurement of as
low as 100 nm, the study notes high possibility of
defects (e.g., pinhole) for both polymer and inorganic
membranes, which enhance flux and reduce selectivity.
However, in several cases, such as in heterogeneous
structures and even thicker thicknesses without any
defects, flux had been induced, and as a result
permselectivity also cannot be simply correlated to
the reciprocal thickness. For example, for aqueous
solution pervaporation in chlorinated hydrocarbons,
such as 1,1,2-trichloroethane, copolymer membranes
composed of trimethylsilylmethylmethacrylate and
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n-butyl acrylate did not simply conform to the rule
[14]. The chlorinated hydrocarbon/water selectivity
of these membranes with a thickness greater than
70mm was constant, whereas this selectivity gradually
decreased as the membrane became thinner than
70mm. Therefore, when the flux of various membranes
is compared, the membranes with similar thickness
must be used.

Finally, the permselectivity (�P) of component i

over other components in a multicomponent mixture
is given as

�P ¼
Yi

Ytotal –Yi

� �
Xi

Xtotal –Xi

� � ¼ Yi 1 –Xið Þ
Xi 1 –Yið Þ ð10Þ

where Xtotal and Ytotal are the total weights or total
weight fractions (Xtotal¼Ytotal¼ 1) of component i in
the feed and permeated solutions, respectively.
2.10.3.3 Solubility and Solubility Selectivity

Solubility behavior includes adsorption, absorption,
and sorption. In the definitions recommended by the
International Union of Pure and Applied Chemistry
(IUPAC), adsorption is the enrichment of one or
more components in an interfacial layer [15]. In
contrast, absorption refers to molecules penetrating
the surface layer and entering the structure of the
bulk solid. It is important to stress that sometimes it is
difficult, impossible, or irrelevant to distinguish
between adsorption and absorption. As such, it is
more convenient to use the wider term sorption,
which encompasses both phenomena.

In pervaporation, the first step of the transport
across a membrane is the dissolution of liquid com-
ponents from the surface of the membrane, while the
final step involves the evaporation of vapor compo-
nents from the other side of the membrane surface. At
an equilibrium state, these phenomena are expressed
as the partition coefficients of component i of the
feed side (Ki-feed) and the permeate side (Ki-permeate)
of the membrane:

Ki-feed ¼
Ci-feed-membrane

Ci-feed-solution
ð11Þ

Ki-permeate ¼
Ci-permeate-membrane

Ci-permeate-vapor
ð12Þ

where Ci-feed-membrane and Ci-permeate-membrane are the
concentrations of component i of the interfaces of
the feed and permeate sides of the membrane, respec-
tively. The variables Ci-feed-solution and Ci-permeate-vapor
are the concentrations of component i of the solution
at the feed side and the vapor at the permeate side,
respectively.

It is difficult to determine the partition coeffi-
cients through mere experiments, because there is a

concentration gradient across a membrane. Hence,

for polymer membranes, the apparent solubility coef-

ficient in a bulk membrane is used as a measure to

describe these phenomena. For inorganic mem-

branes, an adsorption isotherm for a bulk membrane

is determined. Various analyses of adsorptions on

solid are described thoroughly by the IUPAC and

in physical chemistry textbooks [15, 16].
The apparent solubility coefficient of a polymer

membrane is correlated to the degree of swelling of a

membrane with liquid. The degree of swelling of a

liquid mixture in a membrane at the equilibrium state

(i.e., steady state) is obtained from

Degree of swelling ðwt:%Þ ¼ WW –WD

WD
� 100 ð13Þ

where WW is the weight of the membrane which
sorbed a liquid mixture at equilibrium, and WD is
the weight of the dry membrane. The degree of
swelling shows an apparent solubility phenomenon
around the surface of the feed side in types II and III
(Figure 3).

The solubility selectivity (�S) of component i over
component j in a binary mixture is estimated from

�S ¼
Zi
Zj

� �
Xi
Xj

� � ð14Þ

where Xi and Xj are the weights of component i and
component j in a mixture, respectively. The variables
Zi and Zj are the weights of component i and com-
ponent j sorbed in a membrane, respectively.

Three types of the relationships between
permeate (Zi/Zj) and feed compositions (Xi/Xj) are

illustrated in Figure 8. When either component i is

preferably dissolved in a membrane or component

j is selectively rejected from the membrane, the

relationship is described as type A (i.e., �S > 1).

A type-B line appears when there is no difference

in the solubility of both components i and j

(i.e., �S¼ 1), while type-C curve is observed as an

opposite case of type A (i.e., �S < 1). Among the

three types, type B is rarely observed.
The solubility is explained by the free energy of

mixing Gibbs (�Gm) with the enthalpy of mixing

(�Hm) and the entropy of mixing (�Sm) [16]:
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�Gm ¼ �Hm –T�Sm ð15Þ

where T is the absolute temperature. When the �Gm

value is negative, components become soluble with
each other. However, since the �Sm value is nor-
mally positive, the solubility implies dependency on
the �Hm value.

In the case of the mixture of a liquid and the
membrane material, molecules of the liquid and the

membrane material are noted to interact

independently, before they come in contact. When

the molecules of the liquid are dissolved in the

membrane, new interaction(s) between the liquid

molecule and membrane material must be created.

The enthalpy of mixing is then described as [17]

�Hm ¼ Hliquid þ Hmembrane – 2Hliquid�membrane ð16Þ

where Hliquid is the enthalpy of the liquid, Hmembrane is the
enthalpy of the membrane material, and Hliquid–membrane

is the enthalpy between the liquid and the membrane
material.

The enthalpy of mixing is defined with the fol-
lowing solubility parameter [17]:

�Hm ¼ V �liquid – �membrane

� �2
�liquid�membrane ð17Þ

where V is the total molar volume of the liquid and
the membrane material, and the variables �liquid and
�membrane are the solubility parameters of the liquid
and membrane material, respectively. Meanwhile,
�liquid and �membrane are the volume fractions of the
liquid and membrane material, respectively. The
solubility parameter (�) can be determined from the
cohesive energy (Gcoh) as [18]
� ¼ Gcoh

V

� �1=2

ð18Þ

According to Equation (17), the �Hm value is always
positive, implying endothermic mixing. To produce
the negative �Gm value, the �Hm value must be
smaller than the T�Sm value, which requires a smal-
ler difference in the solubility parameters of the
liquid and the membrane material. When the solubi-
lity parameter of the liquid is equal to that of
the membrane material (i.e., �liquid ¼ �membrane), the
enthalpy of mixing achieves a zero value and the free
energy of mixing becomes negative. In this case, the
liquid and the membrane material are soluble with
each other.

Based on this concept, when a component in a
mixture has a solubility parameter similar to that of

the membrane material, large solubility of the given
component to the membrane is thereby expected.

Conversely, when the solubility parameter of a
component in a mixture is quite different from that of

the membrane material, less solubility (i.e., rejection) of

that component to the membrane is expected.
However, when there are specifically strong inter-

actions between molecules of the liquid and the

membrane material, or if there are voids or defects
in the membrane that are much larger than a

molecule of the liquid, the �Hm value sometimes

becomes negative. Under this circumstance,
Equation (17) cannot be governed. In Equation (16),

2Hliquid–membrane is larger than Hliquid plus Hmembrane,
thereby resulting in an exothermic mixing.

To understand the selective solubility character-
istics of a liquid in a membrane, Hansen’s three-

dimensional solubility parameters are widely
demonstrated [17–19]:

�2 ¼ �2
d þ �2

P þ �2
h ¼ �2

d þ �2
A ð19Þ

V ¼
X

z

Vz ð20Þ

�d ¼

P
z

Fz d

V
ð21Þ

�P ¼

P
z

Fz 2
P

� �1=2

V
ð22Þ

�h ¼
–
P

z

Uz h

V

0
@

1
A

1=2

ð23Þ
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where � is the total value, �d is the dispersion com-
ponent, �p is the polar component, �h is the
hydrogen-bonding component, and �A is the associa-
tion cohesion parameter (i.e., �pþ �h). The variable
zFd is the group contribution to the dispersion, zFp is
the group contribution to the polar parameter, zUh is
the group contribution to the hydrogen-bonding
parameter, and V is the group molar volume.

Another measure of the solubility parameter is
the one which relatively describes the strength
of hydrogen bonding in a molecule (i.e., � (poorly),
� (moderately), or � (strongly)) [18, 19].

For example, poly(1-trimethylsilyl-1-propyne)
(PTMSP, 2) has less polar structure with a � value of
15.8 MPa1/2 [20], which was estimated using the group
contribution method of Fedors [21]. The solubility of
PTMSP in pure organic liquids was dependent on �A

than �d (Figure 9) [22]. There were both solvents and
nonsolvents in the �d value of 14�19 MPa1/2, while
most of the solvents involved a �A value smaller than
about 10 MPa1/2. The PTMSP was observed to be
preferably soluble to several less polar liquids with
smaller �A. In addition, PTMSP was soluble to the
liquids with a � (poorly) value of 13.5�19.4 MPa1/2.
The uptake of various pure nonsolvents in the
PTMSP membrane at 25 �C increased when the �
values of a liquid and PTMSP were similar to each
other (Figure 10) [22]. This trend was consistent with
the rule provided by Equation (17). The PTMSP was
not soluble in the polar liquids even if their � was near
the PTMSP value (e.g., � (moderately)).

C C 

CH3

CH3

Si

CH3

H3C

n

PTMSP

2

However, as in a contour map, all liquid molecules
have a gradient of electronic charge, and it is difficult
to find an exact borderline of solubility factors, such as
in hydrogen bonding (Figure 11). This indicates the
limitation of using the solubility parameter to accu-
rately estimate the solubility phenomena.
2.10.3.4 Diffusivity and Diffusivity
Selectivity

In principle, Fick’s law (type I, Figure 3) describes
the diffusion coefficient for both polymer and
inorganic membranes. However, it is strongly

affected by the concentration of the components in

a polymer membrane. The concentration-dependent

diffusion coefficient is defined as [23]
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D ¼ D0 exp �Cð Þ ð24Þ

where D is the diffusion coefficient at the concentration
C, D0 is the diffusion coefficient at infinite dilution
when the concentration C is zero, and � is the plastici-
zation factor, indicating interactions between a
membrane material and a component. The larger �
value indicates stronger affinity between a membrane
material and a component. For example, when (1) the
D0 value is an order of 10�9 cm2 s�1, (2) the � value
varies from 20 to 90, and (3) a swelling ratio of a
membrane to a component is 10 wt.% (i.e., C¼ 0.1),
the diffusion coefficient becomes more than 1000
times larger than that of the dried membrane
(i.e., C¼ 0) [24].

The transport of small molecules in the dried non-
swollen layer of the polymer membrane in types II and
III in Figure 3 is almost similar for vapor and gas
separation membranes, when the permeate side is
held under a vacuum. Hence, penetrant-induced plas-
ticization affects both the dried and the liquid-swollen
layer. Figure 12 presents the pressure dependence on

the average diffusion coefficient of carbon dioxide in

dried 4,4-(hexafluoroisopropylidene) diphthalic anhy-

dride (6FDA)-2,3,5,6-tetramethyl-1,4-phenylene-

diamine (TeMPD) polyimide (6FDA-TeMPD, 3)

membranes prepared with dichloromethane to as

much as 40 atm (i.e., relative pressure at about 0.5) at a

given time with a temperature of 35 �C [25]. The

average diffusion coefficient increased along with

increasing pressure in the feed. Figure 13 presents the

diffusion coefficient of carbon dioxide at a given time in

the same 6FDA-TeMPD membrane as a function of

CO2 concentration at 35 �C [25]. As can be seen, the

diffusion coefficient increased along with the increasing

concentration of carbon dioxide. However, in this

study, there was no obvious correlation in the carbon

dioxide concentration values at the critical

plasticization pressure as determined from gas perme-

ability. The critical average diffusion coefficient of

carbon dioxide was (73� 5)� 10�8 cm2 s�1 at 35 �C
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for the dried 6FDA-TeMPD membranes at the critical

plasticization pressure, despite membrane preparation

protocols (i.e., casting solvent and thermal treatment).
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During transport in the dried layer of the polymer
membrane at the initial stage of measurement

(i.e., nonsteady state), there is an observed intermittent

relaxation of polymer segments as well as the mani-
festation of a Fickian diffusion behavior. In general,

this has been referred to as non-Fickian diffusion.

A kinetic sorption analysis provides the following

equation as a function of measurement time t [26]:

C ¼ CF þ CR 1 – exp – � tð Þ½ � ð25Þ

where CF and CR are the concentrations of Fickian
diffusion and relaxation contribution at equilibrium,
respectively, and � is the kinetic constant for relaxation.

When the diffusion of small molecules occurs
much faster than the relaxation of polymer segments,
a distinct interface layer appears between the swollen

and the nonswollen layers. With this relaxation

becoming the rate-determining step, the interface

layer moves at the constant speed across the cross

section of the membrane. This behavior is called case
II diffusion [27].

C ¼ k t n ð26Þ

where k and n are the adjustable parameters. Case II
diffusion occurs at n¼ 1 [28]. Fickian diffusion and case
II diffusion are simultaneously observed at 0.5 < n < 1.0.

The diffusion of the small molecules in gas or
vapor phase across a polymer membrane is correlated

to its fractional free volume (FFV), and this relation

holds when there is no or little interaction between the

penetrant molecules and the polymer chain. The free-
volume theory provides the following equation [29]:

D ¼ AD exp –
BD

FFV

� �
ð27Þ

where AD and BD are adjustable parameters, and both
of them represent inherent diffusion parameters
correlated with the penetrant size and shape.

However, these parameters have not yet been
clearly discussed. One reason is that, although there

are varying measures of the size and shape of a small
molecule, the optimum measure of the penetrant size
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and shape has not been defined for this theory. Their
measures include kinetic diameter, critical volume,
van der Waals volume, and diameter determined
from Lennard-Jones force constant [30–32]. As pre-
sented in Figure 11, the shape of molecules is not a
monatomic structure. Both the area of the cross sec-
tion (i.e., minimum diffusion gap) and the length of a
molecule (i.e., diffusion path) affect diffusion in a
membrane [33]. In addition, several vibrations have
been monitored in molecules (e.g., stretching, scissor-
ing, and twisting vibrations) as detected by infrared
or Raman spectroscopy [16]. These vibrations man-
ifest in different shapes at the moment even if
molecules exist in a membrane.

Figure 14 presents the diffusion coefficient of
carbon dioxide, of common glassy polymers in a dry
state as a function of FFV at a feed pressure of 10 atm
(i.e., relative pressure of about 0.1) [34]. The diffusion
coefficient tended to decrease with increasing recipro-
cal FFV as expected from Equation (27). However,
these data were scattered with carbon dioxide diffu-
sivity varying from 10�6 to 10�8 cm2 s�1 at the 1/FFV
value of 5.5 (i.e., FFV is 0.18), as shown in Figure 14.
In contrast, better linear correlation coefficients were
reported only for structurally related polymers, such
as polycarbonates, polysulfones, or polyarylates. This
behavior illustrates the limitations of the use of
Equation (27) in estimating the diffusion coefficient
of small molecules, and suggests that accurate
10–11

10–10

10–9

10–8

10–7

10–6

10–5

10–4

3 4 5 6 7 8 9 10
1

FFV

C
ar

bo
n 

di
ox

id
e 

di
ffu

si
vi

ty
 (

cm
2  

s–1
)

Figure 14 Carbon dioxide diffusion coefficient of various

polymers at 35 �C at a feed pressure of 10 atm (i.e., relative
pressure: about 0.1), as a function of reciprocal fractional

free volume (1/FFV). Reproduced from Kanehashi, S.,

Nagai, K. J. Membr. Sci. 2005, 253, 117–138.
correlations can only be obtained for structurally
related polymers.

These less-accurate correlations are due to the
distribution of free-volume space, which can be esti-
mated using positron annihilation lifetime
spectroscopy (PALS) [35]. The PALS data are ana-
lyzed using parameter �n (ns) as space size and
parameter In (%) as the amount of space �n. Space
size increases with an increasing n value, and for most
of the polymers, the values lie between �1 and �3

levels. Until now, the �4 level space has only been
reported for some substituted polyacetylenes (e.g.,
PTMSP) and fluorinated polymers (e.g., poly(2,2-
bis(trifluoromethyl)-4,5-difluoro-1,3-dioxole-co-tet-
rafluoroethylene) (TFE–BDD, 4) [35–37]. Gas
diffusivity is correlated with the reciprocal values of

�3
3 � In (ns3%), which is the total volume of �3 level

space in a polymer membrane. Gas diffusion in
PTMSP and TFE–BDD is described in terms
of �4

3 � In and/or �3
3 � Inþ �4

3 � In (ns3%).
Meanwhile, the connectivity of �1��4 level space
across a polymer membrane has also been identified
as an important factor in determining gas diffusion.

− CF2 − CF2

CF3 CF3

13

CF − CF −
87

O O
C

TFE–BDD

4

As mentioned previously, the classical free-
volume theory does not take into account the effects
of interaction between the penetrant molecules and
the polymer chains. However, the dielectric constant
of polymer membranes is correlated to FFV, which is
strongly influenced by the polarity of polymers.
Based on Clausius–Mossottii equation, the diffusion
coefficient of small molecules is defined as functions
of the dielectric constant, ", and is given as [38]

D ¼ �
D

exp
–�D

1 –�

� �
ð28Þ

where

� ¼ 1:3
VW

PLL

" – 1

"þ 2

with �D and �D being adjustable constants, VW the
specific van der Waals volume, and PLL the molar
polarization.

The diffusion coefficients of small molecules in
a family of 6FDA-based polyimides provided a
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linear relationship as a function of the reciprocal of

1��. Moreover, the 1�� values of the 6FDA-

based polyimides were 1.6�2.2 times larger than

their FFV values. As expected from Equation (27),

the FFV was mainly dependent only on the free-

volume space in a membrane. On the other hand,

the 1� � (i.e., FFV determined from Equation (28))

was dependent on free-volume space and electric

factors, such as molar polarization, which affected

the interactions between the gas molecules and the

polymer segments. A comparison across the family

of polymers proves that this factor provides for a

more actual adjustment for transport of small

molecules in a free volume of a polymer

membrane.
When a membrane is swollen by the feed solution,

as illustrated in types II and III of Figure 3, the

apparent average diffusion coefficient of each com-

ponent in a total membrane (i.e., the liquid-swollen

layer plus the dried nonswollen layer) can be esti-

mated according to Aptel’s study. The flux of

component i (Ji) and component j (Jj) through a

membrane (thickness, l) is defined as [39]

Ji ¼
DikSi

l
ð29Þ

Jj ¼
Dj kSj

l
ð30Þ

where Di and Dj are the apparent average diffusion
coefficients of component i and component j, respec-
tively. The variables Si and Sj are the degree of
swelling of component i and component j, respec-
tively. Similarly, k is obtained as

k ¼ 1
Si
�i
þ Sj

�j
þ 100

�m

ð31Þ

where �i, �j, and �m are density values of component
i, component j, and the membrane, respectively.
Finally, the diffusivity selectivity (�D) of component
i over component j in a binary mixture can be
estimated as

�D ¼
Di

Dj

ð32Þ
2.10.3.5 Combination of Selectivities

The permselectivity or separation factor (�P) of

component i over component j in a binary mixture

is defined as the ratio of the permeabilities or fluxes
of component i over component j (Pi/Pj), and thus,

can be expressed as

�P ¼ �S�D ¼
Pi

Pj

¼ Si

Sj

� �
� Di

Dj

� �
ð33Þ

The first term represents solubility selectivity, while
the second one is concerned with diffusivity
selectivity.

When the diffusivities of both components are
similar, the diffusivity selectivity is �1 and the

permselectivity is approximately equal to the solubi-

lity selectivity:

�P � �S ¼
Pi

Pj

� Si

Sj

ð34Þ

In contrast, when the solubilities of both components
are similar, the solubility selectivity is �1. The
permselectivity is then approximately equal to the
diffusivity selectivity:

�P � �D ¼
Pi

Pj

� Di

Dj

ð35Þ

Membranes are required to have either the com-
ponent i selectivity (i.e., (Pi/Pj) >1) or the component

j selectivity (i.e., (Pi/Pj) <1). When component i is a

larger molecule than component j, on the basis of the

size-sieving diffusion, the diffusivity selectivity is

always (Di/Dj) <1. On the other hand, the solubility

coefficient is correlated to the solubility parameters

of a membrane material and a liquid. As previously

mentioned, the affinity of a liquid with a membrane is

determined by the extent of congruence between

their solubility parameters. Thus, when the solubility

parameter of component i is closer to that of a mem-

brane material as compared to component j, the

membrane shows component i-selectivity (i.e.,

(Si/Sj) >1) from the mixture and vice versa. In cases

where the diffusivity selectivity is the dominant con-

tributing factor, (Si/Sj) < (Di/Dj), the membrane

shows a component j-selective behavior (i.e.,

(Pi/Pj) <1). In contrast, when the solubility selectivity

is the dominant factor for separation, (Si/Sj) > (Di/Dj),

this membrane has a component i-selectivity (i.e.,

(Pi/Pj) >1). As illustrated in this example, controlling

the solubility and/or diffusivity selectivity is a requi-

site for achieving an increase in both types of

permselectivity.
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Solubility and diffusivity have concentration-
dependent behaviors. When the composition in the

feed solution is changed, the solubility and diffusivity

of each component change. As a result, each compo-

nent’s permeability is modified as well. This indicates

that the composition in the feed solution affects the

permselectivity, solubility selectivity, and diffusivity

selectivity of a membrane.
Figure 15 presents the total flux of benzene–

aniline mixtures through the �-ray irradiated poly-

ethylene membrane at 25 �C as a function of

benzene concentration in the feed solution [40].

This polymer was effectively swollen by benzene

as compared to aniline. As the benzene (i.e., the

component with better affinity with the membrane)

concentration in the feed solution increased, the

total flux of the mixtures dramatically increased.

Regardless of feed concentration, benzene had

always permeated through this membrane faster

than aniline (Figure 16) [40]. The permselectivity

of benzene over aniline also decreased with

increasing benzene concentration in the feed solu-

tion (Figure 17) [40]. The benzene molecules

swelled the membrane, enabling it to easily accom-

pany the aniline molecules in expanded polymer

segments.
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Figure 15 Total flux of benzene–aniline mixtures through

the �-ray irradiated low-density polyethylene membrane at
25 �C, as a function of benzene concentration in the feed

solution. Reproduced from Yamada, S., Hamaya, T. Kobun.

Ronbun. (Jpn. J. Polym. Sci. Tech.) 1976, 33, 217–223.
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Figure 17 Benzene/aniline selectivity of the �-ray

irradiated low-density polyethylene membrane at 25 �C, as
a function of benzene concentration in the feed solution.

Reproduced from Yamada, S., Hamaya, T. Kobun. Ronbun.

(Jpn. J. Polym. Sci. Tech.) 1976, 33, 217–223.
2.10.3.6 Temperature Dependence

Without any transition (e.g., glass transition of a poly-
mer, or boiling point of a liquid) in the membrane
materials and penetrant, and when the permeate pres-
sure is maintained much lower than the saturation
pressure of a given liquid, the temperature
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dependence on mass transport generally follows

Arrhenius rule. That is, there is a linear relationship

between a transport parameter logarithm and the reci-

procal of the absolute temperature (T). The

permeability coefficient (P) is expressed as

P ¼ P0 exp –
EP

RT

� �
ð36Þ

where P0 is the pre-exponential factor of permeation,
EP is the activation energy for permeation, and R is
the gas constant.

The solubility coefficient (S) and diffusion coeffi-
cient (D) are also given the following expressions

with van’t Hoff–Arrhenius rules:

S ¼ S0 exp –
�HS

RT

� �
ð37Þ

D ¼ D0 exp –
ED

RT

� �
ð38Þ

where S0 and D0 are the pre-exponential factors of
solubility and diffusivity, �HS is the heat of sorption,
and ED is the activation energy for diffusion. The
heat of sorption is described together with the
enthalpy of mixing (�Hm) in Equation (15) and
the heat of condensation (�Hc)

�HS ¼ �Hm þ�Hc ð39Þ

The �Hc value is always negative; however, as pre-
viously mentioned, the �Hm value is dependent on
the situation.

Based on the solution–diffusion mechanism, as
described in Equation (6), Equation (36) can be

rewritten with Equations (37) and (38):

P ¼ P0 exp –
EP

RT

� �
¼ S0D0 exp –

�HS þ ED

RT

� �
ð40Þ

Hence, P0 and EP can be provided by

P0 ¼ S0D0 ð41Þ

EP ¼ �HS þ ED ð42Þ

In general, as temperature increases, solubility
decreases while diffusivity increases. Therefore, the
heat of sorption is negative and the activation energy
for diffusion is always positive. When solubility is
dominant for permeation as compared to diffusion,
the activation energy for permeation must be nega-
tive and vice versa.

The permselectivity or separation factor (�P) of
component i over component j in a binary mixture is

defined from
�P ¼
Pi

Pj

¼ Pi0

Pj 0
exp –

EPi – EPj

RT

� �
ð43Þ

Likewise, the solubility selectivity and diffusivity
selectivity are shown as

�S ¼
Si

Sj

¼ Si0

Sj 0
exp –

�HSi –�HSj

RT

� �
ð44Þ

�D ¼
Di

Dj

¼ Di0

Dj 0
exp –

EDi – EDj

RT

� �
ð45Þ
2.10.3.7 Experimental Methods

In journal articles reporting on pervaporation, the flat
membrane is most commonly used for polymer
materials as compared to the hollow-fiber and
tubular-type membrane. In contrast, tubular-type
membranes are more popular for inorganic materials.
The pervaporation experiment is performed in
research laboratories by either a dead-end batch
style or a continuous-flow style. In order to provide
a driving force for permeation, the permeate side of
the pervaporation membrane is maintained either
under a vacuum (i.e., vacuum-driven pervaporation,
Figures 18 and 19) or by sweeping a noncondensable
carrier gas, such as nitrogen and helium (i.e., carrier
gas-driven pervaporation). Most experimental data
reported in journal articles have been recorded at a
given constant temperature. However, when a tem-
perature gradient appears across a membrane, the
driving force for permeation is enhanced. This
method is called thermopervaporation where the
feed liquid is heated before permeation.

The permeated vapor is normally condensed as
liquid, which is achieved by using a condenser such
as liquid nitrogen, and then the weight or volume of
the permeated product is determined. The flux is
then calculated using Equation (7) along with the
data of the membrane area and measurement time
data. The compositions of the feed and permeate
solutions are determined using an analyzer, such as
gas chromatograph, and the permselectivity is calcu-
lated using Equations (9) and (10).

In general, the flux and permselectivity are
dependent on the concentration in the feed solution.
Scientists have then reported on the relationships
between permeate composition and feed composi-
tion, between permselectivity and feed composition,
and between flux and feed composition (see Figures
15–17) [40].

As mentioned previously, the phase transition
from a liquid phase to a vapor phase appears during
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transport through a membrane, with a partial pres-
sure difference of about 1 atm. Therefore, as
compared to other membrane separation processes,
internal stress in a membrane material is large. The
pressure loss sometimes induces a significant
decrease in the temperature and pressure. The
heat of evaporation is always required, because
the permeate components are evaporated from the
membrane surface.
The composition of a liquid mixture sorbed in a
membrane at equilibrium can be analyzed. The sam-
ple membrane is soaked in a solution until it achieves

an equilibrium sorption state. The liquid mixture
sorbed in the membrane is evaporated from the sam-

ple and collected with a cold trap cooled by liquid
nitrogen, as illustrated in Figure 20 [41]. The com-

position can be determined using an analyzer, such as
gas chromatograph. For example, when the collected
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product is separated in two phases, this can be homo-
geneously dissolved in an optimum solvent for both
components. Finally, the solubility selectivity is cal-
culated using Equation (14).
Table 1 Strategies for VOC–water separation

membranes

Water-selective
membrane 1

Water-selective
membrane 2

VOC-selective
membrane 1

SVOC

SH2O
< 1

SVOC

SH2O
> 1

SVOC

SH2O
>>> 1

DVOC

DH2O
< 1

DVOC

DH2O
<<< 1

DVOC

DH2O
< 1

PVOC

PH2O
<< 1

PVOC

PH2O
<< 1

PVOC

PH2O
>> 1
2.10.4 Membrane Materials and
Pervaporation Properties

2.10.4.1 Combination of Solubility
Selectivity and Diffusivity Selectivity

The first commercial-scale membrane system of liquid
separation was established for the separation of an
ethanol–water mixture by pervaporation in 1982 [1].
The composite membrane with a crosslinked PVC 5
dense layer onto a porous polyacrylonitrile support
was used [42]. This had water-selective behavior for
an ethanol or iso-propanol aqueous solution.

− CH2 − CH −

OH
n

PVC

5

In the case of polymer membranes, a family of
polymers has a general tendency to exhibit either
water selectivity or VOC selectivity. The transport
is thought to conform to the solution–diffusion
mechanism. Table 1 summarizes the strategies for
VOC–water separation membranes. As the size of
VOC molecules is larger than water, (DVOC/DH2O

) is
smaller than 1 for the polymers where separation is
affected by the size-sieving diffusion. The affinity of
a VOC–water mixture with a polymer membrane is
determined by the extent of congruence between the
solubility parameters of the two. Hence, hydrophilic
polymer membranes normally show (SVOC/SH2O

) to
be smaller than 1 (i.e., water-selective membrane 1 in
Table 1), while hydrophobic polymer membranes
tend to show that (SVOC/SH2O

) is larger than 1
(i.e., water-selective membrane 2 and VOC-selective
membrane 1 in Table 1). In cases where
diffusivity selectivity is the dominant contributing
factor, (SVOC/SH2O

) < (DVOC/DH2O
), the membrane

shows water-selective behavior even though
(SVOC/SH2O

) >1 (i.e., water-selective membrane 2 in
Table 1).

In the process of pervaporation, permeation
through a membrane is the rate-determining step;
therefore, a minor component of the mixture must
be removed by selective permeation through the
membrane to minimize the amount of permeate
liquid. Preferential water permeation (water



Table 2 Ethanol/water selectivity and normalized flux of substituted polyacetylenes in ethanol–water pervaporation

(ethanol feed concentration: 10 wt.%) at 30 �C

-(-CR
1¼CR

2
-)n-R

2

R1

Permeate
pressure
(mmHg)

Thickness
(	m)

Ethanol/
water
selectivity

Normalized flux
(10�3 g m m�2 h�1) Reference

(a) Ethanol-selective
CH3 Si(CH3)3 1.0 ca. 20 12 4.5 [44]

Phenyl C6H4-p- Si(CH3)3 2.0 53 6.9 4.2 [44]
Phenyl Phenyl 2.0 46 6.0 5.9 [44]

�-Naphtyl C6H4-p-Si(CH3)3 2.0 32 5.3 6.9 [44]

Phenyl �-Naphtyl 2.0 45 3.4 14 [44]

Cl n-C6H13 1.0 ca. 20 1.1 0.41 [43]
(b) Water-selective

CH3 n-C5H11 1.0 ca. 20 0.72 0.57 [43]

H tert-Butyl 1.0 ca. 20 0.58 0.65 [43]

H CH(n-C5H11)Si(CH3)3 1.0 ca. 20 0.52 0.40 [43]
CH3 Phenyl 1.0 ca. 20 0.28 0.24 [43]

Cl Phenyl 1.0 ca. 20 0.21 0.23 [43]
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selectivity) is the characteristic feature of most poly-
mers, and there have been some reports about VOC-
selective polymers to date. Substituted polyacetylenes
show a good example of a class of polymers, which
exhibits both VOC- and water-selectivity behaviors [9].

Table 2 summarizes the total flux and ethanol/
water selectivity of various VOC- and water-selective
substituted polyacetylene membranes [43, 44]. The
highly permeable substituted polyacetylene mem-
branes were ethanol selective (i.e., ethanol/water
selectivity > 1), whereas the less-permeable substi-
tuted polyacetylenes were water selective
(i.e., ethanol/water selectivity < 1). The PTMSP
membrane with a membrane thickness of about 20
mm had a total flux of 4.5� 10�3 g m m�2 h�1 with
an ethanol/water selectivity of 4.5, whereas the
poly(1-phenyl-2-chloroacetylene) membrane had a
total flux of 0.23� 10�3 g m m�2 h�1 with an etha-
nol/water selectivity of 0.21.

The PTMSP membrane showed the (SEtOH/SH2O
)

value to be larger than 1 and the (DEtOH/DH2O
)

value to be smaller than 1. However, as the solubility
selectivity was the factor (i.e., (SEtOH/SH2O

) > (DEtOH/
DH2O

)) which dominated the overall permeability
selectivity in this case, (PEtOH/PH2O

) was larger than
1 for the PTMSP membrane (i.e., VOC-selective
membrane 1 in Table 1). Some substituted polyace-
tylene membranes exhibited water selectivity despite
their hydrophobic nature, as shown in Table 2.
They preferentially sorbed ethanol, hence, the
solubility selectivity would be larger than 1 of
(SEtOH/SH2O

), but as the overall permeation selectivity
(PEtOH/PH2O
) was smaller than 1, the diffusivity

effect was probably of greater significance in this case
(SEtOH/SH2O

) < (DEtOH/DH2O
) (i.e., water-selective

membrane 2 in Table 1).
The flux and alcohol/water selectivity of an

alcohol–water mixture by pervaporation of alcohol-
selective PTMSP membrane decreased (e.g., metha-
nol > ethanol > n-propanol) with increasing size of
alcohol (e.g., methanol < ethanol < n-propanol) [45].
The pervaporation properties of the PTMSP mem-
brane depended on the solubility based on the
alcohols’ polarity. Less polar PTMSP preferentially
sorbed less polar alcohols. The selectivity of iso-
propanol/water was higher than that of n-propanol/
water due, presumably, to the higher affinity of iso-
propanol to PTMSP than n-propanol.

Among BTX and xylene isomers, the physical
properties are very similar (Table 3) [18, 31, 46].
However, in the case of the PTMSP membrane, as
summarized in the same table, the normalized flux
and BTX/water selectivity were different from each
other [47, 48]. The ranking of normalized flux at
25 �C was toluene > benzene > o-xylene > p-xylene
> m-xylene. The ranking of BTX/water selectivity
was o-xylene > m-xylene > toluene > p-xylene >
benzene. As mentioned previously, the total selectiv-
ity of the PTMSP membrane was correlated to
solubility selectivity. Xylene isomers have the same
solubility parameter. The selectivity ranking for
xylene isomers was correlated to that of dipole
moment. BTX with a larger dipole moment value
had larger BTX/water selectivity. The ranking of



Table 3 Physical properties of water and BTX, and pervaporation data of BTX/water binary mixtures through the poly(1-trimethylsilyl-1-propyne) membrane (thickness, 120mm)
at 25 �C at the permeate pressure below 0.1 mmHg

Penetrant
Molar volume
[31] (cm3mol�1)

Dipole
moment [31]
(debye)

Solubility
parameter [18]
(MPa1/2)

Equilibrium vapor
pressure at 20 �C [46]
(mmHg)

Solubility
to water at
25 �C [46]
(mg l�1)

Feed
concentration of
BTX [47, 48]
(ppm)

BTX
normalized flux
[47, 48]
(kg 	m m�2

h�1)

BTX/water
selectivity
[47, 48]

Water 18.07 1.8 47.9 17.5 - - - -
Benzene 89.4 0.0 18.8 100a 1780 200 1.1 1300

Toluene 106.9 0.4 18.2 22 470 200 1.5 1900

o-Xylene 121.3 0.5 18.0 5.0 171 100 0.93 4600

m-Xylene 123.5 0.3 18.0 6.0 146 100 0.54 2000
p-Xylene 123.9 0.1 18.0 6.5 156 100 0.62 1600

a 26 �C.
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the normalized flux was not consistent with any order
of the physical properties shown in Table 3, which
indicates the influence of diffusion behavior in terms
of the solution–diffusion mechanism.
2.10.4.2 Affinity Control

The affinity interaction between a membrane mate-
rial and a given liquid component in the mixture has
been enhanced to increase the solubility selectivity.
The introduction of a hydrophobic structure in a
membrane material (i.e., increase in hydrophobicity)
provides an increase in VOC selectivity for VOC–
water mixtures.

One of the modifications of the ethanol/water
separation in the PTMSP membrane was the graft
of hydrophobic PDMS onto the �-methyl carbon of
PTMSP [49]. In the separation of a 7 wt.% ethanol–
water solution at 30 �C, the PTMSP membrane had a
flux of 1.2� 10�3 g m m�2 h�1 and an ethanol/water
selectivity of 11. When PDMS was grafted onto
PTMSP at the 12 mol.% PDMS content in the
graft copolymer, the flux increased to 2.5� 10�3 g
m m�2 h�1 and the ethanol/water selectivity was
also enhanced up to 28.

The PTMSP membrane displayed faster permea-
tion rates for other VOCs, such as acetone, acetonitrile,
and acetic acid, in comparison with water, as presented
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in Figure 21 [50]. This substituted polyacetylene
increased the acetonitrile content of acetonitrile/water
mixture from 7 wt.% to 88 wt.% at 30 �C with a total
flux of 7� 10�2 g m m�2 h�1. The acetonitrile/water
selectivity was then 101. As the VOC concentration in
the feed solution increased, the total flux of the solution
also increased, whereas the VOC/water selectivity
decreased except for acetic acid. The selectivity of
acetic acid increased up to the 25 wt.% acetic acid
concentration in feed mixtures, and then decreased
further with increasing concentration.

When the trimethylsilyl group was introduced on
a 10 mol.% of the �-methyl carbon of PTMSP, both
the flux and acetonitrile/water selectivity were two-
fold enhanced at 50 �C [51]. This trimethylsilyl-
group-induced PTMSP membrane also showed
higher fluxes and higher VOC/water selectivities
than the pure PTMSP membrane for various sol-
vents, such as acetone and dioxane.

Hydrophobic fluoroalkyl methacrylate monomers
were sorbed in pure PTMSP membranes and then
irradiated with �-rays for polymerization of the
monomers inside their membranes [52]. As the fluor-
oalkyl methacrylate content in the membrane
increased, total flux decreased, and chloroform/
water selectivity increased and then gradually
decreased (Figures 22 and 23). The chloroform/
water selectivity for 0.8 wt.% chloroform aqueous
solution at 25 �C was 860 for pure PTMSP mem-
branes and was above 7000 for 18 wt.% 1H, 1H, 9H-
hexadecafluorononyl methacrylate containing
PTMSP membranes irradiated with �-rays.

Blend membranes of PTMSP with 62 wt.%
poly(1H, 1H, 9H-hexadecafluorononyl methacrylate)
had an ethyl butanoate/water selectivity of about 600 at
0.02 wt.% ethyl butanoate feed mixtures at 25 �C [53].
The diffusivity of ethyl butanoate was much lower than
that of water, whereas its solubility was much higher
than that of water. As the solubility factor was dominant
for the transport, ethyl butanoate permeated faster
through this modified polymer than water.

The introduction of a phenyl group in a mem-
brane structure is expected to enhance an affinity
interaction between benzene and the membrane.
However, in the separation of benzene/water mix-
tures (benzene concentration: 600 ppm in feed) by
pervaporation at 25 �C, the selectivity of benzene
over water was 400 for the poly(1-phenyl-1-pro-
pyne) (PPP, 6) membrane, whereas it was 1600 for
the PTMSP membrane [54]. As the PPP content
increased in PTMSP/PPP blend membranes, the
water flux gradually decreased, while the benzene
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flux stayed almost constant up to 25 wt.% of PPP
content in the blends. As a result, interestingly, the
PTMSP/PPP blend membranes had benzene/water
selectivities higher than those of each substituted
polyacetylene membrane. For example, PTMSP/
PPP (75/25) blend membranes had a benzene/
water selectivity of 2900.

C C 
n

C C 
n

PDPA PNPPA

C C 

CH3

n

PPP

6

In the separation of benzene–cyclohexane mixtures
by pervaporation, the phenyl group containing substi-
tuted polyacetylene membranes showed benzene
permselectivity [44]. When the feed solution contained
about 50 wt.% benzene, the benzene/cyclohexane
selectivity of the poly(diphenylacetylene) (PDPA, 6)
membrane was 1.6 at 30 �C. It was about 10 times lower
than that of cellulose acetate. However, the PDPA
membrane with a thickness of 46mm had a total flux
of 191 g m m�2 h�1, which was 560 times faster than
that of cellulose acetate. When the benzene content
was 10 wt.% in the feed solution, the selectivity was
slightly higher compared to the value at 50 wt.% ben-
zene concentration, but the flux was about a half of the
value at 50 wt.% benzene concentration. The replace-
ment of the phenyl group in PDPA by the �-naphtyl
group (PNPPA, 6) enhanced the selectivity relative to
the value of PDPA. The flux was, however, reduced by
this replacement. Thus, the substituted polyacetylenes
seemed to have little potential for the separation of
organic liquid mixtures.

When �-cyclodextrin was added in a cross-linked
PVC membrane, this membrane preferentially perme-
ated n-propanol as compared to iso-propanol from
their mixtures [55]. From the n-propanol–iso-propanol
mixture with 10 wt.% n-propanol, the PVC membrane
containing 40 wt.% �-cyclodextrin concentrated this
solution to about 45 wt.% n-propanol solution at 40 �C.

Poly(tetrafluoroethylene) (PTFE) is one of the
higher hydrophobic polymers with a VOC-selective
behavior. The mixture of water (boiling temperature
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of 100 �C) and tert-butanol (boiling temperature of
82.8 �C) (11.8:88.2 wt.%) has the azeotropic tempera-
ture of 95.5 �C [46]. The pervaporation of this
mixture through PTFE membranes grafted with N-
vinylpyrrolidone (i.e., introduction of hydrophilic
structure) at 25 �C provided water-selective behavior
with water/tert-butanol selectivity of 41 [56].

Ions have larger affinity for water than for VOCs.
When the counter-cation (e.g., Hþ, Liþ, Naþ, Kþ,
and Csþ) of sulfonated polyethylene membranes was
replaced, these membranes showed water-selective
behavior and the water/alcohol selectivity was
enhanced. For example, when the counter-cation
was changed from Hþ to Csþ at 26 �C, the water/
ethanol selectivity increased from 2.6 to 725 and the
water/iso-propanol selectivity increased from 5.5 to
about 29 000 [57]. In this membrane and in another
ion-exchange membrane Nafion 811, the order of the
selectivity and flux did not simply follow the rule of
the periodic law [57, 58].
2.10.4.3 Pore Structure Control

According to the separation mechanism in Figure 2,
the highest selectivity appears with molecular-
sieving membranes. Inorganic materials have an
advantage in preparing these types of membranes
as compared to polymer materials. In 1955,
Kammermeyer and Hagerbaumer attempted the
separation of homogeneous liquid mixtures (e.g., ethy-
lacetate–tetrachlorocarbon, ethanol–water, and
benzene–methanol) by using porous Vycor glass mem-
brane (this article did not clearly mention whether the
penetrant’s phase at the interface of the membrane at
the permeate side was vapor or liquid) [59].
Surface

Figure 24 Scanning electron microscope (SEM) photographs

membrane. Reproduced from Nomura, M., Yamaguchi, T., Naka
Silicalite membranes, which were prepared from
colloidal silica, tetrapropylammonium bromide,

sodium hydroxide, and pure water (1:0.1 :0.05:80)

(Figure 24), showed ethanol-selective behavior

from ethanol–water mixtures [60]. The ethanol flux

was independent of water concentration in the feed

solution, whereas the water flux decreased in the

presence of ethanol during transport. The ethanol

was selectively adsorbed in the silicalite pores,

which restricted the transport of water in the pores.
Both NaX and NaY zeolite membranes (SiO2/

Al2O3¼3.6�5.3(X) and 25(Y), Na2O/SiO2¼
1.2�1.4(X) and 0.88(Y), and H2O/Na2O¼ 30�50)

preferably adsorbed methanol relative to MTBE

and then showed methanol permselectivity from

methanol–MTBE mixtures [61]. The NaX zeolite

membrane had the flux of 0.46 kg m�2 h�1 and

methanol/MTBE selectivity of 10 000 from the

methanol–MTBE mixture (10:90 wt.%) at 50 �C,

whereas the NaY zeolite membrane showed larger

flux, but lower selectivity; flux: 1.70 kg m�2 h�1;

methanol/MTBE selectivity: 5300.
In addition, in pervaporation of the ethanol–water

mixture (90:10 wt.%) at 75 �C, the NaA zeolite mem-

brane (Al2O3:SiO2:Na2O:H2O¼ 1:2:2:120 mol) had the

flux of 2.2 kg m�2 h�1 and water/ethanol selectivity of

larger than 10 000 [62]. Another NaA zeolite membrane

(no information on material composition) showed

water/tert-butanol selectivity of 21 863 from the

water-tert-butanol mixture (5.2:94.8 wt.%) at 60 �C [63].
These examples could be explained using an

adsorption–diffusion mechanism with a difference in

the fluxes of two components; that is, both components

were able to penetrate inside the pores. However,

template-free secondary growth MFI-type zeolite
Support
layer

Surface
layer

Cross section

of the surface (left) and cross section (right) of a silicalite

o, S. J. Membr. Sci. 1998, 144, 161–171.
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(diameter� 0.6 nm) membranes provided a more
accurate macroscopic defect-free structure with the
high p-xylene/o-xylene selectivity of 69 from each
pure component flux and that of 40 from the
50:50 mol.% binary mixture at 50 �C [64]. This mem-
brane preparation technique provided more
significant molecular-sieving pores between the sizes
of p-xylene (diameter � 0.58 nm) and o-xylene (dia-
meter� 0.68 nm) molecules.
2.10.4.4 Stability Improvement

In the pervaporation of mixtures of water and various
VOCs, rubbery polymer membranes (e.g., PDMS)
are always VOC-selective regardless of the polymer
structures [65]. As rubbery polymer membranes had
weak mechanical strength as compared with glassy
polymer membranes, it could be modified by the
introduction of glassy polymer segments in the mem-
brane. Hence, the permeate flux and separation
properties were strongly influenced by the composi-
tion and the phase-separated structures.

For example, phase-separated graft polymer
membranes, composed of PDMS and poly(methyl-
methacrylate) (PMMA) segments, had a transition
point of their flux and benzene/water selectivity for a
0.05 wt.% benzene concentration in the mixture, at
PDMS content of about 40 mol.% in the membrane
[66]. At this content, the continuous phase in the mem-
brane changed from PMMA to PDMS and,
consequently, the flux and benzene/water selectivity
underwent dramatic increases. Among the graft
polymer membranes, one with 68 mol.% PDMS content
displayed the highest benzene/water selectivity of 3730.

When tert-butylcalix[4]arene (CA) was added in
phase-separated graft or block polymer membranes,
composed of PDMS and PMMA segments, because
of an increase in the solubility selectivity with spe-
cific affinity of CA for benzene, their benzene/water
selectivity was enhanced [67]. For example, in the
pervaporation of 0.05 wt.% benzene aqueous solution
at 40 �C, the benzene/water selectivity of the
PMMA-b-PDMS (29:71 mol.%) membrane and that
containing 40 wt.% CA were about 1700 and about
2300, respectively.

Copolymer membranes composed of trimethylsilyl-
methylmethacrylate (i.e., this homopolymer was glassy)
and n-butyl acrylate (i.e., this homopolymer was rub-
bery) showed 1,1,2-trichloroethane, trichloroethylene,
and tetrachloroethylene permselective behaviors from
an aqueous solution of 0.2 and 0.4 wt.% chlorinated
hydrocarbons [14]. In particular, its rubbery copolymer
membrane with about 70 mol.% of n-butyl acrylate
exhibited this chlorinated hydrocarbon/water selectiv-
ity of 600–1000 at 25 �C.

Cross-linking is also expected to enhance the
mechanical strength of a membrane. Copolymer
membranes composed of methyl methacrylate and
methacrylic acid cross-linked with Fe3þ or Co2þ

ions showed benzene-selective behavior from
benzene/cyclohexane mixtures at 40 �C [68]. PMMA
membranes cross-linked with ethylene glycol
dimethacrylate also showed benzene-selective beha-
vior from benzene/cyclohexane mixtures at 40 �C
[69]. Benzene has a larger solubility parameter than
cyclohexane, because of its larger hydrogen compo-
nent (�h) value [18, 19]. Hence, benzene is more
hydrophilic as compared to cyclohexane, which
provided the benzene-selective behavior for the
PMMA membrane. In addition, both cross-linking
approaches produced the significant depression of
swelling of the membranes by the solution.

Furthermore, the pervaporation characteristics
were significantly affected by the operation tempera-
ture. In the separation of an aqueous phenol solution
through polyurethane membranes and of a 10 ppm
1,2-dibromo-3-chloropropane solution through
cross-linked PDMS membranes, the VOC/water
selectivity attained the maximum value at
60�70 �C [70, 71]. Water vapor pressure underwent
a drastic increase above 60�70 �C leading to an
increase in water diffusion, and decreased
(DVOC/DH2O

), thus resulting in an overall decline in
(PVOC/PH2O

).
2.10.5 Concluding Remarks

This chapter has reviewed the fundamentals and
perspectives of pervaporation and has provided a
comprehensive overview of the separation mechan-
isms, experimental methods, and structure–property
relationships of membrane materials in various
important applications of pervaporation processes.
Compared to other membrane technologies, the
theories on transport and separation in pervaporation
have not been established yet. Most of them can
explain each phenomenon qualitatively, but several
inconsistencies appear, as research continually devel-
ops. This fact has not led to the optimum direction of
designing membrane materials with well-defined
structures for pervaporation applications.

The main reason is that, as mentioned pre-
viously, the pervaporation process is the only
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membrane process by which the phase transition of
the mixture appears during transport through a
membrane. The factors on transport and separation
include the swelling of a membrane with a feed
solution, the interface phenomena between a
liquid-swollen layer and a dried nonswollen layer,
the interactions among components in the feed solu-
tion, and the interactions between the components
in the feed solution and a membrane material.
These facts complicate the analysis of the perva-
poration mechanism.

As the flux and selectivity are strongly affected by
feed composition, temperature, and permeate pres-
sure, among others, the operating condition must be
strictly controlled. This suggests the limitation of
industrial applications with current technologies.
Conversely, there remains a wide variety of research
possibilities for pervaporation. If these issues on per-
vaporation are solved, then a huge advantage and
benefit for liquid separation will be provided for an
enjoyable and productive future.
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Glossary
Evapomeation (EV) A novel membrane separation

technique that makes use of the advantages of

pervaporation but reduces the negative effects of

swelling on membrane performance. In this EV

technique, the feed solution is fed to the membrane

without directly contacting the membrane. This is

accomplished by vaporizing the liquid feed so that

only vapor is supplied to the membrane. Therefore,

swelling or shrinking of the polymer membranes

due to contact with the feed solutions is minimized.

There are some advantages in EV technique.
High-temperature and pressure evapomeation

(HTPEV) During the evapomeation procedure,

vapor under high temperature and high pressure

can be applied to the feed vapor side, hence the

term high-temperature and pressure evapomeation

(HTPEV). The membranes used for HTPEV can also

be connected to a distillation system.

Temperature-difference-controlled

evapomeation (TDEV) In evapomeation, the

temperatures of the feed solution and the

membrane surroundings are controlled, and,
273
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consequently, a differential between these

temperatures can be established, Such an EV

method, in which this temperature difference is

controlled, is called temperature-difference-

controlled evapomeation (TDEV). In TDEV, the most

permeable solute has a lower freezing point in a
binary liquid mixture and is selectively permeated.

In addition, when the membrane has a stronger

affinity to the preferentially permeating mixture

component, it can result in an increase in

selectivity.
Nomenclature
 Tg glass transition temperature
2.11.1 Introduction

Purification and separation of organic liquid mix-

tures are strongly required in various fields, such as

the concentration and recovery of organic solvents in

the chemical process industry, removal of volatile

organic compounds (VOCs) from water, concentra-

tion of alcohol in bio-fermentation, and analytical

field. Purification and separation of organic liquid

mixtures have been carried out by distillation, sol-

vent extraction, and chromatography. However,

these methods are expensive for energy coat and

low in treatment efficiency.
Membrane separation techniques with high

energy savings and high efficiency are promising

techniques for the separation of materials. Because

of their characters, membrane separation technolo-

gies have been examined as a way to conserve

resources, energy, and the environment. If a mem-

brane-based separation process is technically and

economically feasible, the key points of purification

and separation of organic liquid mixtures are both the

design of chemical structure and construction of

physical structure of the membrane for high mem-

brane performance.
In this chapter, the methods for membrane pre-

paration, the structural design of highly selective

membranes, the principles of membrane separation

techniques that can be applied to the purification

and separation of organic liquid mixtures, and sev-

eral applications of these membranes for separation

of water/alcohol, alcohol/water, water/organic

liquid, organic liquid/water, VOC/water, organic

liquid/organic liquid mixtures, and isomers, as well

as facilitation of chemical reaction are discussed.
2.11.2 Structural Design
of Separation Membrane

The chemical design and physical construction of
separation materials are very important considera-
tions in balancing chemical and physical functions
of separation membranes. The foundations of mem-
brane structural design are the selection,
improvement, and synthesis of membrane materials
and the membrane preparation methods [1].
2.11.2.1 Chemical Design of Separation
Membranes

Novel candidates for separation membranes are
selected based on:

1. the development of systematic structure/property
relationships in membrane materials to provide
separation membranes with enhanced
performance;

2. the ease of membrane preparation; and
3. their stability under application conditions, such

as pH, temperature, and pressure.

Furthermore, synthesis of new membrane materials
and modification of existing membrane materials are
often employed to develop membranes with higher
performance. For membrane materials, modification
and synthesis of membrane materials are accom-
plished by blending, cross-linking, formation of
internal hydrogen bonding, and graft, block, and
multiblock copolymerization. In addition, separation
membranes may also be significantly altered by sur-
face modification techniques. There are two general
types of surface modification techniques: chemical or
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physical modification. In the case of chemical treat-
ment, the separation membranes are contacted with a
chemical agent, solvent, coupling agent, vapor, sur-
face-active agent, surface grafting, or other additives.
Physical treatment techniques for separation mem-
branes include ultraviolet irradiation, plasma
irradiation, and sputtering.
2.11.2.2 Physical Construction of
Separation Membranes

For the development of high-performance separation
membranes, it is important to choose an optimum
membrane material based on its physical and chemi-
cal properties. This is reflected in improved
permeability, selectivity, and durability of the resul-
tant membrane. The physical structure of separation
membranes is strongly dependent on the separation
membrane preparation method and the conditions of
separation membrane formation. In the membrane
permeation, the chemical and physical properties of
the separation membrane do not work separately for
the membrane performance, and, consequently, both
chemically and physically structural factors are sig-
nificantly related to membrane performance together
in almost every case.
2.11.3 Preparation Methods for
Separation Membranes

2.11.3.1 Methods for Membrane
Preparation

Various membrane preparation methods are summar-
ized in Table 1. In the solution-casting method
(method 1), there are two types: wet [2–8] and dry
[9] methods. In the former method, separation mem-
branes are made by pouring casting solutions onto an
applicator for a thin-layer chromatograph, drawing
the blade across a glass plate, allowing the solvent to
evaporate at a certain temperature for a prescribed
period, and immersing the glass plate together with
Table 1 Membrane preparation methods

(1) Solution-casting method (dry and wet)

(2) Composite method (polymer cast)

(3) Casting-reaction method (cross-link, chemical
modification)

(4) Polymer complex method

(5) Freeze-dry method

(6) Surface treatment method (surface modification)
the membrane into a gelation medium (usually
water). After resting in the gelation medium for a
desired period, the membranes are removed from
the glass plate and annealed as required. The result-
ing membranes from this wet method are asymmetric
structures consisting of dense, thin-skin layers and
rough, porous support layers. On the other hand, in
the dry method, since a gelation medium is not used
and the casting solvent is completely evaporated, the
resulting membranes have a dense symmetric struc-
ture and are reversible in the wet–dry membrane
cycle. In the composite method (method 2), thin
active layers, consisting of separation materials with
high affinity for a permeant that can be selectively
permeated through the membrane, are coated onto a
porous support for separation. Asymmetric mem-
branes prepared by solution-casting method have
physical-asymmetric structures in which the dense,
thin-skin layer and the porous support layer consist of
the same material. In the composite method, mem-
branes with physical and chemical asymmetric
structures, which consist of different materials, can
be prepared. In the casting-reaction method (method
3), membrane materials are cross-linked and chemi-
cally modified during the membrane preparation.
Modified materials cannot be dissolved in feed mix-
tures, and membranes can be formed simultaneously.
For example, separation membranes are modified by
reaction reagents added to the casting solution during
membrane formation. In the polyion complex (PIC)
method (method 4), membranes are prepared by the
formation of PICs with mixing between aqueous
solutions of cationic polyelectrolytes and anionic
polyelectrolytes. The resulting PIC membranes are
not dissolved in water and organic solvents. In the
freeze-dry method (method 5), membrane materials
are dissolved in a solvent with a relatively high freez-
ing point; this casting solution is casted onto a Teflon
dish and frozen, and then the membranes are pre-
pared by drying under reduced pressure [10]. In the
surface treatment method (method 6), the property of
the membrane surface prepared by methods (1)–(5) is
improved by surface modifiers and surface
cross-linkers.
2.11.3.2 Membrane Structures

When we consider the permeation of permeants
through the membrane, the interrelationships
among the sizes of pores through which permeants
transfer, the physical characteristics of the permeants,
and the electrochemical interaction between the



276 Pervaporation
membrane materials constituting pores and per-
meants (physicochemical factors) are very
important. If the pore size of the membrane is much
larger than the size of a permeant, the interaction
between the membrane and the permeant is negligi-
ble [11]. Membranes with such large pores are called
porous membranes. Conversely, membranes with
extremely small pores such as molecular gaps
between polymer chains based on thermal vibrations
of polymers are called nonporous membranes.
Membranes in which physical or chemical structures
are the same are termed symmetric membranes, and
those in which physical or chemical structures are
different from the perspective of the thickness of the
membrane are called asymmetric membranes.
Porous, nonporous, symmetric, and asymmetric
structures of membranes are strongly dependent on
membrane preparation methods. Furthermore, the
development of fine structures in membranes can
be significantly controlled by membrane preparation
conditions.
2.11.4 Principles of Membrane
Separation Techniques for Organic
Liquid Mixtures

2.11.4.1 Pervaporation

Figure 1 shows the principles of pervaporation (PV).
In this separation process, when a liquid mixture is
fed to the upstream side of a membrane and the
downstream side is evacuated, a component in the
feed mixture can preferentially permeate through the
membrane. In a PV process, differences in the solu-
bility, the diffusivity, and the relative volatility of
Membrane

Feed solution

Vacuum

Figure 1 Principle of pervaporation (PV).
permeants in the membrane can influence the per-

meability and selectivity [12–15]. In general, PV

exhibits the following characteristics [16]:

1. Selective transport across a nonporous membrane
is achieved by a three-step process consisting of

solution, diffusion, and evaporation.
2. As the driving force for permeation is the vapor

pressure for each component rather than total

system pressure, this method is effective for

separation of organic liquid mixtures with high

osmotic pressure.
3. PV can be applied to the separation and concen-

tration of mixtures that are difficult to separate by

distillation. For example, it is useful for the

separation of azeotropic mixtures, close-boiling-

point mixtures, and structural isomers.
4. PV can be used for the removal of certain compo-

nents in equilibrium reactions.
5. Polymer membrane compaction, a frequent pro-

blem in high-pressure gas separations, is not

encountered in pervaporation because the feed

pressure is typically low.
2.11.4.2 Evapomeation

PV is an efficient method for the separation of

organic liquid mixtures, and many studies have

been performed using this process. As the membranes

used in PV are directly in contact with the liquid feed

solutions, however, specifically designed chemical

and physical membrane properties are often

impaired by swelling or shrinking of the membrane

due to sorption of the feed components. Swelling or

shrinking of the polymer membranes is disadvanta-

geous for the membrane performance with respect to

the separation of mixtures. A novel membrane

separation technique known as evapomeation (EV)

[1, 11, 15–22] makes use of the advantages of PV but

reduces the negative effects of swelling on membrane

performance. Figure 2 shows the principles of EV. In

this technique, the feed solution is fed to the mem-

brane without directly contacting the membrane.

This is accomplished by vaporizing the liquid feed

so that only vapor is supplied to the membrane.

Therefore, swelling or shrinking of the polymer

membranes due to contact with the feed solutions is

minimized. The advantages of EV compared to PV

are as follows [1, 23]:



Vacuum

Membrane

Feed vapor

Feed solution

Figure 2 Principle of evapomeation (EV). From Uragami, T.,

Saito, M. Makromol. Chem. Rapid Commun. 1988, 9, 361–365.

(II)

(I)

Membrane

Vacuum

Feed solution

Feed vapor

Figure 3 Principle of temperature-difference-controlled

evapomeation (TDEV). From Uragami, T., Morikawa, T. J.

Appl. Polym. Sci. 1992, 44, 2009–2018.
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1. In the EV process, membranes are not in direct
contact with liquid feed mixtures as only vapors
are supplied to the membranes. Accordingly, any
swelling or shrinking of the membrane due to the
feed mixtures is minimized, and, consequently, an
improvement in membrane performance may be
expected.

2. As the organic liquid mixtures are vaporized,
interactions between component molecules are
significantly weakened, and, as a result, the
separation performance is remarkably improved.

3. In EV, contaminants in a liquid feed mixture,
such as macromolecular solutes, can lead to
fouling of the membrane; this problem is avoided
in EV.

4. During EV, the temperature of the feed solution
and the membrane surroundings can both be con-
trolled; hence, an improvement in the permeation
and separation characteristics of the membrane
can be achieved.
2.11.4.3 Temperature-Difference-
Controlled Evapomeation

As mentioned previously, a new EV method for
membrane separation that improves the shortcom-
ings of PV, while keeping the advantages of this
technique, was developed [1, 11, 15–22]. In EV, the
temperatures of the feed solution (I) and the mem-
brane surroundings (II) are controlled, and,
consequently, a differential between these tempera-
tures can be established, as shown in Figure 3. Such
an EV method, in which this temperature difference
is controlled, is called temperature-difference-
controlled evapomeation (TDEV) [1, 11, 15, 16,
24–31]. In TDEV, the most permeable solute has a
lower freezing point in a binary liquid mixture and is
selectively permeated, as shown in Table 2. In addi-
tion, when the membrane has a stronger affinity to
the preferentially permeating mixture component, it
can result in an increase in selectivity.
2.11.4.4 High-Temperature and Pressure
Evapomeation

During the EV procedure, vapor under high tempera-
ture and high pressure can be applied to the feed vapor
side. We designated the term high-temperature and
pressure evapomeation (HTPEV) for EV under high
temperature and high pressure, as shown in Figure 5
The membranes used for HTPEV can also be con-
nected to a distillation system [31].
2.11.5 Fundamentals of Membrane
Permeation and Separation

2.11.5.1 Permeation Equation

The permeation rate, Qi, of component i is expressed
by Fick’s first law as

Qi ¼ –DðCiÞdCi=dx ð1Þ

where D(Ci) is the diffusion coefficient, Ci is the
concentration of component i in the membrane, and
x is the distance from the membrane/feed-solution
interface.

Fick’s second law of diffusion is

dCi=dt ¼ D Cið Þd=dx dCi=dxð Þ ¼ D Cið Þ d2Ci=dx2
� �

ð2Þ



Table 2 Effect of the freezing point on the selectivity of the permeant in the organic liquid mixtures through polymer

membranes in TDEV

Membrane Chitosan PVC PDMS

Freezing point of permeant (CH3)2SO/H2O CH3COOH/H2O C2H5OH/H2O

18.5 > 0 �C 16.7 > 0 �C �114.4 < 0 �C
Selectivity H2O H2O C2H5OH

From Uragami T. Polym. J. 2008, 40, 485–494.
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where D(Ci) is given by the following equation:

D Cið Þ ¼ D0exp �Cið Þ ð3Þ

Here, D0 is the infinite dilution diffusion coefficient
and � is a measure of membrane plasticization that is
dependent on temperature.

At steady-state permeation, the boundary condi-
tions are dCi /dt, Ci¼C1 at x¼ 0, Ci¼C2 at x¼ l. By
substituting Equation (3) into Equation (2) and then
integrating, we obtain

Qi ¼ D0=�lð Þ exp �C1 – exp �C2ð Þ ð4Þ

The concentration distribution is expressed as

Ci ¼ 1=�ð ÞIn expC1 – x=l exp�C1 – exp�C2ð Þf g ð5Þ

If the concentration at the boundary of the feed
solution and the membrane is equilibrated thermo-
dynamically, the following equations hold:

C1 ¼ C� p0
� �

ð6Þ

C2 ¼ C� p2ð Þ ð7Þ

where C� is a pressure-dependent function, p0 is
saturated vapor pressure, and p2 is the vapor pressure
on the downstream side of the membrane.

Using these expressions, Equations (4) and (5)
may be rewritten with p0 and p2. At the same time,
the permeability, Pi, is derived as

Pi ¼ Qi l=�p ¼ ðD0=��pÞðexp �C1 – exp �C2Þ ð8Þ

where �p¼ p0 – p2. When Equations (6) and (7) obey
Henry’s law, C�(p)¼ Sp, and Equations (4), (5), and
(8) are easily expressed as a function of p0 and p2:

Qi ¼ D0=�lð Þ exp �Sp0 – exp �Sp2

� �
ð9Þ

Ci ¼ 1=�ð ÞIn exp �Sp0 – x=l exp �Sp0 – exp �Sp2

� �� �
ð10Þ

0
� �
Pi ¼ D 0=��pð Þ exp �Sp – exp �Sp2 ð11Þ
2.11.5.2 Solution–Diffusion Model

When a similar treatment is applied to gas or vapor
permeation, the following equations are obtained:
Qi l ¼
Z C2

C1

D Cið ÞdCi ð12Þ

Qi ¼ Pi p1 – p2ð Þ=l ð13Þ

where p1 and p2 are the vapor pressures on the high and
low concentration sides of the membrane, respectively.

Combining Equations (12) and (13) yields

Pi ¼
Z C2

C1

DðCiÞdCi

� �
ðp1� p2Þ ð14Þ

Rearrangement gives

Qi l ¼ R ¼ Piðp1 – p2Þ ¼
Z C2

C1

DðCiÞdCi ð15Þ

where R is the normalized permeation rate. When the
concentration-averaged diffusion coefficient, Di, is
defined as in Equation (16), Pi and R are expressed
as in Equations (17) and (18), respectively:

�Di ¼
Z C2

C1

DðCiÞdCi=ðC1�C2Þ ð16Þ

Pi ¼ �Di C1 –C2ð Þ= P1 –P2ð Þf g ð17Þ

R ¼ �Di C1 –C2ð Þ ð18Þ

If the diffusion coefficient is not dependent on per-
meant concentration, then Di equals D. In PV, the
downstream pressure is much lower than the
upstream pressure (p1 >> p2). Hence, Equations
(16)–(18) can be represented as

�Di ¼
Z C2

C1

DðCiÞdCi=C1 ð19Þ

Pi ¼ �Di C1=p1ð Þ ð20Þ

R ¼ �Di C1 ð21Þ

where C1/p1¼ S1, which is the pseudo-solubility coef-
ficient. Under these conditions Pi may be expressed as

Pi ¼ �DiS1 ð22Þ

In PV, the separation factor, �B/A, a relative measure
for the degree of separation, can be represented by
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the component mole fractions in the feed and perme-
ate as follows:

�B=A ¼ YB=YAð Þ= XB=XAð Þ ð23Þ

where XA and XB are the weight fraction or mole
fraction of A and B components in the upstream side,
respectively. YA and YB are the weight fraction or
mole fraction of A and B components in the down-
stream side, respectively.
2.11.5.3 Surface Diffusion

The diffusion behavior of component i in normal

bulk solid state is expressed by Fick’s first law as

Ji ¼ –D gardCi ð24Þ

where Ji is the permeation rate of component i

(component m2 s�1), Ci is the concentration of dif-
fused component i (component m�3), and D is the
diffusion coefficient (m2 s�1).

The behavior of the component on the surface
surroundings of the solid is different from that inside

of solid. However, the diffusion of the component on

the surface of the solid can be defined by Fick’s law.
As shown in Figure 4, we image a solid in which

the concentration of a component is changed only x

direction. In this case, the diffusion amount to x

direction is expressed as

J ¼ – ðdC=dxÞ
Z L

0

D yð Þdy ð25Þ

The diffusion coefficient is generally defined as a
function of the depth direction (y) of solid.

In Figure 4, if the component in the solid is
homogeneous from interface at y¼ 0 to interface at

y¼ L, the diffusion amount to x direction is
y

x

zJ

L

Figure 4 Principle of surface diffusion.
J B ¼ –DB dC=dxð ÞL ð26Þ

where DB is the diffusion coefficient in a homoge-
neous solid. The permeation rate (JS) by the
diffusion via a surface is defined as

J S ¼ 1=2 J – J B
� �

ð27Þ

From Equations (25), (26), and (27), JS by the diffu-
sion via a surface is

J S ¼ – 1=2 dC=dxð Þ
Z L

0

D yð ÞDBf gdy ð28Þ

When the diffusion coefficient of surface is Ds

(m2s�1) and the thickness of surface layer is �, the
integral term in Equation (28) is 2DS�. Namely, the
following equation is given:

J S ¼ – 1=2 dC=dxð Þ2DS� ¼ –DS dC=dxð Þ� ð29Þ
2.11.6 Selective Permeation and
Separation of Organic Liquid Mixtures
2.11.6.1 Water/Alcohol-Selective
Membranes

Water/alcohol-selective membranes are effective for
the following scenario. For example, when an aqu-
eous solution of dilute ethanol (�10 wt.%) produced
by the bio-fermentation is concentrated by distilla-
tion, since an aqueous solution of 96.5 wt.% ethanol
is an azeotropic mixture, ethanol cannot be concen-
trated by distillation any more, and, consequently,
ethanol is concentrated by azeotropic distillation
with the addition of benzene (Bz). If membranes that
can preferentially permeate only water at 3.5 wt.% in
an azeotropic mixture of aqueous ethanol solution can
be developed, significant energy savings would be
achieved. The permeation and separation mechanisms
in PV, EV, TDEV, and HTPEV [32] through dense
membranes consist of the dissolution of the permeants
into the membrane, the diffusion of the permeants in
the membrane, and the evaporation of the permeants
from the membrane. Therefore, the separation of per-
meants in these membrane separation techniques
depends on the differences in the solubility and diffu-
sivity of the permeants in the feed mixture. When the
structure of water/alcohol- and water/organic-liquid-
selective membranes is domically designed, hydrophi-
lic materials can be recommended as membrane
materials. Therefore, an increase in the solubility of
water molecules into the membrane during the solu-
tion process can be expected. In order to raise the
affinity of membranes for water molecules,
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membranes with dissociation groups introduced into
their structure are used for dehydration from organic
solvents. Various membranes, which permeate water
selectively from water/ethanol mixtures, were pre-
pared by the plasma graft polymerization of styrene
(g-PS) onto porous poly(vinylidene fluoride) (PVF2)
films, by the sulfonation of the grafted membranes,
and by the ionization of the sulfonated (g-PSS�Naþ)
membranes, respectively. The H2O/EtOH selectivity
increased with the ethanol concentration in the feed,
and the grafted amount should be controlled for the
optimum separation of water. The g-PSS�Naþ mem-
brane with a grafted amount of PS of 0.14 mg cm�2

was found to have a high permeation rate of 6.6 kg
(m2 h)�1, and a separation factor of 21 for PV of
aqueous 60 wt.% ethanol solution at 50 �C [33].

The PV separation of a concentrated ethanol/
water mixture with 90 wt.% of ethanol content
through a sodium alginate (NaAgl) membrane was
performed to investigate the permeation behavior of
the membrane during PV [34]. From the swelling
measurements of the membrane in an aqueous solu-
tion of 90 wt.% ethanol, the solubility selectivity was
about 1000 and the water content in the swollen
membrane was 21 wt.% at 40 �C. Its excellent sorp-
tion properties could result in the outstanding PV
performance for the aqueous solution; higher than a
separation factor of 10 000 and 120–290 g m�2 h�1

permeation rate of 120–290 g (m2 h)�1.
The PIC membranes were prepared by ion

complex formation between �-carrageenan and poly
{1,3-bis[4-alkylpyridinium]propane bromide}s, with
different numbers of methylene units between the
two ionic sites within a repeating unit, respectively.
The dehydration of a 90 wt.% aqueous ethanol solu-
tion was carried out at different temperatures. The
selectivity and permeability were very good over a
wide temperature range; in the case of the PIC mem-
brane consisting of �-carrageenan and poly {1,3-bis[4-
ethylpyridinium]propane bromide}, the H2O/EtOH
selectivity was 45 000 and the permeability was 150 g
(m2 h)�1 at 30 �C. With increasing operating tempera-
ture, the permeability greatly increased but the
selectivity decreased slightly [35]. PIC membranes
were prepared by the simultaneous interfacial reaction
of aqueous solutions of two oppositely charged poly-
ions, that is, from cellulose sulfate and various
polycations as well as a cationic surfactant. PV inves-
tigations proved that such membranes prepared with
polycations might be successfully used for the dehy-
dration of various organic solvents. Measurements of
the swelling and PV properties of model membranes
confirm that the anionic polysaccharide, Na-cellulose
sulfate, is the only component responsible for good
separation capability in the dehydration of organics
with PIC membranes [36]. PIC membranes consisting
of chitosan (Chito) and poly(acrylic acid) (PAA) were
prepared by blending two polymer solutions in
different ratios. The thermal properties of PIC mem-
branes constructed from chitosan and PAA by various
blend ratios showed a shift in the transition tempera-
ture of the PICs. PV performances were investigated
with various organic mixtures: water/ethanol, water/
1-propanol, and methanol/methyl t-butyl ether mix-
tures. An increase in the PAA content of PIC
membranes affected the swelling behavior and PV
performance of a water/ethanol mixture. The per-
meation rate decreased, and the water concentration
in the permeate was close to 100% upon increasing
the feed alcohol concentration [37]. Asymmetric PIC
membranes composed of chitosan membrane and PAA
were constructed from an aqueous solution. The
absorption quantity of PAA decreased, whereas the
water selectivity of the PIC membrane increased
with an increase in the molecular weight of PAA.
In PV experiments, the water selectivity of the
membrane was so high that no ethanol was detected
by gas chromatography [38]. The dehydration of an
ethanol/water azeotrope during EV using PIC cross-
linked chitosan composite (q-Chito-PEO acid PIC/
polyethersulfone (PES) composite) membranes, con-
structed from quaternized chitosan (q-Chito) and
polyethylene oxydiglycilic acid (PEO acid) on a
porous PES support, was investigated [39, 40]. Both
the q-Chito/PES composite and the q-Chito-PEO
acid PIC/PES composite membranes showed high
H2O/EtOH selectivity for an ethanol/water azeo-
trope. Both the permeation rate and the H2O/EtOH
selectivity of the q-Chito/PES composite membrane
were enhanced by increasing the degree of quaterni-
zation of the chitosan molecule, because the affinity of
the q-Chito/PES composite membranes for water was
increased by introducing a quaternized ammonium
group into the chitosan molecule. Q-Chito-PEO acid
PIC/PES composite membranes prepared from an
equimolar ratio of carboxylate groups in the PEO
acid versus quaternized ammonium groups in the
q-Chito showed the best separation factor for H2O/
EtOH selectivity without lowering the permeation
rate, as shown in Figure 5. With an increasing mole-
cular weight of PEO acid, the separation factor for
H2O/EtOH selectivity increased, but the permeation
rate almost did not change. The permeation rate,
separation factor for H2O/EtOH selectivity, and EV
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index of the q-Chito-PEO acid 4000 PIC/PES
composite membrane with an equimolar ratio of
q-Chito were 3.5� 10�1 kg (m2 h)�1, 6300, and 2205,
respectively. The separation factor for aqueous solu-
tions of 1- and 2-propanol was also maximized at an
equimolar ratio of carboxylate groups and ammonium
groups, and was greater than for an ethanol/water
azeotrope.

The dehydration of aqueous alcohol solutions
through asymmetric nylon 4 (N4) membranes was
investigated using the PV processes. A separation
factor of 4.72 and a permeation rate of 0.78 kg
(m2 h)�1 for the asymmetric membrane were
obtained. When compared to conventional homo-
geneous N4 membranes, the asymmetric membrane
can effectively supersede the PV performance of the
N4 membrane for the separation of water/alcohol
mixtures [41]. A 4-vinylpyridine-grafted-polycar-
bonate (PC-g-4VP) membrane was prepared for
PV of water selectivity. Water was permeated
through the PC-g-4VP membrane preferentially
over all feed compositions. The permeation rate
and separation factor increased with increasing
4-vinylpyridine content in the membrane. The
total permeation rate of a PC-g-4VP membrane
with grafting of 26.7% was 153 g (m2 h)�1, and
the separation factor was above 6300 for an aqueous
solution of 90 wt.% ethanol [42]. A hydrophilic PV
membrane was prepared via the homografting
polymerization of N,N9-(dimethylamino)ethyl metha-
crylate (DMAEM) onto a nylon N4 backbone, thus
generating the DMAEM-g-N4 membrane [43]. The
water selectivity was improved by the ammonium
quaternization of the pendant N,N9-dimethylamino
group on the DMAEM-g-N4 membrane using
dimethyl sulfate, resulting in a DMAEMQ-g-N4
membrane. The separation factor and permeation rate
for both chemically modified N4 membranes were
higher than those of the unmodified N4 membrane.
Optimum PV was obtained by a DMAEMQ-g-N4
membrane with a degree of grafting of 12.7% for a 90
wt.% ethanol feed concentration, giving a separation
factor of 36 and a permeation rate of 564 g (m2 h)�1.
Temperature-sensitive membranes were synthesized
by grafting poly(N-isopropylacrylamide) (PNIPAAm)
onto a PVA backbone using hydrogen peroxide–ferrous
ion as an initiator. Due to the grafting of PNIPAAm, the
hydrophilic/hydrophobic balance and the polarity of
the pendant groups within the membranes were mod-
ified. Significant temperature sensitivity of the grafted
membranes was observed close to the lower critical
solution temperature (LCST) of linear PNIPAAm
membranes during the PV of an ethanol/water mixture.
Both the PV and sorption selectivities for water showed
a maximum value in the vicinity of 30–32 �C for etha-
nol contents of 75% and 80%. The temperature
sensitivity of the grafted membranes also depended on
the ethanol concentration. The maximum PV and solu-
bility selectivities disappeared when the ethanol
content was lower than 75%, because the greater
degree of swelling reduced the size screening effect of
the membrane [44].

Interpenetrating polymer network (IPN) PV
membranes were prepared by the free-radical poly-
merization of acrylamide (AAm) or acrylic acid (AA)
in the presence (or absence) of the cross-linking
agents allyldextran or N,N9-methylenebisacrylamide
within cellophane films swollen in the reaction mix-
ture. IPN membranes were selective over a wide
range of ethanol concentrations in the feed. The
separation factor and the permeation rate improved
significantly with increasing PAAm–PAA in the IPN
membranes, especially for the cellulose-PAA (Kþ

form) membranes; for an 86% EtOH feed at 50 �C.
The separation characteristics of these membranes
were in good correlation with their swelling behavior
[45].

Three different types of blend membranes, based
on Chito and PAA, were prepared, and their perfor-
mance for the PV separation of a water/ethanol
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mixture was investigated. All membranes were
highly H2O/EtOH selective. The temperature
dependence of the membrane for H2O/EtOH selec-
tivity for feed solutions of higher water content (>30
wt.%) was unusual in that both the permeability and
the separation factor increased with increasing tem-
perature. A comparison of the PV performance
between composite and homogeneous membranes
was made, and typical PV results at 30 �C for a 95
wt.% ethanol aqueous solution were as follows. For
the homogeneous membrane, the permeation rate
was 33 g (m2 h)�1 and the separation factor was
2216; for the composite membrane, the permeation
rate was 132 g (m2h)�1 and the separation factor was
1008 [46]. Blend membranes were prepared by coa-
gulating a mixture of O-carboxymethylated chitosan
(CM-Chito) and alginate in an aqueous solution with
5 wt.% CaCl2, and then by treating it with a 1 wt.%
HCl aqueous solution. Polymer interpenetration
including a Ca2þ cross-linked bridge occurred in
the blend membrane, and resulted in a high separa-
tion factor for the PV separation of alcohol/water
and low permeation rate. The thermostability of the
blend membranes was significantly superior to that of
alginic acid and cellulose/alginate blend membranes,
owing to a strong electrostatic interaction caused by
the amino groups of CM-Chito with the carboxylic
acid groups of alginic acid [47].

To obtain water-permselective membranes, the
introduction of dissociation groups and hydrophilic
groups into polymer membrane materials, chemical
modification, graft copolymerization, and polymer
blends have all been attempted. However, adequate
membrane performance cannot be obtained by only
improving hydrophilicity of the membrane materials.
Most importantly, membrane performance is signifi-
cantly affected by the swelling of the polymer
membrane due to the feed mixture. Cross-linking is
one of the methods that can maintain the hydrophi-
licity of the membrane while attenuating the swelling
of the membrane.

In Figure 6, the permeation rate and ethanol
concentration in the permeate through Chito and
glutaraldehyde (GA) cross-linked chitosan (GAC)
membranes during EV, and the degree of swelling
of the membrane are shown as a function of the feed
composition [48]. The GAC membrane had a 0.5%
GA content (3.2% GA in the casting solution). Both
the Chito and GAC membranes had a low ethanol
concentration in the permeate, and showed high
H2O/EtOH selectivity. Furthermore, there are sig-
nificant differences between the compositions of the
permeate from the Chito and GAC membranes; it

was higher than that of the Chito membrane in spite

of the fact that the permeation rate of the GAC

membrane was greater than that of the Chito mem-

brane. In addition, the degree of swelling of the GAC

membrane was higher than that of the chitosan mem-

brane and this tendency increased with decreasing
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ethanol concentration in the feed mixture. When

polymer membranes are cross-linked, in general,

the permselectivity is improved but the permeation

rate is decreased because the degree of swelling of

the membrane is lowered. In this case, the permea-

tion rate, the H2O/EtOH selectivity, and degree of

swelling of the GAC membrane, however, were

higher than those of the Chito membrane. In order

to clarify the results in Figure 6, the density and

crystallinity of the Chito and GAC membranes

were determined by the flotation method and wide-

angle X-ray diffraction, respectively.
The density and the correlation crystallinity

index decreased with increasing GA content in the

casting solution. These results imply that the increase

in the cross-linking of the Chito membrane

decreased the density and crystallinity of the mem-

brane. Based on the above results, the model

structure shown in Scheme 1 is proposed for the

Chito and GAC membranes. The chitosan mem-

brane has many intermolecular hydrogen bonds

between hydroxyl groups and amino groups. A few

of these hydrogen bonds in the GAC membrane are
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broken by cross-linking with GA and free hydrophi-

lic groups, such as hydroxyl and amino groups, are

formed. These hydrophilic groups have a strong affi-

nity for water molecules, that is, the solubility of

water molecules into the GAC membrane is

increased. Conversely, since the size of the water

molecules sorbed into the GAC membrane is smaller

than that of the ethanol molecule, the water molecule

can be diffused more easily into the GAC membrane

than the ethanol molecule. Consequently, the GAC

membranes are moderately swollen by water mole-

cules, and simultaneously increase the H2O/EtOH

selectivity. The increase in the H2O/EtOH selectiv-

ity of the GAC membrane is due to both the increase

in the solubility of water molecules into the GAC

membrane and the increase in the diffusivity of water

molecules into the GAC membrane. From the above

discussion, both the increase in the permeation rate

and the improved H2O/EtOH selectivity with

increasing GA content cross-linked in the Chito

membrane can be understood.
The permeation and separation characteristics
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wt.% ethanol) through q-Chito membranes and
cross-linked q-Chito membranes, which were cross-
linked with diethylene glycol diglycidyl ether
(DEDGE), were studied [49]. Both the q-Chito and
the cross-linked q-Chito membranes showed high
H2O/EtOH selectivity for an ethanol/water azeo-
trope. The permeation rates for both membranes
decreased and the H2O/EtOH selectivity increased,
with an increasing degree of quaternization of the
chitosan and increasing cross-linker concentration.
The mechanism responsible for the separation of an
ethanol/water azeotrope through the q-Chito and
cross-linked q-Chito membranes was analyzed by
the solution–diffusion model. Increasing permeation
temperature increased the permeation rate and
decreased the H2O/EtOH selectivity for both mem-
branes. However, the permeation rates of a cross-
linked q-Chito membrane at 60–80 �C were almost
the same as those of the q-Chito membrane, and the
separation factors for H2O/EtOH selectively in the
former were 4100–4200 and greater by two orders of
magnitude as compared to those in the latter.

Two types of q-Chito membranes were prepared
for the dehydration of ethanol/water mixtures. One
was prepared by coating a casting solution of q-Chito
containing GA with a HCl catalyst onto a porous
PES support (membrane A). The other, membrane
A, was further cross-linked in an aqueous GA solu-
tion with a H2SO4 catalyst (membrane B). These
membranes were then used for the dehydration of
ethanol/water mixtures in HTPEV. The permeation
rate increased with increasing feed vapor pressure,
but decreased with an increase in the feed vapor
temperature under constant feed vapor pressure.
This decrease in the permeation rate could be attrib-
uted to a lowering of the vapor density, which is the
ratio of the feed vapor pressure over the total pres-
sure (P1/PT). The permeation rate derived from the
relationship given by an empirical equation, which
was driven statistically by the experimental data with
a change in the feed vapor temperature under con-
stant feed vapor pressure, agreed closely with that
predicted from the equation as a function of the ratio
of P1/PT. The separation characteristics for H2O/
EtOH selectivity in the water/ethanol vapor
increased with a decrease in the difference between
PT and P1 [50].

To inhibit the swelling of PVA membranes in aqu-
eous solutions, which leads to lowered water
permselectivity during separation, organic–inorganic
hybrid membranes composed of PVA and tetraethox-
ysilane (TEOS) were prepared. When an aqueous
ethanol solution was permeated through the PVA/
TEOS hybrid membranes during PV, the H2O/EtOH
selectivity increased; however, the permeation rate
decreased, with increasing TEOS content. This
decreased permeation rate caused a decreased degree
of swelling of the membrane. This decrease in the
degree of swelling and increase in the membrane den-
sity were due to the formation of hydrogen bonds
between the silanol groups resulting from the hydro-
lysis of TEOS and the hydroxyl group of PVA. When
the PVA and PVA/TEOS hybrid membranes were
annealed, the H2O/EtOH selectivity of these mem-
branes increased with increasing annealing
temperature and time. The fact that annealing at higher
temperatures promoted the dehydration–condensation
reaction between PVA and TEOS in the PVA/TEOS
membranes was related to the enhanced H2O/EtOH
selectivity of the PVA/TEOS membranes [51].
Hydrophilic organic–inorganic hybrid membranes
were prepared from hydrophilic q-Chito and TEOS
by a sol–gel process, in order to minimize the swelling
of the q-Chito membranes. When an azeotrope of
ethanol/water was permeated through their q-Chito/
TEOS hybrid membranes during PV, the q-Chito/
TEOS hybrid membranes showed high H2O/EtOH
selectivity. However, the H2O/EtOH selectivity of
the membranes decreased slightly with increasing
TEOS content over 45 mol.%. Furthermore, the
H2O/EtOH selectivity of these membranes is discussed
from the viewpoint of their chemical and physical
membrane structure [52].

Swelling of poly(vinyl alcohol-co-acrylic acid)
(P(VA-co-AA)) membranes in aqueous alcohol
solutions operated under PV conditions leads to
low H2O/EtOH selectivity. To reduce swelling,
organic–inorganic hybrid membranes composed of
P(VA-co-AA) and TEOS were prepared. However,
when an aqueous ethanol solution was permeated
through the P(VA-co-AA)/TEOS hybrid membranes
by PV, the permeation rate increased and the H2O/
EtOH selectivity decreased with increasing TEOS
content. The increase in the permeation rate and the
decrease in the H2O/EtOH selectivity were caused
by an increase in the degree of swelling of the mem-
brane and a decrease in the membrane density with
increasing TEOS content. These effects resulted
from insufficient formation of hydrogen bonds
between the silanol groups by hydrolysis of TEOS
and the hydroxyl and carboxyl groups of P(VA-
co-AA). When the P(VA-co-AA)/TEOS hybrid mem-
branes were annealed, the water/ethanol separation
factor for H2O/EtOH selectivity increased with
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increasing annealing time and TEOS content.
Longer annealing time promoted the dehydration–
condensation reaction between P(VA-co-AA) and
TEOS in P(VA-co-AA)/TEOS hybrid membranes,
leading to enhanced H2O/EtOH selectivity of the
hybrid membranes [53].

To control the swelling of PVA membranes, mix-
tures of PVA and an inorganic oligosilane were
prepared using sol–gel reactions to yield new PVA/
oligosilane hybrid membranes. In the separation of an
ethanol/water azeotropic mixture during PV, the
effect of the oligosilane content on the H2O/EtOH
selectivity of PVA/oligosilane hybrid membranes was
investigated. The H2O/EtOH selectivity of PVA/oli-
gosilane hybrid membranes was higher than that of
PVA membranes, but the H2O/EtOH selectivity of
hybrid membranes decreased with increasing oligosi-
lane content. In order to increase the H2O/EtOH
selectivity, PVA/oligosilane hybrid membranes were
annealed. The H2O/EtOH selectivity of annealed
PVA/oligosilane hybrid membranes was greater than
that of annealed hybrid membranes, and significantly
governed by the oligosilane content, which could be
attributed to both solubility and diffusion selectivities.
The relationship between the structure of un-
annealed and annealed PVA/oligosilane hybrid mem-
branes along with permeation and separation
characteristics of an ethanol/water azeotropic mixture
during PV are discussed in detail [54].

PV and EV separations of water/alcohol mixtures,
through a modified N4 membrane-coated with
plasma-deposited, hydrolyzed vinyl acetate (VAc) –
(PVA-p-N4), were investigated. The separation fac-
tor and the permeation rate of this PVA-p-N4
membrane are both higher than those of the unmo-
dified N4 membrane for PV of aqueous ethanol
solutions. The PVA-p-N4 membrane showed a
separation factor of 13.5, and a permeation rate of
420 g (m2 h)�1can be obtained. Compared with PV,
EV effectively increased the separation factor for the
water/alcohol mixtures, but the permeation rate
decreased the permeation rate [55].

To improve the hydrophilicity of an N4 mem-
brane for PV and EV processes, and to overcome the
hydrolysis of PVA, a PVA-g-N4 membrane by �-ray
irradiation grafting of VAc onto N4 membrane was
prepared, and then followed by hydrolysis treatment.
A separation factor of 13.8 and a permeation rate of
0.352 kg (m2 h)�1 can be obtained for a PVA-g-N4
membrane with a degree of grafting of 21.2% for a 90
wt.% ethanol feed concentration. Compared to the
PV process, the EV process had a significantly
increased separation factor with a decreased permea-
tion rate for the same PVA-g-N4 membrane [56].

Twelve types of polyimide membranes were pre-
pared using three dianhydrides (including 2,2-
bis[4-(3,4-dicarboxyphenoxy)phenyl]propane dianhy-
dride (BPADA), 3,394,49-benzophenonetetracarboxylic
dianhydride (BTDA), and 3,394,49-biphenyltetracar-
boxylic dianhydride (ODPA)) and four diamines
(including benzidine (BZD), bis(4-aminophenyl)phenyl
phosphate (BAPP), 4,49-diaminodiphenylmethane
(MDA), and 4,49-diaminodiphenyl ether (ODA)) via a
two-step method. The permeation rate of ethanol/water
mixtures through the polyimide membranes with the
same dianhydrides increases following the order of
BZD < ODA < MDA < BAPP. The permeation rate
increases with increase in temperature [57].

Zeolite-embedded hybrid membranes are manu-
factured by using a casting machine with polyester
nonwoven fabric as the supporting layer, polyacrylo-
nitrile (PAN) as the porous backing layer, and PVA as
the active separating layer. Experimental results show
the H2O/EtOH selectivity has been greatly improved
after adding zeolite 4A and that reasonably high
separation factor can be achieved for feed ethanol
concentration of above 80 wt.%, probably due to the
superior molecular-sieving effect of added zeolite 4A
on the water/ethanol system. By incorporation of
zeolite, apparent Arrhenius activation energy signifi-
cantly decreased for water but obviously increased for
ethanol. Water molecules require much less energy,
whereas ethanol molecules need much more energy to
transport through the membrane because of the
hydrophilic characteristics of zeolite 4A [58].

The separation of aqueous alcohol mixtures was
carried out by the use of a series of novel aromatic
polyamide membranes. The aromatic polyamides
were prepared by the direct polycondensation
of 2,29-dimethyl-4,49-bis(aminophenoxyl)biphenyl
(DBAPB) with various aromatic diacids, such as ter-
ephthalic acid (TPAc), 5-tert-butylisophthalic acid
(TBPAc), and 4,49-hexafluoroisopropylidenediben-
zoic acid (FDAc). The solubility of ethanol in the
aromatic polyamide membranes is higher than that of
water; however, the diffusivity of water through the
membrane is higher than that of ethanol. The effect
of diffusion selectivity on the membrane separation
performances plays an important role in the EV
process. Compared with PV, EV effectively increased
the H2O/EtOH selectivity. Moreover, the effect of
aromatic diacids on the polymer chain packing den-
sity on the PV and EV performance were
investigated. The permeation rate could be increased



286 Pervaporation
by introduction of a bulky group into the polymer
backbone [59].

A series of soluble polyimides derived from 3,39,4,49-
benzhydrol tetracarboxylic dianhydride (BHTDA) with
various diamines, such as 1,4-bis(4-aminophenoxy)-2-
tert-butylbenzene (BATB), 1,4-bis(4-aminophenoxy)
2,5-di-tert-butylbenzene (BADTB), and 2,29-dimethyl-
4,49-bis(4-aminophenoxy)biphenyl (DBAPB), were
investigated for PV separation of ethanol/water mix-
tures. Diamine structure effect on the PV of 90 wt.%
aqueous ethanol solution through the BHTDA-based
polyimide membranes was studied. The H2O/EtOH
selectivity was ranked in the order of BHTDA–
DBAPB > BHTDA–BATB > BHTDA–BADTB. The
increase in molecular volume for the substituted group
in the polymer backbone increased the permeation rate.
As the feed ethanol concentration increased, the per-
meation rate increased, while the water concentration in
the permeate decreased for all polyimide membranes.
The optimum PV performance was obtained by the
BHTDA–DBAPB membrane with an aqueous ethanol
solution of 90 wt.%, giving a separation factor of 141,
permeation rate of 255 g (m2 h)�1, and 36 000 of PSI [60].

Novel organic–inorganic hybrid membranes were
prepared through sol–gel reaction of PVA with
�-aminopropyltriethoxysilane (APTEOS) for PV
separation of ethanol/water mixtures. The amor-
phous region of the hybrid membranes increased
with increasing APTEOS content, and both the free
volume and the hydrophilicity of the hybrid mem-
branes increased when APTEOS content was less
than 5 wt.%. The swelling degree of the hybrid
membranes has been restrained in an aqueous solu-
tion owing to the formation of hydrogen and covalent
bonds in the membrane matrix. Permeation rate
increased remarkably with an increasing APTEOS
content, and H2O/EtOH selectivity increased at the
same time; the tradeoff between the permeation rate
and H2O/EtOH selectivity of the hybrid membranes
was broken. The sorption selectivity increased with
increasing temperature, but decreased with increas-
ing water content. The hybrid membrane containing
5 wt.% APTEOS has the highest separation factor of
536.7 and permeation rate of 0.035 5 kg (m2 h)�1 in
PV separation of 5 wt.% water in the feed [61].

Sericin/PVA blend membranes were prepared by
blending sericin and PVA, followed by chemical
cross-linking with dimethylolurea. The blend mem-
branes were preferentially permeable to water. In the
temperature range of 50–70 �C, a permeate water
concentration of 93.1–94.1 wt.% was achieved at 8.5
wt.% water in the feed. As a comparison, membranes
were also fabricated from pure sericin and PVA
alone, and tested for PV separation under the same
conditions. The water selectivity of membrane was
primarily derived from sorption selectivity, and there
was a strong coupling effect for the permeation and
sorption of the permeant in the membranes [62].

Energy-efficient dehydration of low-water-con-
tent ethanol is a challenge for the sustainable
production of fuel-grade ethanol. Blends of cross-
linked mixture of poly(allylamine hydrochloride)
and hydrolyzed PVA of 99% and 88% were prepared
as pervaporative dehydration membrane. These
polymeric membranes had higher H2O/EtOH selec-
tivity for low feed water concentrations (<5 wt.%)
than 99% hydrolyzed PVA [63].

Novel semi-IPN membranes of sodium alginate
(NaAlg) and thermoresponsive PNIPAAm were pre-
pared by free radical polymerization using potassium
persulfate as an initiator [64]. Membranes were
cross-linked with GA and used in PV separation of
water/ethanol mixtures at varying feed compositions
and temperatures. PV separation characteristics of
the membranes showed a dependence on the thermo-
sensitive nature of NIPAAm. Increasing the
NIPAAm content of the semi-IPN resulted in an
increased selectivity with a decreased permeation
rate. The membrane containing 30 wt.% NIPAAm
showed the highest H2O/EtOH selectivity of 18 881
with a permeation rate of 0.137 kg (m2 h)�1 at 40 �C,
that is, the above LCST of NIPAAm, but below its
LCST, that is, at 25 �C, it exhibited considerably a
lower H2O/EtOH selectivity of 92 with a permeation
rate of 0. 185 kg (m2 h)�1 for 15 wt.% water in the
feed. The H2O/EtOH selectivity decreased with
decreasing temperature at 15 wt.% water below the
LCST region, that is, at 30 �C. The pore size of
membrane became larger, the permeation rate
increased up to 0.225 kg (m2 h)�1, but the H2O/
EtOH selectivity decreased.

Sulfonated poly(phenylene oxide) (SPPO) mem-
branes were prepared for dehydrating water/ethanol
mixtures. The effects of hydration of sulfonated mem-
branes on PV performance were discussed by
comparing the characteristics of pure PPO and SPPO
membranes. The differences in microstructural and
hydrophilic properties of membranes were character-
ized by means of atomic force microscopy and swelling
test. The degree of sulfonation of PPO significantly
affected the hydrophilicity of sulfonated membranes
and played an important role for the dehydration per-
formance of PV membranes. The sulfonated
membranes showed excellent water permeation rate
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of about 300 g (m2 h)�1 with good selectivity up to 700.
SPPO membranes exhibited better PV performance
than pure PPO membranes [65].

The asymmetric aluminum ion-exchange poly-
sulfone (PS) membranes were prepared for the
dehydration of ethanol/water mixture. The separa-
tion performance of those membranes was increased
with increasing the degree of aluminum ion
exchange in PS membranes. Both the permeation
rate and separation factor of these membranes
increased with increasing the degree of ion exchange.
The increase in separation performance of aluminum
ion-exchange membranes was mainly attributed to
ion cross-linking in polymer network and the degree
of hydration of exchanged ion in membranes.
Conversely, the operating temperature in the PV
process showed a significant influence on the dehy-
dration of water molecules in the permeate. An
increase in temperature, in turn, increased the per-
meation rate of permeate, but slightly decreased
H2O/EtOH selectivity [66].

Through the complexation of two anionic poly-
saccharide blends composed of NaAlg and
carrageenan with divalent calcium ions, PIC mem-
branes were prepared. The effects of annealing on the
structure of the PIC membranes and on their perfor-
mance at removing water from a methanol mixture
were investigated. The annealed membranes exhib-
ited a change in their crystallinity. The change was
due to a rearrangement of polymer chains, which was
induced by a deformation of the chelate structure and
intramolecular or intermolecular interactions
between the polysaccharides. Because of the effects
of annealing on the resulting membranes, water com-
ponents nearly penetrated the membranes to the
permeate side in the vapor permeation process.
Moreover, the membrane performances were gradu-
ally enhanced as the operating temperature increased
[67].

Cross-linked, dense PVA membranes with differ-
ent degrees of hydrolysis were prepared and used in
the sorption and PV of 2-propanol (IPA)/water mix-
tures. The partial permeation rate for water
permeation was increased with increasing water con-
tent in the liquid mixture, but the partial permeation
of 2-propanol due to the coupling effect of sorption
and permeation reached a maximum value. The
degree of PVA hydrolysis and the feed temperature
influenced the permeation rate and H2O/IPA selec-
tivity due to the degree of PVA hydrolysis, and the
selectivity of PVA for water was inversely propor-
tional to the degree of PVA hydrolysis [68].
A thin, dense Chito membrane coated onto a
hydrolyzed PAN support membrane [69] had a
good permeation rate of 0.26 kg (m2 h)�1, and a high
separation factor for H2O/IPA selectivity of more
than 8000 for an aqueous solution of 90 wt.% ethanol
at 60 �C; the same membrane reached 0.8 and 1 kg
(m2 h)�1 for the permeation rates of an aqueous solu-
tion of 80 wt.% of 1-propanol and 2-propanol,
respectively, with a separation factor of about 105.

The surface of a cellulose triacetate membrane
was modified with gaseous plasma in the presence
of ammonia gas. The contact angle measurement
indicated that the hydrophilicity of the surface
increased. These membranes showed excellent
H2O/IPA selectivity for water in the separation of
an aqueous solution of 2-propanol. The permeation
rate of water increased with an increase in the treat-
ment time for all concentrations of IPA in the feed.
Surface-modified cellulose acetate (CA) membranes
treated with magnetron-enhanced plasma also
showed high H2O/IPA selectivity for the separation
of a 2-propanol/water mixture during PV [70].

Blend membranes of Na–Alg and PAAm-grafted
guar gum (PAAm-g-GG) in ratios of 3:1 and 1:1 were
prepared for the PV separation of a water/2-propa-
nol mixture. Membranes prepared from pure Na–Alg
(M-1) and 1:1 blends of Na–Alg and PAAm-g-GG
(M-3) showed the highest separation selectivity for
10 mass% water in the feed mixture, whereas a
membrane prepared with a 3:1 blend ratio of Na–
Alg and PAAm-g-GG showed the highest permea-
tion selectivity for 20 mass% water in the feed. The
H2O/IPA selectivity decreased with increasing
amounts of grafted copolymer in the blend mixture.
The permeation rate increased with increasing
amounts of water in the mixture; however, the per-
meation rate did not change markedly with the
PAAm-g-GG content in the blend membrane at the
lower mass% water [71].

Cross-linked organic–inorganic hybrid Chito
membranes were obtained from blending Chito and
�-(glycidyloxypropyl) trimethoxy-silane (GPTMS)
in acetic acid aqueous solution. The hydrophilicity of
the modified membranes was not significantly
decreased, so as to result in good H2O/IPA selectiv-
ity and high permeation rate in pervaporative
dehydration on a 70 wt.% 2-propanol/water mixture.
The chitosan membrane containing 5 wt.% GPTMS
had a permeation rate of 1730 g (m2 h)�1 and separa-
tion factor of 694 for H2O/IPA selectivity [72].

The effectiveness of chemical cross-linking mod-
ification of P84 copolyimide membranes, using
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diamine compounds for PV dehydration, has been
investigated and the scheme to enhance separation
performance of asymmetric polyimide membranes
was developed. Two diamine cross-linking agents,
p-xylenediamine (XDA) and ethylenediamine
(EDA), were used in this study for both dense and
asymmetric P84 membranes. Experimental results
suggest that the cross-linking reaction induced by
EDA is much faster than that by XDA because the
former has a smaller and linear structure than that of
the latter. However, membranes cross-linked by p-
XDA are thermally more stable than those by EDA.
Membranes modified by p-XDA or EDA have
increased hydrophilicity. An increase in the degree
of cross-linking reaction initially results in an
increase in separation factor with the compensation
of lower permeation rate for PV dehydration of 2-
propanol. However, a further increase in the degree
of cross-linking reaction may swell up the polymeric
chains because of the hydrophilic nature of these
diamine compounds, thus resulting in low separation
performance. Posttreatment after cross-linking reac-
tion can significantly enhance as well as tailor
membrane performance because of the formation of
charge transfer complexes and the enhanced degree
of cross-linking reaction. A low-temperature heat
treatment developed PV membranes with high per-
meation rate and medium separation factor for H2O/
IPA selectivity, whereas a high-temperature heat
treatment produced membranes with high separation
factor with medium permeation [73].

Four cross-linked PVA/trimesoyl chloride
(TMC) membranes with different degrees of cross-
linking were prepared by applying TMC/hexane to
the surfaces of dried PVA membranes. Fourier trans-
form infrared spectroscopy–attenuated total
reflectance (FTIR–ATR) spectroscopy revealed
that PVA–TMC membranes had asymmetric mole-
cular structures. PV properties were studied through
water permeation at different temperatures and
dehydration of 2-propanol/water mixtures at differ-
ent temperatures and with different feed water
fractions. Results showed that PVA–3TMC had the
best overall PV properties among the four
PVA–TMC membranes [74].

Chitosan/poly(tetrafluoroethylene) (Chito/PTFE)
composite membranes were prepared from casting a
GPTMS-containing chitosan solution on poly(styrene
sulfuric acid) grafted expended poly(tetrafluoroethy-
lene) film surface. The adhesion between the chitosan
skin layer and the PTFE substrate was fairly good to
warrant the high performance of Chito/PTFE
composite membranes used in PV dehydration pro-
cesses on 2-propanol. The Chito/PTFE membrane
exhibited a permeation rate of 1730 g (m2 h)�1 and a
separation factor of 775 for H2O/IPA selectivity of 775
at 70 �C for an aqueous solution of 70 wt.% IPA [75].
�-TDI/MDI (P84)/PES dual-layer hollow fibers

for PV dehydration of 2-propanol were developed.
The effects of spinning conditions, for example, air-
gap distances, outer- and inner-layer dope flow rates
on membrane formation, morphology, and PV per-
formance, have been investigated. Compared to the
wet-spun dual-layer hollow fibers, macrovoids in the
outer layer are significantly suppressed in the dry-jet
wet-spun fibers. The intrusion of nonsolvent from
the outer layer may propagate the formation of
finger-like macrovoids into the inner layer. Because
of different phase-inversion rates in the dual layers,
the effects of elongational stresses in the air-gap
region on the separation performance of dual-layer
hollow fibers are much more complicated than that of
single-layer hollow fibers. Both, thermal treatment at
elevated temperatures and chemical cross-linking
modification by XDA, were investigated. Heat treat-
ment at 200 �C increases the separation factor with
reduced permeation rate. However, unlike single-
layer P84 hollow fibers, further increased heat treat-
ment temperatures do not enhance separation
property of P84/PES dual-layer hollow fibers
because of the enhanced sublayer resistance via the
densification of PES layer. The performance
enhancement by XDA cross-linking seems to be
very promising for the P84/PES dual-layer hollow
fiber because XDA induces cross-linking reactions
only in the P84 outer layer. The best H2O/IPA
selectivity is reached at cross-linking time of 2 h.
This study demonstrates that a significant material
cost saving can be achieved without sacrificing
separation performance by choosing the dual-layer
hollow-fiber approach with the aid of XDA cross-
linking modification [76].

Using a solution technique, novel polymeric
membranes were prepared by incorporating water-
soluble blocked diisocyanate into Chito. The mem-
brane containing 40 mass% of blocked diisocyanate
showed the highest separation for H2O/IPA selectiv-
ity of 5918 with a permeation rate of 2.20� 10�2 kg
(m2 h)�1 at 30 �C for 5 mass% of water. The total
permeation rate and permeation rate of water were
found to be overlapping, particularly for higher
cross-linked membranes, suggesting that the mem-
branes developed with higher amount of blocked
diisocyanate could be used effectively to break the
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azeotropic point of water/2-propanol mixture, so as
to remove a small amount of water from 2-propanol
[77].

Chito and hydroxypropyl cellulose (Chito/HPC)
blend membranes prepared by solution-casting
method, followed by cross-linking with urea–formal-
dehyde–sulfuric acid mixture, were tested for the PV
dehydration of 2-propanol. Blend membrane con-
taining 20 wt.% HPC (Chito/HPC-20) gave a high
selectivity of 11 241 for 10 wt.% water containing
feed mixture. Comparatively, a low selectivity of
488 was observed for plain cross-linked Chito mem-
brane for the same feed mixture; this value further
decreased with increasing water composition of the
feed mixture. The permeation rate of the plain Chito
membrane increased from 0.074 to 0.246 kg (m2 h)�1

over the feed water compositions of 10–30 wt.%. For
Chito/HPC-20 membrane, permeation rates
increased from 0.132 to 0.316 kg (m2 h)�1. The
observed permeation rate was higher for Chito/
HPC blend membranes, but lower for the plain
cross-linked Chito membrane; nevertheless, the
H2O/IPA selectivity was higher for Chito/HPC-10
and Chito/HPC-20 blend membranes. For Chito/
HPC-40 membrane, the permeation rate was
increased from 0.226 to 0.391 kg (m2 h)�1, but H2O/
IPA selectivity decreased from 453 to 80 over the
composition range of 10–30 wt.% water in the feed.
With increasing temperature, flux increased consid-
erably, but the H2O/IPA selectivity decreased [78].

Mixed-matrix membranes of PVA loaded with
phosphomolybdic heteropolyacid (HPA) and cross-
linked with GA were prepared by the solution-cast-
ing technique. At high content (i.e., 7 wt.% with
respect to weight of PVA) of HPA, the mixed-matrix
membranes could extract water efficiently on the
permeate side with a selectivity of 90 000 and a per-
meation rate of 0.032 kg (m2 h)�1 for 10 wt.% of water
containing feed mixture. Permeation rate of the
mixed-matrix membranes decreased with increasing
concentrations of HPA; however, a significant
improvement in PV performance was observed for
HPA-loaded membranes than the pristine PVA [79].

CM-Chito/PS hollow-fiber composite mem-
branes were prepared through GA as the cross-
linking agent and PS hollow-fiber ultrafiltration
membrane as the support. The permeation and
separation characteristics for dehydration of
2-propanol were investigated by the PV method.
The cross-linked CM-Chito/PS hollow-fiber com-
posite membranes had high H2O/IPA selectivity and
promising permeability. The permeation rate and
separation factor for H2O/IPA selectivity were
38.6 g (m2 h)�1 and 3238.5, respectively, using 87.5
wt.% of 2-prapanol concentration [80].

Matrimid(R) polyimide asymmetric hollow fibers
have been fabricated and applied for PV dehydration
of IPA. The effectiveness of thermal annealing at
high temperatures and/or chemical cross-linking
using 1,3-propane diamine (PDA) on the separation
property of these fibers has been investigated. An
increase in the degree of cross-linking results in an
increase in separation factor for H2O/IPA selectivity
and a decrease in the permeation rate. Thermal
annealing alone has failed to improve hollow-fiber
performance due to the cracks caused by inhomoge-
neous shrinkage in heating process. Nevertheless,
appropriate application of thermal annealing as a
pretreatment for cross-linking can produce fibers
with the optimal performance. The pristine hollow
fibers had a permeation rate and a separation factor
for H2O/IPA selectivity of 6.2 kg (m2 h)�1 and 7.9,
respectively; with this thermal treatment followed by
cross-linking, the permeation rate and separation
factor changed to 1.8 kg (m2 h)�1 and 132, respec-
tively. The formation of charge-transfer complexes
within the polymer matrix during heat treatment not
only assists polymeric chain packing and rigidifica-
tion but also facilitates more efficient PDA cross-
linking. Apparently, PDA molecules could also seal
the nonselective cracks (defects). These results indi-
cate that the combined thermal and chemical
modification possibly is an effective method inde-
pendent of the initial status of the hollow fiber
(e.g., defective or defective free) in revitalizing and
enhancing the membrane performance. X-ray dif-
fraction (XRD) characterization confirmed a tighter
polymer networking in hollow fibers with the cross-
linking modification. Comparison between the dehy-
dration of different alcohols revealed that a better
separation performance could be obtained for alco-
hols having a larger molecular cross section [81].

PV membrane for the separation of diacetone
alcohol/water mixtures, using commercially avail-
able membranes for organic enrichment and
dehydration, was evaluated. Empirical correlations
for the effect of the process parameters of feed con-
centration, feed temperature, permeate-side
pressure, and scale-up were developed. The sol-
vent/water mixture was successfully separated with
a PVA-based Sulzer PERVAP 2210 dehydration
membrane. Various dehydration membranes were
evaluated and a comparison of the permeation and
separation factor was made. The membrane
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performance in separating acetone/water mixtures
was also studied. Based on the results, an overall
model to predict the membrane area needed for a
scale-up was developed [82].

Dense PIC membranes of anionic NaAlg and
cationic polyethleneimine (PEI) were prepared and
cross-linked with GA for dehydration of alcohol/
water mixtures by PV. PV dehydration characteris-
tics of the membranes were determined as a function
of PEI content, cross-linking time, as well as feed
water composition. Transport parameters, such as
sorption, diffusion, and permeability of water and
alcohols through the membranes, were determined.
Among the four different membrane compositions,
the PIC containing 40% PEI was found to yield
optimum separation data in terms of membrane sta-
bility, selectivity, and permeability. Conversely, 10%
PEI-containing membrane gave the highest selectiv-
ity with the lowest permeation rate at ambient
temperature, but the membranes were not suffi-
ciently stable [83].

PIC membranes were prepared by the complexa-
tion of protonated chitosan with NaAlg doped on a
porous, PS-supporting membrane. The PV charac-
teristics of the membranes were investigated with
various alcohol/water mixtures. The PIC mem-
branes had an excellent PV performance in most
aqueous alcohol solutions and the selectivity and
permeability of the membranes depended on the
molecular size, polarity, and hydrophilicity of the
permeant alcohols. However, the aqueous methanol
solutions showed a permeation behavior different
from that of the other alcohol solutions. Methanol
permeated the prepared PIC membranes more easily
than water even though water molecules have stron-
ger polarity and are smaller than methanol molecules
[84].

Mordenite (Mo)-filled Chito/PAA PIC mem-
branes were prepared by incorporating mordenite
into Chito and PAA blending solution for PV separa-
tion of ethylene glycol (EG) aqueous solution. The
effects of mordenite content on sorption, diffusion,
and PV performance of the membranes were evalu-
ated. The permeation rate decreased while the
separation factor first increased and then decreased
with increasing the mordenite content. The M04-
PIC60/40 containing 4 wt.% mordenite showed the
highest separation factor for H2O/EG selectivity of
258 with a permeation rate of 165 g (m2 h)�1 for 80
wt.% EG in feed at 70 �C. High H2O/EG selectivity
was due to the diffusivity of water molecule through
PIC membranes [85].
Cross-linked Chito for the separation of EG/
water mixture membranes were prepared by using
phosphoric acid in alcohol baths. The cross-linked
membranes were subjected to sorption studies to
evaluate the extent of interaction and degree of swel-
ling in pure as well as in binary mixtures of the two
liquids. The membrane had a good potential for
breaking the boiling mixture of EG/water since a
moderately good selectivity of 234 was obtained at
a reasonable permeation rate of 0.37 kg (m2 h)�1. The
separation factor for H2O/EG selectivity was
improved with decreasing feed water concentration,
whereas permeation rate decreased correspondingly.
Increasing the membrane thickness decreased the
permeation rate but had a less profound effect on
the separation factor. Higher permeate pressure
caused a reduction in permeation rate and an
increase in selectivity [86].

Dehydration of aqueous EG solution by PV was
studied by surface cross-linked PVA membrane
using GA. When the feed mixture was an aqueous
solution of 80 wt.% EG, the permeation rate and
separation factor for H2O/EG selectivity at 70 �C
were 211 g (m2 h)�1 and 933, respectively. The
remarkable dependence of water and EG concentra-
tion in permeate side as well as their activity
coefficients within the membrane on feed concentra-
tion indicate that a strong coupling effect existed
between water and EG, which effectively inhibits
the permeation of EG, thus considerably enhancing
the H2O/EG selectivity. With feed temperature
increasing, the permeation rate increases; however,
separation factor for H2O/EG selectivity decreased
significantly due to the difference of activation ener-
gies between water and EG. With feed flow rate
increasing, both the permeation rate and separation
factor for H2O/EG selectivity increased correspond-
ingly [87].
2.11.6.2 Alcohol/Water-Selective
Membranes

Cross-linked PVA composite membranes have been
used in commercial PV plants for dehydration of
ethanol beyond the azeotrope. However, aqueous
ethanol solutions that can be produced by bio-fer-
mentation are dilute (�10 wt.%). Therefore, if
ethanol/water (EtOH/H2O)-selective membranes
with high efficiency can be prepared, the distillation
process in the first stage to obtain an azeotrope can be
replaced which is very advantageous for reduction of
energy cost. There are fewer reports on EtOH/H2O-
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selective membranes compared with those of EtOH/
H2O-selective membranes. One reason why the
development of efficient high-performance EtOH/
H2O selective membranes is difficult can be attribu-
ted to the fact that ethanol has a larger molecular size
than water and must be preferentially permeated
through the membrane. In fact, permeation and
separation in a PV process through dense membranes
is based on the solution–diffusion mechanism [12,
88]. Therefore, when it is required that ethanol mole-
cules with larger molecular size preferentially
permeate from an aqueous ethanol solution, it cannot
be expected to be separated by the diffusion process.
Consequently, only a difference of solubility selec-
tivity in the solution process in which both ethanol
and water components are dissolved can contribute
to the separation. Figure 7 shows the ethanol con-
centration in the permeate through a poly(dimethyl
siloxane) (PDMS) membrane during PV and that
sorbed into a PDMS membrane. These results sup-
port the hypothesis that the difference in the
solubility of the permeants contributes to the
EtOH/H2O selectivity. PDMS membranes show
high EtOH/H2O selectivity, but their mechanical
strength is weak, and it is difficult to prepare thin
membranes from PDMS. In order to obtain both
EtOH/H2O selectivity and mechanical strength,
graft copolymers composed of PDMS macromono-
mer and vinyl monomers were synthesized.

Graft copolymer membranes, which were either
ethanol or water selective, were prepared by
copolymerization of an oligo-dimethylsiloxane
(DMS) monomer with methyl methacrylate (MMA)
[89, 90]. Two glass transition temperatures (Tg) were
observed at about 120 and –127 �C in the graft
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Figure 7 Permeation and separation characteristics of

aqueous ethanol solutions through a PDMS membrane

during PV.
copolymer membranes. Transmission electron

micrograph (TEM) demonstrated that the

poly(methylmetacrylate) (PMMA)-g-PDMS mem-

branes showed microphase-separated structures.

When an aqueous solution of 10 wt.% ethanol was

permeated through the PMMA-g-PDMS membranes

by PV, the ethanol concentration in the permeate and

the permeation rate increased drastically with the

DMS content in the copolymer. In particular, at a

DMS content of less than 40 mol.%, water permeates

preferentially from an aqueous solution of 10 wt.%

ethanol, whereas membranes with more than about

40 mol.% of DMS are EtOH/H2O selective, as shown

in Figure 8. The change in the EtOH/H2O selectivity

of the PMMA-g-PDMS membranes can be explained

by a microphase-separated polymer structure using

Maxwell’s model and a combined model consisting of

both parallel and series expressions. Furthermore,

image processing of TEMs allowed the determination

of the percolation transition of the PDMS phase at a

DMS content of about 40 mol.%. These results sug-

gest that the continuity of the PDMS phases in the

microphase-separated PMMA-g-PDMS membranes

directly affects their EtOH/H2O selectivity for

aqueous ethanol solutions [89, 90].
The EtOH/H2O selectivity of block copolymer

membranes, consisting of ethanol-selective PDMS

and water-selective PMMA, was compared to the

EtOH/H2O selectivity of graft copolymer mem-

branes for the separation of an aqueous ethanol

solution. With increasing DMS content, the block

copolymer membranes changed from H2O/EtOH
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selective to EtOH/H2O selective at a DMS content
of 55 mol.%. The graft copolymer membranes
showed a dramatic change in their EtOH/H2O selec-
tivity at a DMS content of 40 mol.%. TEMs
demonstrated that both membranes had a distinct
microphase-separated structure consisting of PDMS
and PMMA phases, and that the morphology was
quite different between the block and graft copoly-
mer membranes. The morphological changes in these
membranes were investigated by image processing of
micrographs and analysis using a combined model
consisting of both parallel and series models. These
investigations revealed that the percolation transition
of the PDMS phase in the block and graft copolymer
membranes takes place at a DMS content of about 55
and 40 mol.%, respectively. This suggests that the
continuity of the PDMS phase in these microphase-
separated membranes strongly influences their etha-
nol selectivity [91].

The effects of annealing on selectivity during PV
were also investigated for these block and graft copo-
lymer membranes. The EtOH/H2O selectivity of the
block copolymer membranes was strongly influenced
by annealing, but that of the graft copolymer mem-
branes was essentially not affected. The original
block copolymer membranes changed from being
water selective to ethanol selective at a DMS content
of 55 mol.%; however, the annealed block copolymer
membranes changed at a DMS content of 37 mol.%.
TEMs demonstrated that the annealing of block
copolymer membranes with a DMS content between
37 and 55 mol.% resulted in dramatic changes in
their morphology. However, annealing of the graft
copolymer membranes had very little effect on their
microphase-separated morphology, which was quite
different from the morphology of the block copoly-
mer membranes. In addition, an analysis using a
combined model consisting of parallel and series
models revealed that a continuous PDMS phase in
the direction of the membrane thickness was readily
formed by annealing of the block copolymer mem-
branes. As a result, the continuity of the PDMS phase
in the microphase-separated structure governed the
ethanol selectivity of these membranes for an aqu-
eous ethanol feed solution [92].

It is well known that poly[1-(trimethylsilyl)-1-
propyne] (PTMSP) membranes show high EtOH/
H2O selectivity [97, 98]. In order to enhance the
EtOH/H2O selectivity of PTMSP membranes, sur-
face-modified PTMSP membranes were prepared by
adding a small amount of a polymer additive, a graft
copolymer (poly(fluoroacrylate) (PFA)-g-PDMS)
consisting of PFA and PDMS, in the casting solution

of PTMSP. Modified PTMSP membranes were cast

on glass plates and the contact angles of water on the

membrane surfaces exposed to the air side and the

glass side, respectively, were measured. The contact

angle for water on surface-modified PTMSP mem-

branes was significantly different on the air side

versus that on the glass side; the contact angles on

the air side were more hydrophobic. Furthermore,

the contact angle for water increased in hydrophobi-

city with additional amounts of PFA-g-PDMS. The

high hydrophobicity of the membrane surface on the

air side and the increase in hydrophobicity with

additional amounts of polymer additive were also

confirmed by X-ray photoelectron spectroscopy

(XPS). The permeation rate for an aqueous solution

of 10 wt.% ethanol in PV experiments using surface-

modified PTMSP membranes decreased slightly.

However, the EtOH/H2O selectivity increased con-

siderably with increasing amounts of PFA-g-PDMS

[99, 100].
The permeation and separation characteristics for

aqueous alcohol solutions, such as methanol/water,

ethanol/water, and 1-propanol/water, were studied

using a dense PDMS membrane in PV and EV mode.

The PDMS membrane preferentially permeated

methanol, ethanol, and 1-propanol from aqueous

solutions in both methods. The concentration of

alcohol in the permeate by EV was higher than that

obtained by PV. However, the permeation rate in EV

was lower. In EV, with a temperature difference

between the feed solution and the membrane

surroundings (TDEV), when the temperature of the

membrane surroundings was kept constant and

the temperature of the feed solution was raised,

both the permeation rate and the EtOH/H2O selec-

tivity increased with increasing temperature of

the feed solution. Conversely, as the temperature of

the feed solution was kept constant and the tempera-

ture of the membrane surroundings was changed, the

permeation rate decreased. However, the EtOH/

H2O selectivity for ethanol increased remarkably

with dropping the temperature of the membrane

surroundings, as shown in Figure 9. Under TDEV

permeation conditions of a feed solution at 40 �C and

a membrane surrounding temperature of –30 �C, an

aqueous solution of 10 wt.% ethanol in the

feed was concentrated to about 90 wt.% in the

permeate [93–95]. The selectivity for aliphatic

alcohols in PDMS membranes follows the order of

methanol < ethanol < 1-propanol [93, 94].



0
–30 –15 0 15 30

25

C
2H

5O
H

 in
 p

er
m

ea
te

 (
w

t.%
)

50

75

100

0

3

6

P
er

m
ea

tio
n 

ra
te

 (
x1

02  
kg

 m
–2

 h
–1

)

9

12

Temperature of membrane surroundings (°C)

Figure 9 Effects of the temperature of membrane

surroundings on the permeation rate (*) and ethanol

concentration in the permeate (*) for an aqueous solution

of 10 wt.% ethanol through a PDMS membrane.
Temperature of feed solution: 40 �C. From Uragami, T.,

Morikawa, T. J. Appl. Polym. Sci. 1992, 44, 2009–2018.

Selective Membranes for Purification and Separation of Organic Liquid Mixtures 293
An integrated fermentation and membrane-based
recovery PV process has certain economical advan-

tages in continuous conversion of biomass into

alcohols. New PV data obtained for PTMSP samples

synthesized in various conditions were reported.

Three different catalytic systems, TaCl5/n-BuLi,

TaCl5/Al(i-Bu)(3), and NbCl5, were used for synth-

esis of the polymers. The catalytic system has a

significant influence over the properties of mem-

branes made from PTMSP. Although a combination

of a high permeation rate and a high separation factor

for EtOH/H2O selectivity (not <15) was provided by

all PTMSP samples, the PTMSP samples synthe-

sized with TaCl5/n-BuLi showed significant

deterioration of membrane properties when acetic

acid was present in the feed. In contrast, the

PTMSP samples synthesized with TaCl5/Al(i-

Bu)(3) or NbCl5 showed stable performance in the

presence of acetic acid. When using a multicompo-

nent mixture of organics and water, the co-

permeation of different organic components results

in lower separation factor for both ethanol and buta-

nol. These data are consistent with nanoporous

morphology of PTMSP. It was demonstrated that

pervaporative removal of ethanol improved the over-

all performance of the fermentation process [104].
PV can be utilized for the recovery of ethanol

from fermentation broths. A hybrid fermentation–

PV–distillation continuous process was considered

for the production of 30 000 l d�1 of 95% ethanol.

Available data of composite hollow-fiber PDMS
membrane of PV module were used to develop the
model equations. Direct production cost of ethanol
was estimated and used for the optimization of etha-
nol concentration in fermenter and retentate.
Minimum direct production cost of $0.2 l�1 of etha-
nol was found at 55 kg m �3 of ethanol mass
concentration in fermenter and 50 kg m�3 in reten-
tate. A sensitivity analysis of the PV performance
parameters, such as permeation rate, separation fac-
tor, and membrane cost, was also carried out [105].

A novel inorganic/organic composite membrane
was prepared through introducing carbon black (CB)
into PDMS membrane. CB was treated with various
measures, including extraction, methylolation, and
high-temperature calcinations, in order to tailor the
nature of the surface. The effects of surface treat-
ment, CB loading, particle size, and temperature on
the PV performance in the extraction of ethanol from
ethanol/water mixtures were explored. In certain
ranges of composition, the permeation rate was
remarkably increased without reducing the EtOH/
H2O selectivity [106].

Fermentation broths contain ethanol, water, and
a variety of other compounds, often including car-
boxylic acids. The effects of acetic acid on long-term
PV of aqueous ethanol mixtures through high-silica
ZSM-5 zeolite-filled PDMS membranes were inves-
tigated. Addition of acetic acid to the ethanol/water
mixture reduced the ethanol removal effectiveness of
these membranes and decreased permeation rates of
ethanol and water. These results are due to acetic
acid competing with ethanol and water for adsorp-
tion sites in the membrane. Longer-term exposure to
acetic acid resulted in an irreversible, steady decline
in the separation factor for EtOH/H2O selectivity
because of declining permeation rate of ethanol.
Increasing feed pH to above the dissociation constant
(pKa) of acetic acid diminished the long-term decline
in the permeation rate of ethanol and essentially
eliminated the effect of competitive adsorption.
Measurements of adsorption competition between
ethanol, water, and either acetic acid or succinic
acid on the zeolite particles suggested that other
carboxylic acids have qualitatively similar short-
term effects on membrane performance as those
observed for acetic acid [107].

The separation of ethanol/water could be cost
competitive using PV in the production of renewable
biomass ethanol; however, the performance of the
modified or unmodified polymeric membranes is
still not satisfactory. For the purpose of improving
the PV performance of polymeric membranes,
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especially for permeation rate, PDMS was deposited
uniformly on the surface of tubular asymmetric
ZrO2/Al2O3 porous ceramic supports. The thickness
of the PDMS layer formed atop the ZrO2 layer was
on the order of 5–10 mm. In the PV experiment of
ethanol/water mixtures, as the ethanol concentration
increased, the total permeation rate increased but the
EtOH/H2O selectivity decreased. At the same time,
with increasing operating temperature, the total per-
meation rate of the composite membranes increased,
whereas the EtOH/H2O selectivity decreased. It was
observed that the PDMS/ceramic composite mem-
brane showed a great total permeation rate of 19.5 kg
(m2 h)�1 and separation factor for EtOH/H2O selec-
tivity of 5.7 at a feed temperature of 70 �C, under a
pressure of 460 Pa, and in an ethanol concentration of
4.3 wt.%. The total permeation rate of the PDMS/
ceramic composite membranes was superior to other
reported PDMS membranes [108].

Studies were carried out to improve the effective-
ness and cost effectiveness of a semicontinuous
ethanol fermentation of lactose mash combined
with a PV module [109]. During a 20-day fermenta-
tion/PV with an immobilized biocatalyst, the
fermentation of the lactose mash (12%) averaged
4.56% m/v ethanol. In the circulation PV module,
ethanol from about 2000-g portions of the fermented
mash was removed to below 0.7% m/v in 10–12 h.
The effectiveness of ethanol separation ranged
between 88% and 95% and was determined by the
ethanol concentration in the fermented mash. The
productivity of 15.6% m/v ethanol obtained in such
a system was about 530 g day�1. The PDMS–PAN–
PVA membrane applied to the PV system proved to
be highly selective toward ethanol, separation factor
for EtOH/H2O selectivity was >8, and permeation
rate was 2600–3500 g (m2 h)�1.

In the above-mentioned experiment, dense
EtOH/H2O-selective membranes for the concentra-
tion of aqueous ethanol solutions were applied to PV,
EV, and TDEV. In these cases, the permeation and
separation of ethanol and water are dependent on the
solution–diffusion mechanism. Therefore, in PV, the
permeation rate is high but the EtOH/H2O selectiv-
ity is low; in EV, the permeation rate is low but the
EtOH/H2O selectivity is high; and, in TDEV, the
permeation rate is low but the EtOH/H2O selectivity
is higher. However, both high permeation rate and
high EtOH/H2O selectivity are required in the
membrane performance. It is presumed that the
membrane performance for the concentration of
water/ethanol mixtures using dense membranes is
limited. Hence, porous membranes were applied to
TDEV to concentrate aqueous ethanol solutions.

Figure 10 shows the effect of the temperature of
the membrane surroundings on the permeation rate
and the ethanol concentration in the permeate for an
aqueous solution of 10 wt.% ethanol through a dense
PDMS membrane (1) and a porous PDMS mem-
brane (2) in TDEV. In Figure 10, the temperature
of the feed solution was kept constant at 40 �C and
the temperature of the membrane surroundings was
changed; the pressure on the downstream side was
kept at 665 Pa. In Figure 10(b), with dropping tem-
perature of the membrane surroundings, the
permeation rate decreased and the ethanol concen-
tration in the permeate increased. This decrease in
the permeation rate can be explained by the permea-
tion conditions in Table 3, where �T is the
temperature difference between the temperature of
the feed solution, TL, and that of the feed vapor, TV,



Table 3 Performance of EtOH/H2O-selective membranes

Membrane
Feed
(wt.%) Method

Applied temperature
(�C)

�ETOH/
H2O

NPR�

(kgmm (m2 h)�1) Ref.

PDMS 7 PV 25 11.8 2.1 [96]

PTMSP 7 PV 25 11.2 1.1 [97]
PTMSP 10 PV 30 12.0 4.5 [98]

PFA-g-PDMS/PTMSPb 10 PV 40 20.0 24.1 [99, 100]

PPP-g-PDMS 7.28 PV 30 22.5 5.5 [101]
PSt-g-PhdFDA (87.6/12.4) 8 PV 30 45.9 0.6 [102]

TFE/i-OcVE/C18VE

Terpolymer (50/25/25) 15 PV 50 7.13 5.0 [103]

Modified silicone 10 PV 40 3.65 11.0 [95]
Modified silicone 10 TDEV �30/40 19.3 16.6 [95]

PDMS 10 PV 40 7.44 6.4 [93, 94]

PDMS 10 TDEV �30/40 85.7 0.9 [93, 94]

PMMA-g-PDMS (34/66) 10 PV 40 7.1 4.8 [90]
PMMA-b-PDMS (27/73) 10 PV 40 8.0 5.1 [91]

PMMA-b-PDMS (38/62)c 10 PV 40 6.8 3.5 [92]

PTMST 10 TDEV 0/40 77.5 38 [111]

Porous PDMS 10 TDEV �20/40 23.1 1250 [23, 110]

a Normalized permeation rate.
b PFA-g-PDMS is 0.2 wt.%.
c Annealing is 120 �C, 2 h.
From Uragami, T. Polymer Membranes for Separation of Organic Liquid Mixtures. In Material Science of Membranes for Gas and Vapor
Separation; Yampolskii, Y., Pinnau, I., Freeman, B.D., Eds., Wiley: New York, 2006; pp 355–372.
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and �P is the pressure difference between the pres-

sure on the feed side, Pf, and that on the permeate

side, Pp. In Figures 11(a)–11(c), the relationships

between �T and �P, and between �P and �T,

and the characteristics of permeation and separation

are shown, respectively. It is suggested that an

increase in �T results in a decrease both in �P and

in the permeation rate. Consequently, the decrease in

the permeation rate with dropping temperature of

the membrane surroundings in Figure 10(b) signifi-

cantly depends upon a decrease in �P.
Conversely, the increase in the ethanol concen-

tration in the permeate shown in Figure 10(b), that

is, the increase in the EtOH/H2O selectivity through

a porous PDMS membrane with dropping tempera-

ture of the membrane surroundings, can be attributed

to a tentative mechanism shown in Figure 12 [227].
When water and ethanol molecules, vaporized

from the feed solution, come close to the membrane

surroundings kept at lower temperature in TDEV,
the water vapor aggregates much easier than the

ethanol vapor, because the freezing point of

water molecules (0 �C) is much higher than that of

ethanol molecules (–114.4 �C), and the aggregated

water molecules tend to be liquefied as the tempera-

ture of the membrane surroundings becomes lower.

Conversely, because the PDMS membrane has a
relatively high affinity to the ethanol molecules,

they are sorbed inside the pores in a porous PDMS

membrane, and this sorbed layer of the ethanol mole-
cules is formed in an initial stage of the permeation.

The vaporized ethanol molecule may be able to

permeate across the membrane by surface diffusion
on the sorbed layer of the ethanol molecules inside

the pores.
Both the aggregation of the water molecules and

the surface diffusion of the ethanol molecules in
the pores are responsible for the increase in the

ethanol/water selectivity through a porous PDMS
membrane in TDEV. The increase of the EtOH/

H2O selectivity in TDEV can be attributed to both

the degree of aggregation of the water molecules
on the membrane surroundings and the thickness

of the sorbed layer of the ethanol molecules inside

the pores, which are significantly governed by the
temperature of the membrane surroundings. When

the temperature of the membrane surroundings
becomes lower, the degree of aggregation of the

water molecules and the thickness of the sorbed

layer of the ethanol molecules are increased.
Therefore, an increase in the EtOH/H2O selectiv-

ity for aqueous ethanol solutions was observed

with dropping temperature of the membrane
surroundings.
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As shown in Figures 10(a) and 10(b), the ten-
dency of the decrease in the permeation rate and
increase in the EtOH/H2O selectivity, with lowering
temperature of the membrane surroundings through
these two PDMS membranes, was very similar.
Despite the fact that the EtOH/H2O selectivity in
these PDMS membranes was almost equal, the per-
meation rates through these PDMS membranes were
remarkably different, that is, the permeation rates in
a porous PDMS membrane were higher by three
orders of magnitude than those of a dense PDMS
membrane [227].

A remarkable difference in the permeation rate
between dense and porous PDMS membranes can be
attributed to the fact that the permeation through
a dense PDMS membrane is due to the solution–
diffusion model [12, 88] and that through a porous
PDMS membrane is based on pore flow, as shown in
Figure 12.

Based on the above results, it is suggested that an
application of porous hydrophobic polymer mem-
branes to TDEV for the concentration of aqueous
ethanol solutions is very advantageous [23, 110].

In Table 4, the performance of the ethanol/
water-selective polymer membranes is compared.
As can be seen in Table 4, the addition of PFA-g-
PDMS to the PTMSP membrane in PV was very
effective; the application of TDEV method to the
membrane separation technique was also very inter-
esting for the enhancement of the EtOH/H2O
selectivity for the ethanol/water mixtures; and, in
particular, the application of porous PDMS mem-
brane to TDEV was a very excellent performance
for the ethanol/water mixtures.

A specially designed and manufactured PV cell
was used to separate the butanol from butanol/water
mixtures of different butanol concentrations. The PV
experiment was carried out in butanol/water mixture
of 250 cm3 under the pressure of permeation side of 0
bar. Results revealed that butanol concentration
changes nonlinearly during the first 3 h, and then
proceeds linearly. The percentage of butanol
removal increased with increasing feed concentra-
tion. A resistance in series model was used to
simulate the PV step. The butanol concentration in
the feed during the PV step was predicted by using
the developed model. There is a fair agreement
between butanol concentration in feeding tank of
PV cell both experimentally and predicted from the
developed model [112].

PV experiments were conducted to recover
1-butanol (BuOH) from model pharmaceutical aqueous
waste using a surface-modified PVF2 membrane. The
surface modification of the membrane was made using
silicone grease as an ultrathin layer on the surface to
improve the PV performance of the membrane. The
effect of operating variables, such as feed composition,
feed temperature and feed flow rate on permeation
rates, separation factor, and pervaporative separation
index, was studied in order to optimize the operating
variables. The experimental results showed that
surface-modified PVF2 membrane was BuOH/H2O
selective, especially for low feed compositions. The
separation factor for BuOH/H2O selectivity of 6.4 and
total permeation rate of 4.126 kg (m2 h)�1 were
obtained at a feed composition of 7.5 wt.%, feed tem-
perature of 50 �C, feed flow rate of 600 ml min�1, and
permeate pressure of 50 mmHg. The total permeation
rate of the surface-modified membrane increased with
increasing feed composition, feed temperature, and
feed flow rate of the mixture, whereas the separation
factor for BuOH/H2O selectivity was a reversed order
except for flow rate. The influence of operating
variables, such as feed composition and temperature,
on partial permeation rate and permeate composition
was modeled based on Fick’s first law to understand
the process behavior, which will be very useful for
design purpose. These models will be used to predict
the required membrane surface area for recovery of
1-butanol for the range of experimental feed composi-
tions [113].
2.11.6.3 Water/Organic-Liquid-Selective
Membranes

Water/organic-selective membranes are effective for
the dehydration of water/organic mixtures. The
dehydrated organic solvents can be useful as indus-
trial reaction solvents, washing solvents, and
analytical solvents.

In Figure 13, the permeation and separation char-
acteristics for an aqueous dimethyl sulfoxide
(DMSO) solution through a dense Chito membrane
by TDEV are shown. In Figure 13, the feed was an
aqueous solution of 50 wt.% DMSO; the temperature
of the feed solution was kept constant at 40 �C; and
the temperature of the membrane surroundings was
lowered to less than the temperature of the feed
solution [114]. Both the total permeation rate and
the separation factor increased with dropping
temperature of the membrane surroundings. This
increase in the total permeation rate may be due to
the increase in the solubility of the vapor in the
membrane with increasing temperature of the
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Figure 11 Relationships between the temperature

difference, �T, and the pressure difference, �P (a), between
�P and the permeation and separation characteristic (b), and

between �T and the permeation and separation characteristics

(c) in TDEV. From Uragami, T. Polym. J. 2008, 40, 485–494.
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Figure 12 Tentative mechanism of the separation for
aqueous ethanol solutions through porous PDMS membrane

in TDEV. From Uragami, T. Polym. J. 2008, 40, 485–494.
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membrane surroundings, according to Henry’s law.
The increase of the separation factor, that is, the
improvement of the H2O/DMSO selectivity, can be
explained by the illustration shown in Figure 14.
When the DMSO and water molecules, which had
vaporized from the feed mixture, come close to the
membrane surroundings, the DMSO vapor aggre-
gates much easier than the water vapor (because the
freezing points of DMSO and water are 18.4 and
0 �C, respectively), and tends to liquefy as the tem-
perature of the surrounding membrane becomes
lower. This aggregation of the DMSO molecules is
responsible for the increase in the H2O/DMSO
selectivity for water through the Chito membrane.
The increase in the separation factor with the TDEV
method, in which the temperature of the membrane
surroundings is lower than the temperature of the
feed solution, can be attributed to the degree of
aggregation of the DMSO molecule, which is sig-
nificantly governed by the temperature of the
membrane surroundings. The high H2O/DMSO
selectivity of Chito membrane for an aqueous solu-
tion DMSO in TDEV is significantly enhanced by
both the high affinity for water of the Chito mem-
brane and the decrease in the solubility selectivity
for DMSO molecules into the Chito membrane,
based on their aggregation on the membrane sur-
roundings [23, 114]. The mechanism of permeation
and separation of a DMSO/water mixture through a
dense Chito membrane during TDEV, in
Figure 14, is effective for understanding that of an
ethanol/water mixture through a dense PDMS
membrane during TDEV [23].

Novel hybrid composite membranes have been
prepared by incorporating 5 and 10 wt.% of sodium
montmorillonite (NaMMT) clay particles into
NaAlg and cross-linked with GA. PV separation per-
formance of the hybrid composite membranes was
investigated for the dehydration of 2-propanol, 1,4-
dioxane (DIOX), and tetrahydrofuran (THF) from



Table 4 Permeation and separation characteristic for an aqueous solution of 10 wt.% ethanol through a porous PDMS

membrane during TDEV and the permeation conditions in TDEV on changing the temperature of the membrane surroundings
as the temperature of the feed solution was kept constant

Temperature of membrane surroundings
(�C)

�20 0 20 40

EtOH in permeate (wt.%) 71.8 71.1 62.1 49.8

Permeation rate (kg (m2 h)�1) 0.14 7.8 16.1 20.1
TL 33.0 33.8 35.2 40.0

TV 17.2 22.0 30.2 38.0

�T 15.8 11.8 5.0 2.0

�P 4934 5692 6357 6903
PF 5599 6357 7022 7568

TL, temperature of the feed solution; TV, temperature of the feed vapor; Pp, pressure on the downstream side; PF, pressure on the feed
side. �T¼ TL– TV, �P¼PF – Pp.

From Uragami, T. Polym. J. 2008, 40, 485–494.
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Figure 13 Effects of the temperature of the membrane

surroundings on the characteristics of permeation and

separation for an aqueous solution of 50 wt.% dimethyl
sulfoxide (DMSO) through the Chito membrane in TDEV.

Feed temperature: 40 �C. From Uragami, T., Shinomiya, H.

J. Membr. Sci. 1992, 74, 183–191.
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Figure 14 Tentative separation mechanism for aqueous

dimethyl sulfoxide solution through a Chito membrane in

TDEV. From Uragami, T., Shinomiya, H. J. Membr. Sci.
1992, 74, 183–191.
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their aqueous solutions. NaMMT particles could be
intercalated in the aqueous polymer solution. The
driving force for NaMMT adsorption is entropic,
which involves at least partial replacement of water
of hydration associated with exchangeable cations in
the clay galleries. The results of PV experiments
demonstrated that the addition of NaMMT clay
particles increased the selectivity to water over that
of pristine NaAlg membrane. Permeation rates of the
hybrid composite membranes were lower than those
observed for plain NaAlg membrane [115].

Microporous alumino-phosphate (AlPO4-5) has
been employed to prepare novel NaAlg-based
composite membranes by solution-casting technique

and cross-linking with GA. These membranes were

tested for the PV dehydration of 2-propanol (12.6

wt.% water), 1,4-dioxane (18.1 wt.% water), THF

(6.7 wt.% water), and ethanol (4 wt.% water) from

their aqueous mixtures. However, PV dehydration

studies at feed composition from 5 to 20 wt.% were

done for pristine NaAlg and 20 wt.% AlPO4-5-

loaded composite membranes. The activation para-

meter values involved in the permeation process were

evaluated. The permeation rate and selectivity near

the azeotropic compositions of the feed mixtures were

enhanced with increasing AlPO4-5 content into

NaAlg-based matrix. The selectivity to water was

higher for water/IPA azeotrope, but the permeation

rate was more in case of water/1,4-dioxane and
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water/tertahydrofuran azeotropes. The selectivity to
water was smaller for water/THF and water/ethanol
azeotropes as compared to water/2-propanol and
water/1,4-dioxane azeotropes. Molecular-sieving
effect due to uniform distribution of microporous
molecular sieve particles, and hydrophilic character-
istics of the alumino-phosphate molecular sieve, in
addition to its interaction with the hydrophilic NaAlg
matrix, were responsible for such an appreciable
increase in membrane performance over that of
pristine cross-linked NaAlg membrane [116].

PVA-based nanocomposite membranes were pre-
pared by co-precipitation of different amounts of
Fe(II) and Fe(III) taken in an alkaline medium and
their PV performances were investigated to dehy-
drate from aqueous solutions of 10–20 wt.% 2-
propanol and 1,4-dioxane, and 5–15 wt.% THF.
Thin-layer membranes were cast on polyester fabric
cloths as support layers to improve their PV separa-
tion performances for all the three mixtures over that
of the pristine cross-linked PVA membrane. In parti-
cular, the composite membrane prepared by taking
4.5 wt.% of iron oxide showed an improved selectiv-
ity with a slight sacrifice in the permeation rate
compared to membranes containing lower contents
of iron oxide as well as the pristine cross-linked PVA
membrane. The permeation rate decreased with
increasing content of iron in the PVA matrix, while
the selectivity increased systematically [117].

The PV separation of 1,4-dioxane/water mixtures
was carried out using cross-linked blend membranes
of Chito and nylon 66 (N66). Optimum Chito/N66
ratio was determined as 90/10 (w/w) for the contain-
ing water of 4.3 wt.% at 40 �C [118]. Increasing
barrier from 30 to 120 mm improved separation fac-
tors for H2O/DIOX selectivity from 767 to 1123, but
permeation rates were lowered from 0.118 to 0.028 kg
(m2 h)�1. An azeotrope of 1,4-dioxane/water mixture
(1,4-dioxane of 82 wt.%) was easily broken with a
separation factor for H2O/DIOX selectivity of 865
and permeation rate of water was 0.089 kg (m2 h)�1.

Acrylonitrile (AN) was copolymerized with 2-
hydroxyethyl methacrylate (HEMA) at three different
copolymer compositions [119] by emulsion polymeri-
zation to produce PAN/HEMA copolymer
membranes. These membranes were PAN/HEMA-1,
PAN/HEMA-2, and PAN/HEMA-3. The PV dehy-
dration of THF over a concentration range of 0–14
wt.% water in the feed through these three copolymer
membranes was studied. Among the copolymer mem-
branes, PAN/HEMA-1 membrane exhibited a
reasonable permeation rate of water (34.9 g (m2 h)�1)
with a very high H2O/THF selectivity of 264, whereas
PAN/HEMA-3 membrane showed a higher permea-
tion rate of water of 52 g (m2 h)�1; however, the H2O/
THF selectivity for highly concentrated THF (water of
0.56 wt.% in the feed) at 30 �C was 176.5.

Cross-linked blend Chito/PVA membranes were
prepared by casting mixtures of Chito and PVA and a
urea formaldehyde/sulfuric acid mixture. Chito was
used as the base component in the blend system,
whereas PVA concentration was varied from 20 to
60 wt.%. Membranes were tested for PV dehydration
of 2-propanol and THF. In close proximity to their
azeotropic compositions, the membrane performance
was assessed by calculating permeation rate and
selectivity. Swelling experiments performed in
water/organic mixtures were used to explain the
PV results. The cross-linked blend membrane con-
taining 20 wt.% PVA was tested for water of 5 and 10
wt.% in the THF/water mixture and 2-propanol/
water mixture. Their separation factors for water
selectivity were 4203 and 17 991, respectively. The
permeation rate increased with increasing concentra-
tion of water in the feed. The selectivity was the
highest for the cross-linked blend membrane with
PVA of 20 wt.% [120].

Dense polymer membranes were made by mixing
aqueous solutions of hydrophilic polymers PVA and
PEI for investigating the separation of an azeotrope
of THF/water (94 wt.% THF) by PV. The mem-
branes were found to have good potential for
breaking an azeotrope of THF. An increase in PVA
content in the blend caused a decrease in the permea-
tion rate and an increase in selectivity. The blend
membrane of PVA/PEI of 5/1 showed the highest
separation factor for H2O/THF selectivity of 181.5
and the permeation rate of 1.28 kg (m2 h)�1 for an
azeotropic mixture, respectively [121].

Mixed-matrix polymer membranes containing
nanosized (21 nm) TiO2 particles dispersed in
NaAlg were prepared by solution casting and cross-
linking with GA. These membranes were tested for
PV dehydration of THF and 2-propanol from their
aqueous solutions. Plain cross-linked NaAlg mem-
brane could remove up to a water content of 97 wt.%
for the feed with high water content The mixed-
matrix membranes of NaAlg had infinite selectivities
for the dehydration with reasonable permeation
rates. Permeation rates of NaAlg–TiO2 mixed-
matrix membranes were slightly lower than those of
the plain NaAlg membrane [122].

Zeolite K-LTL-loaded NaAlg-mixed-matrix
membranes were prepared by solution casting and
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cross-linked with GA. The PV dehydration of
2-propanol, 1,4-dioxane, and THF was tested at
30–70 �C as a function of membrane thickness and
feed compositions. These membranes showed
enhancement in both the permeation rate and water
selectivity at azeotropic mixtures. These results were
due to the addition of K-LTL particles in NaAlg
matrix. The permeation rate and selectivity to
water were higher for water/1,4-dioxane azeotrope
than those of water/2-propanol and water/THF
azeotropic mixtures. Molecular-sieving effect, based
on uniform distribution of K-LTL zeolite particles,
in NaAlg matrix, its hydrophilicity, and hydrophilic
NaAlg gave high membrane performance than pris-
tine cross-linked NaAlg membrane [123].

Permeation and separation characteristics of
N,N9-dimethyl formamide (DMF)/water mixtures
were investigated by PV, EV, and TDEV using algi-
nate membranes cross-linked with calcium chloride.
The permeation rate was found to be inversely pro-
portional to the membrane thickness, whereas the
separation factor increased with increasing mem-
brane thickness. The permeation rates in EV and
TDEV were lower than those in PV, and the highest
separation factors were obtained with TDEV.
Alginate membranes gave permeation rates of 0.97–
1.2 kg (m2 h)�1 and separation factors for H2O/DMF
selectivity of 17–63, depending on the operation
conditions and the membrane separation method.
The sorption selectivity was a dominant factor for
the separation of DMF/water mixtures [124].

Membranes constructed from pure poly(4-
methyl-1-pentene) (TPX) and 4-vinyl pyridine
(4-VP)-modified TPX membranes (TPX/P4-VP)
were also prepared for PV. The introduction of a
hydrophilic 4-VP monomer into the TPX matrix
was done by free radical polymerization to form
the TPX/P4-VP membrane. The separation factor
for H2O/CH3COOH selectivity and permeation rate
of the TPX/P4-VP membranes were higher than
those of the unmodified TPX membranes for the
PV of an aqueous acetic acid solution. A good
relationship was obtained between the water concen-
tration in the feed and the permeation rate of water
by applying the Michaelis–Menten equation [125].

The PV separation of acetic acid/water mixtures
was carried out over the full range of compositions at
30–55 �C using PVA membranes modified with PAA.
The best condition for the preparation of the mem-
branes was found as PVA/PAA ratio of 75/25 (v/v).
PVA/PAA membranes gave separation factors of
34–3548 and permeation rates of 0.03–0.60 kg (m2 h)�1,
depending on the operation temperature and feed
mixture composition [126].

Itaconic acid (IA) was grafted onto PVA with
cerium (IV) ammonium nitrate as an initiator. IA-g-
PVA membranes were prepared with a casting
method, and permeation and separation characteris-
tics of acetic acid/water mixtures were investigated
by PV, EV, and TDEV. The permeation rates in EV
were lower than those in PV, whereas the separation
factors for H2O/CH3COOH selectivity in EV were
higher. In TDEV, permeation rates decreased and
separation factors for H2O/CH3COOH selectivity
increased with dropping temperature of the mem-
brane surroundings. The highest separation factor for
H2O/CH3COOH selectivity of 686 was obtained for
acetic acid of 90 wt.% in the feed in TDEV [127].

The characteristics of permeation and separation of
acetic acid/water mixtures through 85/15 (v/v) PVA/
malic acid (MA) membranes were investigated by EV
and TDEV. The permeation rates increased; however,
separation factors for H2O/CH3COOH selectivity
decreased with an increase in permeation temperature
in EV. When the temperature of feed solution was
kept constant and the temperature of the membrane
surrounding was dropped, the permeation rate and
separation factor for H2O/CH3COOH selectivity
were significantly influenced by the temperature of
membrane surroundings. The increase in the acetic
acid concentration in the feed vapor mixture
decreased the permeation rate and increased the
separation factor for H2O/CH3COOH selectivity,
except 40 wt.% acetic acid content. The best separa-
tion factors were 800 in the EV and 860 in the TDEV
for 90 wt.% acetic acid. The separation index of
TDEV was higher than that of EV for an azeotropic
mixture of acetic acid/water. TDEV in the separation
of acetic acid/water mixtures through the PVA/MA
membranes was more effective than EV [128].

The separation of acetic acid/water mixtures was
carried out using PV and TDEV. For the separation
process, 4-VP was grafted on PVA. Membranes were
prepared from the graft copolymer by casting method
and cross-linked by heat treatment. Permeation rates
were found to be high in PV, whereas separation
factors for H2O/CH3COOH selectivity were high in
TDEV. Membranes gave permeation rates of
0.1–3.0 kg (m2 h)�1 and separation factors of 2.0–61.0,
depending on the composition of the feed mixture and
the membrane separation method [129].

The separation of acetic acid/water mixtures by
using EV and TDEV was carried out over the full
range of compositions at 30–55 �C using PVA/PAA of
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75/25 (v/v) alloy membranes. PVA/PAA membranes
in EV gave separation factors of 110–5711 and per-
meation rates of 2.3� 10�4–1.53� 10�1 kg (m2 h)�1,
depending on the operation temperature and feed
mixture composition. TDEV was also applied to
PVA/PAA membranes to separate acetic acid/water
mixtures; high permeation rates (1.7� 10�3–
3.0� 10�1 kg (m2 h)�1) and separation factors for
H2O/CH3COOH selectivity (1335–8924) were
obtained. Azeotrope of acetic acid and water was also
separated by TDEV with a separation factor of 297
and permeation rate of 1.50� 10�1 kg (m2 h)�1 [130].

AN and HEMA were grafted onto PVA using
cerium (IV) ammonium nitrate as initiator at 30 �C.
The PVA-g-AN/HEMA membranes were prepared
by a casting method, and used in the separation of
acetic acid/water mixtures by PV. PVA-g-AN/
HEMA membranes gave separation factors for
H2O/CH3COOH selectivity of 2.26–14.60 and per-
meation rates of 0.18–2.07 kg (m2 h)�1. Grafted
membranes gave lower permeation rates and greater
separation factors for H2O/CH3COOH selectivity
than PVA membranes [131].

Novel composite membranes were prepared from
two hybrid materials of class I and class II.
Membranes exhibited a remarkable increase in the
degree of swelling with increasing zeolite loading in
class-II hybrid material. The PV performance of
these membranes for the separation of water/acetic
acid mixtures was investigated in terms of feed com-
position and zeolite loading. Both the permeation
rate and H2O/CH3COOH selectivity increased
simultaneously with increasing zeolite content in
the membrane matrix. These results were explained
based on the enhancement of hydrophilicity, selec-
tive adsorption, and the establishment of molecular-
sieving action. Among the membranes developed, the
membrane containing 15 mass% of zeolite exhibited
the highest separation factor for H2O/CH3COOH
selectivity of 2423 with a permeation rate of
8.35� 10�2 kg (m2 h)�1 for 10 mass% of water in
the feed at 30 �C [132].

A new type of NaAlg composite membrane, by
incorporating cobalt (III) (3-acetylpyridine-o-amino-
betizoylhydrazone) (Co-APABZ) complex as filler
particles in different ratios, was developed.
Membranes were prepared by solution casting, fol-
lowed by solvent evaporation, and cross-linked with
GA. NaAlg composite membranes in the presence of
Co-APABZ particles preferentially absorbed water
molecules to facilitate diffusion of water through
the membranes, thus enhancing the H2O/
CH3COOH selectivity in the acetic acid/water mix-
ture. However, the membrane performance was
significantly affected by the content of Co-APABZ
in the NaAlg matrix and the degree of swelling of the
membrane. The membrane with Co-APABZ of
5 wt.% in NaAlg matrix resulted in the separation
factor for H2O/CH3COOH selectivity of 174 and the
permeation rate of 0.123 kg (m2 h)�1 for an aqueous
solution of 90 wt.% acetic acid [133].

Novel hydrophilic polymer membranes based on
cross-linked mixtures of poly(allylamine hydrochlor-
ide)–PVA are developed. The high selectivity and
permeation rate characteristics of these membranes
for the dehydration of organic solvents are evaluated
using PV technology and are found to be very pro-
mising when compared to existing membranes [134].
2.11.6.4 Selective Membranes for Organic
Liquid/Water Mixtures

Organic-liquid/water-selective membranes are
effective for the removal of organics in water and
recovery of organic solvents from water. These mem-
branes can contribute to the environmental problem
and effective use of organic solvents.

The removal and enrichment of chlorinated
hydrocarbons, such as 1,1,2-trichloroethane (TCE),
trichloroethylene (TCET), and tetrachloroethylene
(TECET), from dilute aqueous solutions by PV was
investigated [135]. Novel polymers with high selec-
tivity for these solvents were synthesized by radical
polymerization, that is, glassy copolymers composed
of (trimethylsilyl)methyl methacrylate (TMSMMA),
and rubbery n-butyl acrylate (n-BA). The effect of
the molar ratio of TMSMMA/n-BA on the permea-
tion rate of TCE and the separation factor for
TCE/H2O selectivity was examined. The glass tran-
sition temperatures of the copolymers decreased with
an increase in n-BA content, which resulted in high
segmental mobility and, thus, high diffusivity. The
copolymer membrane containing about 70 mol.% of
n-BA showed the highest separation factor, in the
range of 600–1000, for TCE. The high selectivity of
these copolymer membranes for chlorinated hydro-
carbons was mainly attributed to high partition
coefficients for chlorinated hydrocarbons [135].

Silicalite-filled poly(siloxane imide) (PSiI) mem-
branes were prepared for the separation of VOCs
from water by PV. PSiI copolymer was synthesized
by polycondensation of 3,39,4,49-benzophenonete-
tracarboxylic dianhydride (BTDA) with a
siloxane-containing diamine, for example, PDMS,
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bis(3-aminopropyl) terminated (PSX), added with
3,3-diaminodiphenyl sulfone (DDS). 2,4,6-triamine
pyrimidine (TAP) was added into the casting solu-
tion in order to enhance the compatibility between
the polymeric matrix and the filler, that is, silicalite.
The surface morphology for the membrane, with
the addition of TAP, differed from that without
TAP. The latter seems to be consisting of particles
in the membrane surface. The solubility selectivity
of the PSiI membranes for chloroform (CHCl3)/
water solutions was investigated, and there was a
highest value for it around 50 wt.% of PSX content.
The PV performance of the membranes was studied
with the separation of chloroform/water mixture.
The silicalite-filled membrane with 120-mm thick-
ness exhibited a high total permeation rate of 280 g
(m2 h)�1 with separation factor for CHCl3/H2O
selectivity of 52.2 for chloroform of 1.2 wt.% of
the chloroform/water mixture [136].

Hydroxy-terminated polybutadiene (HTPB)–
polyurethaneurea (PUU)–PMMA IPN membrane
has been developed for the selective removal of
chlorinated VOCs, such as 1,1,2,2-tetrachloroethane
(TCEN), CHCl3, carbon tetrachloride (CCl4), and
TCET in water, in very low concentration by PV.
IPNs of different PMMA content and also different
cross-linking densities were used. Since the selective
permeation and diffusion of the VOCs through the
membrane are dependent on their interaction with
the membrane material, their sorption and diffusion
behaviors through the membrane were also investi-
gated by swelling the membrane in pure VOCs. The
sorption and diffusion behaviors were explained with
the help of their solubility parameter data and calcu-
lated interaction parameter data of the membrane
polymers with the VOCs. Based on the swelling
kinetics data, diffusion coefficients of the VOCs
through the membrane were calculated. Diffusion
coefficients increased with the increase in cross-link-
ing density and PMMA content in the membrane. In
PV experiment, concentrations of chlorinated
organic compounds in feed were varied from 100 to
1000 ppm. All the three IPN membranes showed
excellent separation performances of the chlorinated
VOCs from water. One IPN containing PMMA of
26% produced TCET of 88.7% in the permeate and
resulted in the permeation rate of 0.2 kg (m2 h)�1 and
a separation factor of 7842 for 0.1% aqueous feed at
30 �C. All three IPN membranes of different compo-
sitions showed the separation performances, namely,
permeation rate and separation factor in the order of
TCEN< CCl4 < CHCl3 <TCET [137].
Surfactants are widely used for the remediation of
groundwater contaminated with chlorinated solvents.
The reuse of surfactants is quite important for the
economic feasibility of the remediation process. PV
with a PDMS membrane was conducted to simulta-
neously separate TCE and TCEN from waste
solution of the nonionic surfactant Tween 80.
Membrane thickness between 200 and 300 mm did
not affect the PV performance. The permeation rate
of organic did not increase above the flow rate of
100 ml min�1. The increase in the feed concentration
and feed temperature enhanced the permeation rate
of organic. Organic selectivity reduced significantly
with increasing feed temperature. This was due to an
increase in the thermal motion of polymer chains.
The reduction in the permeation rate was small,
below surfactant of 1.0 wt.% (Tween 80) in feed
solution. The permeation rate and selectivity for
TCE were higher than those of tetrachloroethylene
(PCE) because an extramicellar portion of TCE was
higher than that of TCEN. In simultaneous PV of
TCE and TCEN, the permeation rate and organic
selectivity decreased due to the competitive sorption
of TCE and TCEN. However, the reduction percen-
tage in permeation rate and selectivity was less than
10% in TCE/TCEN of 1/1. With operation for
100 h, over 95% of TCE and 90% of TCEN were
simultaneously removed from 0.5 wt.% of Tween 80
solution with TCE and TCEN of 1000 ppm [138].

The permeation and separation characteristics of
a series of chlorinated hydrocarbons, which have
different carbon and chlorine numbers, were investi-
gated through a PDMS membrane in the PV of pure
hydrocarbon organics and dilute organic aqueous
mixtures, respectively. The permeation behavior of
the chlorinated hydrocarbon aqueous solutions was
interpreted in terms of the effects of the interaction
between the organic permeant and the membrane
material, and the interaction between the water and
organic molecules absorbed in the membrane, result-
ing in a corresponding plasticization action on the
membrane material. The permeation of an organic
permeant through the rubbery membrane was domi-
nated by the solubility process rather than by the
diffusion process [139].

The application of an integrated PV process to
improve the PV performance of acetic acid/water
mixtures was investigated. This integrated PV pro-
cess was based on a plain PDMS membrane with a
hydrophobic ionic liquid composed of a heterocyclic
cation and [PF 6]� anions. The hydrophobic ionic
liquid was introduced as the third phase between the
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aqueous phase and the plain PDMS membrane for
improving mass transfer of acetic acid from its aqu-
eous matrix to the PDMS membrane. The primary
results indicated that the ionic liquid as an extractant
prior to PV was favorable for improving the
CH3COOH/H2O selectivity and the permeation
rate of acetic acid compared with those in a plain
PDMS membrane. This performance could be attrib-
uted to the incorporation of acetic acid molecules
and rejection of water molecules by the ionic liquid
prior to PV. Extraction of a real effluent containing
acetic acid from an antibiotic pharmaceutical plant
was carried out using the above integrated PV, and
the results imply that this integrated PV process
could be scaled up for recovering acetic acids over
its water-rich effluents [140].

HTPB-based PUU membranes were synthesized
and used for pervaporative recovery of N-methyl-2-
pyrrolidone (NMP) from dilute aqueous solution. The
sorption of NMP in cross-linked PUU membranes
was found to vary with the NMP concentration in
the feed and soft segment content of the membrane.
A linear sorption isotherm was observed. The effects
of membrane soft segment content, NMP concentra-
tion, operating temperature, and membrane thickness
on the PV performance of the synthesized PUU mem-
branes were studied. With decrease in soft segment
content of the membrane, the permeation rate
decreased slightly but the separation factor for
NMP/H2O selectivity increased to some extent.
With increase in concentration of NMP in the feed
solution, the permeation rate was improved signifi-
cantly. Both the permeation rate and the separation
factor for NMP/H2O selectivity increased with
increase in operating temperature [141].

HTPB-based porous PUU membranes were pre-
pared. The porosity was developed by incorporation
of lithium chloride into polymer matrix with subse-
quent leaching of the same in hot water. The PV
performance of synthesized membranes was studied
with aqueous 4-nitrophenol solution as feed. PUU
membrane was found to permeate 4-nitrophenol
selectively with high separation factors for the
organic component. Pore size and number of pores
on the surface of the membrane were calculated from
scanning electron microscope (SEM) image of the
membranes, and effects of pore size and porosity on
PV permeation were also investigated [142].

IPN membrane of HTPB-based PUU and PMMA
was developed and used in the PV separation of
water/DMF mixtures of different compositions. At a
higher temperature, the permeation of diffusing
molecules through the membrane became easier,
resulting in an increase of permeation rate of DMF.
With the increase in PMMA content in the mem-
brane, the permeation rate of DMF and separation
factor for DMF/H2O selectivity increased. This
increase was due to the presence of more polar groups
of PMMA. The highest permeation rate of DMF was
0.231 kg (m2 h)�1 for the PUU–PMMA-3 membrane
at 60 �C for DMF of 80% in the feed [143].

The separation of propyl propionate/water mix-
tures by PV using poly(ether-b-amide) (PEBA)
membranes, which is relevant to aroma compound
recovery from dilute aqueous solutions, was studied.
Under the experimental conditions tested, the
permeate concentration was much higher than the
solubility limit, and, upon phase separation, substan-
tially pure propyl propionate could be achieved. The
diffusivity of propyl propionate through the
membrane from its dilute aqueous solutions was
affected by the solution concentration exponentially.
The permselectivity of the membrane for propyl
propionate/water separation was mainly derived
from its solubility selectivity due to the organophili-
city of the membrane. The diffusivity of pure propyl
propionate in the membrane was about 29 times
higher than the diffusivity of pure water [144].

The PV characteristics of the EVA copolymer
membranes with different VA content for recovery
of ethyl acetate (EA) from aqueous EA solutions were
investigated. The separation factor for EA/H2O
selectivity decreased with increasing VA content
from 26 wt.% (EVA26) to 100 wt.% (poly vinyl
acetate, PVAc) in EVA copolymer membranes. A
maximum permeation rate (JEA, max) of EA of a
EVA membrane with a VA content of 38 wt.% for
2.5 wt.% aqueous EA solution at 30 �C was 550 g
(m2 h)�1 and the separation factor for EA/H2O selec-
tivity was 118. These PV characteristics of EVA
membranes were explained in terms of the crystal-
linity of EVA copolymer and the affinities between
EA or water and VA segment in EVA copolymer
membrane. Experimental results also showed that
both the separation factor for EA/H2O selectivity
and JEA increased with increasing feed temperature
and feed concentration [145].

Separation of multicomponent liquid systems
containing nonvolatile compounds (e.g., salts, sugars,
or proteins) became an important and interesting
case of the application of PV process. The influence
of NaCl on the performance of PV removal of methyl
acetate (MeAc) from water using hydrophobic mem-
brane was evaluated [146]. The selective and
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transport properties were determined for a hydro-
phobic PDMS membrane in contact with pure water,
binary water/MeAc, and ternary water/MeAc/NaCl
systems. The presence of electrolyte in the feed
solution caused the decrease of the permeation rate
of water and the increase of permeation rate of MeAc
simultaneously; thus, the increase in the membrane
selectivity and the overall performance of the separa-
tion process were enhanced. Such behavior of the
membrane system can be explained by the salting-
out effect and described using the Setschenov
empirical equation. In contact with binary mixture
(1 wt.% MeAc), the separation factor for MeAC/
H2O selectivity was 160 and the permeation rate of
MeAc J(MeAc) was 202 g (m2 h)�1, whereas in contact
with ternary mixture (1 wt.% MeAc, 4 mol.
NaClkg�1) and JMeAc was 430 g (m2 h)�1.

PEBA membranes were prepared by casting a
solution on a nonsolvent surface. The effects of the
solvent ratio (n-butanol/2-propanol), temperature,
and polymer concentration on the quality of the
membranes were studied. The results show that the
film quality was enhanced with increasing
2-propanol ratio in the solvent. This behavior was
related to the reduction of the solution surface ten-
sion and the interfacial tension between the solution
and nonsolvent. Uniform films were made at a tem-
perature range of 70–80 �C and a polymer
concentration of 4–7 wt.%. The qualities of the
films improved with increasing 2-propanol ratio in
the solvent. With these membranes, the PV of ethyl
butyrate (ETB)/water and 2-propanol/water mix-
tures was studied. For ETB/water mixtures, with
increasing ETB content, both the permeation rate
and separation factor for ETB/H2O selectivity
increased. However, for 2-propanol/water mixtures,
with increasing 2-propanol content, the permeation
rate increased, but the separation factor for IPA/H2O
selectivity was decreased. Increasing temperature in
a limited range resulted in a decreasing separation
factor and an increasing permeation rate [147].

The removal of VOCs, such as Bz and chloro-
form, from aqueous Bz and chloroform solutions
using PMMA-g-PDMS, poly(ethylmethacrylate)–
PDMS (PEMA-g-PDMS), and poly(n-butylmetha-
crylate)–PDMS (PBMA-g-PDMS) graft copolymer
membranes was investigated by PV. When aqueous
solutions of dilute VOCs were permeated through
the PMMA-g-PDMS and PEMA-g-PDMS mem-
branes, these membranes were Bz/H2O and
CHCl3/H2O selective. The permeation and separa-
tion characteristics of the PMMA-g-PDMS and
PEMA-g-PDMS membranes changed drastically at
a DMS content of about 40 and 70 mol.%, respec-
tively, as shown in Figure 15. The permeation rate
and VOC/water selectivity of the PBMA-g-PDMS
membranes, however, increased gradually with
increasing DMS content, unlike those of PMMA-
g-PDMS and PEMA-g-PDMS membranes.
Furthermore, TEM observations revealed that the
PMMA-g-PDMS and PEMA-g-PDMS membranes
had microphase-separated structures, consisting of a
PDMS phase and a poly(alkyl methacrylate) phase.
Conversely, the PBMA-g-PDMS membrane was
homogeneous. It was found that the permeability
and selectivity of these graft copolymer membranes
for treatment of aqueous VOC solutions by PV
were significantly related to a PDMS continuous
layer in the phase-separated structure [148, 149].
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Hydrophobically surface-modified membranes
were prepared by adding a fluorine-containing

graft copolymer to a microphase-separated mem-

brane consisting of PDMS and PMMA. Contact

angle measurements and XPS revealed that the

addition of a fluorine-containing copolymer pro-

duced a hydrophobic surface at the air side of

the membrane due to surface localization of the

fluorinated copolymer. It was apparent from TEM

that adding a fluorine-containing copolymer of less

than 1.2 wt.% did not affect the morphology of

the microphase-separated membrane. However,

adding a fluorine-containing copolymer over 1.2

wt.% resulted in a morphological change, from a

continuous PDMS phase to a discontinuous PDMS

phase. The addition of a small amount of fluorine--

containing copolymer to the microphase-separated

membranes enhanced both their permeability and

Bz/cyclohexane (Chx) selectivity for a dilute aqu-

eous solution of Bz during PV because of their

hydrophobic surfaces and microphase-separated

structures. Specifically, the microphase-separated

membrane with 1.2 wt.% of fluorine-containing

copolymer concentrated an aqueous solution from

0.05 to 70 wt.% Bz, and, therefore, removed the Bz

from water very effectively [150].
Effects of the addition of fluorine-containing

graft- or block-copolymer additives composed of

PFA and PDMS or PDMS macro-azo-initiator to a

microphase-separated membrane consisting of

PDMS and PMMA on the Bz/H2O selectivity by

PV, and the surface characteristics and structures of

the surface-modified PMMA/PDMS membranes

were investigated. Addition of the fluorine-contain-

ing copolymer additives, PFA-g-PDMS and

PFA-b-PDMS to a PMMA-g-PDMS membrane,

yielded hydrophobic surfaces at the air side of sur-

face-modified membranes due to the localization of

their additives on the air-side surface of these mem-

branes. The addition of a small amount of the PFA-g-

PDMS and PFA-b-PDMS enhanced both the Bz/

H2O selectivity and the permeability for an aqueous

dilute Bz solution during PV because of the forma-

tion of their hydrophobic surfaces and the existence

of the microphase-separated structures with a con-

tinuous PDMS phase in the inner layer of these

membranes. When a larger amount of the PFA-g-

PDMS and PFA-b-PDMS were added to a PMMA/

PDMS, the latter additive could keep the micro-

phase-separated structures with a continuous

PDMS phase, but the former did not [151].
PMMA-g-PDMS and PMMA-b-PDMS mem-
branes containing tert-butylcalix [4] arene (CA)
(CA/PMMA-g-PDMS and CA/PMMA-b-PDMS)
were applied to the removal of Bz from a dilute
aqueous solution of Bz by PV [152]. When an aqu-
eous solution of 0.05 wt.% Bz was permeated through
CA/PMMA-g-PDMS and CA/PMMA-b-PDMS
membranes, these membranes showed high Bz/
water selectivity. Both the permeability and Bz/
H2O selectivity of the CA/PMMA-g-PDMS and
CA/PMMA-b-PDMS membranes were enhanced
by increasing the CA content, due to the affinity of
CA for Bz. The permeability and Bz/H2O selectivity
of CA/PMMA-b-PDMS membranes were much
greater than those of CA/PMMA-g-PDMS mem-
branes. TEM observations revealed that both the
CA/PMMA-g-PDMS and CA/PMMA-b-PDMS
membranes had microphase-separated structures
consisting of a PMMA phase and a PDMS phase-
containing CA. The microphase-separated structure
of the latter membranes was much clearer than that
of the former and was lamellar. The distribution of
CA in the microphase-separated structure of the CA/
PMMA-g-PDMS and CA/PMMA-b-PDMS mem-
branes was analyzed by differential scanning
calorimetry (DSC) and CA was distributed in a
PDMS continuous layer in micro-phase-separated
structure [152, 153].

In previous works, it has been reported that the
PMMA-b-PDMS membranes show high VOC/
water selectivity. Thus, for the purpose of improve-
ment of the VOC/water selectivity, graft- and
block-copolymer membranes composed of poly-
styrene (PSt), which is more hydrophobic than
PMMA and has higher affinity for VOCs, and
PDMS were prepared. Conversely, recently, ionic
liquids are becoming the focus in a great number of
fields, such as inorganic, organic, biological, and
electrochemical applications, because they have
outstanding properties, such as very low vapor
pressure, nonvolatility, heat stability, high polarity,
good solvent for various organic and inorganic
compounds, and high conductivity. Such ionic
liquids are playing an increasingly important role in
separation science [228]. Then, PSt-b-PDMS mem-
branes containing an ionic liquid, 1-allyl-3-
butylimidazilium bis(trifluoromethane sulfonyl)imide
([ABIM]TFSI) ([ABIM]TFSI/ PSt-b-PDMS), were
tested for the removal of VOCs from an aqueous
solution of dilute VOC by PV [229]. These
[ABIM]TFSI/PSt-b-PDMS membranes showed high
VOC/water selectivity, and both the permeability and
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VOC/H2O selectivity were enhanced by increasing

the [ABIM]TFSI content, due to the affinity of

[ABIM]TFSI for VOCs.
It was found that a continuous PDMS layer in

PMMA-g-PDMS and PMMA-b-PDMS membranes

play an important role for the removal of VOCs from

water. For the purpose of constructing the membrane

matrix from PDMS component mainly,

polydimethylsiloxane dimethylmethacrylate macro-

monomer (PDMSDMMA) was selected as a

membrane material. The effects of cross-linkers of

the cross-linked PDMS membranes derived from

PDMSDMMA and divinyl compounds, on the PV

characteristics of the removal of Bz from an aqueous

solution of dilute Bz. When an aqueous solution of

0.05 wt.% Bz was permeated through the cross-

linked PDMSDMMA membranes, they showed

high Bz/H2O selectivity. Both the permeability and

Bz/H2O selectivity of the membranes were enhanced

with increasing divinyl compound content as the

cross-linker, and were significantly influenced by

the type of divinyl compound. PDMSDMMA mem-

branes cross-linked with divinyl siloxane (DVS)

showed very high membrane performance during

PV. The best normalized permeation rate, separation

factor for Bz/H2O selectivity, and PV separation

index (PSI) [157, 158], which is the product of the
Table 5 Performance for Bz/H2O of various membran

Various PDMS membranes a �sep. Bz/H2O �sorp

PMMA 53 422
PMMA-g-PDMS d 620 739

CA/PMMA-g-PDMSe 1772 1267

PFA-g-PDMS/PMMA-g-PDMSf 4492

PDMSDMMA-DVBg 3171 1436
PDMSDMMA-DVSh 2886 1270

PDMSDMMA-DVFi 4316 1804

CA/PDMSDMMA-DVBj 4021 1689

CA/PDMSDMMA-DVSk 3866 1620
CA/PDMSDMMA-DVFl 5027 1998

a PV experimental conditions: feed solution, an aqueous solutio
pressure of permeation side, 1 x 10�2 Torr (1.33 Pa).
b normalized permeation rate (10�5 m kg (m2 h)�1).
c PV separation index (NPR x �sep. Bz/H2O).
d PDMS content: 74 mol.%.
e PDMS content: 74 mol.%; CA content: 40 mol.%.
f PDMS content: 74 mol.%; PFA-g-PDMS content: 1.2 wt.%.
g DVB content: 80 mol.%.
h DVS content: 90 mol.%.
i DVF content: 90 mol.%.
j DVB content: 80 mol.%; CA content: 0.5 wt.%.
k DVS content: 90 mol.%; CA content: 0.5 wt.%.
l DVF content; CA content.
From Ohshima, T. Miyata, T. Uragami, T. Macromol. Chem. P
permeation rate and the separation factor, and can be

used as a measure of the membrane performance

during PV, of a PDMSDMMA–DVS membrane

were 1.96� 10�5 m kg (m2 h)�1, 98, and 192, respec-

tively [154]. When divinyl perfluoro-n-hexane

(DVF), which is much more hydrophobic, was

employed as a cross-linker of PDMSDMMA, the

best normalized permeation rate, separation factor

for Bz/H2O selectivity, and PSI of a

PDMSDMMA-DVF membrane were 1.72� 10�5 m

kg (m2 h)�1, 4316, and 7423, respectively [155].
The effect of the addition of CA to the cross-

linked PDMS membranes derived from

PDMSDMMA, and various divinyl compounds, on

the PV characteristics of the removal of Bz from an

aqueous solution of dilute Bz. Both the Bz/H2O

selectivity and permeability of the membranes were

enhanced with increasing both divinyl compound

content as the cross-linker and additional amount of

CA, and were significantly influenced by the type of

divinyl compound. Addition of CA to PDMSDMMA

membranes cross-linked with DVF gave very high

effect for the PV performance [156].
In Table 5, the permeation and separation char-

acteristics of various polymer membranes consisting

of the PDMS components are compared under the

same PV condition: feed solution, an aqueous
es containing PDMS component

. Bz/H2O �diff. Bz/H2O NPR b PSI c Ref.

0.13 0.29 16 [149]
0.86 0.13 226 [152]

1.40 0.71 1240 [152]

0.64 2879 [150]

2.21 1.46 4629 [154]
2.46 1.96 5656 [154]

2.49 1.72 7423 [155]

2.18 1.75 7037 [156]

2.39 1.97 7616 [156]
2.52 1.86 9350 [156]

n of 0.05 wt.% benzene; permeation temperature, 40 �C;

hys. 2005, 206, 2521–2529.
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solution of 0.05 wt.% Bz; permeation temperature,
40 �C; and pressure of permeation side, 1.33 Pa. As
can be seen in Table 5, both the normalized permea-
tion rate and the Bz/H2O selectivity of each of the
CA/PDMSDMMA–divinyl benzene (DVB), CA/
PDMSDMMA–DVS, and CA/PDMSDMMA–DVF
membranes were improved as compared to each of
the PDMSDMMA–DVB, PDMSDMMA–DVS, and
PDMSDMMA–DVF membranes. Although the
separation factors of the CA/PDMSDMMA–DVB,
CA/PDMSDMMA–DVS membranes were lower
than those of the PFA-g-PDMS/PMMA-g-PDMS
membranes, the PSI of the former membranes was
much greater than that of the latter one. In previous
studies [154, 155], the introduction of cross-linking
structure into the membrane matrix using a suitable
cross-linker with a high affinity for permeant was a
very effective method to give both a high permeation
rate and a high Bz/H2O selectivity. In Table 5, it is
shown that the addition of CA into the cross-linked
PDMSDMMA membranes cross-linked with a sui-
table cross-linker is significantly effective to obtain a
higher permeation and separation characteristics. A
CA/PDMSDMMA–DVF membrane with DVF of
90 mol.% and CA of 0.4 wt.% showed the best
membrane performance, that is, the normalized per-
meation rate, separation factor for Bz/H2O
selectivity, and PSI were 1.86� 10�5 m kg (m2 h)�1,
5027, and 9350, respectively.

The air-stripping removal of VOCs, such as
toluene and phenol, from water by microporous
poly(propylene) (PP) hollow fibers was studied.
The VOC stream passed through the lumen side of
the module, while air (stripping gas) flowed across
the shell side. Experiments were performed at differ-
ent liquid flow rates (8–16 cm3 min�1), gas flow rates
(60–180 cm3 min�1), feed VOC concentrations (100–
1000 ppm), and temperatures (24–35 �C). The
removal was more effective when feed VOC level
and liquid or gas flow rate increased. The applicabil-
ity of a mass transfer model that considers diffusion
in the liquid layer, membrane, and gas layer under
steady state was checked. Unlike phenol with a very
small dimensionless Henry’s law constant (equili-
brium gas concentration divided by liquid
concentration) and a relatively low amount of sorp-
tion on PP fibers, the measured overall mass transfer
coefficients for toluene reasonably agreed with those
predicted from the model. The large deviation
observed for phenol indicated unsteady state nature,
likely due to its small concentration difference
between air and liquid phase/fiber matrix. The air-
stripping removal and separation of binary VOCs,
including O-xylene and chloroform, from water
were also examined [159].

Membranes with CB as a filler to PV of toluene
from the diluted aqueous solution were applied.
PDMS composite membranes, PDMS and PEBA
membranes, filled with CB, were used. The mem-
branes were prepared in a laboratory scale especially
for this purpose. Both PEBA and PDMS membranes
showed excellent properties to separate toluene from
the water; however, toluene solubility in the PDMS
membrane was better. The removal of this compound
from the feed was better when PDMS membrane was
used. In some cases, total permeation rate as well as
toluene permeation rate decreased for the mem-
branes with the filler comparing to those without
the filler [160].

The permeation and separation characteristics of
VOCs, such as chloroform, Bz, and toluene, from
water by PV through cross-linked PDMS membranes
prepared from PDMSDMMA and divinyl
compounds, such as ethylene glycol dimethylmetha-
crylate (EGDM), DVB, DVS, and DVF, were studied
[161]. These membranes showed high VOC/H2O
selectivity and permeability. Both, VOC/water
selectivity and permeability, were affected signifi-
cantly by the divinyl compound. Furthermore,
cross-linked PDMSDMMA membranes showed the
highest CHCl3/H2O selectivity. The VOC/H2O
selectivity was mainly governed by the solubility
selectivity rather than the diffusion selectivity.
However, the difference in the VOC/H2O selectivity
between different types of VOCs depended on dif-
ferences in the diffusivity of permeants. With
increasing downstream pressure, the VOC/H2O
selectivity of all cross-linked PDMSDMMA mem-
branes increased, but the permeability decreased.
A PDMSDMMA–DVF membrane exhibited a nor-
malized permeation rate of 1.9� 10�5 kg m (m2 h)�1;
this and a separation factor for CHCl3/H2O of 4850
yielded a separation index of 9110.

Atom transfer radical polymerization of HEMA
from initiators immobilized on porous supports
yields PV membranes with high permeation
rate that can be readily modified to control their
properties. Derivatization of poly(2-hydroxyethyl
methacrylate) (PHEMA) coatings with octyl
(C8-PHEMA), hexadecyl (C16-PHEMA), or penta-
decafluorooctyl (fluorinated PHEMA) side chains
provides films that are sufficiently hydrophobic to
allow selective PV of VOCs from water. For all of
these derivatized PHEMA membranes, VOC/water
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selectivities generally increased with decreasing
solubility of the VOC in water, and TCET/water
selectivities are about 500. Sorption data suggested
that fluorinated PHEMA has the highest free volume
and that C16-PHEMA had the lowest, and, consis-
tent with this inference, permeation rate decreased in
the order of fluorinated PHEMA > C8-PHEMA >
C16-PHEMA. The permeation rate was generally
an order of magnitude greater than those through
high-performance PDMS membranes [162].

Five types of PDMS/PVF2 composite membranes
were prepared using asymmetric PVF2 hollow-fiber
membranes as the substrate where a very thin layer of
silicone-based coating material was deposited via a
developed dip-coating method. In the optimal coat-
ing procedure, homogenous and stable oligo-PDMS
coating layers, as thin as 1–2 mm, were successfully
deposited on the surface of the PVF2 membranes.
The developed PDMS/PVF2 composite membranes
were applied for separation of a wide variety of VOC
(Bz, chloroform, acetone, EA, and toluene). The
results showed that the PDMS/PVF2 hollow-fiber
composite membranes that had been developed
exhibited very high removal efficiency (>96%) for
all the VOCs examined under favorable operating
conditions [163].

VOCs can be separated from aqueous micellar
surfactant solutions with high efficiency by PV pro-
cesses using organophilic polymer membranes. This
seems to be a surprising result because the transmem-
brane permeation rate of a VOC strongly depends on
its volatility, which is rather low in the presence of a
surfactant at concentrations far above the critical
micellar concentration. Based on the results of equi-
librium measurements in micellar systems and PV
experiments, a theoretical analysis of the mass trans-
fer was given. The mass transfer for VOCs in the
liquid boundary layer of a PV membrane in the
presence of a micellar phase cannot be described by
molecular diffusion processes alone. Obviously, the
mass transfer was enhanced considerably by diffusing
micelles which transport the solubilized VOC
molecules in direction to the surface of the mem-
brane [164].

A novel composite membrane, using supramole-
cule CA-filled PDMS as the top active layer and
nonwoven fabric as the support layer, was developed
for the pervaporative removal of Bz from water.
Compared to unfilled PDMS homogenous mem-
brane, the composite membrane exhibited both
higher separation factor for Bz/H2O selectivity and
higher permeation rate by 1.8- and 3.2-fold,
respectively. The permeation rate of Bz was propor-
tional to both the Bz concentration in feed and the
downstream pressure [165].

The study was aimed at removing organic
solvents from aqueous solutions using PV. The tests
were carried out on a composite PDMS membrane
manufactured by GKSS/Forschungszentrum
Geesthacht, Germany, and a PDMS membrane filled
with CB prepared in a laboratory. There were two
runs: the first one tested an aqueous toluene solution
as feed, while the other used a mixture of solvents–
toluene, acetone, and EA. The PDMS membrane
without CB removed all the components of the mix-
ture, displaying a very high efficiency of the process.
However, the selectivity and enrichment factors
turned out to be relatively low. The PDMS/CB
membrane produced slightly lower removal degrees
as well as the permeation rate of acetone and EA
compared to the PDMS membrane, yet their con-
centration at the permeate side of the membrane was
considerably higher. The presence of other solvents
did not greatly affect toluene permeation – its final
removal seemed to be independent of the composi-
tion of the feed used [166].

The syntheses of siloxane-grafted poly(amide-
imide) and polyamide were carried out by a
macromonomer method, in order to develop a
highly permeable and durable membrane material
for PV. A novel compound, 3,5-bis(4-aminophe-
noxy)benzyloxypropyl-terminated polydimethylsi-
loxane (BAPB-PDMS), was synthesized as a
macromonomer. BAPB-PDMSs with different
PDMS segment lengths were prepared by hydro-
silylation of 3,5-bis(4-nitrophenoxy) benzyl allyl
ether with hydrosilyl-terminated PDMS using Pt cat-
alyst, followed by hydrogenation reduction of the
terminal dinitro groups. The polycondensations of
BAPB-PDMSs with trimellitic anhydride chloride
and terephthaloyl chloride yielded the desired silox-
ane-grafted poly(amide-imide) (PAI-g-PDMS) and
polyamide (PA-g-PDMS) copolymers, respectively.
The copolymer membranes were prepared by sol-
vent-casting method, and the gas permeability and
PV property of these membranes were evaluated. As
the solubility of the copolymers depended on the main
chain structure, PA-g-PDMS membrane was insoluble
in any solvents after it was dried in vacuo. The gas
permeability coefficients of these copolymer mem-
branes were increased with increasing of PDMS
segment length, and these values of PAI-g-PDMS
were higher than those of PA-g-PDMS containing
the same PDMS segment length. From the results of
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PV of the dilute aqueous solutions of organic solvents,
it was found that PA-g-PDMS membrane exhibited
the excellent organic/water selectivity toward several
organic solvents, such as alcohols, acetone, THF,
chloroform, dichloromethane, and Bz with a high and
stable permeation. Furthermore, it was confirmed that
the removal of THF from its dilute aqueous solution
was efficiently achieved by the PV using PA-g-PDMS
membrane [167].
2.11.6.5 Selective Membranes for Organic
Liquid/Organic Liquid Mixtures

Organic/organic-selective membranes are effec-
tively used for the purification and separation of
industrial products and reuse of organic solvents
based on separable recovery of organic mixtures.

2.11.6.5.1 Bz/Chx-selective membranes

The separation of Bz and Chx by distillation is a very
energy-intensive process, because the boiling points
of the components are very similar. PV may be an
alternative, more energy-efficient process for the
separation of Bz/Chx mixtures. Therefore, many
workers have studied the PV properties of polymeric
membranes for Bz/Chx separation.

For example, Inui et al. [168] selected PMMA and
PEMA membranes which have a strong affinity for
Bz. The PV permeation and separation characteris-
tics for Bz/Chx mixtures in these poly(alkyl
methacrylate) membranes cross-linked with EGDM
were studied [168]. The cross-linked poly(alkyl
methacrylate) membranes exhibited Bz/Chx (Bz/
Chx) selectivity for Bz/Chx mixtures, and the per-
meation rate increased with increasing Bz
concentration in the feed solution. The Bz/Chx
selectivity of these membranes was strongly gov-
erned by the diffusion selectivity, and depended on
the difference in molecular size between the Bz
molecule and the Chx molecule. With increasing
cross-linker content in the membrane, swelling of
the membranes was reduced, enhancing the Bz/Chx
selectivity. This result was attributed to an increase
in the solubility selectivity caused by reduced
swelling of the membrane. Cross-linked tertiary
copolymer (PMMA–PEMA–EGDM) membranes
also showed excellent Bz/Chx selectivity. These
results suggested that both the increase in the affinity
of the membrane for Bz and the reduction in the
swelling of the membrane are very important vari-
ables in the separation of Bz/Chx mixtures [168].
Poly(dimethyl acrylamide-random-methyl metha-
crylate) (DMAA-r-MMA) and poly(dimethyl
acrylamide)-graft-poly(methyl methacrylate) (DMAA-
g-MMA) membranes were also examined for Bz/Chx
separation by PV. The Bz selectivity of the DMAA-
r-MMA membrane changed from diffusion-selectivity-
controlled to solubility-selectivity-controlled with
increasing DMAA content. In contrast, DMAA-
g-MMA membranes with higher DMAA content had
higher apparent diffusion selectivity than the apparent
solubility selectivity. Furthermore, the apparent Bz/
Chx solubility selectivity for the DMAA-r-MMA
membrane and the DMAA-g-MMA membrane with a
higher DMAA content was remarkably different. These
results were attributed to the difference in structure
between the copolymers [169].

A side-chain liquid-crystalline polymer (LCP)
was synthesized by the addition of mesogenic mono-
mer to poly(methylsiloxane) with a Pt catalyst. When
Bz/Chx mixtures were permeated through the LCP
membranes by PV at various temperatures, the
permeation rate increased with increasing Bz con-
centration in the feed solution and permeation
temperature. Although the LCP membranes exhib-
ited Bz/Chx selectivity, the mechanism responsible
for the permeation and separation of the Bz/Chx
mixtures was different in the glassy, liquid-crystal-
line state versus the isotropic state of the LCP
membranes. These results suggested that the Bz/
Chx selectivity was moderately influenced by the
change in LCP membrane structure (i.e., a state
transformation). The balance between the orienta-
tion of the mesogenic groups and the flexibility of
the siloxane chain is very important with respect to
permeability and Bz/Chx selectivity [170, 171].
When Bz/Chx, toluene/Chx, and o-xylene/Chx
mixtures were subjected to PV through an LCP
membrane in the liquid-crystalline state, the permea-
tion rate increased with increasing temperature and
the LCP membrane exhibited selectivity for the
aromatic hydrocarbons. The permeation rate and
selectivity of the LCP membrane for each mixture
decreased with increasing molecular size of the
aromatic hydrocarbon in the binary feed mixture
[172]. When Bz/Chx mixtures were permeated
through nematic and smectic side-chain LCP
(n-and s-LCP) membranes under various conditions
during PV, the n- and s-LCP membranes exhibited
Bz/Chx selectivity. The selectivity of the n-LCP
membrane changed from solubility-selectivity-
controlled to diffusion-selectivity-controlled upon
the state transformation of the membrane, induced
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by an increase in the permeation temperature. In
contrast, the selectivity of the s-LCP membrane was
governed by diffusion selectivity regardless of the
state of this membrane. At low permeation tempera-
tures, the n-LCP membrane in the liquid-crystalline
state exhibited lower permeability but higher
selectivity than the s-LCP membrane. However,
at high permeation temperatures, the relationship
between the permeability and Bz/Chx selectivity
of the n-LCP and s-LCP membranes in the
liquid-crystalline state was reversed. These results
are a result of differences in the chemical and
physical structure of the n-LCP and s-LCP mem-
branes [173].

Chito and its derivatives have been used as mem-
brane materials for a wide variety of PV applications,
including dehydration of ethanol/water mixtures.
Uragami et al. synthesized benzoylchitosan
(BzChitos) with different degrees of benzoylation as
a durable membrane material for the separation of
Bz/Chx mixtures. The characteristics of BzChito
membranes, such as contact angle, crystallinity, and
the degree of swelling, were significantly influenced
by the degree of benzoylation. As shown in
Figure 16, the BzChito membranes showed high
Bz/Chx selectivity for a mixture containing 50
wt.% Bz during PV. The difference in Bz/Chx selec-
tivity of the BzChito membranes with different
0
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Figure 16 Effects of the degree of benzoylation on the

benzene concentration in the permeate (*) and the

permeation rate (&) through the benzoylchitosan
membranes for a benzene/cyclohexane mixture of 50 wt.%

benzene by PV. The composition of benzene/cyclohexane

sorbed into the membranes (*) for a benzene/cyclohexane

mixture. Dotted line is the feed mixture composition
(benzene/cyclohexane¼50/50, w/w). From Inui, K.,

Tsukamoto, K., Miyata, T., Uragami, T. J. Membr. Sci. 1998,

138, 67–75.
degrees of benzoylation corresponded to differences
in the physical structure of the membranes. When a
Bz/Chx mixture of 50 wt.% Bz was permeated
through the BzChito membranes, the permeation
rate increased and Bz/Chx selectivity decreased
slightly with an increasing degree of benzoylation
[174, 175].

Modified cellulose-based membranes for Bz/Chx
separation was developed [176, 177]. Various types of
benzoylcellulose (BzCell) were synthesized and the
effect of the degree of benzoylation on the PV prop-
erties of the membranes was investigated [176]. A
BzCell membrane with a benzoylation degree of 2
showed high Bz/Chx selectivity for Bz/Chx mix-
tures during PV. The permeation rate of the BzCell
membrane increased, but the Bz/Chx selectivity
decreased with increasing Bz concentration in the
feed mixture. This increase in the permeation rate
was due to an increase in the swelling of the mem-
brane, whereas the Bz/Chx selectivity decrease was
attributed to a decrease in the solubility selectivity.
With increasing benzoylation of the BzCells, the
permeation rate increased significantly, but the Bz
selectivity decreased slightly. These results cannot
be explained by the degree of swelling, the density,
or the contact angle of the BzCell membranes [176].

Tosylcellulose (TosCell) with different degrees of
tosylation were synthesized as membrane materials
for the separation of Bz/Chx mixtures. TosCell
membranes also showed high Bz/Chx selectivity
when tested in PV mode [177]. An increase in the
Bz concentration of the feed mixtures increased the
permeation rate but decreased the Bz/Chx selectiv-
ity of the TosCell membranes. This increase in the
permeation rate was attributed to an increase in the
degree of swelling of the TosCell membranes due to
sorption of the feed mixture. The decrease in Bz/
Chx selectivity was mainly caused by a decrease in
solubility selectivity. With low Bz concentrations in
the mixtures, the permeation rate of a TosCell mem-
brane with a higher degree of tosylation was greater
than that with a lower degree of tosylation; however,
the reverse was observed for high Bz concentrations.
The Bz/Chx selectivity of the former TosCell mem-
brane was higher than that of the latter membrane.
Differences in the permeation rate and Bz/Chx
selectivity with changes in the Bz concentration of
the feed mixture and the degree of tosylation of the
TosCell membrane were significantly influenced by
the degree of swelling of the TosCell membrane,
which is related to the Bz concentration sorbed into
the membrane. The mechanism responsible for the
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separation of Bz/Chx mixtures through the TosCell

membranes was analyzed and discussed using the

solution–diffusion model.
Methyl methacrylate-methacrylic acid copolymer

(P(MMA-co-MAA)) membranes ionically cross-linked

with Fe3þ and Co2þ ions P(MMA-co-MAA-Fe3þ

and -Co2þ) were prepared, and their permeation and

separation characteristics for a Bz/Chx mixture con-

taining 50 wt.% Bz by PV were studied. Although the

introduction of the metal ions into the MMA-co-MAA

membrane enhanced both Bz/Chx selectivity and

permeability for a Bz/Chx mixture, the PV character-

istics of the MMA-co-MAA-Fe3þ and -Co2þ

membranes were significantly different. The differ-

ence in performance between these membranes was

strongly governed by differences in their membrane

structures, as indicated by their glass transition tem-

perature, contact angle to methylene iodide, degree of

swelling, and mixture composition sorbed into the

membrane [178].
Ren et al. [179] investigated the PV properties of a

series of cross-linked 4,49-hexafluoro-isopropylidene

dianhydride (6FDA)-based copolyimide membranes

for the separation of Bz/Chx mixtures. The glassy,

highly rigid copolyimides were obtained by polycon-

densation of 6FDA with various diamines. To obtain

high permeability as well as high selectivity, a combi-

nation of the diamines 2,3,5,6-tetramethyl-1,4-

phenylene diamine (4MPD), 4,49hexafluoro-isopro-

pylidiene dianiline (6FpDA), and 3,5-diaminobenzoic

acid (DABA) as monomers with a cross-linkable group

were used. Cross-linking is necessary to prevent unde-

sirable swelling effects, which generally occur with

noncross-linked polyimides, especially if high Bz con-

centrations are reached during PV. The degree of

cross-linking was kept constant at 20%, whereas the

ratio of the diamine monomers 6FpDA and 4MPD

was varied. The PV experiments were performed at

60 �C, using Bz/Chx mixtures with Bz concentrations

covering the entire concentration range. All of the

cross-linked polymers had excellent chemical and

thermal stability in the PV experiments. In all cases,

conditioning of the membrane samples with pure Bz

was a suitable pretreatment to enhance the permeation

rate without decreasing the Bz/Chx selectivity signif-

icantly. For the most promising membrane material,

6FDA-4MPD/DABA of 4:1 cross-linked with EG, the

PV experiments were performed with a Bz/Chx feed

mixture of 50/50 (w/w) over a temperature range

between 60 and 110 �C to determine the effect of

temperature on the separation characteristics [179].
The sorption and PV properties of poly(vinyl
chloride) (PVC) membranes in Bz/Chx mixtures
were studied by Yildirim et al [180]. The effects of
the Bz/Chx mixture composition and the tempera-
ture on the sorption and PV characteristics were
determined at 30, 40, and 50 �C, respectively, for
membranes containing 8 wt.% PVC polymer. The
total sorption increased with increasing concentra-
tions of Bz. Increasing the concentration of Bz
resulted in an increase in the permeation rate and a
decrease in the Bz/Chx selectivity. Permeation rates
increased, and Bz/Chx selectivities decreased with
increasing temperature. The Bz/Chx selectivity was
not affected significantly by varying the concentra-
tion of polymer in the casting solution; however, as
expected for a nonporous membrane, the permeation
rate decreased with increasing concentration of the
polymer in the casting solution. This was due to an
increase in membrane thickness [180].

Polyvinylacetalized PVA (PVAc) membranes
added O,O-bis(diethoxyphosphoryl)-tert-butyl calix-
arene (BEPCA) as a molecular recognition
compound were applied to the separation of
Bz/Chx mixture. These membranes were highly
Bz/Chx selective. When evaluated against pure Bz
and Chx, PVA/BEPCA showed an ideal selectivity
tending toward infinity but a poor permeation rate
(5.9 kg mm (m2 h)�1) for Bz. The permeation rate of
Bz was significantly higher in PVAc and increased
from 20 kg mm (m2 h)�1 for 20% (v/v) Bz/Chx mix-
ture to 65.8 kg mm (m2 h)�1 for pure Bz. The swelling
index also increased with the increasing concentra-
tion of Bz in the feed. PV in PVAc was thus solubility
controlled. The high interaction of PVAc with Bz
was interpreted in terms of solubility parameters
and free volume in the polymer [181].

The PV characteristics of Bz/Chx mixtures
through a fixed carrier membrane consisting of CA
as a base polymer and dinitrophenyl (DNP) group as
a selective fixed carrier was investigated. The result
of the PV of Bz/Chx mixture using the unmodified
CA membrane and the CA/DNP membrane showed
that the DNP group was effective to increase the Bz/
Chx selectivity [182].

PVAc was synthesized by the acid-catalyzed acet-
alization of PVA. Three different morphologically
modified variants of the polymer were prepared by
the addition of supramolecules; �-cyclodextrin (�-
CD) and �-cyclodextrins (�-CDs), and tert-butylca-
lix [4] arere (CA) were added to the PVAc of 20%
(w/v) in THF. The PV behavior of modified mem-
branes was evaluated for the separation of a wide
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composition of Bz/Chx mixtures. Addition of �-CD
or CA to PVAc reduced the overall permeation rate,
while dispersion of �-CD favored an enhanced per-
meation rate, especially in low Bz concentration and
an azeotropic mixture [183].

The effect of carbon molecular sieve (CMS) incor-
porated into PVA on PV of Bz/Chx mixtures was
studied [184]. The characterization results showed
that filling of CMS decreased the hydrogen-bond
interaction among PVA polymer chains and made
chains more flexible and relaxed, which resulted in
decreasing of PVA membrane crystallinity, thus creat-
ing higher free volume in the membranes. CMS filling
effectively increased the degree of swelling of mem-
branes in almost the whole feed composition range.
Due to the more relaxed polymer chain packing and
stronger sorption ability, the permeation rate of CMS-
filled PVA membranes increased effectively, but
excessive filling would decrease the permeation rate.
With increase of Bz weight fraction, operating tem-
perature, and feed flow rate, the permeation rate of Bz
increased, while the separation factor for Bz/Chx
selectivity decreased. Compared with unfilled PVA
membrane (permeation rate of Bz 21.87 g (m2 h)�1,
separation factor 16.7), permeation rate of Bz of
PVA–CMS-06 membrane (mass ratio of CMS to
PVA was 6%) increased remarkably to 59.25 g
(m2 h)�1 and separation factor for Bz/Chx selectivity
increased to 23.21.

A novel type of hybrid membrane was prepared
by filling carbon graphite (CG) into PVA and Chito
blending mixture, with the expectation of improving
the separation performance of the membranes by the
synergistic effect of blending and filling. The results
showed homogenous distribution of graphite parti-
cles, considerable alteration of hydrogen-bonding
interaction, remarkable decrease of crystallinity
degree, dramatic enhancement of mechanical
properties, and significant increase of free volume
in CG–PVA/Chito hybrid membranes. Sorption stu-
dies indicated that the degree of swelling of CG–
PVA/Chito hybrid membranes increased with
increasing graphite content and the separation factor
for Bz/Chx selectivity was dominated by solubility
selectivity rather than diffusivity selectivity. The PV
properties of CG–PVA/Chiot hybrid membranes for
separation of Bz/Chx mixtures were investigated
through varying graphite content and mass ratio of
PVA to Chito in hybrid membranes. Higher permea-
tion rate and separation factor of CG–PVA/Chito
hybrid membranes were desirably obtained, compared
to PVA and PVA/Chito membranes. In particular, a
CG06–PVA60/Chito40 membrane exhibited the
highest separation factor of 59.8 with a permeation
rate of 124.2 g (m2 h)�1 at 50 �C, 1 kPa [185].
�-CD-filled cross-linked PVA membranes were

cross-linked with GA (�-CD/PVA/GA). The �-
CD/PVA/GA membranes showed strong Bz/Chx
selectivity. The permeation rates of �-CD/PVA/
GA membranes increased when the �-CD content
was 0–8 wt.%, but the permeation rate decreased
slightly more than �-CD content of 8 wt.%. The
separation factor for Bz/Chx selectivity increased
when �-CD content was in the range 0–10 wt.%
and decreased slightly in the range of �-CD content
of 10–20 wt.%. Compared with the �-CD-free PVA/
GA membrane, the separation factor for Bz/Chx
selectivity of the �-CD/PVA/GA membrane con-
siderably increased from 16.7 to 27.0, and the
permeation rate of Bz increased from 23.1 to 30.9 g
(m2 h)�1 for Bz/Chx (50/50 w/w) mixtures at 50 �C.
The analysis based on the solution–diffusion model
and �-CD inclusion phenomena (complex stabilities)
revealed that �-CD in PVA membranes played an
important role as a carrier to partition Bz selectively
from Bz/Chx mixtures [186].

Novel hybrid membranes were prepared from
PVA and carbon nanotube (CNT) of �-CD [187].
Both pure PVA and PVA/CNT hybrid membranes
were uniform and these hybrid membranes exhibited
significant improvement in Young’s modulus and
thermal stability as compared to pure PVA and �-
CD/PVA membranes. These membranes were
applied to PV separation of Bz/Chx mixtures, and
showed excellent PV properties. The permeation
rate of Bz was 61.0 g (m2 h)�1 and separation factor
for Bz/Chx selectivity was 41.2.

An aliphatic type of hyperbranched polyester
(HBPE), which was synthesized from 2,2-dihydrox-
ymethyl propanyl acid (DMPA) and 1,1,1-
trihydroxymethyl propane (TMP), was end-capped
with acrylic group, and the photo-polymerizable
hyperbranched polyester (AHBPE) was obtained
[188]. These AHBPEs were employed as the macro-
molecular cross-linking agents to enhance the PV
performance of ethyl cellulose (EC) membrane for
the separation of Bz/Chx mixtures. The effects of the
content of AHBPE and benzophenone (BP) as well as
the radiating time on the separation factor and the
total permeation rate were investigated in detail. The
results show that the performance of EC membranes
incorporating AHBPEs of higher generations exhib-
ited much higher permeation rate, in comparison to
the membranes cross-linked with EG dimethacrylate.
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A membrane from AHBPE of 40 wt.% and BP of 10
wt.% showed the total permeation rate of 42.5 kg mm
(m2 h)�1 and the separation factor for Bz/Chx selec-
tivity of 6..82.

2.11.6.5.2 Organic/organic-selective

membranes

The preferential sorption and PV selectivities of a
PVC membrane for various binary liquid mixtures
were evaluated [189]. Methanol/1-propanol,
Bz/n-hexane, and ethanol/water mixtures were
selected as model mixtures in this study. For the
methanol/n-propanol mixture, methanol preferen-
tially sorbed in the PVC membrane, resulting in
selective methanol permeation. For the Bz/n-hexane
mixture, Bz exhibited higher sorption uptake and
permeated preferentially. In the ethanol/water mix-
ture, ethanol preferentially sorbed in the PVC
membrane, but water was the preferentially permeat-
ing component. This result suggested that the overall
selectivity in the membrane was determined by a
high water/ethanol diffusion selectivity. The sorp-
tion data were analyzed according to Mulder’s model
[226] derived from Flory–Huggins thermodynamics.
The PV selectivity in these systems was analyzed
using a solubility and diffusion selectivity model
[189].

Composite membranes of PSt and a hydrophilic
polymer were prepared via the concentrated
emulsion polymerization method [190]. In the con-
centrated emulsion precursor, styrene containing
styrene–butadiene–styrene (SBS) block copolymers
constituted the dispersed phase, and a solution of a
hydrophilic monomer in water was the continuous
phase. The polymerized systems were transformed
into membranes by hot pressing at 150 �C. The
mechanical properties of the membranes were
affected by the amount of SBS in the dispersed
phase and by the nature of the hydrophilic monomer
of the continuous phase. SBS improved the mechan-
ical properties of the membrane significantly. The
membranes were then subjected to sorption and PV
of Bz/ethanol mixtures. They exhibited preferential
sorption of Bz over the entire Bz concentration range.
The swelling ratio increased with increasing Bz con-
centration, and the solubility selectivity decreased.
These membranes had permeation rates as high as
1040 g (m2 h)�1, and separation factors as high as 25
for Bz/ethanol mixtures [190].

Zhou et al. [191] developed composite membranes
based on a selective polypyrrole layer for the separa-
tion of ethanol and Chx. Polypyrrole films were
deposited on stainless steel meshes by anodic elec-

tro-polymerization of pyrrole dissolved in

acetonitrile. Electrochemical and morphological stu-

dies on the growth of the polypyrrole films, both

oxidized with PF6
� as the counterion and neutral

polypyrrole membranes, were conducted. The per-

formance of these membranes for Chx separation of

ethanol/Chx mixture by PV was investigated. The

results indicated preferential permeation of ethanol,

and clearly demonstrated the feasibility of exploiting

conducting polymers in the PV process [191].
The PV characteristics for acetone/chlorinated

hydrocarbon mixtures using blend membranes of

natural rubber (NR) with epoxidized NR (ENR)

were studied [192]. The permeation rate and

selectivity of these membranes were determined

both as a function of the blend composition and of

the feed mixture composition. The membrane per-

formance could be optimized by adjusting the blend

composition. NR/ENR 70/30 and NR/ENR 30/70

compositions showed a decrease in permeation rate

and chlorinated hydrocarbon/acetone selectivity,

whereas the 50/50 composition showed an increased

permeation rate and increased hydrocarbon/acetone

selectivity. Chlorinated hydrocarbons permeated

preferentially through all of the tested membranes.

The feed mixture composition also strongly influ-

enced the PV characteristics of the blend membranes.

The chlorinated hydrocarbon/acetone selectivity

was found to depend on the molecular size of the

penetrants [192].
The permeation behavior of methanol and MeAc

in the PV experiments is compared with those in VP

experiments using a PVA-based composite mem-

brane. The selected membrane was found to be

MeOH/MAc selective. Results showed higher per-

meation rate but a similar separation factor for

MeOH/MAc selectivity in PV than in VP. For PV

operation, the resulting separation factor for

MeOH/MAc selectivity at 60 �C showed a mono-

tonous decrease (6.4–4.1) with increasing methanol

concentration in the feed mixture (2.3–34 wt.%),

whereas the total permeation rate increased from

0.97 to 7.9 kg (m2 h)�1. Based on the solution–diffu-

sion theory, a mathematical model that satisfactorily

described the permeation rates of methanol and

MeAc in both the PV and VP processes was applied.

The permeation rates of both permeants could be

explained by the solution–diffusion model with

variable diffusion coefficients dependent on metha-

nol concentration in the membrane. Both PV and
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VP processes can be described with the same model

but using different fitting parameters [193].
NR and PSt-co-butadiene rubber (SBR) were

cross-linked chemically with sulfur and accelerated

by efficient vulcanization. These were then com-

pounded for physical cross-linking with high-

abrasion CB filler with three different doses, that is,

5, 10, and 20 phr to obtain three filled membranes

from each of these two rubbers (NR-5, NR-10, and

NR-20 and SBR-5, SBR-10, and SBR-20). These six

filled rubber membranes were used for PV separation

of toluene (Tol)/methanol mixtures up to 11 wt.% of

toluene in feed. With increase in filler doses from

membrane-5 to membrane-20, the selectivities and

mechanical properties of the membranes increased.

All of these membranes showed reasonably good

range of permeation rate (20.8 g (m2 h)�1 for SBR-5

to 10.7 g (m2 h)�1 for NR-20) and separation factor

for Tol/MeOH selectivity (286.4 for NR-5 to 183.7

for SBR-5) for 0.55 wt.% of toluene in feed. Among

these membranes, NR-20 and SBR-20, with highest

cross-linking density, showed maximum separation

factor for Tol/MeOH along with good permeation

rate. For comparable cross-linking density NR mem-

branes showed better separation factor than SBR

membranes [194].
Ionic liquids are used as a bulk liquid membrane

for separation of toluene from n-heptane (Hep).

Aromatic hydrocarbon, toluene, is successfully trans-

ported through the ionic liquid membrane based on

1-methyl-3-octyl imidazolium chloride. Using silver

ion as a carrier in 1-methyl-3-octyl imidazolium

chloride membranes, batchwise extraction experi-

ments are carried out. The separation performances,

represented by the permeation rate and separation

factor for Tol/Hep selectivity, were analyzed

systematically by varying the operating parameters:

the contact time, concentration of Agþ, stirring

effect, initial feed phase concentration, and tempera-

ture [195].
PV separation of ternary and quaternary mixtures

of EA, water, ethanol, and acetic acid, which are

present in the hydrolysis of EA encountered in phar-

maceutical industries, was investigated. Water

concentrations in the feed mixtures are in the range

of 90–98 wt.%, while the concentrations of EA, etha-

nol, and acetic acid are much lower. PDMS was used

as membrane to separate organic compounds from

aqueous streams. PV experiments showed that

PDMS membrane was much more selective to EA

than other organic components. Increase in the EA
concentration in feed mixture resulted in higher total
permeation rates but lower selectivities of EA [196].

The blend membranes with different PAA content
were used to separate dimethyl carbonate (DMC)/
methanol azeotrope in PV. The blend membrane
containing 70 wt.% PAA had the highest separation
factor for DMC/MeOH selectivity of 13 and a per-
meation rate of 577 g (m2 h)�1 at 60 �C for separating
an azeotrope [197].

Chito–silica (Chito/Si) hybrid membranes were
prepared by cross-linking Chito with 3-aminopro-
pyl-triethoxysilane (APTEOS). During the PV
processes, the amorphous region of the membranes
increased and the contact angle for methanol on the
surface of membrane decreased within a range of
operating time, and then they remained almost con-
stant by a reconstruction occurred on the membrane
surface. The silica was well distributed in the Chito/
Si matrix and the thermal stability of the (Chito/Si)
was enhanced. The time for a PV process to reach a
steady state decreased with increasing methanol con-
centration or feed temperature, and it was longer for
the Chito/Si than the Chito membrane. The degree
of swelling was greatly depressed by cross-linking CS
with APTEOS. Sorption data indicated that the
selectivity of solubility and diffusion of the Chito/
Si membrane were greatly improved over the Chito
membrane. The Chito/Si membrane showed the
permeation rate of 1265 g (m2 h)�1 and the separation
factor of 30.1 in PV separation of 70 wt.% MeOH in
feed at 50 �C [198].

Copoly(diethyl vinylbenzylphosphonate/hydro-
xyethyl methacrylate) [copoly(VBP–HEMA)] and
copoly(diethyl vinylbenzylphosphonate/vinylbenzyI
chloride) [copoly(VBP–VBC)] were prepared and
their membranes cross-linked by a reaction of EGDE
and ED with, respectively, hydroxyl and methylene
chloride groups in their side chains. PV and sorption
of Bz/n-hexane, Bz/Chx, and toluene/n-octane
mixtures were investigated. The membranes were
in a rubbery state and preferentially permeable to
aromatics. They had higher specific permeation rate
and a lower PV separation factor compared with the
cross-linked membranes of methacrylate copolymers
with analogous pendant groups. They displayed better
PV performance for toluene/n-octane. Sorption
isotherms of Bz/n-hexane mixtures were represented
by the Flory–Rehner model [199].

Different types of membranes based on polyelec-
trolytes were developed for the separation of
aromatic/aliphatic hydrocarbon mixtures by PV.
For this purpose, composite membranes with
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different polyelectrolytes, soluble either in water
(sulfoethylcellulose) or in ethanol (custom-made
copolymers of MMA and methacrylic acid [3-sulfo-
propyl ester] potassium salt), were prepared by an
interfacial reaction with oppositely charged ionic
surfactants. The latter copolymer could also be
cross-linked with Co2þ ions. Both membrane types
showed a clear enrichment of aromatic components
(toluene or Bz) in the course of the PV process (20
wt.% in the feed and about 55 wt.% in the permeate).
The permeation rates were in the range of 1 kg
(m2 h)�1 at 80 �C. The separation of a Bz/Chx
mixture was also successful at 50 �C. In all cases,
permeation rates in Bz/Chx mixtures were higher
than those. In addition, in multicomponent feed mix-
tures, Bz exhibited the better permeate rates [200].

AgCl/PMMA organic/inorganic hybrid mem-
brane has been fabricated by reverse microemulsion
polymerization using MMA as oil phase [201]. The
membrane structure is analyzed by SEM, which
showed that core–shell organic-inorganic hybrid
materials were formed with AgCl as the core and
PMMA as the shell. AgCl particulate under 2 mm
are uniformly dispersed in the PMMA. The
swelling–sorption behavior of the Chx and cyclohex-
ene in AgCl/PMMA hybrid membrane were
measured, the sorption capacity of cyclohexene in
the hybrid membrane was enlarged comparing with
pure PMMA membrane, but the change of the sorp-
tion behavior of Chx was less. The equilibrium
swelling–sorption amount ratio of cyclohexene to
Chx in membranes was up to 130.4, which was larger
than 54.7 in the pure PMMA membranes.

The possibility of using ionic liquids in bulk
(nonsupported) and supported liquid membranes
for the selective transport of organic molecules was
demonstrated. A systematic selective transport study,
in which 1,4-dioxane, 1-propanol, 1-butanol,
cyclohexanol, cyclohexanone, morpholine, and
methylmorpholine was served as a model seven-
component mixture of representative organic com-
pounds, and, in which four ion liquids based on
the 1-n-alkyl-3-methylimidazolium cation (n-butyl,
n-octyl, and n-decyl) are used together with the
anions PF6- or BF4-, immobilized in five different
supporting membranes, confirms that the combina-
tion of the selected ion liquid with the supporting
membranes was crucial to achieve good selectivity
for a specific solute. The use of the 1-n-butyl-3-
methylimidazolium hexafluorophosphate, immobi-
lized in a PVF2 membrane, allows an extremely
highly selective transport of secondary amines over
tertiary amines (up to a 55:1 ratio). The selective
transport of a given solute through the ion liquid/
membrane system resulted from the high partitioning
of the solute to the liquid membrane phase [202].

As part of a research project focusing on the
development of a sustainable biocatalytic process
for production of chiral secondary alcohols, the per-
vaporative separation of ethanol from ethanol/EA/1-
methoxy-2-propanol/1-methoxy-2-propyl acetate
mixtures through a commercial PVA-based mem-
brane was investigated. PV of the nondiluted
multicomponent mixture was shown to be strongly
influenced by interactions between the permeants
and the membrane. Investigation of these interactions
contributed to the understanding of the mass
transport mechanism of this mixture. Overall, high
permeation rates were obtained, but small differences
between the fastest permeating species were found.
The fastest permeating species was ethanol, EA, or
1-methoxy-2-propanol, depending on the feed com-
position [203].

Whether a membrane solution can be utilized for
hydrocarbon separation by using a supported liquid
membrane was investigated. Aromatic hydrocarbons,
Bz, toluene, and p-xylene were successfully trans-
ported through the membrane based on the ionic
liquids. Although the permeation rates through the
membrane based on the ionic liquids were less than
those of water, the selectivity of aromatic hydrocar-
bons was greatly improved. The maximum
selectivity to heptane was obtained using Bz in the
aromatic permeation and 1-n-butyl-3-methylimida-
zolium hexafluorophosphate in the liquid membrane
phase [204].

PDMS composite membrane was used to separate
the binary and multicomponent alkane/thiophene
mixtures by PV. The total permeation rates for dif-
ferent alkane/thiophene mixtures decreased with
increase of carbon number in the alkanes. In PV
results of ternary systems, the increase of content of
lighter alkane in feed resulted in a larger total per-
meation rate, but a smaller selectivity to thiophene.
A quaternary system, the mixture of n-heptane,
n-octane, n-nonane, and thiophene, was employed
to simulate the desulfurization process of gasoline.
With the membrane having a PDMS layer of 11 mm,
the total permeation rate was measured to be about
1.65 kg (m2 h)�1, with the corresponding separation
factor for thiophene of 3.9 at 30 �C [205].

The blend membranes from a polymer blend of
PAA and PVA were evaluated for the separation of
methanol from methyl tert-butyl ether (MTBE) by
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PV [206]. Methanol permeated preferentially
through all blend membranes tested, and the
MeOH/MTBE selectivity increased with increasing
PVA content in the blends. However, a decrease in
the permeation rate was observed with increasing
PVA content. Upon increasing the feed temperature,
the permeation rate increased and the MeOH/
MTBE selectivity remained constant. In addition,
the influence of cross-linking on the MeOH/
MTBE selectivity was investigated. The PV permea-
tion rate decreased with increasing cross-linking
density; however, this was coupled with an increase
in MEOH/MTBE selectivity. This was due to a
more rapid decrease in the partial permeation rate
of MTBE compared to that of methanol [206].

Thin-film composite membranes were prepared
by coating a thin film of polystyrenesulfonate (PSS)
onto the surface of a microporous alumina (Al2O3)
support [207]. The PSS/Al2O3 composite membrane
was applied to the separation of MTBE/methanol
mixtures in PV mode and exhibited excellent perfor-
mance. The PSS/Al2O3 composite membranes
showed high MeOH/MTBE. The methanol concen-
tration in the permeate was always greater than 99.5
wt.% for all membranes tested and for all feed solu-
tion compositions studied. Membranes of the Mg2þ-
counterion form (PSS–Mg) showed higher separation
factors for MeOH/MTBE selectivity than mem-
branes having Naþ as the counterion (PSS–Na).
Extremely high separation factors (25 000–35 000)
were observed for the PSS–Mg/Al2O3 composite
membrane containing 27.5 mol.% sulfonate [207].

The PV properties of a poly(urethane imide)
block-copolymer membrane for separation of ethyl
tert-butyl ether/ethanol mixtures were investigated
by Jonquieres et al. [208] over the entire composition
range. The PV selectivity for ethanol was higher than
the simple solubility selectivity of ethanol over ethyl
tert-butyl ether. The features of sorption were exam-
ined in relation to the corresponding PV properties,
and were analyzed in terms of the activity of each
penetrant to take into account the nonideality of the
system. Sorption isotherms could be expressed in
terms of a single linear relationship for ethyl tert-
butyl ether, but required two linear relationships in
the case of ethanol. The discontinuity in the ethanol
isotherm corresponded to the composition of a criti-
cal feed mixture, and was ascribed to the complete
mono-solvation of the polymer’s most basic site, that
is, urethane groups, by the protic penetrant [208].

The composite membranes, with PVA as separ-
ating layer material and PAN or CA as supporting
layer material, were prepared for separating
MTBE/methanol mixture by PV. The results
showed that PV performance of the composite
membrane with PVA membrane as separating
layer was superior to that with CA membrane as
separating layer, and the PV performance of PVA/
CA composite membrane with CA membrane as
supporting layer was better. The parameters to pre-
pare the composite membrane remarkably affected
PV performance of the composite membrane. The
permeate rate of both composite membranes of
PVA/PAN and PVA/CA was over 400 g (m2 h)�1,
and the concentration of methanol in the permeate
reached over 99.9 wt.% for separating MTBE/
methanol mixture [209].

Polyelectrolyte–surfactant complex (PELSC)
membranes were prepared by the interaction of the
anionic groups of sodium cellulose sulfate (Na–CS)
or sulfoethyl cellulose (SEC) with different types of
cationic surfactants. The membrane properties were
investigated using PV experiments with different
organic feed mixtures, containing methanol as a
polar component. Methanol was mixed with Chx,
MTBE, and dimethylcarbonate. The results of the
separation experiments employing the methanol-
containing mixtures showed that the membranes
reveal both very high permselectivity and permeabil-
ity even at moderate temperatures [210].

Sorption and PV experiments were carried out
with cellulose triacetate membranes for the separa-
tion of methyl tert-butyl ether and methanol
mixtures. In the PV experiments, the total and
methanol permeation rates increased with the
increasing omethanol concentration in the feed,
while the permeation rates of MTBE first increased
and then decreased. The total permeation rates are
significantly enhanced with increasing temperature.
This temperature dependence was more pronounced
at low methanol concentration, but the extent of
increase of the total permeate rate was relatively
constant when methanol concentrations are greater
than 10%. The MeOH/MTBE selectivity decreased
with increasing of methanol concentration and
became more or less constant at high methanol con-
centrations [211].

Sorption and PV experiments were carried out
with PVA/PAA cross-linked membranes for the
separation of an azeotropic MTBE/methanol
mixture. With increasing PAA content in the mem-
branes, solubilities and permeation rates decreased
and MeOH/MTBE selectivities increased. Total
sorption and permeation rates increased with
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increasing concentration of methanol. Increasing the
concentration of methanol resulted in decreasing
MeOH/MTBE selectivities. Because of polarity,
methanol permeated selectively through the mem-
branes. Sorption results showed the same tendency
with PV results [212].

PV separation process was used for separation of
methanol/MTBE mixtures encountered during
manufacturing of MTBE. Three different copoly-
mers of acrylamide with increasing amount of
HEMA, that is, PAMHEMA-1, -2, and -3, were
synthesized and the cross-linked (gelled) copolymer
membranes made from these sol copolymers were
used for pervaporative separation of methanol from
its mixtures with MTBE over the concentration
range of 0–10 wt.% methanol in feed. These hydro-
philic gel copolymer membranes were found to be
highly methanol selective in both sorption and diffu-
sion through the membranes. The permeation rate of
methanol was found to decrease with increasing
degree of cross-linking from PAMHEMA-1 to -3
copolymer membranes. Among the three membranes.
the PAMHEMA-3 membrane showed the highest
MeOH/MTBE selectivity and permeation rate and
they were 511.7 and 9.9 g (m2 h)�1 , respectively, for
0.53 wt.% of methanol in feed, while maximum
permeation rate with high selectivity was shown by
PAMHEMA-1 membrane. Their permeation rate
and MeOH/MTBE selectivity were 18.49 g (m2 h)�1

and 243, respectively, for 0.53 wt.% of methanol in
feed. MTBE was also found to have a negative
coupling effect on methanol permeation [213].

The separation of ethanol/ethyl-tertio-butylether
mixtures by PV was studied with new membranes
prepared from N-vinyl-pyrrolidinone (NVP) and
N-[3-(trimethylamoniopropyl)] methacrylamide-
methylsulfate) (TMA). The PV results showed that
highly ethanol-selective membranes could be
obtained from PVP blends and from pyrrolidinone-
based cross-linked copolymers. Whatever the exact
NVP/TMA composition used, the membranes
strongly favored the PV of ethanol. The ethanol
selectivity was higher for the lower PVP/TMA
ratio. On the one hand, these results were ascribed
to the high pyrrolidinone residues content, which is
responsible for the enhanced ethanol sorption affi-
nity. The observed permeation selectivity was in
agreement with the swelling data also recorded with
the different polymers, showing higher affinity for
ethanol with PVP-enriched materials compared
with TMA ones. This was a direct consequence of
the Lewis base feature of pyrrolidinone sites toward
ethanol molecules. On the other hand, the TMA
residues improved the overall stability and selectivity
of the membranes depended upon cross-linking reac-
tions, which were induced by thermal treatment. A
close comparison made between polymer blend and
copolymer PV results helped to clarify the TMA role
of the membrane transport properties [214].
2.11.6.6 Selective Membranes for Isomers

Propanol and xylene-isomer-selective membranes
are very important for the separation of industrial
chemical products and energy saving for the separa-
tion of those mixtures.

PVA membranes containing �-CD (PVA/CD
membrane) were prepared and the permeation and
separation characteristics for propanol isomers
through the PVA/CD membranes were investigated
by PV and EV [215]. EV was more effective for the
separation of propanol isomers through the PVA/CD
membrane than PV. The PVA/CD membrane pre-
ferentially permeated 1-propanol rather than 2-
propanol from their mixtures. In particular, a mixture
of 10 wt.% 1-propanol concentration was concen-
trated to about 45 wt.% through the PVA/CD
membrane. The permeation mechanism of propanol
isomers through the PVA/CD membrane was
discussed based on the solution–diffusion model.

The characteristics of permeation and separation
for xylene isomers through PVA membranes contain-
ing �-CD (PVA/CD membranes) were investigated
by PV and EV. EV was more effective for the separa-
tion of xylene isomers through the PVA/CD
membrane than PV. The increase in CD content
gave an increase in p-xylene/o-xylene selectivity
through the PVA/CD membrane by EV. This was
attributed to the stronger affinity of CD for p-xylene
compared with o-xylene. Particularly, the PVA/CD
membrane at a CD content of 40 wt.% showed a
higher separation factor for p-xylene/o-xylene selec-
tivity than has ever been reported. When the
p-xylene concentration in the feed was lower,
the p-xylene/o-xylene selectivity was improved.
The mechanism of permeation and separation for
xylene isomers was discussed from the standpoint of
solution–diffusion model [216].

PAA membranes containing �-, �-, or �-CD were
prepared and used for the separation of o-/p-xylene
mixture by PV. The native PAA membrane was
almost impermeable for the xylene isomers, and the
incorporation of CDs in the PAA membranes resulted
in membranes having molecular recognition function,



318 Pervaporation
which selectively facilitated the transport of the

xylene isomers. For all types of CDs, the facilitated

transport occurred at CD concentrations higher than

the threshold concentration. As the CD concentration

increased, the permeation rates increased, while the

o-xylene/p-xylene selectivities were almost constant.

The selectivity for o-xylene/p-xylene selectivity of

the membranes was strongly influenced by the types

of CDs incorporated in the membranes [217].
Polymer membranes containing �-CD were pre-

pared by the casting method using cross-linking

reaction with hexamethylenediisocyanate. The film

synthesis conducted with and without dibutyltin

dilaurate as catalyst resulted in two series of materials

in which �-CD host entities were chemically linked

to PVA and physically entrapped in PVA, respec-

tively. The obtained membranes were successfully

applied to the separation of o-/p- and o-/m-xylene

isomer mixtures by pertraction from water. p- and

m-xylenes were found to be the faster permeants

compared to the o-isomer. The separation factor for

p-xylene/o-xylene selectivity varied from 7.75 to

0.35, depending on the membrane �-CD content

and the feed concentration. The permeation rate

and separation selectivity data were discussed in

terms of molecular recognition by �-CD and of

coupling transport effect [218].
The PV characteristics of xylene isomer mix-

tures through a fixed carrier membrane consisting

of CA as a base polymer and DNP group as a

selective fixed carrier were studied. In the PV of

xylene isomer mixtures, the DNP group selectively

facilitated the transport of xylene isomers through

the membrane. The order of the preferentially

permeating component was p-xylene > m-xylene >

o-xylene [219].
The selective extraction of the geometrical iso-

mers of xylene using a hydrogel consisting of a PVA

grafted with �-CD and �-CD as the complexing

moieties was described. The membrane contactors

were prepared by the casting method following

cross-linking reaction with hexamethylene diisocya-

nate (HMDI). The transfer of xylenes across the CD-

containing membranes was facilitated compared to

PVA. The better discrimination was observed for

membranes based on �-CD, the more efficient

being that containing �21 wt.% CD. The order of

permeation rate p-xylene > m-xylene > o-xylene fol-

lowed the affinity order inferred from the stability

constants �-CD. The permeate composition was

independent of the feed composition [220].
Fractionation of o- and p-xylene isomeric mix-
tures was performed using PV with PU membranes

containing ZSM zeolite. The xylene vapor sorption

isotherms exhibited a Henry’s law relationship in this

PU–zeolite blend. In binary solutions, the individual

xylene uptake was also proportional to the solvent

composition. Although incorporating zeolite into the

PU–zeolite membrane rendered a decrease in xylene

solubility as compared with that sorbed in the PU

film without zeolite addition, the increase of diffu-

sion coefficient and diffusivity selectivity increases

enhanced the separation efficiency using the

PU-zeolite blend. Increasing the operating tempera-

tures enhanced the xylene permeation rate of xylene.

The permeation rates of xylene and selectivity

increased with increasing zeolite content [221].
Palygorskite–polyacrylamide (PGS/PAM) hybrid

materials were synthesized via intercalation poly-

merization initiated by redox initiator consisting of

modified PGS (reducer) and ceric salt Ce4þ (oxi-

dant), and used as PV membranes. The swelling

behavior of hybrid membranes was investigated in

single xylene isomer (p-xylene, m-xylene, and o-

xylene), binary xylene isomer mixtures (p-/o-xylene

(the mixtures of p-and o-xylene), o-/m-xylene (the

mixtures of o- and m-xylene), and p-/m-xylene (the

mixtures of p- and m-xylene)), and ternary isomer

mixture (p-/m-/o-xylene (the mixtures of p-, m-, and

o-xylene)). A maximum value of degree of swelling

at equilibrium (DSequilibrium) in single xylene iso-

mer at 30 �C exhibited for the hybrid membrane

with a PGS of 1.92 wt.%. Negative deviation and

both negative and positive deviations of the

DSequilibrium based on the addition rule existed

in binary or ternary xylene isomer mixtures, respec-

tively, for hybrid membranes with different PGS

content at 30 �C. In addition, a maximum value of

separation factor of the hybrid membrane revealed

for each pair of binary xylene isomer mixtures when

the PGS content was 1.92 wt.% in the hybrid

membrane. A reversion of the preferential selectivity

and a high permeation activation energy of the

hybrid membrane occurred at the concentration

region with high p-xylene content in p-/m-xylene

binary xylene isomer mixtures. The swelling beha-

vior and PV performance of PGS–PAM hybrid

membranes were discussed in terms of the entrap-

ping channel in the PGS for the potential

introduction of xylene isomers, the interaction

between xylene isomers in feed and the solution–

diffusion mechanism in the PV process [222].
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2.11.6.7 Selective Membranes for
Facilitation of Chemical Reactions

Selective membranes for facilitation of chemical
reactions are useful for reactors coupled with mem-
brane separation technology such as PV, EV, and
TDEV. These systems can help to enhance the
conversion of reactants for thermodynamically or
kinetically limited reactions via selective removal
of one or more product species from reaction
mixtures.

PVA membranes cross-linked with sulfosuccinic
acid (SSA) were used for the removal of water in the
esterification with acetic acid by isoamylic alcohol.
In order to study the effects of the cross-linking
degree and, simultaneously, the amount of sulfonic
groups, different membranes were prepared with
SSA/PVA ratios in the range of 5–40 mol.%. To
eliminate the dependence between the amount of
acid sites and the cross-linking degree, PVA mem-
branes with the –SO3H groups which were
introduced by anchoring 5-sulfosalisilic acid (SA)
on the PVA chains were also prepared. The con-
sumed conversion of isoamylic alcohol increased
when the amount of SSA used in the polymer
cross-linking was increased from 5% to 20%.
However, when the cross-linking degree increased
from 20% to 40%, its conversion increased only
slightly, probably due to the increase of molecular
mobility restriction in the PVA matrix. In the case of
the PVA membranes introduced the –SO3H groups,
the membrane activity for esterification increased
with increasing content of cross-link [223].

Esterification of lactic acid and succinic acid with
ethanol to generate ethyl lactate (C5H10O3) and
diethyl succinate, respectively, was studied in
well-mixed reactors with solid catalysts (Amberlyst
XN-1010 and Nation NR50) and two PV membranes
(GFIF-1005 and T1-b). Experiments were carried
out by a closed-loop system of a batch catalytic
reactor and a PV unit employing GFIF-1005. The
kinetics of PV is studied to obtain a working correla-
tion for the permeation rate of water in terms of
temperature and water concentration on the feed
side of the pervaporator. The efficacy of PV-aided
esterification was illustrated by attainment of near-
total utilization of the stoichiometrically limiting
reactant within a reasonable time. Protocols for
recovery of ethyl lactate and diethyl succinate from
PV retentate were discussed, and simultaneous ester-
ification of lactic and succinic acids, which is an
attractive and novel concept, is proposed [224].
Reaction–PV hybrid processes can be an alterna-
tive to classical chemical processes to enhance the
conversion of equilibrium-limited reactions, such as
esterification and trans-esterification. The esterifica-
tion of acetic acid with isopropanol coupled with PV
was investigated. The synthesis and hydrolysis of
isopropyl acetate have been studied using the com-
mercial polymeric membrane PERVAP (R) 2201.
The effect of temperature and feed composition on
the permeation characteristics of the membrane was
analyzed and preferential water permeation from the
quaternary mixture involved in the esterification of
acetic acid with isopropanol was discussed under the
experimental conditions [225].
2.11.7 Conclusions

The H2O/organic-selective membranes designed for
the dehydration of organic/water mixtures by PV
have already been applied to practical use, and
further expansion is expected in future. These mem-
branes have found applications in the chemical and
electronics industry and dehydration of alcohols as
fuel. Specifically, H2O/alcohol-selective membranes,
such as hydrophilic PVA, are currently used for
dehydration of alcohols. Conversely, organic/H2O-
and organic/organic-selective membranes are still
being developed with improvements in selectivity,
permeability, and the durability necessary for their
practical use. The membrane materials, membrane
preparation techniques, and separation process para-
meters for organic-selective membranes are still
being studied. It will be important to develop novel
membrane separation techniques other than mem-
brane separation methods based on the solution–
diffusion mechanism as well as development of
organic-selective membranes. We expect that super-
ior membranes for organic liquid mixtures and
membrane separation techniques can be developed
in the near future.
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Glossary
Asymmetric membrane Membrane constituted

of two or more structural planes of nonidentical

morphologies.

Composite membrane Membrane with

chemically or structurally distinct layers.

Concentration polarization Due to retention of

the slow permeating component on the membrane

surface, the concentration of the fast permeating

component on the membrane surface is lower than

that in the bulk phase.

Facilitated transport Process in which chemically

distinct carrier species form complexes with a

specific component in the feed stream, thereby

increasing the flux of this component relative to

other components.

Flux Mass of a specified component i passing per

unit time through a unit of membrane surface area

normal to the thickness direction.

Liquid membrane Liquid phase existing in either

supported or unsupported form that serves as a

membrane barrier between two phases.

Membrane stability The ability of a membrane to

maintain both the permeability and selectivity under
specific system conditions for extended period of

time.

Mobile carrier Distinct species moving freely

within a membrane for the purpose of increasing

the selective sorption and flux of a specific

component in a feed stream relative to all other

components.

Partition (distribution) coefficient Parameter

equal to the equilibrium concentration of a

component in a membrane divided by the

corresponding equilibrium concentration of the

component in the external phase in contact with the

membrane surface.

Permeability coefficient Parameter defined as a

transport flux, per unit transmembrane driving force

per unit membrane thickness.

Permeance Transport flux per unit

transmembrane driving force.

Solution-diffusion Molecular-scale process in

which permeant is sorbed into the upstream

membrane face from the external phase, moves by

molecular diffusion in the membrane to the
325
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downstream face, and leaves into the external fluid

phase in contact with the membrane.
Sweep Nonpermeating stream directed past the

downstream membrane face to reduce

downstream permeant concentration.
Fi
Nomenclature
A membrane area (m2)

C concentration (g m�3)

D diffusion coefficient (m2 s�1)

J total permeation flux (g m2 h�1)

Ji permeation flux of component i through the

membrane (g m2 h�1)

k mass transfer coefficient (m s�1)

l membrane thickness (m)

m mass of permeate (g)

P permeability coefficient (m2 s�1)

PC critical displacement pressure (kPa)

r pore radius (m)
S equilibrium partition coefficient (dimensionless)

t time (s)

� separation factor (dimensionless)

� enrichment factor (dimensionless)

� interfacial tension (N m�1)

� contact angle between the membrane pores

and the impregnating liquid (degree)
gure 1
Subscripts
i permeating component

m membrane
Superscripts
f feed solution

p permeate
Liquid
feed Pervaporation

membrane

Vacuum
side

Evaporation

Diffusion

Sorption

Retentate

Vacuum source Permeate

The pervaporation process.
2.12.1 Pervaporation

2.12.1.1 Fundamentals

Pervaporation (PV) is a separation technology where

a liquid mixture (feed) is placed in contact with one

side of a membrane and the permeated product

(permeate) is removed as a low-pressure vapor from

the other side (Figure 1). The permeate vapor can be

condensed and collected or released as desired. The

chemical potential gradient across the membrane is

the driving force for the mass transport. The driving

force may be created by applying either a vacuum

pump or an inert purge (normally air or steam) on the

permeate side to maintain the permeate vapor pres-

sure lower than the partial pressure of the feed

liquid [1].
Three main applications of the technology have

received considerable attention over the past

decades: (1) dehydration of organic solvents,

(2) removal of organic compounds from aqueous

solutions, and (3) separation of anhydrous organic

mixtures. Dehydration of alcohols and of other

organic solvents and removal of small amounts of

organic compounds from polluted waters have

reached the commercial scale, solvent dehydration

being the main application [2–4].
PV is a promising technique for the separation of

solvents from low-concentration aqueous solutions
[5]. Fermentation processes can generate a variety

of by-products, such as acetone, ethanol, butanol,

acetic acid, and propionic acid. These compounds

can be used as solvent, fuel, or a chemical intermedi-

ate. However, their concentrations in a fermentation

broth are often quite low, around 1–2%. In this range

of solvent concentration in the fermentation broth,

distillation is not an economical technology to

recover the solvents from the solution. A variety of
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membranes has been used in the PV process for these
dilute solutions [6, 7]. These include polymeric
membranes made of polydimethylsiloxane (PDMS)
(and its composites), polytetrafluoroethylene
(PTFE), polyether block amides (PEBA), and inor-
ganic membranes, such as silicalite (zeolite)
membranes.

PV separation is governed by the chemical nat-
ure of the macromolecules that comprise the
membrane, the physical structure of the membrane,
the physicochemical properties of the mixtures to
be separated, and the permeant–permeant and per-
meant–membrane interactions. PV transport is
usually described to be a three-step process: solu-
tion–diffusion–evaporation. The separation is based
on the selective solution and diffusion, that is, the
physical–chemical interactions between the mem-
brane material and the permeating molecules, not
the relative volatility as in distillation.

Vapor permeation (VP) is an alternative technol-
ogy, where the feed enters as saturated vapor [8, 9].
This avoids the phase change across the membrane
surface, and makes VP systems less complex than
similar PV systems. In addition to its simplicity, VP
is less sensitive to concentration polarization on the
feed side of the membrane; the membrane lifetime is
expected to be longer than for PV due to the low
degree of membrane swelling, and the transport rates
across the membrane may be enhanced by raising the
feed pressure. Shortcomings in VP, however, are the
strong dependence of the separation characteristics
on the feed pressure, the sensitivity to friction losses
in the feed stream, and the possibility of condensa-
tion, and, hence, of the formation of stagnant
condensate films, partially covering the membrane
on the feed side.

PV is a rate-controlled separation process. In
developing PV membranes, three issues must be
addressed: (1) membrane productivity, (2) membrane
selectivity, and (3) membrane stability. The produc-
tivity is defined by the flux of the components across
the membrane. The total permeate flux, J, is
obtained from experimental data as

J ¼ m

A �t
ð1Þ

where m is the mass of collected permeate, A is the
membrane surface area, and �t is the permeation
time.

When describing the selectivity of a membrane
for the separation of a mixture composed of compo-
nents i and j, the separation factor is defined as
� ¼
C

p
i =C

p
j

Cf
i =Cf

j

ð2Þ

Parameter � is similar to the membrane selectiv-
ity which is widely used in gas permeation, and
which is defined as a ratio of the permeabilities of
the membrane to two different pure gases under
comparable conditions. In PV, the two penetrants
are no longer transported independently through
the membrane due to strong coupling effects. It
should be pointed out that only when the concentra-
tion polarization is negligible, the selectivity
expressed by Equation (2) would be an intrinsic
property of the membrane. Occasionally, membrane
selectivity is expressed in terms of the enrichment
factor, �, which is simply defined as the ratio of
concentrations of the preferentially permeating spe-
cies in the permeate and in the feed. The use of
parameter � makes it easier to formulate the mathe-
matical equations governing the performance
(production capacity, operational yield, and energy
cost), which characterizes a PV module [10].
2.12.1.2 Membranes for Pervaporation

In conventional PV, the membranes used are prefer-
entially nonporous, in the sense of not possessing
pores that are visible with an electron microscope.
They can be composed of different materials of poly-
meric or inorganic nature or from polymeric and
inorganic materials themselves. With regard to the
structure of the membranes, they can be homoge-
neous or asymmetrical, and they can also be
composite membranes in which case they are con-
stituted of different layers of different materials and/
or morphologies.

A comprehensive review of polymeric membranes
for PV was recently reported by Shao and Huang
[11]. They investigated the potential of PV with
regard to separating liquid mixtures in the areas of
alcohol and solvent dehydration, organic removal
from water, and organic/organic separations. They
also reported on the fundamentals of PV transport in
detail, discussing modifications made to solution-
diffusion theory and discussed the importance of
solvent coupling in diffusive transport and how this
coupling can be accounted for. A detailed review on
membranes for the dehydration of solvents by PV
had also been conducted by Chapman et al. [3].

In the so-called organophilic PV application, pollu-
tion control and solvent recovery can be carried out
simultaneously. Organophilic PV mainly involves the
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use of polymeric membranes typically based on

PDMS. A variety of other polymers have also been

used as organophilic PV membranes. As reported in

literature [6, 12], these organophilic membranes offer

an extremely high selectivity (�> 1000) to volatile

organic compounds (VOCs), such as benzene,

toluene, xylenes, methylene chloride, chloroform,

tetrachloromethane, trichloroethane, trichloroethylene

(TCE), and chlorobenzene; a high selectivity

(100 <�< 1000) for VOCs, such as acetates, butano-

ates, methyl tert-butyl ether (MTBE), tetrahydrofuran,

and methyl isobutyl ketone (MIBK); a moderate selec-

tivity (20 <�< 100) for moderately polar VOCs, such

as n-butanol, tert-butyl alcohol, methyl ethyl ketone,

aniline, and pyridine; and a low selectivity (�< 20) for

highly polar VOCs, such as methanol, ethanol, n-pro-

panol, 2-propanol, phenol, and acetone.
On the other hand, ceramic membranes can offer

some significant advantages over polymeric ones

when used in PV applications, mainly a higher che-

mical and thermal stability than most polymeric

materials for specific applications. Thus, membranes

made from ceramic materials can be operated at

higher temperatures and in the presence of solvents

that would cause polymeric membranes to fail. They

offer much better mechanical stability and do not

swell and thus achieve a more constant performance

with varying feed concentrations [13]. Zeolite mem-

branes do not present this swelling phenomenon and,

on the contrary, can be very selective toward water

permeation, a property that is particularly useful

when very low water concentrations should be

reached (<1%). However, due to their ion-exchange

nature they are susceptible to be attacked by salts,

acids, and alkaline compounds. Ceramic PV mem-

branes, mostly silica-based membranes, are very

robust but they are often somehow less selective

than polymeric or zeolite membranes. In principle,

high-temperature operation is possible with both

zeolite and silica PV membranes; however, at pre-

sent, most industrial applications use polymeric

membranes.
In the development of high-flux membranes,

much effort has been made to change the membrane

structure from a dense thick film to an asymmetric or

composite structure, in order to reduce the effective

thickness of the membrane. However, the reduction

in thickness is typically accompanied by a decrease in

selectivity, due to a higher number of defects. To

make PV a more economically attractive process for

removal, recovery, and concentration of a variety of
VOCs, more efficient membranes are needed.
Membranes displaying higher selectivities would
reduce the energy required for organic recovery.
Membranes with higher organic fluxes would reduce
the membrane area requirement.
2.12.2 Liquid Membranes

2.12.2.1 Introduction

A liquid membrane (LM) is a fluid or quasi-fluid
phase, which separates two other phases that are
immiscible with the LM. LMs were developed
because of the relatively small transmembrane flux
of polymer membranes. They have gained increasing
significance in recent years in combination with the
so-called facilitated transport which utilizes selective
carriers transporting certain components such as
metal ions selectively and at a comparatively high
rate across the LM interphase [14, 15].

It is relatively easy to form a thin fluid film. It is
difficult, however, to maintain and control this film
and its properties during a mass separation process.
In order to avoid a breakup of the film, some type of
reinforcement is necessary to support such a weak
membrane structure. Today, two different techni-
ques are used for the preparation of LMs [16]. In
the first case, the selective liquid barrier material is
stabilized as a thin film by a surfactant in an emul-
sion-type mixture. In the second technique for
making LMs, a microporous polymer structure is
filled with the LM phase. In this configuration, the
microporous structure provides the mechanical
strength and the liquid-filled pores provide the selec-
tive separation barrier.
2.12.2.2 Facilitated Transport

Carrier-facilitated transport membranes incorporate a
reactive carrier in the membrane [17]. The solute has
to react first with the carrier to form a solute–carrier
complex, which then diffuses through the membrane to
finally release the solute at the permeate side. The
overall process can be considered as a passive transport
since the solute molecule is transported from a high to
a low chemical potential. Much of the work on carrier-
facilitated transport has employed LMs containing a
dissolved carrier agent held by capillary action in the
pores of a microporous film.

The membrane permeance (permeant flux
divided by permeant driving force) for the
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transported species is a key parameter in process

design and development. Membrane permeance has
to be as high as possible, and it is commonly deter-

mined by the expression S � Dm=l , where S is the

distribution coefficient related to the chemical affi-

nity of the membrane to the transported solute, l is

the membrane thickness, and Dm the diffusion coeffi-
cient of the solute through the membrane; the

permeance value can be increased by increasing

either the distribution coefficient or the diffusivity

and by decreasing the thickness of the membrane.
The idea of using a thin organic liquid layer as PV

membrane seems to be very attractive from this point

of view simply because the value of Dm in liquids is at

least three to four orders of magnitude higher than

values in solid polymers and in inorganic membranes.
Besides, it is possible to dissolve some hydrophobic

chemicals in the organic liquid, so that they will be

able to interact with the transported hydrophilic

species, increasing the affinity of the solute and,
thus, the process selectivity. The complex species

resulting from the solute–membrane interaction

could easily diffuse through the organic liquid.

Although the value of D for the formed complex

species is slightly lower than that for smaller species
penetrating directly, the value of S can be increased

by many orders of magnitude, which results in the so-

called facilitated transport allowing for much higher

rates of the separation process [18].
2.12.2.3 Supported Liquid Membranes

Supported liquid membranes (SLMs), which have

been of interest in research for more than 30 years,

are formed by liquids immobilized within nanostruc-
tured porous supports. In comparison to

conventional solid membranes, they display a
Liquid
membrane
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Figure 2 Pervaporation with supported liquid membranes.
number of advantages [19] but often lack the long-

term stability needed in industrial applications.
The capacities of performing selective solute

transport and treating dilute solutions make the

SLM technique an attractive alternative to solvent

extraction, that is, it combines the processes of

extraction, stripping, and regeneration in a single

step [20]. LMs were first applied to gas transport

(oxygen, carbon dioxide, carbon monoxide, etc.).

Metal ion separation has received considerable inter-

est in order to recover metals, as well as to control

pollution. Finally, biotechnological applications and

recovery of other products, such as acetic acid and

phenols, have been reported. An extensive review

including industrial applications has been published

[21–23].
In an SLM process, the organic extractive phase is

immobilized by capillary forces in the pores of a thin

microporous polymeric support separating the feed

solution and the stripping solution (Figure 2). The

support geometry which offers more advantages is

the hollow fiber, where the highest surface-area-to-

volume ratios are obtained.
General advantages of facilitated transport mem-

branes are improved selectivity, increased flux, and,

especially if compared with membrane contactors,

the possibility to use expensive carriers. Despite the

advantages, the suitability of an SLM system for the

simultaneous extraction and stripping depends on

the solute flux rate, the stability of the membrane,

and the working lifetime of the system.
The mass-transfer rate through the LM will be

affected by variables such as the solubility and

diffusivity of the solutes in the immobilized

organic phase. The properties of the solid, such

as support thickness, porosity, and tortuosity of

the pores, also have an influence on the separation

rate [24].
Polymeric
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The preparation of SLMs is extremely simple,
when certain requirements concerning the selective
barrier and the microporous support material are
fulfilled [14]. The LM material should have a low
viscosity and low vapor pressure, that is, high boiling
point and, when used in aqueous feed solutions, low
water solubility. Otherwise, the useful lifetime of the
membrane is rather limited. The microporous struc-
ture should have a high porosity, a pore size small
enough to support the LM phase sufficiently under
hydrostatic pressure and the polymer of the substruc-
ture should be hydrophobic in nature for most LMs
used in contact with aqueous feed solutions. In prac-
tice, LMs are prepared by soaking a hydrophobic
microporous membrane in the hydrophobic liquid,
which may consist of a selective carrier dissolved in
an organic solvent. The disadvantage of supported
membranes is their thickness which is determined by
the thickness of the microporous support structure,
which is in the range of 10–50 mm, and, therefore,
about 100 times the thickness of the selective barrier
of an asymmetric polymer membrane. Thus, the
fluxes of SLMs can be low even when their perme-
abilities are high.
Table 1 Some porous membranes frequently used as

supports for supported liquid membranes

Material Characteristics

Polypropylene Hydrophobic

Polytetrafluoroethylene Hydrophobic

Polyethylene Hydrophobic

Polyvinylidene fluoride Hydrophobic
Polyamide (Nylon) Hydrophilic

Polycarbonate Hydrophilic

Polyethersulphone Hydrophilic

Cellulose acetate Hydrophilic
2.12.3 Pervaporation with Supported
Liquid Membranes

2.12.3.1 Introduction

In order to successfully use SLM in PV at least the
following conditions are required: the liquid immo-
bilized in the porous support must have a very low
volatility to avoid its evaporation under vacuum and,
on the other hand, it must be essentially immiscible
with the main component (solvent) in the feed mix-
ture; the target solute from feed mixture should have
a high affinity with the component of the LM and a
partial pressure high enough to allow the existence of
separation driving force. According to the Laplace
equation (Equation (3)), the breakthrough pressure
increases with the interfacial tension between feed
solution and SLM phase. Since PV usually operates
under vacuum, with the liquid feed mixture at pres-
sure close to the atmospheric pressure, the
breakthrough pressure for the LM immobilized in
the porous should be higher than 1 bar.

PV through SLMs has been mainly researched to
separate volatile fermentation products and other
VOCs from aqueous solutions. Oleyl alcohol (OA),
iso-tridecanol, beeswax, and silicone oil have been
used as LMs [12]. The SLM consisting of OA yielded
a butanol flux and selectivity higher than those of
PDMS membranes and stability over periods of
100 h. Since the characteristics of the SLM can be
easily changed by selection of solvents, this separa-
tion process would be applicable to many volatile
materials, such as alcohols, esters, ketones, hydrocar-
bons, and acids. The limited number of investigations
on SLMs for PV can be attributed to the well-known
instability of SLMs for practical applications.
2.12.3.2 Supports for Supported Liquid
Membranes

SLMs consist of three main components: (1) support
membrane, (2) organic solvent, and (3) carrier (in
case of facilitated transport) [25]. The most widely
used approach to prepare SLMs has been to impreg-
nate the pore structure of a thin, microporous
substrate, such as an ultrafiltration membrane, with
the liquid containing the complexation agent. As a
free liquid film is not very stable, the function of the
porous support membrane is to act as a framework.
Stability of the immobilized liquid is one of the main
constraints of this process, as discussed in the follow-
ing section. In fact, all types of membrane materials
can be used as the support membrane, provided they
are stable under the experimental conditions
employed and have suitable chemical properties.
Indeed, highly stable materials, such as polypropy-
lene, polyethylene, and poly(vinylidene fluoride), are
often used as supports. Way et al. [24] discuss the
chemical and physical properties that must be con-
sidered when an SLM support is selected. The
surface porosity and overall porosity of such support
materials should be high in order to obtain an optimal
flux. Table 1 lists some porous membranes fre-
quently used as porous polymeric support. In
addition to the above-mentioned materials, other
more dense membranes can be used in principle,
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such as polysulfone and cellulose acetate. Although
the most-used supports are polymeric, there are sev-
eral studies that have used porous ceramic
membranes as support [26–28]. In addition to the
porosity, membrane thickness also directly deter-
mines the permeation rate because the flux is
inversely proportional to the membrane thickness,
suggesting that the membrane should be as thin as
possible.

An SLM can be made in at least three different
geometries [21]. A planar or flat geometry is very
useful for laboratory purposes. For industrial pur-
poses, a planar geometry is not very effective since
the ratio of surface area to volume is too low. Hollow
fiber and spiral wound modules can be used to pro-
vide high surface-area-to-volume ratios. Surface-
area-to-volume ratios can approach 10 000 m2 m�3

for hollow fiber and 1000 m2 m�3 for spiral wound
modules. Nevertheless, to our knowledge there are
no references using SLM in spiral wound modules.
2.12.3.3 Stability of Supported Liquid
Membranes

LMs supported by hollow fibers are relatively easy to
make and operate, and the membrane fluxes can be
high. However, membrane stability is a problem. The
detailed mechanism for flux instability is not com-
pletely established but appears to be related to loss of
the organic complexing agent phase from the support
membrane [29, 30]. Although membrane fluxes could
be restored to their original values by reloading the
membrane with fresh complexing agent, this is not
practical in a commercial system.

Instability of SLMs is due to the loss of carrier
and/or membrane solvent from the membrane phase,
which has an influence on both flux and selectivity of
the membrane. Depending on the amounts of carrier
and solvent lost from the support pores, the solute
flux might increase, decrease, or stay almost equal.
When all LM phase is lost, the membrane breaks
down and a direct transport between the two phases
adjacent to the LM takes place with a complete loss
of selectivity. The time period after which instability
phenomena are observed varies from less than 1 h to
several months depending on the system [31].

The major degradation mechanisms are [18, 29–33]:

• progressive wetting of the pores in the membrane
support by the aqueous phase;

• pressure difference over the membrane;
• mutual solubility of species from the aqueous
phase and LM phase;

• emulsion formation in the LM phase; and

• blockage of membrane pores by precipitation of a
carrier complex at the surface.

SLM stability can be affected by the type of poly-

meric support and its pore radius, organic solvent
used in the LM, interfacial tension between the aqu-
eous phase and membrane phase, flow velocity of the

aqueous phases, and method of preparation [18]. The
minimum transmembrane pressure required to push
the impregnating phase out of the largest pores can

be calculated using Laplace equation [33]:

PC ¼
2� cos�

r
ð3Þ

where � is the interfacial tension between strip or
feed solution and SLM phase, � the contact angle
between the membrane pores and the impregnating
liquid, and r is the pore radius. Usually, for commer-
cial hollow fiber membrane contactors and
hydrocarbon solvents, PC is much larger than trans-
membrane pressure, which indicates that pressure
difference is not the main cause of SLM degradation
[31]. It was proposed that only two mechanisms are
the major important factors resulting in the mem-
brane instability: the solubility of the SLM
components in the adjacent feed or strip solutions
and an emulsification of the SLM phase due to lateral
shear forces [18].

Many research groups have been working on
improving the stability of SLMs by using various

approaches. The alternatives proposed have been
summarized by Kocherginsky et al. [18]:

1. Continuous reimpregnation of the support with LM

phase [34]. Such continuous impregnation methods
are mainly applied for hollow fiber modules and

can be found in different configurations. This
regeneration of LMs works well, but feed and/or

strip solutions are still polluted with the mem-
brane liquid. Only the effects of LM loss are
cured, but the problem of instability itself is not

tackled. Other disadvantages are the necessity to
fill up the membrane liquid, the complex modules,
and the procedures required [31].

2. Formation of barrier layers on a membrane surface either

by physical deposition or by interfacial polymerization

[35]. It works well to prevent emulsification of the
membrane liquid in the aqueous solutions and to
minimize displacement of LM solutions from the
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Figure 3 Schematic diagram of the liquid membrane for a pervaporation process: (a) an uncoated membrane is used as the
substrate; (b) a coated membrane is used as the substrate. Reproduced from Qin, Y., Sheth, J. P., Sirkar, K. K. Ind. Eng.
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support pores by pressure difference over the
membrane (Figure 3). However, the reproduci-
bility of SLMs coated with the polymerized film is
poor and the adhesion to the substrate is not
strong. Besides, the additional layer can decrease
the membrane permeability.

3. Stabilization of SLM by plasma polymerization surface

coating [12, 36]. This also reduces the size of the
membrane surface pores and increases mass trans-
fer resistance, resulting in a decreased
permeability of the membrane system.

Details about each of these techniques can be
found elsewhere [25].
Figure 4 Solute concentration profile across the

membrane.
2.12.3.4 Theoretical Analysis

In membrane processes, it is well recognized that
transport is a function of the membrane itself and of
the mass transfer resistances that may develop on
either side of the membrane. In PV, when the pre-
ferentially permeating compound is present in trace
amounts in the bulk of the feed, and its flux is rela-
tively high, concentration polarization may develop
at the surface of the membrane. As the Reynolds
number is increased, eventually into the turbulent
regime, liquid film resistance should be reduced/
eliminated and the membrane resistance may
become rate controlling.

Transport across a dense membrane can be
described as a solution/diffusion process [37–39]. In
PV, there may be additional resistances to mass
transfer in the liquid and in the gas boundary layers
that form at the interfaces with the membrane. With

reference to Figure 4, the following expression for

the steady-state flux of a component from the liquid

side to the vapor side is derived:

Ji ¼
1

1

kl
þ 1

Sml � km
þ 1

Sml
Smv
� kv

� C
f ; bulk
i –

Smv

Sml
� C

p
i

� �
ð4Þ

where C is the volumetric concentration, k is the mass
transfer coefficient, and S is the dimensionless equi-
librium partition coefficient representing the
conditions at the interfaces:

Sml ¼
C

m; equil
i

C
f ; equil
i

ð5Þ
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Smv ¼
C

m; equil
i

C
p; equil
i

ð6Þ

Maintaining a good vacuum, the vapor side mass
transfer limitation is negligible (1=kv � 0) and the
vapor concentration is small (C

p
i � 0); hence,

Equation (4) can be simplified. Furthermore, if the
diffusion coefficient, Dm, is not concentration- and
position-dependent, the mass transfer coefficient can
be expressed as km ¼ Dm=l , where l is the membrane
thickness.

A dimensionless form of Henry’s law constant can
be defined as

Svl ¼
Sml

Smv
¼ H 0 ð7Þ

The product Pm ¼ Sml � Dm is normally defined
as the membrane permeability:

Pm ¼ Sml � Dm ð8Þ

Substituting Equations (7) and (8) into Equation (8)
results in

Ji ¼
1

1

kl
þ l

Pm
þ 1

H 0kv

� C
f ; bulk
i –

C
p
i

H 0

� �
ð9Þ

Equation (9) is similar to conventional heat and
mass transfer equations, which express fluxes as a
ratio of the driving force over the total mass transfer
resistance. The partial resistances for the feed side,
membrane side, and permeate side are defined,
respectively, as

Rl ¼
1

kl
ð10Þ

Rm ¼
l

Pm
ð11Þ

Rv ¼
1

kv H 0
ð12Þ

The driving force is taken as a difference between
the solute concentration in the feed, Cf

i , and the
concentration of solute, C

p
i , in the vapor mixture;

C
p
i is dependent on the permeate pressure and

permeate composition.
Referring to a gradient in composition within the

feed phase next to the membrane surface, concentra-
tion polarization is a consequence of the slower
permeating feed component accumulating near the
feed–membrane interface as the faster permeating
component moves on [40]. Since in PV the solute
or minority component permeates preferentially,
solute depletion near the membrane boundary causes
a lower than bulk concentration. A theoretical analy-
sis about the effect of external mass-transfer
resistance on the transport through LMs has been
reported by Noble et al. [41].

Since C
p
i increases with increasing permeate pres-

sure, the solute concentration in the vapor mixture
cannot always be considered as negligible compared
to the concentration in the feed solution. The solu-
tion-diffusion model has been successfully used for
the testing and comparison of membranes, when the
coupling of fluxes can be neglected (i.e., for very low
concentrations of the preferentially permeating com-
ponents in the feed) [39].

Qin et al. [12] reported a detailed mathematical
model for the description of VOC removal from
water by using SLM-based PV, considering three
cases: (1) porous hollow fiber used as substrate, (2)
silicone-coated porous hollow fiber used as substrate,
and (3) partially wetted substrate. The proposed
model allows predicting the exit concentration, per-
meation flux, and selectivity from the properties of
the membrane and VOCs and the operating
conditions.

When the immobilized phase (LM) contains a
carrier, the flux of the species i is given by the sum
of two contributions [42]: the diffusion of the free
species through the immobilized phase and the diffu-
sion of the species as a complex. Carrier-facilitated
transport involves a combination of chemical reaction
and diffusion. A possible approach [43, 44] is to make
the simplification that the rate of chemical reaction is
fast compared to the rate of diffusion; that is, the
membrane diffusion is rate controlling. This approx-
imation is a good one for most facilitated transport
processes and can be easily verified by showing that
flux is inversely proportional to membrane thickness.
If interfacial reaction rates were rate controlling, the
flux would be constant and independent of membrane
thickness. Assuming chemical equilibrium is reached
at the membrane interfaces allows the facilitated
transport process to be modeled easily [15, 44].

Noble [45] developed a model for transport in
fixed-site carrier membranes (the complexing agents
are cast directly into the polymer films). This model
yields a dual-mode sorption kind of description in the
case of diffusion-limited transport. The diffusion, in
this case, is determined by the diffusion coefficient of
the solute–carrier complex. This implies that the trans-
port is morphology dependent. Furthermore, it was
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shown that the change in mobility caused by changes in
morphology might result in a percolation limit.
2.12.4 Supported Ionic Liquid
Membranes

Recent studies suggest that ionic liquids (ILs) have
great potential as solvents with novel functions as
well as replacements for volatile organic solvents
[46]. However, using a large amount of ILs as sol-
vents in liquid–liquid extraction systems is expensive
due to the extremely high cost of ILs compared with
conventional organic solvents.

The concept of supported ionic liquid membranes
(SILMs) allows one to combine the recent develop-
ments in the field of membrane technology, for
example, in nanofiltration, SLMs, and in PV, with
the use of ILs for providing novel solutions in down-
stream processing or process intensification [27]. ILs
are currently explored as new reaction media for
chemical synthesis or electrochemical applications,
and have emerged as a new class of solvents in the
last decade. They seem to have a large potential in
downstream processing, especially when applied in a
form that requires only a small amount of IL, for
example, in SLMs. The most outstanding property
of ILs is their nonmeasurable vapor pressure that
makes their application in LMs attractive for PV. A
very useful source of information for properties of
ILs is the ILs database (ILThermo), which is a free
web research tool that allows users worldwide to
access an up-to-date data collection from the pub-
lications on experimental investigations of
thermodynamic, and transport properties of ILs as
well as binary and ternary mixtures containing ILs.
Physical properties of some ILs and common sol-
vents for SLMs are shown in Table 2.

Many ILs also exhibit unique gas solubility, trans-
port, and separation properties, providing
opportunities for developing new gas separation/gas
enrichment technologies using a thin layer of IL as
the separation barrier, a largely undeveloped field for
potential commercial application of ILs [47, 48]. To
the best of our knowledge, the first application of
SILMs for gas separations was reported by Noble
and coworkers [49]. The first report about the mole-
cular interactions between room-temperature ionic
liquids (RTILs) and Nafion and PDMS membranes,
proving that in contact with these polymers RTILs
behaved like electrolytes rather than solvents, was
published in 2005 [50]. Scovazzo et al. [51] concluded
that by combining the negligible vapor pressure of
RTILs with their ability to produce application-spe-
cific RTILs, there is potential for producing highly
selective membranes with high permeabilities in
comparison to classical polymer membranes. So far,
SILMs have been mainly studied for applications in
selective extraction of organic compounds [52–55]
and gas separation [26, 51, 56, 57].

The selectivity of the separation in LMs is not
based on the solid support of a given membrane, but
on the properties of the liquid. SILMs offer a range of
possible advantages [28, 58]:

1. Molecular diffusion is higher in ILs than in
polymers.

2. The selectivity of the separation can be influenced
by variation of the liquids; especially ILs offer the
advantage of a wide variety of properties.

3. ILs as LMs allow three phase systems easily due to
their special mixing behavior.

4. Contrary to the extraction, only small amounts of
liquids are necessary to form the LM, thus allow-
ing the use of more expensive materials as well.

5. Due to their good thermal stability, reactive pro-
cesses may take place at high temperatures (up to
around 250 �C), which leads to faster kinetics in
the case of endothermic reactions.

6. The usage of nano-, ultra-, and microfiltration
ceramic modules could help to diminish concen-
tration polarization due to a rough liquid-
membrane surface.

7. Since ILs do not show measurable vapor pres-
sures, they might overcome stability problems of
common SLMs caused by evaporation of the
membrane phase. In addition, mechanical stability
of the SLM is increased due to the improved
wetting properties of ILs.
2.12.5 Applications

Main applications reported in literature have been
addressed to separate volatile fermentation products
and other VOCs from their dilute aqueous solutions.
Compared to the large number of PV studies using
solid membranes, investigations on LMs for PV are
rare. This can be attributed to the well-known
instability of SLMs for practical applications. A sum-
mary of the experimental studies by using SLM-PV
reported in the literature is presented in Table 3.

Earlier works have shown that PV could play an
important role in the continuous removal of



Table 2 Physical properties of solvents for preparing liquid membranes (at 20 �C)

Solvent CAS number
Melting point
(K)

Boiling point
(K)

Density
(kg m�3)

Viscosity
(mPa s)

Surface tension
(mN m�1)

Oleyl alcohol 143-28-2 480 (at 1.7 kPa) 850 26 31.6

Hexadecane 544-76-3 291.3 560 773 3.4 28

Trioctylamine 1116-76-3 238.5 639.2 811 15 21
Triethylene glycol 112-27-6 265.8 561.5 1119 38.7 45

1-n-butyl-3-methylimidazolium

hexafluorophosphate

174501-64-5 283.1 1372 340 48.8 (298.1 K)

1-butyl-3-methylimidazolium tetrafluoroborate 174501-65-6 188.1 1205 136 48.8 (298.1 K)

1-butyl-3-methylimidazolium

bis[(trifluoromethyl)sulfonyl]imide

174899-83-3 271.1 1442 63 46.6 (298.1 K)

1-ethyl-3-methylimidazolium
bis[(trifluoromethyl)sulfonyl]imide

174899-82-2 256.1 1524 39 32.8 (298.1 K)

1-ethyl-3-methylimidazolium

trifluoromethanesulfonate

145022-44-2 264.1 1388 50 41.6 (298.1 K)



Table 3 Experimental studies on pervaporation with SLM

Feed mixture Support Liquid membrane Operative conditions Reference

Acetone/water (0–16%) butanol/water

(0–6%)

Microporous polypropylene flat sheet,

thickness 25 mm, porosity 45%,

maximum size of slender pore

0.04�0.4 mm

Oleyl alcohol Permeate pressure

100 Pa, 30 �C
[63]

Ethanol from fermentation broths Flat microporous polytetrafluoroethylene,

thickness 65 mm, pore size 0.2 mm

Isotridecanol Sweeping gas

operation with air at

atmospheric

pressure

[64]

Butanol, isopropanol, and other acids in

aqueous solution

Microporous polypropylene flat sheet,

thickness 25 mm, porosity 45%,

maximum size of slender pore

0.04�0.4 mm

Oleyl alcohol Permeate pressure

133 Pa

[65]

Diacetyl from fermentation broths Microporous polypropylene hollow fiber,

thickness 22 mm, porosity 45%

Oleyl alcohol Permeate pressure

1330 Pa, 30 �C
[66]

TCE/water (50–950 ppm) (1) Microporous polypropylene hollow fiber;
(2) plasma-polymerized silicone-coated

microporous polypropylene hollow fiber

membranes

Hexadecane Permeate pressure
80–9330 Pa, 25 �C

[12]

Acetic acid/water, butyric acid/water (1) Microporous polypropylene hollow fiber;
(2) plasma-polymerized silicone-coated

microporous polypropylene hollow fiber

membranes

(1) Trioctylamine and (2) tridodecylamine Permeate pressure
80–667 Pa,

25–65 �C

[67]

Acetone, ethanol, and butanol from dilute
aqueous solutions

(1) Microporous polypropylene hollow fiber;
(2) microporous polypropylene hollow

fiber coated with nanoporous

fluorosilicone on the outside of fibers

Trioctylamine Permeate pressure
400–667 Pa,

25–54 �C

[68]

Nitrogen, 86 vol.% hydrocarbon vapors

(benzene and cyclohexane), 11.5 vol.%

and water vapor, 2.5 vol.%

Double-layered liquid membrane. (1) Top

layer: conventional SLM. A hydrophilic-

treated PTFE microporous membrane of

1 mm in pore size, 35 mm in thickness and
83% in porosity was soaked in triethylene

glycol. (2) The liquid membrane was

placed on a highly hydrophobic

microporous membrane (PVDF)

Triethylene glycol Permeate pressure

200 Pa, room

temperature

(295–300 K)

[70]



C5–C8 hydrocarbons, in which 72–87%

was aromatic. Gas carrier: nitrogen

Double-layered liquid membrane. (1) Top

layer: conventional SLM. A hydrophilic-

treated PTFE microporous membrane of

1 mm in pore size, 35 mm in thickness, and
83% in porosity was soaked in triethylene

glycol. (2) The liquid membrane was

placed on a highly hydrophobic
microporous membrane (PVDF)

Triethylene glycol Permeate pressure

100 Pa, room

temperature

(293–296 K)

[71]

Toluene-N2, methanol-N2, acetone-N2 Plasma-polymerized silicone-coated

microporous polypropylene hollow fiber

membranes

Silicone oil Permeate pressure

133–4400 Pa, 25 �C
[72]

1,3-propanediol/ water (1–3%) Ceramic nanofiltration module, pore size

0.9 nm

Hydrophobic IL (tetrapropylammonium

tetracyanoborate)

Permeate pressure

80 Pa, 22 �C
[27]

Acetone/butanol/ water Ceramic ultrafiltration module made from

TiO2 with pore size 60 nm

(1) PDMSþ 1-ethenyl-3-ethyl-imidazolium

hexafluorophosphate (2)
PDMSþ tetrapropylammonium

tetracyano-borate

Permeate pressure

20 Pa, 23 �C
[58]

Acetone/butanol/ water Ceramic ultrafiltration module made from
TiO2 with pore size 60 nm

PDMSþ tetrapropylammonium
tetracyano-borate

37 �C [73]
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biosolvents with inhibitory effects on the production
rate, such as ethanol, butanol, and acetone, from
fermentation broths [7, 59, 60]. By integrating a PV
unit into a bioreactor, which selectively removes
volatile inhibitory substances, significantly better
bioconversion rates and lower downstream proces-
sing costs may be achieved. Since the characteristics
of the SLM can be easily changed by selection of
solvents, PV process with SLM would be applicable
to many volatile materials, such as alcohols, esters,
ketones, hydrocarbons, and acids. A brief comparison
between different PV membranes with its perfor-
mances for PV separation of 1-butanol from 1-
butanol/water mixtures is shown in Table 4.

Matsumura and Kataoka [63] reported a PV
method which uses an SLM prepared with OA for
removal of butanol and acetone from diluted aqueous
solutions. The reported separation factor for butanol
was 180, and the permeation flux was 10 times higher
than that of the silicone tubing. This higher permea-
tion flux can be attributed to the difference in the
diffusivity of butanol in liquids and solids. The OA
LM was also applicable to dilute aqueous acetone
solutions and showed a good separation factor of
160 when a double-trapping method was employed.
The authors reported that PV process could be car-
ried out continuously for a period of up to 100 h
without any change in separation performance.

PV across high-flux solvent-selective membranes
can in principle render a solvent fermentation pro-
cess continuous, enhance its efficiency, and minimize
the waste biomass. Christen et al. [64] used an SLM
system for the extraction of ethanol during semicon-
tinuous fermentation of Saccharomyces bayanus. The
membrane consisted of a porous Teflon sheet as
support, soaked with isotridecanol. These authors
reported that the assembly permitted combining bio-
compatibility, permeation efficiency, and stability.
The removal of ethanol from the cultures led to
decreased inhibition and, thus, to a gain in conversion
of 345 g l�1 glucose versus 293 g l�1 glucose without
extraction. Besides these improvements in fermenta-
tion performances, the process resulted in ethanol
purification, since the separation was selective
toward microbial cells and carbon substrate, and
probably selective to mineral ions present in the
fermentation broth. Figure 5 compares the ethanol
concentration in the broth and the permeate during
the course of fermentation; for operation in PV mode,
a concentration of ethanol 4 times was obtained in
the collected permeate. As shown in Figure 5, the
ethanol concentration in the broth did not rise above
107 g l�1. This limited the inhibition phenomena and
extended the culture activity in time.

Another case of a bioreactor coupled with PV
using SLMs has been investigated by Matsumura
et al. [65]. Continuous butanol/isopropanol fermenta-
tion with immobilized Clostridium isopropylicum was
performed in a downflow column reactor using
molasses as the substrate. In order to prevent product
inhibition and, at the same time, obtain high concen-
tration of the products, the column reactor was
coupled with a PV module. The LM was prepared
with OA nontoxic to the microorganism. In compar-
ison with the continuous fermentation without
product removal, the specific butanol production
rate was 2 times higher. The butanol concentration
in the permeate was 230 kg m�3, which was about 50
times higher than that in the culture broth. A stable
fermentation continued up to 270 h, and the average
butanol concentration was maintained at a rather low
value of 4.5 kg m�3 owing to the PV. The butanol
concentration in the reactor without product removal
was estimated to be 7.9 kg m�3 from the experimental
result at the same dilution rate of 0.129 h�1. In this
manner, the butanol inhibition was alleviated by cou-
pling the fermentation with PV, and this resulted in
increased specific rates of substrate consumption and
solvent production. In a later study [66], this research
group reported the application of the same methodol-
ogy to diacetyl fermentation by immobilized lactic
acid bacteria. OA immobilized in the porous of poly-
propylene hollow fiber was used as LM. Diacetyl
productivity in fermentation coupled with PV was
about 10 g m�3 h�1, while productivity during batch
fermentation was about 6 g m�3 h�1. Diacetyl yield
from consumed glucose was about 0.04 g g�1, which
was 4 times as large as that of batch fermentation. The
PV functioned favorably on actual fermentation broth
and no membrane fouling was observed. The flux of
the permeate and the diacetyl separation factor for the
PV were about 9 g m�2 h�1 and 36, respectively, and
these values were maintained at almost constant levels
during fermentation. Diacetyl concentration in the
permeate was about 2 kg m�3, which is considered
sufficiently high for commercial use.

Qin et al. [12] reported the separation of TCE
from their aqueous solutions by using an LM con-
sisting of nonvolatile hydrophobic hydrocarbons
immobilized in the micropores of hydrophobic por-
ous propylene hollow fibers with or without a
plasma-polymerized ultrathin silicone membrane on
the outside diameter of the fibers. In that study, the
feed TCE concentration was varied between 50 and



Table 4 Separation of n-butanol from dilute aqueous solutions by pervaporation through SLM and polymeric membran

Membrane
Feed concentration
(wt. %)

Permeate concentration
(wt. %)

Separation
factor

tal flux
m�2 h�1)

Operative
conditions References

Oleyl alcohol supported by microporous

polypropylene flat sheet, 25-mm thickness

0.5 46 171 0 30 �C, permeate

pressure 133 Pa

[63]

1.0 64 176 1
1.5 75 197 9

3.0 85 183 4

Trioctylamine supported by microporous
polypropylene hollow fiber, 50-mm thickness

1.5 62.3 108.4 6.4 25 �C, permeate
pressure 467 Pa

[68]
2.0 72 126.4 8.2

2.5 78.3 141.2 0

PDMS, 180-mm thickness 0.5 25 66 0 30 �C, permeate

pressure 100 Pa

[63]

1.0 42.5 72 7
2.6 67.5 78 5

6.1 84 82 0

Silicone rubber, 50-mm thickness 1.0 37 58.1 0 50 �C [61]

Polyurethane, 50-mm thickness 1.0 11 13 8 50 �C [61]
Polyether block amide, 50-mm thickness 1.0 20 25 8 50 �C [61]

Silicalite-silicone composite membrane

(Pervap-1070), active layer thickness 29 mm

1.0 30.8 44 0 30 �C, permeate

pressure 400 Pa

[62]
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950 ppm and the operative conditions were 25 �C,
essentially atmospheric pressure at the feed side
(lumen side), and the permeate pressure range was
80–9330 Pa. In most of the experiments, pure hexa-
decane (C16H34) and pure dodecane (C12H26) were
employed as LMs, spanning the whole thickness of
the microporous substrate with or without a silicone
coating. Based on experimental results with dode-
cane immobilized, it can be concluded that when
the LM material does not fully fill the micropores
on the wall, there will be an increase in the water flux
and decreases in the TCE flux, the fractional TCE
removal, and the selectivity because the micropores
are at least partially wetted by the feed in the pre-
sence of the LM. On the other hand, the volatility of
dodecane could not provide stable operation for an
extended period. The hexadecane SLM was found to
be permselective for TCE: the experimental selec-
tivity was 30 000, and the intrinsic selectivity (in
absence of concentration polarization) could be as
high as 2� 105, much higher than the values report-
edly obtained by any solid membrane. The
performance of a hexadecane LM for TCE removal
is illustrated in Figure 6 for pure hexadecane
immobilized in the micropores of hollow fibers with-
out any silicone coating. Because of the large
partition coefficient of TCE between hexadecane
and water, the LM resistance to TCE was found to
be much less than the lumen-side boundary resis-
tance. The hexadecane SLM performance indicated
long-term stability: about 30% decreases in both PV
flux and selectivity were observed in a run lasting 4
months.
Qin et al. [67] studied the removal and enrichment
of acetic acid from its dilute aqueous solutions by PV
through an SLM with reactive extractants. The SLM
consisted of a fatty amine, as well as its mixtures with
a higher fatty alcohol (OA). When tested as an LM in
PV, most extractants used for conventional extrac-
tion of acetic acid from aqueous solutions were acetic
acid selective. The influence of the LM composition,
LM thickness, feed concentration, and temperature
on the permeability, selectivity, and stability of the
SLM was studied. Limited studies of butyric acid
were also done. Among various extractants tested,
trioctylamine (TOA) and trilaurylamine (TLA)
demonstrated defect-free performances for more
than 500 h. During this period, the acetic acid con-
centration in the permeate, the selectivity, and the
acetic acid permeation flux decreased gradually. This
is because the properties of the substrate membrane,
porous hydrophobic polypropylene hollow fiber,
changed gradually with operation; it is also due to
the loss of extractants from the LM through evapora-
tion to the permeate side and the solubilization to the
feed during the operation. Several complexes can
exist in the organic phase, and the complex can be
stabilized by the modifier. It was found that the
resistance for the diffusion of species in the LM is
much larger than the resistance for the diffusion of
acetic acid in the bulk feed. The acetic acid selectiv-
ity can be as high as 33 for a feed of 1 M at 60 �C, an
order of magnitude higher than that obtained by any
solid polymeric membrane reported in the literature;
however, the acetic acid permeation flux was much
lower than those obtained for polymer membranes
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having low acetic acid selectivities. In addition, it was
found that a higher vacuum (lower permeate pres-
sure) always led to a higher acid concentration in the
permeate, a higher acetic acid selectivity, and a
higher acetic acid flux. In this work, OA was evalu-
ated as a modifier; Figure 7 shows the effect of
different compositions of the TOA/OA LM on the
selectivity; it can be seen that pure TOA provided
the highest acetic acid selectivity and stability.

Recently, Thongsukmak and Sirkar [68] reported
a new LM-based PV technique that has been devel-
oped to ensure stability and prevent contamination of
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the fermentation broth. TOA as an LM was immobi-
lized in the pores of a hydrophobic hollow fiber
substrate having a nanoporous coating on the broth
side and studied for PV-based removal of solvents
(acetone, ethanol, and butanol) from their dilute aqu-
eous solutions. A scheme of used membranes is
shown in Figure 8. The LM of TOA in the coated
hollow fibers demonstrated high selectivity and rea-
sonable mass fluxes of solvents in PV. Experiments
were carried out with the feed mixture at various
temperatures up to 54 �C. The selectivity and mass
flux of solvents were increased at elevated tempera-
tures as shown in Figure 9. The selectivities of
butanol, acetone, and ethanol achieved were 275,
220, and 80, respectively, with 11.0, 5.0, and
1.2 g m�2 h�1 for the mass fluxes of butanol, acetone,
and ethanol, respectively, at a temperature of 54 �C
for a feed solution containing 1.5 wt.% butanol, 0.8
wt.% acetone, and 0.5 wt.% ethanol. However, acetic
acid in the feed solution reduced the selectivities of
the solvents without reducing the solvent fluxes due
to coextraction of water which increases the rate of
water permeation to the vacuum side.

Another membrane process, VP, is also promising
for hydrocarbon separation. This process has the
advantage of selecting the membrane material,
because the membrane does not contact the organic
liquids which may cause deterioration of the mem-
brane material. On the other hand, a drawback of the
VP process is its low flux compared to the PV pro-
cess. Recently, there is a rapid development in the
field of separation of hydrocarbons focused on the
isolation of aromatics from aliphatic hydrocarbons.
Particularly, the separation of benzene is one of the
most important and most difficult processes in the
petrochemical industry [69]. VP of a benzene and
cyclohexane mixture was studied by Yamanouchi
et al. [70] using an LM of triethylene glycol (TEG),
which is supported on the surface of a microporous
hydrophobic membrane. Permeation experiments
were conducted using a flat-type membrane cell
under the conditions of atmospheric pressure on the
feed side and a vacuum on the permeate side. Mixed
vapors of benzene/cyclohexane and water were fed
into the membrane cell by a carrier gas. The benzene
vapor preferentially permeated through the TEG
LM; the separation factor for benzene over cyclohex-
ane was around 8. This selectivity corresponded to
the vapor–liquid equilibrium of hydrocarbons dis-
solved in TEG. Adding a salt to the TEG LM
caused an increasing aromatic selectivity as well as
a decreasing VP rate. In another study [71], this
research group reported the permeation of gasoline
vapor using the same LMs. The feed vapor consisted
of C5–C8 hydrocarbons, in which 72–87% was aro-
matic. The vapor that permeated through the TEG
LM was 98–99% aromatic. The selectivities for C6
and C7 aromatic hydrocarbons over paraffin
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hydrocarbons were 47 and 15, respectively.
Obuskovic et al. [72], in a study about the selective
removal of VOCs from nitrogen, used a thin SLM of
silicone oil incorporated in the micropores of a
hydrophobic hollow fiber with a silicone rubber coat-
ing. The observed benefits of having the thin
immobilized LM incorporated in the microporous
structure were 2–5 times more VOC-enriched
permeate since the nitrogen flux was drastically
reduced, and the separation factor was 5–20 times
increased depending on the type of the VOC and the
feed gas flow rate. These authors report that the SLM
was stable over an extended period (6 months to 2
years) demonstrating the potential utility of such an
SLM-based hollow fiber device for VOC-N2/air
separation.

Recent works in this field have been addressed to the
use of ILs as material for LMs to constitute the so-called
SILMs. Izák et al. [27] reported the use of PV with
SILMs for removal of 1,3-propanediol from aqueous
solutions. A hydrophobic IL (tetrapropylammonium
tetracyanoborate [(C3H7)4N][B(CN)4]) and a nanofil-
tration ceramic module with pore size 0.9 nm as
support were used. First, they evaluated the transport
of the solute (1,3-propanediol) from aqueous mixture
through an empty ceramic nanofiltration module
under low pressure (80 Pa) at room temperature;
then PV experiments with an impregnated module
were performed. When the IL is in the pores of
module due to its hydrophobicity, the preferentially
permeating component is 1,3-propanediol, with an
average separation factor of 5.6, in comparison with
a separation factor of 0.4 obtained with the nanofil-
tration module without IL. Further coating with
PDMS of the ceramic module with IL inside the
pores caused an important increase of separation
factor (Figure 10); however, it also decreased the
1,3-propanediol flux through the permselective
barrier.

As for other options to increase the stability of LMs,
Izák et al. [58] immobilized a mixture of IL-polymer in
the porous of a ultrafiltration membrane. The ultrafil-
tration membranes were impregnated by two ILs (1-
ethenyl-3-ethyl-imidazolium hexafluorophosphate
(IL1) and tetrapropylammonium tetracyano-borate
(IL2)) and PDMS. These SILMs were used for separa-
tion of ternary mixtures butan-1-ol–acetone–water by
vacuum PV. In comparison with a PDMS membrane,
the enrichment factor of butan-1-ol increased from 2.2
(PDMS) to 3.1 (PDMS–IL1) and to 10.9 (PDMS–IL2).
In the case of acetone, the enrichment factor increased
from 2.3 (PDMS) to 3.2 (PDMS–IL1) and to 7.9
(PDMS–IL2). Although the separation process with
IL–PDMS membranes is a little bit slower, its higher
selectivity shows a good potential for the improvement
of downstream separation processes. The PV of the
system was checked after 5 months and no changes in
transport properties or stability of the SILM were
observed. In a later study [73], this research group
reported the experimental results obtained with acet-
one–butanol–ethanol (ABE) fermentation coupled to
PV, as shown in Figure 11. The SILM was impreg-
nated with 15 wt.% of an IL (tetrapropylammonium
tetracyano-borate) and 85 wt.% of PDMS. As a sup-
port matrix for the nonporous membrane, we used the
ceramic ultrafiltration membrane made from TiO2

with a pore size of 60 nm. Using this membrane,
butan-1-ol concentration in the permeate increased
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Desalination 2006, 199, 96–98.

344 Pervaporation
more than 5 times in comparison with the concentra-
tion in the culture vessel. In addition, the other
products of ABE fermentation (ethanol and acetone)
were enriched several times in the permeate.

In another procedure by Yu et al. [74], combining
ILs and PV, a hydrophobic IL (BMImPF6) was intro-
duced as the third phase between the aqueous phase
and the plain PDMS membrane for improving mass
transfer of acetic acid from its aqueous matrix to the
PDMS membrane. Their primary results indicated
that the IL as an extractant prior to PV was favorable
for improving the permeate selectivity and the
permeate flux of acetic acid compared with using
only a plain PDMS membrane.

Recently, several applications of SILMs to gas
separation have been reported in literature [75]. ILs
can selectively dissolve gases; this makes them poten-
tial solvents for gas separations. Four different ILs
were immobilized in porous hydrophilic polyether-
sulfone supports and examined for the flux and
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selectivity of CO2/N2 and CO2/CH4. The selectiv-
ities for CO2/N2 (61) and CO2/CH4 (20) were
achieved with the 1-ethyl-3-methylimidazolium
dicyanamide supported membrane [51]. Another
research group used an alumina membrane filled
with [BMIm][NTf2] to achieve a selectivity of 127
for CO2/N2 [26]. With nanofiltration membranes as
support, four ILs were immobilized. The permeabil-
ity of the gas molecules H2, O2, N2, and CO was
examined. A selectivity of 4.3 for H2/CO2 was
achieved [76].

There are several promising applications of
SILM/PV, such as aroma recovery, separation of
olefin/paraffin mixtures, and product recovery from
fermentation broths for enhanced bioconversions.
The separation of organic–organic mixtures is pre-
sently the least developed application of PV because
of the problems normally associated with membrane
stability under relatively harsh conditions; however,
it represents the largest opportunity for energy and
cost savings. In the development of LMs for olefin/
paraffin separation, the concept of carrier-mediated
facilitated transport is often combined with the so-
called silver complexation [77, 78]. A silver salt
reversibly binds to an olefin molecule building a
complex. This complex diffuses to the permeate
side of the membrane where the olefin is unbound
from the complex. Hence, the facilitated transport
constitutes a combination of physical diffusion
enhanced by reversible chemical reaction and diffu-
sion of the complex. Recently, the selective
absorption of propylene from their mixtures with
propane by chemical complexation with silver ions
in IL solutions has been performed [79].
2.12.6 Concluding Remarks

The membrane permeability value can be increased
by increasing either the distribution coefficient or the
diffusivity for the transported solute. The idea of
using thin organic liquid layers as PV membranes
seems to be very attractive from this point of view
simply because the value of diffusivity in liquids is at
least three to four orders of magnitude higher than
values in solid polymers and in inorganic membranes.
Besides, it is possible to dissolve some selective car-
riers in the immobilized liquid, so that they will be
able to interact with the transported species, increas-
ing the affinity of the solute and, thus, the process
selectivity.
There are two primary constraints associated with
the use of SLMs. Solvent loss can occur by evapora-
tion, dissolution, or large pressure differences forcing
the solvent out of the pore support structure. In
addition, carrier loss can occur. This loss can be due
to irreversible side reactions or solvent condensation
on one side of the membrane. Pressure differences
can force the liquid to flow through the pore struc-
ture and leach out the carrier. In comparison to solid
membranes for PV, LMs are used at moderate tem-
peratures, because the stability problems increase at
high temperatures. The stability of LMs can be
increased drastically by placing a thin polymer
layer on top of the LM; however, often it implies a
reduction of the permeation flux.

Since ILs do not show measurable vapor pres-
sures, they might overcome stability problems of
common SLMs caused by evaporation of the mem-
brane phase. In addition, mechanical stability of the
SLM is increased due to the improved wetting prop-
erties of ILs.

Main applications reported in literature have been
addressed to separate volatile fermentation products
and other VOCs from their dilute aqueous solutions.
The use of PV coupled to a fermenter acts not only as
a means of separation, but also as a production
enhancer by reducing product inhibition. Further
applications (i.e., organic–organic separations) should
be explored taking into account the use of suitable ILs
as immobilized liquid in SLMs. ILs can dissolve a very
broad spectrum of organic compounds, and their mis-
cibility with these substances can be fine-tuned by
changing the nature of the cation and/or anion.
However, so far the separations of organic–organic
mixtures by using hydrophilic ILs have been limited
by interfacial instability phenomena at the feed/mem-
brane interface. Future efforts should be directed
toward developing systems with improved stability.
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Glossary
Albumin An abundant protein in the blood.

Biocompatibility The lack of adverse biological

effects from the use of materials.

Cast nephropathy Free light chains

precipitated with Tom–Horsfall protein, forming

casts in the tubules of the kidney leading to renal

failure.

Complement reaction A biological reaction

cascade of blood components, which results, for

example, in blood coagulation and clotting.

Cytokines Proteins secreted by cells, which

function as cellular mediators.

Extra cellular matrix (ECM) Proteins secreted by

cells, which play a crucial role in, for example, cell

adhesion to artificial material.

Free light chains (FLCs) Constitutes of

antibodies, which appear due to antibody

catabolism in the blood as free light chains.

Hemodialysis (HD) Diffusive transport of

substances across semipermeable membranes,

driven by an osmotic gradient.

Hemofiltration (HF) Convective transport of

substances across semipermeable membranes,

driven by a transmembrane pressure gradient.

Hemodiafiltration (HDF) A combination of HD

and HF.

High cutoff membrane A membrane with defined

increased pore size, which allows the removal of

molecules up to a molecular weight of 45 kDa.

Interleukin-6 (IL-6) A pro-inflammatory cytokine.
Interleukin-10 (IL-10) An anti-inflammatory

cytokine.

Ischemia Oxygen deprivation.

Lipopolysaccharide (LPS) An integral part of the

outer membrane of Gram-negative bacteria, which

is a potent stimuli of the innate immune system

provoking sepsis.

Microdomain structure Hydrophilic and

hydrophobic domains of the inner membrane

surface to improve biocompatibility.

Multi-organ failure (MOF) This describes the self-

destruction of organs by a hyper-inflammatory,

overreacting immune response during sepsis.

Multiple myeloma (MM) Bone marrow cancer

characterized by unlimited proliferation of B-cells

and dramatically increased concentration of free

light chains in the blood.

Sepsis Sepsis is characterized by a whole-body

inflammatory state and the presence of an

infection.

Stem cell A cell that has, under certain conditions,

the ability to reproduce itself for a long time. It also

can give rise to specialized cells that make up the

tissues and organs of the body.

Tubule A renal system of tubules which contains

the fluid filtered through the glomerulus and has

specific functions, including concentration of the

primary urine.

Tumor necrosis factor-� (TNF-�) A pro-

inflammatory cytokine.
2.13.1 Introduction

Today, most patients who require renal-replacement

therapy (RRT) are conventionally treated using

dialysis membranes. To improve the outcome of

chronic dialysis patients, unique developments have

been made in the past decades. Cellulose membranes
have been replaced by synthetic polymeric membranes

with improved biocompatibility. The development of

high-flux membranes and more efficient treatment

modes, for example, hemodiafiltration (HDF), have

resulted in improved removal rates of uremic toxins.
In 2007, approximately 160 million dialyzers

(with an average surface area of 1.7 m2) were
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manufactured for the treatment of 1.6 million dialysis
patients worldwide. This large membrane-surface
area requires highly automated manufacturing plants
to produce high-quality and safe products.

Apart from membranes used for conventional
hemodialysis (HD), new membranes with increased
pore size have been developed for specific treatments.
These specialized membranes allow removal of
higher-molecular-weight molecules, such as mediators
of sepsis/inflammation, or the removal of nephro-toxic
light chains of immunoglobulins derived from multiple
myelomas (MMs) (bone marrow cancer).

Membranes have also been utilized in cell-based
extracorporeal systems to treat patients with kidney
disease. In addition, specialized, highly efficient mem-
branes have been developed for stem-cell growth in
hollow fiber bioreactors as a technological prerequisite
for cellular therapies and other applications.
2.13.2 Renal-Replacement Therapy

RRT replaces kidney function in patients with renal
failure; however, the natural secretion of kidney hor-
mones, which influences blood pressure, cannot be
duplicated. There are two alternatives: organ trans-
plantation or, more commonly, dialysis. In medicine,
dialysis is the process of removing blood from a
patient, purifying that blood through an artificial
kidney (dialyzer), and then returning it to the
patient’s bloodstream.

Based on the developments of Willem Kolff and
Nils Alwall in the 1940s, the dialyzer membrane
systems (i.e., the filter housing as well as the mem-
brane) have undergone multiple development cycles
and are now the basis of an effective, reliable, and
cost-effective treatment approach. In the early days
of dialysis, large and unwieldy plate dialyzers that
were made of cellulose membranes were used.
Today, almost all dialyzers sold worldwide contain
hollow fiber membranes. These changes have
increased their versatility in clinical applications
and are more cost-effective.

The newest generation of highly efficient dialy-
zers is equipped with synthetic polymeric hollow
fibers.

In a dialyzer, the porous membranes separate the
bloodstream from the dialysate stream, which is the
core element of the dialyzer. Uremic toxins are
removed from the blood while essential blood pro-
teins and formed blood components are retained due
to size exclusion of the membrane. Nowadays, a
dialyzer is composed of a bundle of hollow fibers
(8000–15 000 fibers), which provide a large exchange
surface area (up to 2.5 m2) in a compact and well-
designed housing. In 2007, 88% of the �1.6 million
dialysis patients, worldwide, were treated with HD.

Because of the (1) aging population, (2) rising
number of diabetes and hypertension patients,
(3) optimization of dialysis treatment, and (4) economic
opportunities of developing countries to treat kidney
failure, the number of dialysis patients treated world-
wide is now growing by 6–7% annually.
2.13.3 Dialysis Membranes

2.13.3.1 Membrane Requirements in RRT

To fulfill the requirements for efficient and safe
blood transport and the particularities of individual
therapies, membranes, in the past few years, have
been developed with very specific properties. The
morphology of dialyzer membrane structure and the
active separation layer are key elements in dialysis
membranes [1, 2]. Optimal characteristics of dialysis
membranes, as based on theoretical considerations of
the transport through the membrane structure, can be
defined as follows:

• the active separation layer should be as thin as
possible to achieve a high transmembrane flow,

• hydrophilic surface properties for spontaneous
wetting are needed to ensure low protein adsorption,

• the surface of the membrane and its overall por-
osity should be high to achieve high hydraulic
permeability,

• the separation layer of the membrane should have
a narrow pore-size distribution in order to
achieve the greatest selectivity,

• the maximum pore size of the membrane should
not exceed a certain limit to prevent loss of neces-
sary proteins, for example, albumin, and

• the mechanical stability of the membrane should
be sufficient to withstand the pressures that occur
during the treatment and manufacturing processes.

In addition to these basic requirements, there are
other functional requirements for dialysis mem-
branes to ensure optimal therapy:

• minimum roughness of the membrane surface
that is in contact with the blood to reduce inter-
action with blood components;

• formation of hydrophilic and hydrophobic
domains on membranes that is in contact with
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blood to achieve high biocompatibility (low acti-
vation of blood components and low protein
adsorption);

• prevention of transfer of cytokine-inducing sub-
stances (e.g., endotoxins) through the membrane
from the dialysate circuit into the bloodstream; and

• design of dialysis membranes in terms of inner
diameter, thickness, and geometry (fiber undula-
tion) to achieve the greatest mass transfer through
the membrane.

However, the above functional requirements for a
dialysis membrane only give an idea of the specific
requirements needed in various medical applications.
2.13.3.2 Membrane Materials

The type of membrane material is crucial in determin-
ing its separation properties and its biocompatibility.
The basic functions and requirements of the mem-
brane are as follows [1]:

1. separation of toxins and excess enriched fluid
from the patient;

2. restoration of electrolyte balance in the body;
3. the lowest possible activation of blood components

through the membrane surface (hemocompatibil-
ity); and

4. sufficient thermal, mechanical, and chemical sta-
bility so that the manufacturing steps as well as the
types of sterilization and cleaning cycles do not
alter the membrane’s properties.

First, one can differentiate dialysis membranes
according to the raw materials used to manufacture
them: (1) unmodified regenerated cellulose, (2) mod-
ified regenerated cellulose, and (3) synthetic
(a)

100 μm 300 μm

(b)

Figure 1 Scanning electron microscopic (SEM) images of the c

its symmetric structure, (b) Fresenius Polysulfone� membrane w

membrane with its finger-like asymmetric structure.
polymers. Second, one can differentiate dialysis
membranes according their structure: symmetric or
asymmetric.

Symmetric membranes have a uniform homoge-
nous structure throughout the entire membrane wall
and often have similar pore sizes in the inner and
outer layers (e.g., Hemophan�, Figure 1(a)). Usually,
this type of membrane is made of cellulose and its
derivatives. Due to their high mechanical stability,
they can be very thin-walled (wall thicknesses of the
dry fibers are between 6 and 10 mm). Symmetric
membranes can also be synthetic polymeric mem-
branes made of polyacrylonitrile (PAN) (e.g.,
AN69�ST) or polymethylmethacrylate.

Asymmetric membranes, on the other hand, are
mainly made of synthetic polymeric materials that
have a thin inner selective layer, usually 1–3mm
thick, where the actual separation process takes
place. The pore entrances of the inner surface of an
asymmetric membrane (PolyamixTM) can be clearly
seen in an scanning electron microscopy (SEM) image
(Figure 2(a)). Atomic force microscopy (AFM) has
been applied to characterize the roughness of the
PolyamixTM/Polyflux membrane (Figure 2(b)).
Because the smallest pore radii are on the inner
surface, penetration of proteins into the Polyflux
membrane is prevented.

Dialysis-membrane dialyzers are generally divided
into two categories according to the material they are
made of: either cellulose-based or synthetic polymeric
membranes. The fraction of dialyzers containing syn-
thetic polymeric membranes was �80% of the total
dialyzer market worldwide in 2007. This high percen-
tage is because of their advantages, that is, variability
in pore sizes, methods to adjust surface characteristics,
and improved biocompatibility compared to cellulosic
(c)

ross section of the (a) cellulosic Hemophan� membrane with

ith its foam-like asymmetric structure, and (c) a PolyamixTM
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Figure 2 Scanning electron microscopic (SEM) image of an asymmetric membrane (PolyamixTM) with the blood contacting

the inner surface (a), and the corresponding atomic-force microscopy (AFM) image (b).
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materials [1].In a few years, it is expected that all
cellulosic membranes will disappear from the dialysis
market.

However, the thin selective layer and the
reduced mechanical stability of synthetic polymeric
membranes result in increased wall thickness com-
pared to cellulose membranes. Different design
approaches have been chosen for the subsequent
support structure on top of the selective membrane
layer. The support structure frequently shows a
sponge-like structure, for example, Fresenius
Polysulfone (Figure 1(b)). Nearly all dialysis
Table 1 Overview of cellulosic mater

and their manufacturers

Classification Membrane

Regenerated

cellulose

Cuprophan��

Modified cellulose Celluloseacetate
Cellulosediacetat

Cellulosetriaceta

Hemophan��

Coated cellulose Excebrane��

SMC��

Biomembrane��

�Not manufactured anymore.
membranes made of polysulfone or polyethersul-
fone show this type of structure.

A higher diffusive resistance in terms of the elim-
ination of small molecules due to the wall9s large
thickness can be compensated for by a higher poros-
ity of the supporting layer, especially a finger-like
structure (e.g., Gambro PolyamixTM, Figure 1(c)).

2.13.3.2.1 Cellulose membranes

Table 1 shows the most commonly used cellulosic
membranes and lists the materials they are con-
structed from.
ials used for dialysis membranes

Membrane manufacturer

Membrana

e
Toyobo, Helbio, Teijin

te Toyobo, Helbio

Membrana

Terumo
Membrana

Asahi Kasei Medical Co., Ltd.
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2.13.3.2.2 Regenerated cellulose

Cuprophan� is a brand name for cellulose fibers.

Cellulose is a natural molecule, enzymatically formed,

and semi-crystalline, consisting of a sequence of

Cellobiose. To form a semipermeable membrane, the

water-insoluble polymer must first be dissolved.

Cuprophan� was one of the first cellulose membranes

used in dialysis and is prepared by the Cuprammonium

process [4]. In this process, cellulose is dissolved in an

ammoniac solution of cupric oxide and is then precipi-

tated in acid: this process is termed regenerated

cellulose.
The Cuprophan� membrane is symmetrically

structured and is extremely polar and hydrophilic

due to its high proportion of hydroxyl groups, result-

ing in good wettability. However, the water uptake of

Cuprophan� membranes is limited, that is, 45–50%

water related to polymer weight [3].
Its permeability is slightly reduced by this water

content. To retain permeability of the membrane

during transportation and storage, 5–40% of glycerol

is added to the cellulose membranes as a pore stabi-

lizer. However, there is a risk of glycerol reaching the

blood stream, for example, by using an inadequately

washed filter, which can lead to hypersensitivity

reactions and anaphylactic shock.
Cellulose has increased mechanical stability

when it interacts with water than when in a dry

state. This makes it possible to create very thin-

walled membranes (6–10 mm wall thickness) with

favorable diffusive transport properties for low-

weight molecules.
Cuprophan membranes (used in dialysis) have

an average pore radius of 1.72 nm [4]. This allows

molecules with a size in range of between 500 and

1000 Da to pass only slowly through the mem-

brane. Molecules above 1000 Da cannot pass

through.
The Cuprammonium Rayon membrane is con-

structed from regenerated cellulose and is produced

via the Cuprammonium process [4]. Other mem-

branes made of regenerated cellulose are the RC�

membrane, Saponified Cellulose Ester (SCE�), and

FIN-type cellulose membranes.
It is known that Cuprophan membranes can

activate the complement system [5] and create

other adverse biological reactions, for example,

leucopenia, by accumulation of granulocytes in

lung capillaries, inhibition of granulocyte metabo-

lism, and release of enzymes from granulocytes

and monocytes [6]. This is caused by free
hydroxyl groups found on their linear polysac-
charide layer.

2.13.3.2.3 Synthetically modified

cellulose

The drawbacks caused by the reduced hemocompat-
ibility of cellulosic membranes can be improved by
partial substitution of the hydroxyl groups with:
1. acetylation, 2. introduction of diethylamino
groups, or 3. benzyl groups [1].

Cellulose acetate is a cellulose membrane that has
been modified by esterification. Depending on the
degree of substitution, the membrane shows amounts
of cellulose acetate, cellulose diacetate, or cellulose
triacetate.

Cellulose ester membranes are unlike Cuprophan
membranes in that they have modified side groups
in the polymer chain. They also uptake significantly
less water than Cuprophan membranes and, thus,
have a more hydrophobic membrane surface.
Because of this, membrane proteins are adsorbed
significantly faster than through Cuprophan mem-
branes [3, 4].

Cellulose acetate membranes have an asymmetric
structure and a broad pore-size distribution, resulting
in increased permeability of molecules greater than
5000 Da in size compared to Cuprophane membranes.

Hemophan� membranes are produced by ether-
ificated cellulose with diethylaminoethanol (DEAE).
This product’s cellulose surface is better tolerated
by the patient, that is, no complement activation
occurs and the membrane shows improved biocom-
patibility. Furthermore, Synthetically Modified
Cellulose (SMC�) membranes are produced by
etherification of cellulose with benzene groups.

Another biocompatibility improvement of
cellulosic membranes is to surface-coat them with
polyethylene glycol (PEG), PAN-RC� [7], or vitamin
E (Excebrane�). The use of vitamin-E-coated mem-
branes seems to significantly decrease the activation
and migration of monocytes and granulocytes com-
pared to uncoated cellulose membranes [8].

2.13.3.2.4 Synthetic polymeric

membranes

Today, a number of different polymers and poly-
meric blends are used to manufacture synthetic
polymeric dialysis membranes. The membrane mate-
rials (except for EVAL�) are primarily hydrophobic
and, therefore, are combined with hydrophilic addi-
tives (e.g., polyvinylpyrrolidone (PVP) or PEG), or
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are processed with hydrophilic copolymers such as

methallylsulfonate.
Membranes prepared from hydrophobic/

hydrophilic polymer blends are the predominant

type of synthetic polymeric membrane [1]. The

hydrophobic-base material is either polysulfone or

polyethersulfone (polyarylethersulfone). A key fea-

ture of polyethersulfone- and polysulfone-based

membranes, in addition to their good transport prop-

erties, is their excellent biocompatibility. These

membranes exhibit only slight complement activa-

tion [9], the drop in leukocytes is minimal [10], and

the release of leukocyte elastase is low [11].

Polyethersulfone- and polysulfone-based mem-

branes contain only small amounts of water and are,

in contrast to Cuprophan membranes, free from pore

stabilizers.
In the past, dialysis membranes have been defined

according to the material used to manufacture them

and the characteristics of these special polymers.

Today, advances in polymer recipes, advances in tech-

nology, and the whole dialyzer-manufacturing concept

(including increased high-technology equipment)

have resulted in the production of improved safe and

high-quality products.
Table 2 gives an overview of the most common

synthetic polymer membranes and their

manufacturers.
Table 2 Synthetic polymer membranes and their manufacture

Synthetic polymers Mem

Polyethersulfone/polyvinylpyrrolidone/polyamide Polya

Polyethersulfone/polyvinylpyrrolidone Reva

DIAP

PUR
POLY

ARYL

Polyp

Polysulfone/polyvinypyrrolidone Polys
Helix

Tora

Diac

Minn
REXB

APS�
Vitab
Biom

Polyacrylonitrile AN69

Evod

Polymethylmethacrylate PMM
Ethylenvinylalcohol copolymer EVAL

Polyester/polyvinypyrrolidone PEPA
2.13.3.2.5 Polysulfone/polyethersulfone/

polyvinylpyrrolidone (PVP)/ polyamide

membranes

Depending on the manufacturer, polysulfone can be

a homo- or copolymer [2]. The difference between

polysulfone and polyarylethersulfone, in short poly-

ethersulfone, lies in their chemical structure: besides

the sulfone and alkyl or aryl (e.g., arylether) groups

that both polymers contain, polysulfone additionally

contains isopropyliden.
Polyarylethersulfone (polyethersulfone) and

polysulfone polymers are described as engineering

polymers. These thermoplastic polymers show excel-

lent mechanical, chemical, and thermal properties.

Polysulfone/polyethersulfone hollow fibers can be

sterilized by steam, as well as with radiation, such

as beta or gamma.
PVP is obtained by the vinylation of pyrrolidone

plus a subsequent polymerization. PVP is widely

used as an excipient in the pharmaceutical industry.

It is added to the polymer solution of dialysis

membranes when made of polysulfone or polyether-

sulfone to increase the hydrophilicity and porosity of

the membrane. This is achieved by a partial washout

procedure during the precipitation process. This pro-

cess creates a gradient of PVP in the membrane wall

with the highest concentration being on the inside of

the membrane.
rs

brane Manufacturer

mix� Gambro

clear Gambro

ES�,

EMA�
Membrana

NEPHRON� Nipro

ANE� Gambro/Hospal

hen� Minntech

ulfone�,
one�

Fresenius Medical Care

ysulfone� Toray Industries

ap�alpha B. Braun

tech PS Minntech
RANE,

,

ranE�,
embrane� PEG

Asahi Kasei Kuraray Medical Co.

Ltd.

�ST,

ial

Gambro/Hospal

A� Toray Industries
� Asahi Kuraray Membrane

Manufacturing Co., Ltd.

� Nikkiso



Figure 3 Micro-domain structure on the inner surface of the

asymmetric three-layer PolyamixTM membrane of Gambro.
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In 1937, polyamide was used in the production of
nylon. Around the same time, Perlon� was devel-
oped and polyamides became used in the textile
industry. The scope and range of applications that
polyamides can be utilized in are virtually unlimited,
and they are also used in the production of dialysis
membranes. Today, an aromatic–aliphatic copolya-
mide is used as additive to the PolyamixTM

membrane (Gambro) to improve its performance.

1.The polysulfone/PVP membrane. All polysulfone-
based dialysis membranes show a foam-like support
structure. The formation of this support structure can
be designed to achieve specific separation character-
istics. The increased hydraulic resistance of a foam-
like support structure is partially compensated for by a
reduction in wall thickness [1].

2.The polyethersulfone/PVP/polyamide membrane.
The Polyamix� membrane has a unique asym-
metric, three-layer structure where the outer
layer, referred to as the supporting layer, is char-
acterized by a very open finger-like morphology.
The actual inner separation layer of the membrane
is formed by an extremely thin inner skin supported
by an intermediate layer. This middle layer forms a
foam-like structure, which is very permeable. Thus,
low resistance for convection and diffusion are
ensured. The outer layer provides high mechanical
stability.

High elimination capacity and clearance, as well as
efficient retention of endotoxins, are among the most
outstanding characteristics of Polyamix� mem-
branes. This is due to the membrane’s unique
polymer blend, with polyamide as an essential com-
ponent, and to its configuration and improved
biocompatibility [12]. The contact between blood
and membrane therefore affects neither the immune
system nor the coagulation cascade [13, 14].

Its reduction in specific interactions with proteins
and cells is a result of its hydrophobic and hydro-
philic polymers, which, when combined, form a
micro-domain structure (its hydrophilic domains
reduce the intensity of interactions; see Figure 3)
[15]. In addition, blood contact with a PolyamixTM

membrane causes no symptoms of functional vascu-
lar interference [16].

3.The polyethersulfone/PVP membrane. Most mem-
branes made of polyethersulfone and PVP are
characterized by their asymmetric structure, a dense
selective inner skin, which is in contact with blood,
and a supportive porous outer layer. By appropri-
ately adjusting the membrane-manufacturing
parameters, as well as the use of different molecular
weights of PVPs, the underlying membrane’s physi-
cochemical properties, morphological structure,
solute-rejection behavior, and filtration performance
can be refined. Newer developments follow a current
trend for higher removal of middle-molecular-
weight products, such as �2-microglobulin, while
retaining albumin. Such membranes (e.g., Revaclear,
Gambro; PUREMA�, Membrana) show excellent
diffusive transport properties, high selectivity,
biocompatibility.

2.13.3.2.6 PAN membranes

PAN was the first synthetic material developed for
dialysis membranes.

The material of the old AN69� membrane devel-
oped by Hospal, is a copolymer of acrylonitrile and
sodium methallylsulfonate. The combination of acry-
lonitrile and sodium methallylsulfonate is crucial,
with the addition of sodium methallylsulfonate heav-
ily influencing membrane structure. Pure PAN
membranes usually have large pores. The additional
methallylsulfonate leads to a finer, homogeneous
high-flux membrane, with good diffusive and con-
vective transport properties. AN69� membranes
have a high adsorption capacity for proteins,
including �2-microglobulin [17], cytokines [18], as
well as for endotoxins [19].

However, in those patients receiving ACE inhibi-
tors and who have been treated with PAN dialysis
membranes (AN69�), contact activation, particularly
activation of kallikrein and secession of bradykinin,
seems to occur. This is due to the negatively charged
membrane surface. However, this drawback can be
overcome by coating the membrane surface with
polycationic polyethylenimine, which has the
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additional benefit of binding heparin, thus allowing
lower heparin dosage during dialysis. Today, this
membrane is available as AN69�ST.

In contrast to Cuprophan membranes, which are
not permeable to �2-microglobulin, a weekly loss of
�400–600 mg of �2-microglobulin can be expected
with an AN69�membrane [20].

2.13.3.2.7 Polymethylmethacrylate

membranes

This membrane consists of modified polymethyl-
methacrylate (PMMA). As a high-flux membrane,
the PMMA� membrane was used in 1977 for HD, as
well as for new therapies, such as hemofiltration
(HF) and HDF. This was because of this mem-
brane’s higher permeability to liquid and so-called
middle molecules compared to cellulose mem-
branes, and the membrane also possessed good
albumin-retention properties [21, 22]. In the manu-
facturing process, this membrane is treated, after
rinsing with glycerol, to stabilize the pores. Any
elimination of �2-microglobulin by PMMA�

membranes is mainly due to adsorption.

2.13.3.2.8 Ethylenvinylalcohol membrane

In comparison to cellulosic membranes, the EVAL�

membrane has a symmetric membrane structure
with improved biocompatibility, even though the
material it is manufactured from, ethylenvinylalco-
hol copolymer is naturally highly hydrophilic. This
membrane structure is also stabilized with pore fil-
lers, for example, glycerol.
2.13.3.3 Membrane Characteristics: Low-
and High-Flux Membranes

Dialysis membranes are split into ‘high’ and ‘low’-
flux membranes. The difference between them is
primarily the ultrafiltration coefficient, that is, the
hydraulic permeability of the membrane. Hydraulic
permeability is a measure of the volume that can pass
through the membrane within a defined surface area,
time, and pressure. Low-flux membranes have a
water permeability of <300 l m�2 h�1 MPa�1. High-
flux membranes typically have a value of greater than
1200 l m�2 h�1 MPa�1 [1]. This increased hydraulic
permeability is achieved by increasing the pore size
of the membrane, which results in an increased nom-
inal cutoff.

Mass transfer through the membrane is essentially
controlled by the nanostructure of the membrane.
The relationship between the structural properties
of the membrane and the diffusive and convective
mass transfer through the dialysis membrane is
approximated by [23]:

Diffusive transfer : lim Ji
�P!0

¼ eDM
i S

��z
ðCBi –CDiÞ ð1Þ

Convective transfer : lim Ji
dc
dz
!0

¼ " r 2SCBi

8��

�P

�z
ð2Þ

These equations describe the specific flux, Ji, of
component i; " the porosity; � the tortuosity of the
membrane; � the dynamic viscosity; r the pore dia-
meter of the selective pores; �z the thickness of the
membrane; S the sieving coefficient; CBi and CDi the
concentration of component i in the blood and dia-
lysate, respectively: Di

M the diffusion coefficient of
component i through the membrane; and �P the
hydrostatic pressure gradient between the two
phases separated by the membrane. Based on theo-
retical considerations (Equations (1) and (2)),
dialysis membranes can be designed for a particular
therapy and for the prevailing transport
mechanisms.

Differences in permeability are also reflected in
the diffusive properties of the membrane. By defini-
tion, dialysis is a process of separating elements in a
solution by diffusion across a semipermeable mem-
brane (diffusive solute transport) down a
concentration gradient. The diffusion properties of
a dialysis membrane are dependent on the overall
wall thickness, the thickness of the separating layer,
the porosity and tortuosity of the membrane, and
can be expressed by diffusion coefficients. The dif-
fusion coefficient is a constant of proportionality
that represents the amount of a particular substance
diffusing across a unit area through a unit concen-
tration gradient in a unit time. The effective
diffusion coefficient, DM, is calculated by
DM¼ PM��z, where PM is the permeability of
the membrane and �z the wall thickness of the
membrane. Diffusivity decreases with increasing
molecule size (see Figure 4). The diffusion coeffi-
cient for solutes with increasing molecular weight
differs for low- and high-flux membranes.

In addition, low- and high-flux dialyzers differ in
their exclusion criteria (Cut-off), which correlate with
their pore size and pore-size distribution (pore dia-
meters ranging from 3 to 6 nm) within the membrane.
Measurement conditions, as well as the media used,
have a significant impact on the sieving profile. The
sieving coefficient (S) for experiments with hollow
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fiber membranes can be calculated according to
Equation (3), which describes the concentration in
the filtrate (CF), the plasma/blood concentration at
the entrance (CBi), and the concentration at its exit
(CBo):
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aqueous solution and in bovine plasma, depending on
the molecular weight (in Da) of different substances.

Proteins within plasma can create a layer on the
membrane surface that is in contact with blood,
acting as an additional barrier to protein permeabil-

ity, thus resulting in a sieve profile shift toward lower
molecular weights compared to measurements taken
in an aqueous solution.

In Figure 6, the sieving coefficient profiles for
both low- and high-flux Gambro membranes are

shown for different proteins in aqueous solution,
and are plotted against their molecular weights
(in Da).

Low-flux membranes are capable of eliminating
substances of up to 5000 Da and rejecting nearly
100% of �2-microglobulin, whereas high-flux mem-

branes are highly permeable to �2-microglobulin.
The mass transfer of low-flux membranes is mainly

diffusive and is not suitable for use in therapies that
require high convective transport, for example, HF
and HDF. The pore structure of high-flux mem-

branes allows the passage of so-called middle
molecules up to 20 000 Da. In addition, significant
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protein loss, that is, albumin (68 000 Da), is pre-
vented. Besides the immunoglobulins, albumin is

the most important plasma protein that needs to be

retained in the chronic dialysis patient. High-flux
membranes are suitable for HD, HF, and HDF.
2.13.4 Biocompatibility of Dialysis
Membranes

Mass transfer through membranes is essentially

determined by the membrane’s structure, though

interactions between the membrane surface and
blood can lead to changes. In particular, the adsorp-

tion of proteins on the membrane surface, and in the
pores and the pore entrances, has to be considered.

Apart from adsorption, activation of the complement

system, coagulation, hemolysis, and adhesion of
blood platelets can occur as a result of interactions

between the membrane surface and blood. The
above-mentioned phenomena are summarized here.
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that form the hemocompatible surface are complex
and are, as yet, not fully understood.

By definition, a biocompatible material has the
property of not producing a toxic, injurious, or

immunological response in living tissue.
In HD, biocompatibility is related to multiple

interactions that occur between the artificial mem-

brane surface and the humoral and cellular
components of the patient’s blood. This includes

both general and inflammatory immune responses.
Humoral changes are induced by the activation of

systems or the adsorption and/or denaturation of

humoral factors. Disturbances of cellular systems
include changes in cell population, cellular function,

and cellular release of substances. In the human body,
the typical response to coming into contact with syn-

thetic material is the deposition of proteins with specific
products of complement activation (immunologically

potent substances, such as C3a, C4a, and C5a) from the
body fluids onto the surface of the material.

Complement is a principal mediator of the acute
inflammatory response, and contributes to the non-
specific recognition and elimination of foreign

substances from the body. Apart from activation,
blood–material interactions promote the adsorption

of plasma proteins and other macromolecules onto
the surface of the material, which can change its

conformation and reactivity due to adsorption.
Some substances may desorb from the material sur-

face and recirculate in the blood stream, and possibly
exhibit different properties than when they were in

their preadsorbent state.
The contact phase activation (kallikrein–kinnin

system) is triggered after contact of blood with a

negatively charged surface. After a complex cascade
of enzymatic reactions, vasodilatation and coagula-

tion of blood occurs.
Platelets and coagulation factors respond to different

characteristics of the dialysis membrane and stimulate
the coagulation process. This results, finally, in platelet

activation and aggregation. Furthermore, in these pre-
thrombotic reactions, leukocytes are also involved,
leading eventually to pre-inflammatory effects.

In addition, leukocytes can be activated, leading
to degranulation and mediator release. Stimulated

monocytes produce inflammatory mediators such as
interleukin (IL) and tumor-necrosis factor

(TNF) [24].
Although allergic reactions are generally rare, a

main trigger is ethylene oxide, which is used in some

forms of sterilization. If any residues remain in the
dialyzer, this can contact albumin during dialysis,
which can then become an effective allergen and a
main trigger for an allergic reaction during dialysis.

In HD, the whole dialysis system needs to be
considered with respect to biocompatibility.
Therefore, not only are the chemical composition
and surface structure of all the artificial components
important (e.g., dialysis membrane, tubing system),
but also physical effects such as the geometry of the
dialyzer, blood flow and pump effects, as well as
potential bacterial contamination by the dialysate
or inadequate anticoagulation. Materials do interact
with blood differently, but such effects can also
depend on the patient’s disease type and disease
state. For a chronic dialysis patient, a mild interac-
tion can lead cumulatively to a significant clinical
effect because dialysis treatment is performed for
many years 3–4 times a week.

With regard to the membrane, the properties of the
surface that makes contact with blood can significantly
influence its biocompatibility. Therefore, surface
roughness, chemical composition and structure, with
respect to functional groups or charge, as well as
hydrophilicity, all play crucial roles.

Based on the surface properties of proteins, an
‘ideal’ membrane surface should have hydrophilic,
hydrophobic, and negatively and positively charged
areas [25, 26]. The concept of hydrophilic and hydro-
phobic micro-domains has been experimentally
confirmed and is found, today, in both synthetic
polymer and synthetically modified cellulose mem-
branes [27–29].

With the knowledge of the manifold potential
interactions between artificial materials and the
patient, the need for pre-clinical testing of these
materials for their biocompatibility is undisputed.
Three important effects of the blood–artificial mem-
brane contact layer are often analyzed in vitro when
developing membranes.

1.Complement activation, by measuring the con-
centration and generation rate of terminal
complement complexes (TCCs). Some specific pro-
teins, such as C3 or C5, become adsorbed at the
surface and commence a cascade of complicated
reactions, which finally lead to clot formation. In
order to study this phenomenon, the concentration
of factors, such as TCC or C3a, is usually measured.

2.Activation of the coagulation cascade (thrombin
formation and thrombocyte activation). Thrombin–
antithrombin III (TAT) levels are measured and
platelets are counted.
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3.Contact phase activation: testing for kallikrein-
like activity. The cascade starts with adsorption of
high-molecular-weight kininogen (HMWK) and pre-
kallikrein (PK), and results in conversion of
prekallikrein to kallikrein (KK). After a complex cas-
cade of enzymatic reactions, vasodilatation and
coagulation of blood can occur.
2.13.5 Operation Modes of Dialysis
Treatment

In general, dialysis treatments are performed 3 times
a week for time periods of 3–5 h. The extracorporeal
circulation begins at the ‘artery’, that is, the vascular
access. With the help of a blood pump, usually a
roller pump, the blood is pumped at a flow rate of
200–500 ml min�1 through the dialyzer. The cleaned
blood returns to the patient at the venous access. In
addition, there is an anticoagulation medium added,
for example, heparin, to prevent coagulation of
blood. For patient safety, other devices and air traps
are integrated into the extracorporeal blood circuit.
These components allow elimination of any small
quantities of air from the tubular system and avoid
treatment interruption in unexpected situations (e.g.,
leakage, air in the system, and so on).

The effectiveness of the separation of particular
components by the different processes is expressed in
the medical community by the term ‘clearance’, and
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describes the removal rate in ml min�1 [3]. This term
refers to the purified blood volume and is both a
function of the membrane’s properties as well as the
process design. The clearance (CL) for the different
treatment modes is calculated as follows:

Hemodialysis : CL ¼
ðCBi –CBoÞQBi

CBi

Hemofiltration : CL ¼
CF

CBi
QF

Hemodiafiltration : CL ¼
ðCBi –CBoÞQBi þ QFCBo

CBi

where Q is the flow, C the concentration, and sub-
scripts B, D, F, I, and o denote blood, dialysate,
filtrate, inlet, and outlet, respectively. Diffusive
clearance is dependent on the molecular size of the
substance.

Clearance of the uremic toxin, urea, is of particu-
lar interest, acting as a sensitive indicator of dialysis
efficiency. With a molecular weight of 60 Da, it is
classed as a small-molecular-weight substance. Urea
exhibits high membrane permeability and is comple-
tely eliminated by dialysis. For higher-molecular-
weight substances, such as vitamin B12 (1355 Da) or
inulin (5200 Da), clearances are reduced. Blood flow
is of importance in the clearance of different sub-
stances; its influence at defined dialysate flow rates
can be seen in Figure 7. At low blood-flow rates,
clearance increases linearly with the blood flow.
ml min–1)

300 400 500

Da)

proteins depending on blood flow (QB) in a dialyzer

mbrane. QD¼const.¼500 ml min�1. For low QB, the
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A clearance plateau is reached at certain blood-flow
rates, which is lowered with increasing molecular
weight of the substance removed.

At low blood-flow rates, the dialysate flow
fully controls the clearance. In particular, for small-
molecular-weight substances, clearance increases
with increasing dialysate flow.

The control of transmembrane pressure, flow
rates, and mass balance during dialysis treatment in
the different therapy modes can be comprehensively
managed by the currently available modern dialysis
machines.
2.13.5.1 Hemodialysis

In HD, the uremic toxins of the blood are eliminated
mainly under diffusive isobar conditions; the removal
rates of the different substances depend mostly on their
molecular size (with increasing size of molecule lead-
ing to a reduced removal rate). The dialysate runs
counter-current to the blood, to provide a high con-
centration gradient along the whole dialyzer. Sodium
and potassium concentrations of the dialysate are simi-
lar to those of normal plasma, to prevent their loss.
Sodium bicarbonate is also added to the dialysate to
correct for blood acidity. By adjusting negative pres-
sure relative to the blood compartment, excess fluid
from the patient is removed (ultrafiltration). Mass
transfer due to ultrafiltration in HD mode is negligible.
In HD treatment, low- and high-flux dialyzers are
utilized. Figure 8 shows a schematic drawing of HD.
Blood
2.13.5.2 Hemofiltration

In contrast to HD (diffusion), convective transport is
used to eliminate uremic substances from the hemofil-
trate by applying a hydrostatic pressure difference. In
Arterial
blood

Venous blood

Blood
pump Dialyzer

Dialysate
inlet

Dialysate
outlet

Figure 8 Schematic drawing of a hemodialysis setup.
this method, middle-molecular-weight substances are
removed more efficiently, and removal rates are inde-
pendent of molecular weight up to a molecular weight
of 20 000 Da. For this process, a high-flux membrane is
required, which allows high filtration rates (20–30 l
per treatment), and a dialysate flow is not applied.
However, the high fluid loss is compensated for by
the addition of a sterile fluid (substitute) to the blood-
stream. However, this fluid substitution generates high
costs; thus, HF is not a routine treatment for chronic
kidney failure, but is mainly applied in intensive care.
If the substitution fluid is introduced into the blood-
stream after passing through the dialyzer/filter, one
speaks of post-dilution. In contrast, if the substitution
fluid is introduced into the bloodstream prior to
passing through the dialyzer/filter, this is defined as
pre-dilution. The principle of the HF mode (during
post-dilution) is shown in Figure 9.
2.13.5.3 Hemodiafiltration

HDF is a combination of HD and HF (see Figure 10).
The elimination of uremic toxins takes place by diffu-
sive and convective transport, resulting in high removal
rates for both low- and middle-molecular-weight sub-
stances. Similar to the HF mode, only high-flux
dialyzers can be used because of the high filtration
rates required. In the classic HDF mode, the substitution
solution is supplied in bags. However, utilizing infusion
fluid from bags leads to greater technical requirements
Arterial
blood

Venous blood

pump Hemodialyzer

Substitution
fluid

Filtrate

Filtrate
pump

Substitution
pump

Balance for fluid
regulation

Figure 9 Schematic drawing of a hemofiltration with a

post-dilution setup.
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Figure 10 Schematic drawing of a hemodiafiltration with
a post-dilution setup.
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and costs, and results in limited exchange volumes

(8–12 l per treatment). However, because of the devel-

opment of online systems, the costs of supplying

substitution solutions have been drastically lowered,

and can now provide an economic treatment.
Online HDF provides high removal rates over a

wide molecular-weight spectrum, and is achievable

with present-day RRTs. The ultrafiltered excess

volume, approximately 20–70 l per treatment, is

automatically replaced continuously by a substitu-

tion solution. The solution is generated by stepwise

ultrafiltration of dialysate direct into the machine:

this fulfills the quality demands of commercially

available infusion solutions with regard to sterility

and quantities of pyrogen. Online HDF is preferably

performed in the post-dilution mode [30].
Online HDF is considered to be the most effective

and safest dialysis treatment due to its superior blood

purification of all uremic toxins, and it reduces the

incidence of cardiovascular events.
Hemodialysis can also be considered as a form of

HF due to its increased ultrafiltration rate because of

its backfiltration and, thereby, also its increased con-

vective mass transfer.
The choice of the dialysis technique depends

on multiple factors, including the primary need

(e.g., solute or water removal, or both), underlying

indications (e.g., acute or chronic failure, and poison-

ing), vascular access, hemodynamic stability,

availability, local expertise, and patient preference.
Dialysis and filtration can be performed intermit-
tently or continuously. Continuous therapy is used
exclusively for acute renal failure; benefits over
intermittent therapy are improved tolerability as a
result of slower removal of solute and water.

All three different modes are normally performed
at blood flows of between 200 and 500 ml min�1.
Dialysate flows in HD and HDF modes are
500–800 ml min�1. Filtration rates during HDF/HF
are heavily dependent on the treatment mode (pre-
or post-dilution flows) and blood flow, and range
from �25% during post-dilution (HDF) to 100%
during predilution (HF) [30–32].

Volume flows are adjusted specifically to the
patient, the treatment’s requirements, and to the dia-
lysis system (dialysis machine and filter assembly).
The distribution of blood and dialysate flow in dialysis
modules has a significant influence on the efficiency of
mass transfer. For this reason, the blood inlets are
constructed accordingly. To ensure uniform distribu-
tion of dialysate flow in the bundle cross-section (to
avoid channel formation), there are at least three
methods: (1) installation of threads by a spacer
between the hollow fiber bundles [20, 21], (2) a special
bundle configuration by arranging individual mem-
branes to a specific angle during the manufacturing
process and (3) undulation (creation of a wavy fiber
profile) with the membranes forming an open bundle
that ensures unimpeded dialysate flow across the bun-
dle cross section. In addition, combinations of these
methods are possible. These configurations lead to
more efficient exchange of materials and a significant
increase in removal rates of uremic toxins.
2.13.6 Ultrafiltration Membranes
for Dialysate and Infusate
Preparations

All impurities and other components of the dialysate
can theoretically be transferred into the blood of
patients due to a missing or insufficient transmem-
brane pressure gradient in the direction of the
dialysate compartment. These substances may also
reach the blood due to partial backfiltration, which is
of greater risk when utilizing high-flux membranes.

If endotoxins (bacterial-degradation products) in the
dialysate pass through the membrane, pyrogenic reac-
tions in patients (e.g., feeling generally unwell, fever or
development of sepsis) can occur. The transport of
bacterial fragments is dependent on the membrane
material, the pore radius, and membrane-surface
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properties (hydrophilic/hydrophobic). However, some
high-flux dialysis membranes have a more hydrophobic
exterior and are made of special materials that allow
removal of bacterial contamination by adsorption.

Guidelines for the different dialysates and infusates
regarding endotoxin concentrations have been estab-
lished. The European Directive allows an upper limit
of bacteria of 100 CFU ml�1 (colony forming unit),
and for endotoxins of 0.25 EU ml�1 (endotoxin unit)
[33–35]. The fluid quality description, ‘ultrapure’,
means practically free from bacteria and endotoxins.
In quantitative terms, it is defined as <0.1 CFU ml�1

and <0.03 EU ml�1. By applying one additional step to
controlled ultrafiltration, ultrapure dialysis fluid can
be further purified to such a high microbiological
quality that it can be used for infusion [36].

Various authorities require regular endotoxin
checks of the dialysate. Optimally, a general bacter-
ial- and endotoxin-free dialysate is created by
filtration (ultrafiltration membranes) at the dialysis
machine. In modern dialysis machines, up to three
filters with ultrafiltration membranes (hollow fiber
systems) of different sizes are implemented in the
fluid circuit of the dialysis machine, or in the tubing
system used for re-infusion (in HDF and HF). The
use of multistep ultrafiltration allows the online pro-
duction of a high-quality infusion liquid, which is a
prerequisite for convective HDF or HF treatments.

During dialysis treatment, the clinical staff need to
maintain high hygienic standards to ensure the health
of the patient. It is recommended that, during dialy-
sis, a continuous water supply and a continuous flow
of dialysate in the device are maintained [37].
Further, the entire water and dialysate system should
be regularly cleaned and disinfected, in order to
prevent the formation of a biofilm [30].

The bicarbonate used in the buffer solution is also
an ideal medium for microorganisms. Therefore, it is
recommended that bicarbonate be used in powdered
form and stored dry until needed. In modern dialysis
machines, cartridges with dry sodium bicarbonate are
introduced into the machine, allowing online pro-
duction of liquid dialysis fluid [30].
2.13.7 Large-Scale Production
of Synthetic Dialysis Hollow Fiber
Membranes

Hollow fiber- and flat-sheet-based dialyzers have
been developed and used in parallel for decades.
Today, nearly 97% of all treatments are performed
with hollow fiber dialyzers. The technical advantages

of hollow fiber systems are their reduced manufac-

turing costs and the compact design of the dialyzer.

In addition, they are simpler to use and can be used in

different treatment modes.
The manufacture of dialysis membranes is compar-

able with the production of other hollow fiber

membranes: the world annual production in 2007 for

�150 million dialyzers was �1.8 m2 surface area of

membrane. The majority (�80%) of these dialyzers

are equipped with synthetic polymeric membranes: no

other application in membrane technology has reached

this advanced level of development. Production of dia-

lyzers is a continuous process, whereby membrane

production is integrated into the manufacture of the

dialyzer. For optimized application, the inner diameter

of the hollow fiber membranes range from 180 to

220mm. Synthetic polymeric membranes have a wall

thickness of between 30 and 50mm. In contrast, cellu-

losic membranes have a wall thickness of between 5

and 8mm.
The design of the membrane and the dialyzer are

crucial. Optimal mass transfer between blood and

dialysate has to be guaranteed, and this is also influ-

enced by the dimensions of the membrane surface.

The effective membrane-surface area of the dialyzer

chosen to treat a patient has to be adjusted to the size

of the patient: pediatric filters (for small patients)

have a surface area of between 0.01 and 0.6 m2, and

standard filters for adults range from 1.0 to 2.4 m2.
The blood-filling volume, flow resistance, and the

dimensions and weight of the dialyzer should be as

small as possible. The performance characteristics of a

dialyzer must be precisely documented in a data sheet

and must be reproducibly detectable for each dialyzer.

Due to the high frequency of treatments needed by

dialysis patients (�150 times per year), the cost of a

dialyzer is important. However, generally, the dialyzer

costs less than 10% of the total treatment.
To ensure sterile products, the entire manufactur-

ing process is carried out in sterile rooms. In modern

manufacturing facilities, the production of a dialyzer

is a sequence of several individual and complex pro-

cessing steps. The most relevant processing steps are

presented in Figure 11.
2.13.7.1 Membrane Formation

The continuous process of production of hollow fiber

membranes can be divided into six individual steps:
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Figure 11 The most relevant process steps in dialyzer manufacturing.
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1. manufacture of the polymer solution and the bore
liquid;

2. formation of hollow fibers;

3. precipitation of the membrane in a coagulation
bath and subsequent washing;

4. finishing treatments, for example, undulation,
fiber drying, and surface treatments;

5. winding of the membrane bundles; and

6. recycling of solvent and precipitating liquid.

The entire membrane-manufacturing process (spin-

ning process), from membrane formation to winding

bundles, is shown schematically in Figure 12. These

steps are described in detail below.
The production of dialysis membranes uses dif-

ferent polymers and processes to allow the

manufacture of a range of dialysis membranes with

defined properties. Today, mainly diffusion-induced

phase separation (DIPS) processes are used, which
Washing units

Polymer
solution 

Bore
liquid

Spinneret

Coagulation
bath

Recycling

Figure 12 Schematic drawing of a synthetic hollow fiber mem
allow the use of a combination of polymers, and fine-
tune pore-size and diffusive transport characteristics.
The polymers are dissolved in a suitable solvent, and
precipitation takes place in a nonsolvent bath, pre-
ferably water. The concentration of the polymer in
the polymer solution is approximately 20 wt.%,
depending on the particular recipe.

The polymer solution is pumped through an
annular die (spinneret) to form a hollow fiber. The
inner void of the hollow fiber is formed by a bore
liquid (mixture of solvent and nonsolvent), which is
introduced into the inner part of the spinneret. In a
third step, the hollow fiber is guided through a non-
solvent bath. The nonsolvent bath and bore liquid are
required to convert the homogeneous liquid–poly-
mer solution into a two-phase system by diffusive
solvent–nonsolvent exchange (immersion precipita-
tion). The demixing process stops at the vitrification
point of the polymer-rich phase. A rigid membrane
Treatment

Winding
unit

brane-manufacturing plant.
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structure is formed during the polymer-rich phase,

and the membrane pores are formed during the

liquid–polymer-poor phase.
The main influences on membrane properties

during the manufacturing process are: composition,

viscosity and temperature of the polymer solution,

the use of additives, the ability to crystallize or

aggregate, nozzle design, composition of the coagula-

tion bath, and the conditions between nozzle and

coagulation-bath entrance.
The quality of a membrane strongly depends on

the quality of the polymers used and the prepara-

tion procedure of the polymer solution (spinning

solution). Reproducibility of the membrane proper-

ties can only be guaranteed if polymer quality

(molecular-weight distribution, moisture, etc.) and

solution quality (free of gel particles, viscosity, free

of dissolved gas) are constant throughout the year

from batch to batch. The size of the batch of the

polymer solutions is dependent on the number of

spinning machines connected to one polymer-solu-

tion manufacturing plant and the number of nozzles

per spinning machine. The solution batches can

vary from a few hundred to several thousand

kilograms.
Typically, the membrane-manufacturing process

is continuous, and spinning machines will only need

maintenance work for only a few days a year. Modern

spinning machines may have more than 1000 spin-

ning nozzles, and spinning speeds of up to

100 m min�1 may be realized.
(a) (b)

Figure 13 Photographs of (a) straight fibers and (b)
undulated fibers.
2.13.7.2 Precipitation of the Membrane
and Subsequent Washing

After passing through the nozzle, the membrane is

guided into a coagulation bath where the external

structure of the membrane is formed. The composi-

tion and temperature of the coagulation bath play an

important role in determining the membrane’s struc-

tural properties. In the coagulation bath, the largest

part of the solvent from the polymer solution is

removed. For complete removal of the solvent, sub-

sequent rinsing units are installed. The membranes

formed are guided through these baths until fully

stabilized. Several techniques have been developed

whereby the membranes are guided through either

connected or separated washing baths or water/non-

solvent spraying chambers.
2.13.7.3 Recycling of Solvents and
Precipitating Agents

In particular, environmental aspects are considered
in the membrane-manufacturing process. Some
examples of this are the use of water to precipitate
the media, and the recovery of this water and solvent
in a recycling plant. These processes reduce the
consumption of water and solvents to a minimum.

The total length of a spinning line can be up to
100 m in length, and the length of a membrane from
the spinneret to the winding wheel can be more than
1 000 m to ensure adequate extraction of the solvent.
Thus, guidance of the membrane requires precise
control with driving units and pulleys.
2.13.7.4 Finishing Treatments

After rinsing, the hollow fiber is dried online
(directly within the manufacturing process, leading
to reduced processing time). Subsequently, different
processes, such as coating, undulation, and surface
modifications, can be applied.

Undulation changes the geometry of the fibers.
This special technique forms waves with different
amplitudes and wavelengths of the fibers (see
Figure 13(b)). By applying this technique, in combi-
nation with advanced bundle formation, an ideal
bundle is formed, which has been proven to be effi-
cient in increasing mass transfer through the
membrane into the dialyzer.
2.13.7.5 Winding

The spinning machines lead on to the winding unit.
All single hollow fiber membranes, originating from
one or more spinning machines, are guided together
into one winding unit. To increase mass transport,
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the winding equipment often places the membranes
in parallel or in defined patterns, for example, cross
winding, to add inert support fibers. The bundle
configuration is of crucial importance for the distri-
bution of the dialysate in the dialyzer.

All modern dialysis (ultrafiltration) membranes
are prepared free of pore stabilizers. This is one
example of the highly sophisticated manufacturing
process and the level of membrane development.
Manufacturing of pore-stabilizer-free membranes
improves handling of the product in clinical appli-
cations and allows reduction in the number of
process steps.
2.13.7.6 Dialyzer Assembly

2.13.7.6.1 Bundle transfer into housing

After winding the membrane bundles, the bundle is
transferred into the dialyzer housing. High package
densities for highly efficient dialyzers require a well-
designed technique for precise bundle transfer without
damaging a single fiber within the bundle. The material
of the housing needs to provide mechanical stability,
transparency, and stability against the different types of
sterilization (steam, �-radiation, and ethylene oxide).
The design of the housing itself, and the endcaps for
the blood inlet and outlet, are important as they largely
determine the distribution of the blood and dialysate, as
well as any pressure drops in the system.

2.13.7.6.2 Potting

In the dialyzer assembly, the membrane bundles are
merged with the housing parts. To separate the blood
compartment from the dialysate compartment,
polyurethane (two components: polyol and multi-
functional isocyanates) is used as the membrane
(a)
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Figure 14 Scanning electron microscopic (SEM) images of th

surface of the blood-contacting surface of a standard product;
White bar¼300mm.
potting material. Polyurethane has been proven not
to release any toxic substances or substances that
could lead to blood clotting.

To attach the ends of the membrane bundle effec-
tively with the potting material, and to get a defect-
free sealing of each individual membrane between the
blood and dialysate compartments, special centrifuge
systems are utilized. To avoid chemical reactions
between residual water of the fibers and the potting
material, the membranes are carefully dried prior to
potting, and the fiber ends are sealed so that no potting
material can penetrate. The potting conditions, the
curing time, and the viscosity and strength of the
potting material have to be adjusted to the specific
characteristics of the hollow fiber membrane.

To open up the hollow fiber membrane, the ends
of the potted bundle are cut. A smooth and flat sur-
face is crucial to prevent hemolysis or blood clotting.
Today, specialized knifes are usually used for cut-
ting. Figure 14(a) shows an acceptable cutting
quality, whereas Figure 14(b) shows a cutting sur-
face that is too rough.
2.13.7.6.3 Integrity test

After applying the endcaps to the dialyzer housing,
the integrity of the dialyzer is checked. This test
verifies the integrity of all the housing components,
the connections, and the membrane itself. Normally,
a dialyzer contains between 8000 and 14 000 fibers
and the specially designed membrane-integrity tests
allow detection of a single fiber leak or deviation in
membrane performance from that specified. Finally,
a visual control guarantees that each product is safe
and within the specifications given. Products that are
not within specification are scrapped.
1441/25 Schnittflache 93-fach 7.9.99 300 μm

b)

e cutting surface of two different dialyzers: (a) a smooth

(b) a rough cut surface not meeting quality requirements.
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2.13.7.6.4 Sterilization

A prerequisite before use by the patient is verifica-
tion of the dialyzer’s sterility [38]. Three different
sterilization methods are in common usage: �-radia-
tion, steam, and ethylene oxide (ETO). The choice of
sterilization method can influence membrane perfor-
mance, for example, pore-size distribution, depending
on the condition of the membrane (in aqueous solution,
moist or dry) during sterilization.

ETO reacts with the proteins and nucleic acids of
microorganisms to destroy them. The influence of
ETO is dependent on the membrane material and its
structural properties. The disadvantage of ETO is its
solubility in polyurethane. Due to the high toxicity
and reactivity of polyurethane, the dialyzer must be
degassed after the sterilization process to allow safe
limits in the final product prior to its application. The
use of ETO as a sterilizing agent for products used in
chronic applications is steadily declining.

The worldwide acceptance for �-sterilized medi-
cal devices has increased and is, today, with steam
sterilization, a standard technique. The radiation
dose for �-sterilization is between 5 and 40 kGy,
and bacteria are killed physically.

In steam sterilization, microorganisms are
destroyed by heat denaturation of their cell walls
and proteins, and no use of toxic or radioactive sub-
stances is required. Steam sterilization is performed
for at least 20 min at a temperature of at least 121 �C
and at a pressure of at least 0.1 MPa.

The choice of sterilization method depends on the
stability of the materials of the membrane, the hous-
ing, and the potting material. Steam sterilization is,
however, in terms of environmental impact and
patient application, the method of choice.
2.13.8 High Cutoff Dialysis
Membranes

2.13.8.1 Membrane Description

Low- and high-flux membranes are commonly used
for the treatment of chronic and acute kidney failure.
However, even high-flux membranes have a limited
ability to clear molecules that exceed a molecular
weight of 20 000 Da and those that are effectively
cleared by the native kidney, such as low-molecular-
weight proteins (LMWPs), which have a molecular
weight spectrum of�1000—50 000 Da. More effective
transmembrane elimination of these molecules from
the circulation is particularly desirable in conditions
where LMWPs that are involved in pathophysiological
mechanisms are rapidly produced and accumulate in
the circulation. Examples include free light-chain pro-
teins and inflammatory cytokines. Monoclonal light
chains of immunoglobulin are excessively produced
by malignant plasma cells in patients with MM, and
can cause renal lesions such as cast nephropathy. In this
condition, serum concentrations can be elevated by
more than 100-fold compared to normal serum con-
centrations. Pro-inflammatory cytokines are
overexpressed in acute inflammatory diseases and con-
tribute to the pathogenesis of septic acute kidney injury
(AKI). In order to maximize LMWP removal and to
enlarge the molecular-weight spectrum of solutes
removed during dialysis treatments, high cut-off
(HCO) membranes with increased pore sizes have
been developed and investigated in clinical studies.

In HCO membranes, pore sizes are shifted toward
larger pore diameter compared with conventional
high-flux membranes. Accordingly, significantly
higher permeability for substances in the molecu-
lar-weight range of 15–50 kDa can be achieved with
this membrane compared to permeability rates
achieved with conventional high-flux membranes.
Figure 15 shows the pore-size distribution for an
HCO membrane, with the maximum number of
pores in the range of 10 nm radius.

A narrow distribution ensures a sharp upper cutoff
and limits the permeability for essential larger pro-
teins, such as albumin, clotting factors, and
immunoglobulins. Comparisons of the pore-size dis-
tributions of a conventional high-flux membrane and
an HCO membrane have been made. High-flux mem-
branes show typical pore sizes of between 3 and 6 nm,
whereas HCO membranes have pore sizes of
>200 nm, and allow the unrestricted passage of all
plasma proteins.

The increase in pore sizes of HCO membranes
translates to an increase in both convective and diffu-
sive permeabilities of LMWPs. The sieving coefficient
(i.e., the ratio between solute concentration in the
ultrafiltrate and its average plasma concentration)
characterizes the convective membrane’s permeability
for a given solute. The sieving coefficient is inversely
related to the solute’s molecular weight. HCO solutes,
with molecular weights that range from 20 to 50 kDa,
which do not pass through the high-flux membrane,
can filtrate through the HCO membrane to a signifi-
cant extent (see Figure 16).

A much higher diffusive permeability of larger
molecules is also observed. Whereas the diffusion
rates for smaller solutes are quite similar for HCO
and high-flux membranes, diffusive transport is less
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hindered for larger molecules. For the HCO mem-

brane, there is less steric interaction between the

solute and the larger pores of its membrane compared

with those of high-flux membranes (see Figure 17).
Over the last decade, various membranes, such as

the cellulose triacetate-based FH 70/150 (Sureflux,
Nipro [39]), the polysulfone-based APS-1050 (Asahi

[40]), the PMMA-based BK-F/BG 2.1 (Torray [41]),

and the Helixone polysulfone-based FX-E

(Fresenius Medical Care [42]), have been manufac-

tured with the purpose to gain increased membrane

permeability. These different membranes have
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recently been compared for their free light chains
(FLC)-removal capacity [43]. Hutchison and collea-
gues found that the HCO membrane exerted the
highest elimination rate of FLC. Interestingly, the
FLC-elimination capacity of PMMA-based BK-F/
BG 2.1 was more caused by absorption than dialysis,
which indicates an obstacle in removing sufficient
amounts of FLC from MM patients. These test
results are summarized in Table 3.
2.13.8.2 HCO Membranes in the Treatment
of Kidney Myeloma

2.13.8.2.1 Renal disease MM

MM is a plasma-cell dyscrasia that accounts for almost
10% of all hematologic malignancies. The annual
incidence of MM is 4–5 per 100 000 people [44].
Renal involvement remains a major complication in
MM, particularly in advanced stages of the disease.
Renal impairment is found in up to 30% of patients at
initial presentation, and in up to 50% of patients at
some stage of the disease. In about 10–20% of patients,
severe renal dysfunction that requires dialysis devel-
ops, with most of these patients becoming dependent
on chronic hemodialysis. Renal failure limits
therapeutic options for these patients and aggravates
prognosis. It is amply documented that patient survi-
val decreases in proportion to the severity of renal
failure [45, 46]. ‘Myeloma kidney’ or cast nephropathy
is the most common cause of renal disease in MM, and
is caused by FLCs excessively produced in the bone
marrow by a clone of the neoplastic plasma cells.
Large amounts of FLCs are released into the circula-
tion. In the kidney, these proteins readily pass through
the glomerular apparatus, which can overwhelm the
absorptive capacity of the proximal tubules and initi-
ate a stress response. In the distal tubules, the light
chains can co-aggregate with Tamm–Horsfall protein,
which is produced in the thick ascending limb of the
loop of Henle. This finally results in apoptosis of
tubular cells, tubolointerstitial fibrosis, tubular cast
formation, and tubular obstruction. Less frequent
renal lesions, caused by free light chains, are AL
amyloidosis and light-chain-deposition disease.

2.13.8.2.2 Therapeutic interventions in

myeloma-cast nephropathy

Shortening the time in which the patients’ kidneys
are exposed to toxic levels of light chains lowers the
risk for long-term renal damage. Therefore, prompt



Table 3 FLC elimination by different membranes in patients with multiple myeloma

Mean FLC
concentration in
UF (%)

Class Make Model
Membrane
material

Surface area
(m2)

Molecular cutoff
in Blood (kDa) � �

High flux B. Braun Hi-PeS 18 PES 1.8 10 17 12

Asahi APS-1050 PS 2.1 10 30 18
Nikkiso FLX 8GWS PEPA 1.8 10 12 11

Idemsa 200 mHP PES 2.0 10 21 16

Super flux Toray BK-F 2.1 PMMA 2.1 20 0.1 0.2

Toray BG 2.1 PMMA 2.1 20 0.1 0.1
High cutoff Gambro HCO 1100 PAES 1.1 45 62.5 90

FLC, free light chains, PAES, polyarylefhersulfone; PEPA, polyester polymer alloy; PES, polyethersulfone; PMMA,
polymethylmethacrylate; PS, polysulfone; UF, ultrafiltrate.
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intervention that aims at rapid reduction of pre-

renal FLC load is essential to facilitate the recovery

of renal function and to avoid irreversible renal

impairment: chronic hemodialysis then becomes

mandatory for the rest of the patient’s life. Rapid

administration of cytoreductive chemotherapy

induces reduction of the tumor burden and of pro-

duction of FLC in these patients. To acutely reduce

FLC plasma levels, additional FLC removal from

the circulation by extracorporeal blood-treatment

therapies have been investigated in clinical studies.

Hutchison et al. [43] showed that, daily extended

hemodialysis represents an effective treatment for

removal of large quantities of FLC, provided the

pore size of the membrane is large enough to facil-

itate significant transmembrane transport of FLC,

which exist as monomers (23 kDa) and dimers

(45 kDa). The results of serum FLC removal in

patients with MM using different membranes are

shown in Table 4.
Table 4 Concentration of FLCs in serum and dialysate fluid of a

and who was undergoing dialysis using a high cut-off dialyzer

Membrane dialyzer

Pre-dialysis
serumconc.
(mg�1 l)

Mean %
reduction in
serum conc.

Toray BK-F2.1 11 580 3.2

B. Braun Hi-Pes18 1 795 5.6�

Toray BK-F2.1 2 950 24.2�

Gambro HCO 1100 9 155 58.5

�Significant less than the Gambro HCO 1100 result for this patient (P <
Significantly higher FLC dialysate concentra-
tions, and greater serum reductions and FLC

clearance rates were achieved using the HCO mem-

brane compared to less open porous dialysis

membranes. Treatments with the HCO membrane

have provided post-dialysis reduction rates of greater

than 50%. Figure 18 shows the serum and dialysate

FLC concentrations during an 8-h hemodialysis ses-

sion using the HCO membrane.
A total of more than 20 g of �-FLCs were

removed in this single dialysis session. Figure 19

shows the daily pre- and post-dialysis serum kappa

FLC concentrations, and the amounts of FLC

removed in the dialysate fluid (per 10-day period)

for a patient who had 42 g l�1 of serum FLC at

clinical presentation.
In this patient, measurement of dialysate FLC

concentrations during a 6-week period indicated

removal of 1.7 kg. This study has demonstrated that

extended dialysis using an HCO membrane could
patient with acute renal failure caused by multiple myeloma,

Mean (range)
dialysate conc.
(mg�1 l)

Mean
dialysate
(mg�1 h)

Mean
clearance
(ml min�1)

6.9
(0.8–20.3)

200 0.29

5.3�

(2.7–9.5)

160� 1.5�

2�

(0.5–3.5)
60� 0.5�

265.6

(88–648)

7,800 22

0.02).
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continuously remove large quantities of FLC. This
elimination leads to early sustained reductions in
serum FLC concentrations provided that FLC pro-
duction rate by the tumor can be switched off by an
effective chemotherapy.

2.13.8.2.3 Recovery from renal failure

following FLC removal with HCO dialysis

Historically, the combination of dialysis dependence
and FLC-induced renal pathology secondary to MM
has been associated with very poor renal outcomes,
with most patients becoming dependent on chronic
dialysis. In a pilot trial with 17 patients with FLC-
induced AKI, it was shown that rapid reduction of
FLC serum concentrations, using an effective che-
motherapy and FLC removal with HCO dialysis,
facilitated recovery of renal function [47]. All
patients who achieved a sustained reduction of
greater than 60% of FLCs recovered renal function
and became independent of hemodialysis. The renal-
recovery rate for these treated patients is shown in
Figure 20, alongside the historical recovery rates at
the same hospital.

Clearly, patients who received FLC removal with
HCO dialysis had better renal-recovery rates. These
results suggest that renal recovery is possible in most
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patients with MM who present with acute renal fail-
ure from cast nephropathy, if a rapid reduction of
FLCs to normal concentration has been achieved
using HCO membranes in combination with an
effective chemotherapy.
2.13.9 High Cutoff Membranes for
the Treatment of Sepsis-Induced ARF

2.13.9.1 AKI Induced by Sepsis

Severe sepsis, a whole-body systemic inflammatory
response syndrome (SIRS), is one of the most fre-
quent causes of death. Mortality rate of SIRS varies
from 30% to 100%, depending on the number of
organs involved.

The body may develop SIRS as an inflammatory
response to microbes or to traumatic events such as
burned skin. Severe sepsis can lead to low blood pres-
sure and insufficient blood flow (septic shock), and
cause AKI or multiple-organ failure (MOF).
Endotoxins (lipopolysacharides (LPS)), derived from
Gram-negative bacteria, are principal mediators,
which stimulate the synthesis of cytokines (TNF-�,
IL-1, and IL-6) and other pro-inflammatory mediators
(thromboxane A2, prostacyclin, platelet-activating
factor, and nitric oxide) by monocytes. Sepsis is usually
treated in the intensive care unit with intravenous-
fluid replacement and antibiotics. If fluid replacement
is insufficient to maintain blood pressure, specific vaso-
pressor drugs are used. Artificial ventilation and
dialysis may be needed to support the function of the
lungs and kidneys, respectively.

Under normal physiological conditions, the
kidneys’ filtration units (glomeruli) are capable of
removal of cytokines. In cases of acute renal failure
(ARF), cytokines and other pro-inflammatory med-
iators are not eliminated.

Much clinical and molecular biological research
suggests that cytokines and other septic-shock med-
iators are pivotal contributors to the pathogenesis of
septic shock and multiple organ failure, including
ARF.

The vast majority of cytokines are water soluble
and of middle molecular weight (5–50 kDa). These
properties make them potentially removable by HF
or HD. However, standard HF or HD membranes,
even when used in a high-volume HF mode, can
remove few cytokines, either by transmembrane
transport or by adsorption. Hence, conventional
RRTs have failed to significantly eliminate cytokines
and sustainably reduce plasma levels. This is attribu-
table to the limited pore size and the limited
adsorption capacity of standard membranes. An
approach to overcome these limitations is the use of
a membrane with moderately increased pore sizes,
facilitating a high permeability for cytokines and, at
the same time, a high retention of larger proteins.
2.13.9.2 Clinical Investigations with HCO in
AKI and Sepsis

The HCO membrane has been investigated in a
series of ex vivo studies. In summary, these studies
show that treatment with HCO is safe and efficient
regarding elimination of substances with molecular
weights up to �50 kDa. These ex vivo studies were
performed to determine and optimize performance
characteristics of cytokine removal and albumin
retention.

In one of the first ex vivo studies, HCO hemodia-
lysis of LPS-stimulated blood from six healthy
volunteers was tested in a closed extracorporeal cir-
cuit. It was the first study to demonstrate that
cytokine dialysis is achievable through a membrane
with a high cutoff point, and is associated with neg-
ligible albumin loss [48].

Another ex vivo study was performed to evaluate
the difference between diffusion versus convection
on the performance characteristics of HCO mem-
branes. HCO-HF, hemodialysis, and albumin
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dialysis of LPS-stimulated blood from 15 healthy
volunteers was tested in a closed extracorporeal
circuit for 4 h. High cutoff hemofilters achieved
high clearances for inflammatory IL-6 and
TNF-�. Using diffusion instead of convection sig-
nificantly reduced the loss of albumin [49].

A prospective, randomized, controlled trial, with
two study arms, was performed to evaluate the
safety of HCO treatment by continuous veno-
venous hemofiltration (CVVH) and post-dilution
for a period of 5 days in 32 patients with MOF
induced by septic shock. In the treatment arm,
patients were treated for 12 h per day with a
HCO-membrane and for 12 h per day with a con-
ventional high-flux membrane. In the control group,
patients were treated for 24 h per day with a con-
ventional high-flux membrane. Treatment by
HCO-HF significantly eliminated cytokines lead-
ing to a sustainable decline in the total amount of
circulating IL-6. The median 12-h albumin loss was
4.8 g. Plasma levels of coagulation factors and albu-
min remained unchanged throughout the treatment
period. The authors concluded that HCO–HF had
no unexpected adverse events and, overall, was well
tolerated [50].

Furthermore, it was investigated whether surro-
gate biomarkers of immune status were influenced
by HCO–HF. It could be demonstrated that col-
lected HCO filtrates of patients could activate the
release of TNF-� (and phagocytosis rates) of per-
ipheral blood monocyte cultures derived from
healthy volunteers [51]. This indicates that
HCO–HF successfully eliminated mediators that
could have contributed to immune–pathophysiolo-
gical cellular activities.

In addition, it was shown that incubation of per-
ipheral blood leucocytes with HCO filtrates restored
the proliferation of T-lymphocytes, indicating that
the HCO–HF treatment may have improved the
immune status of patients with severe sepsis [52].

In another prospective randomized clinical trial,
HCO-membrane effects were investigated using dif-
ferent dialysis modalities. Twenty-four patients with
septic shock complicated by ARF were tailored into
four study arms to compare diffusive (CVVH:
UF¼ 1 l h�1, and UF¼ 2.5 l h�1) versus convective
hemodiafiltration (continued venous to venous hemo-
dialysis (CVVHD)) HCO treatment for 3 days. It was
shown that both HCO–CVVH and CVVHD were
effectively cleared of cytokines (IL-6, IL-1�, IL-1
ra). However, HCO–CVVHD was associated with
less plasma protein loss than CVVH. It was further
demonstrated that antithrombin III (MW¼ 58 kDa)
was not affected by these HCO treatments [53].

In order to evaluate the positive clinical effect, a
prospective, randomized, clinical trial with two study
arms was conducted to compare HCO versus con-
ventional high-flux-CVVH for 48 h. Thirty patients
with sepsis-induced ARF were included in this study.
In this patient population, norepinephrine treatment
was needed to stabilize the circulation of these
patients with severe sepsis. It was found that
HCO–HF was superior in eliminating IL-6 and IL-
1ra, and that HCO–HF exerted a beneficial effect on
the need for norepinephrine. Furthermore, a trend
towards a decline in a sepsis severity score was
observed in the HCO group [54].

In a double-blind, crossover, randomized, con-
trolled, phase 1 trial, 10 patients with septicemia
induced by ARF were treated for 4 h with HCO
intermittent hemodialysis (IHD) versus high-flux
IHD, at a blood flow, QB, of 200 ml min�1, and a
dialysate flow, QD, of 300 ml min�1. In those patients
who also had acute renal failure, HCO–IHD exerted
increased diffusive cytokine clearance and a greater
relative decrease in plasma cytokine concentrations
than standard high-flux IHD. Control of uremia was
achieved equally in both treatment modes. Clinically,
a trend for improved mean arterial pressure and a
decrease in norepinephrine (from 8–2 mg min�1) was
shown for the HCO group [55].

The use of different protein-leaking dialyzers has
been tested by academic working groups to treat septic
AKI. A systematic review by Haase et al. [56] con-
cluded that HCO membranes provided a feasible and
safe method to remove pro- and anti-inflammatory
mediators from patients with sepsis when this was
complicated by AKI.
2.13.10 Membranes for Bioartificial
Kidneys

2.13.10.1 Background and Motivation

Membranes used for extracorporeal treatments of
chronic and acute renal failure in the dialysis
setting have been described above. Here, mem-
branes suitable for integration of cells into an
extracorporeal system such as bioartificial kidneys
are discussed.

Even though conventional dialysis treatments are
mandatory and pivotal for the survival of kidney
failure patients, the mortality rates for AKI patients
on hemodialysis or continuous RRT range from 50%
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to 70%, without substantial improvement over the

past few decades [57–59]. If a hospitalized patient

develops AKI, which occurs in 5–7% of hospitalized

patients, the risk of death is five- to eightfold higher

compared to hospitalized patients without AKI [60,

61]. The cost of ARF is estimated to be �$8 billion

per year, equivalent to �$130 000 per life-year saved

in the US [62]. Damage to kidney-tissue function is a

key element in the pathophysiological sequence of

AKI. At a molecular level, tissue injury to endothelial

and epithelial cells of the tubule system is critical in

the pathophysiology of AKI [63, 64]. Vasoconstriction

and damage of the vasculature accompanied by

endothelial injury are important contributors to

inflammation [63]. Tubule epithelial cells undergo

cell death by necrosis and apoptosis, and have the

capacity to express a large variety of cytokines, which

contribute to the inflammatory response [65, 66].
It is of particular interest that renal tubules have a

high regenerative capacity. Particularly after short

ischemia periods, that is, short periods of kidney

damage, damage to renal function is reversible, and

the kidney can almost completely regenerate [59, 65].

However, exceeding a certain severity threshold (e.g.,

prolonged periods of ischemia), renal failure leads to

diminished solute and water excretion, and finally to

total organ failure [67].
Currently applied and conventional RRTs are lim-

ited to partially substituting the function of the

glomerulus. The glomerulus represents a highly selec-

tive filter for removal of small solutes and fluid volume.

This function can be replaced by membranes in dialy-

zers or filters. However, membranes used in RRTs do

not replace the biological function of the whole kidney

tubule system, that is, the metabolic, endocrine, and

immune functions. Tubule epithelial cells play an

important role in a variety of metabolic activities,

such as glutathione reclamation, activation of vitamin

D, or re-absorption of molecules such as proteins, glu-

cose, or acids from the tubule. The endocrine functions

of the kidney include, among many others, biosynthesis

of proteins (e.g., parathyroid hormone, erythropoietin,

renin, and peroxidase), production of prostaglandins,

and secretion of growth factors and cytokines [68].

Furthermore, the tubule cells may exert immune func-

tions, which include endotoxin depletion or production

of bactericidal defensins. These are antigen-presenting

cells that possess co-stimulatory molecules and synthe-

size inflammatory cytokines upon stimulation [69, 70].

Consequently, a replacement system needs to be able to

mimic not only the glomerulus as a filter for the kidney,
but also the tubule as metabolic, endocrine, and immu-
noregulatory unit of the kidney.
2.13.10.2 The Concept of Bioartificial
Kidneys

The concept of bioartificial kidneys was proposed, in
the late 1980s, to cover semipermeable hollow fiber
membranes with renal epithelial cells as a design for a
bioartificial kidney [71]. The idea was to design an
extracorporeal support that used renal epithelial cells
as an equivalent biohybrid construct. It was hoped
that this would provide an extended and more effi-
cient blood purification process and, at the same
time, act as a substitute for the endocrine, metabolic,
and immune functions of the renal tubule system. In
addition, it was hoped that this construct could
improve the metabolic milieu and enable substitution
of tubule tissue function, or even regeneration of
tubular tissue. All proposed bioartificial kidney con-
cepts rely on a combination of ultrafiltration, using
conventional hemofilters, and a secondary epithelial
cell-based bioreactor to replace tubular reabsorption
and secretion of cell-derived factors. One of many
potential designs of an epithelial cell-based extracor-
poreal treatment system to utilize bioartificial
kidneys in clinical settings is shown in Figure 21.

The patient’s blood is passed through a primary
dialysis and filtration unit, as is used today in RRTs.
The filtrate of the primary unit is then passed through
the inner side of a secondary hollow fiber cartridge,
which contains hollow fibers lined with a confluent
and a tight monolayer of functional epithelial cells on
the intra-capillary side. The blood leaving the primary
unit undergoes additional filtering through the extra-
capillary side of the secondary cartridge.

After exposure to the cell-processed and modified
filtrate via the membrane, the blood is then returned
to the patient. There are many possible alternatives
to this design, such as incorporation of different
epithelial cell types from different parts of the tubule
system (proximal, distal, and collecting duct), posi-
tioning of the cells in the hollow fiber cartridges
(extra-capillary side or intra-capillary side), config-
uration of the hollow fiber device, etc.
2.13.10.3 Membranes Used for Bioartificial
Kidneys

Following the concept of seeding renal tubule cells
onto membranes as part of an extracorporeal system,
porous membranes are the first choice and are used in
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Figure 21 Possible design of a bioartificial kidney system connected to a patient. The patient is connected to an

extracorporeal system. The patient’s blood is passed through a primary dialysis and filtration unit, as used today in renal-

replacement therapies (RRTs). The filtrate of the primary unit is subsequently flowed through the inner side of a secondary

hollow fiber cartridge that contains cells on the intra-capillary side. The patient’s blood leaving the primary unit is pumped
through the extra-capillary side of the secondary cartridge and is returned to the patient (adopted from Humes [70]). The right

panel illustrates cells seeded into a hollow fiber, and shows the blue-stained nuclei of epithelial cells.
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most applications. Most cultured adherent cells are
grown on solid substrates, primarily tissue-culture
plates or flasks. However, epithelial cells, such as
renal tubule epithelial cells, form tight monolayers,
as they are usually supplied with nutrients from the
baso-lateral surface, that is, the side where the
epithelial cell surface is in closest proximity to
blood vessels in vivo [72]. If epithelial cells grow to
form a tight monolayer on a solid substrate, a suffi-
cient supply of nutrients cannot be assured and, as a
consequence, those cells lose their polarity accompa-
nied by dedifferentiation processes [73]. Loss of
polarity and dedifferentiation processes of epithelial
cells can be avoided by growing the cells on a porous
substrate with a nutrient-supplying medium that
supplies both the apical and baso-lateral surfaces
[74].

Porosity is an important property of substrates for
cultivating epithelial cells. Another crucial feature
is to mimic the in vivo-like conditions in a three-
dimensional (3D) context, for instance, gels or hollow
fibers [72]. In addition, the 3-D context gives epithe-
lial cells an increased resistance to apoptosis [75].
Other conditions, such as medium composition, con-
centration of calcium, and mechanical stiffness of the
substrate, influence the growth and functional
properties of epithelial cells.
In developing a bioartificial kidney, hollow fiber
membranes have been shown to be far superior in

various respects compared to flat membrane config-

urations. Hollow fibers exhibit a high surface-to-

volume ratio, resulting in a reduced need for incuba-

tion space, reduced material consumption, which is a

prerequisite for automation of the culture process

when integrated into a closed system (see also

Reference 67).
The requirements for membrane materials and

cell culture systems suitable for epithelial cell

growth, and the maintenance of cells in a differen-

tiated functional state to use in bioartificial kidneys

are, among others, the following:

1. long-term stability of the polymeric substrate to
allow long-term cell culture;

2. maintenance of tubule cell function in long-term
cultures;

3. possibility to integrate the membrane device in a
hollow fiber perfusion system to facilitate adher-

ence and confluent growth of epithelial tubule

cells; and
4. development of small-lumen hollow fibers with a

biocompatible outer surface.

Different membrane materials, including synthetic

materials or materials coated with proteins, have
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been used in various approaches to form an epithe-
lial-based tubule-type bioartificial kidney.
Membrane materials used in dialyzer devices are
designed to exhibit high biocompatibility, which is
achieved by high resistance of the membrane surface
to protein adsorption and cell interaction. Surfaces of
such types can mostly be modified with extra-cellu-
lar matrix proteins, such as fibronectin or derivatives,
collagen, laminin or derivatives, or Matrigel to allow
cell adhesion and cell growth. In the earliest
approaches toward producing a bioartificial kidney,
by the Aebischer and Galetti group, epithelial cell
lines were grown on the outer surface of a polyvinyl-
chloride-acrylic copolymer and polysulfone mem-
brane coated with extra-cellular matrix proteins,
such as a mixture of collagen type I and III or
Matrigel [76, 77]. In later publications, this group
also describes cellulose-nitrate flat membranes
coated with collagen I and III, Matrigel, or mussel-
adhesive protein [78–80].

Fey-Lamprecht et al. [81–83] investigated the
suitability of flat and hollow fiber membranes made
from polysulfone or polysulfone-PVP blends with
PAN for their adhesion, growth, and maintenance
properties regarding confluent monolayers of canine
Madin-Darby kidney epithelial cells (MDCK). Both
membrane types were able to support and maintain
epithelial cells, although polysulfone was reported to
show decreased cell adhesion. Exceptionally, a sur-
face modification of the polysulfone-PVP membrane
with extra-cellular matrix proteins was not applied
(in contrast to most other studies that have applied
polysulfone-based membranes). In addition to these
materials, Fey-Lamprecht et al. used poly(acryloni-
trile-N-vinylpyrrolidone) (P(AN-PVP)), which was
found to be suitable for epithelial cell culture. Fey-
Lamprecht et al. designed fiber-in-fiber bioreactors,
that is, inner fibers with an inner diameter of �400–
500 mm, that could be placed in the intra-capillary
space of outer fibers (diameters of 750 or 820 mm).
Cells were grown in the space between the inner
layer of the outer fiber and the outer layer of the
inner fiber. The authors suggest that this configura-
tion might lead to improved cell growth due to an
improved supply of oxygen and the presence of
mitogenic factors secreted by the cells. However,
undesired overgrowth of MDCK cells, which formed
multilayers, were observed, though this was less pro-
nounced using P(AN-PVP) membranes.

Saito et al. intended to develop a bioartificial kidney
consisting of continuous HF with 10 l day�1 of filtrate
and an epithelial cell-based cartridge in conjunction.
An investigation into the functional and transport
properties of epithelial cells, MDCK and wild-type
and Aquaporin-1 transfected Lewis-lung cancer por-
cine kidney cells (LLC-PK1), was carried out using
polycarbonate flat membranes. The membranes were
coated with Pronectin-F, an engineered tripeptide
RGD-containing protein [84], fibronectin [85, 86], or
laminin [85]. Artificial membranes as hollow fiber
substrates for epithelial cells including polysulfone
membranes, optionally coated with collagen I and IV
or Pronectin-F, as well as membranes made from
polyimide or (EVAL)copolymer were used to grow
mainly MDCK, HK-2, or LLC-PK1 [87–89].

Confluent monolayers of epithelial cells have
been obtained using polyimide and EVAL mem-
branes. However, polysulfone was not suitable for
epithelial cell culture, except for polysulfone mem-
branes that are coated with extra-cellular matrix
proteins. In addition, cellulose acetate membranes
without and with a coating of matrix proteins are
proven candidates for bioartificial kidneys [90].
Saito et al. [90] concluded that there are several
membrane candidates although it has not been con-
firmed, which one is the most appropriate for
application as a membrane for bioartificial kidneys.

Humes et al. developed the so-called renal assist
device (RAD), which represents the most advanced
bioartificial kidney system, and has been evaluated in
a multicenter, randomized, controlled, open-label
phase II clinical trial. The concepts and underlying
technology of the RAD have been presented in mul-
tiple reviews [91–99]. Humes et al. have used
commercial high-flux dialyzers and modified the
inner hollow fiber surface using Pronectin-L, a syn-
thetic protein containing intercellular-attachment
domains of laminin [100, 101], laminin [102, 103],
or collagen type IV [104] to facilitate epithelial cell
culture. In a similar way, Huijuan et al. [105] utilized
polysulfone high-flux dialyzers with a laminin coat-
ing as a bioartificial kidneys.

Tsuruoka et al. [106, 107] established bioartificial
kidneys intended for intoxification therapy. The
hybrid devices consisted of polyethylene hollow
fibers modified with type I collagen.

We have developed an epithelial cell culture sys-
tem using synthetic membranes without the need for
coating with an extracellular matrix protein. MDCK
cells, human HK-2 cells, and primary human epithe-
lial cells could be attached, expanded, and maintained
over several weeks on hollow fiber membranes. As
shown in Figure 22, we could achieve a homogenous
cell distribution that resulted in a confluent monolayer
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Figure 22 Epithelial cell-covered synthetic hollow fibers. Hollow fibers were intra-capillarily seeded with primary human

renal tubule epithelial cells (upper row), human cell line HK-2 (middle row), or MDCK cells (lower row). Scanning-electron
micrographs show cells in hollow fibers forming confluent monolayers with microvilli and cilia. Confocal scanning-laser

micrographs show cells with stained nuclei (blue) and stained tight or adherent junction molecules (red). Red stains represent

ZO-1 for human cells, and E-cadherin for canine cells.
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of all epithelial cell types after cell expansion. The
hollow fibers are completely covered with epithelial
cells and exhibit tight cell–cell junctions, microvilli,
and cilia. Scanning electron micrographs show cells in
hollow fibers forming confluent monolayers with
microvilli and cilia. Confocal scanning-laser micro-
graphs show cells with blue-stained nuclei and red-
stained tight or adherent junction molecules. Human
cells are stained for the tight junction-associated ZO-
1, whereas canine cells are stained for adherent-junc-
tion molecule E-cadherin. The expression of
functional epithelial marker Aquaporin-1 has also
been demonstrated (data not shown).
2.13.11 Achievements and
Perspectives for using Bioartificial
Kidneys

Early works by Aebischer and Galetti, and
Fey-Lamprecht et al. (described above) focused on
the first concepts of bioartificial kidneys and have
shown proof that renal tubule epithelial cells can be
grown and maintained on porous membranes. Those
groups have identified some membrane materials,
such as polyvinyl chloride acrylic copolymer, poly-
sulfone and blends thereof, as well as PAN and
derivatives without and with modification with adhe-
sion proteins. It has been shown that cells can form
tight, confluent monolayers that allow active trans-
port of physiological substances. Saito et al. have
contributed to this area of study with additional
evidence that functional tubule epithelial-cell mono-
layers can be tightly grown on various substrates,
showed metabolic and functional parameters, and
they have also introduced genetically modified
epithelial cells that have a high capacity for water
transport. Huijuan et al. [105] have previously
reported the application of a bioartificial kidney in
a porcine model of multi-organ failure that included
acute renal failure, and showed the beneficial effects
of their cell-based system with regard to blood
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pressure, partial improvement of cytokine profile,
and survival time of the animals.

The most systematic, preclinically and clini-
cally advanced bioartificial kidney system and
therapy has been developed by Humes et al., start-
ing in the late 1990s. Isolation and stable
cultivation of proximal tubule cells were estab-
lished in studies [100, 103]. It was demonstrated
that epithelial cells attach to hollow fibers and can
be maintained in long-term culture on the intra-
capillary membrane surface. These cells also
exhibited typical in vitro transport of, for example,
glucose, bicarbonate, and glutathione, and dis-
played metabolic characteristics. In addition, as a
prerequisite, a perfusion system was established
that performed epithelial-cell culture in hollow
fibers in order to study flow rates, media compo-
sition, etc. In a next step, the model was upscaled
using hollow fiber cartridges (up to 0.4 m2), and
the bioreactors were maintained in steady-state-
perfusion for more than 6 months before use.
They displayed only minor cell loss during a
typical treatment period of 24–72 h [108].

In further steps, Humes et al. have reported
canine and porcine animal studies carried out
using AKI [101, 104] or sepsis [94, 102] models.
In AKI models, RADs with more than 1 billion
kidney cells were applied to 24-h post-bilateral
nephrectomies. Bicarbonate, phosphate, and potas-
sium levels were closer to normal values in the
RAD group compared to a sham control group.
Interestingly, 40–50% of the ultrafiltrate was
reabsorbed in the RAD cartridges. Ammonia
excretion, vitamin D metabolism, as well as glu-
tathione processing were improved in the RAD
versus sham control-treated animals. In the sepsis
models, survival time of animals treated with
RAD was significantly prolonged and cytokine
levels were partially modulated by RAD treat-
ment. RAD-treated animals showed significantly
decreased plasma levels of the pro-inflammatory
cytokines, IL-6 and interferon-gamma. A phase I
clinical study with 10 AKI or MOF patients was
performed using RADs containing� 1 billion
tubule cells [69]. RAD proved to be viable and
safe in this ex vivo clinical setting. Six of 10
treated patients survived past 30 days.
Glutathione degradation and vitamin D conver-
sion were also shown in this study. Significant
declines in granulocyte colony-stimulating factor,
IL-6, IL-10, and IL-6/IL-10 ratio, were
determined for a subset of patients with excessive

pro-inflammatory levels. In a follow-up phase II
multicenter, randomized, controlled, open-label

trial, 40 patients were treated with RAD and 18

patients participated in the control group [67].

The primary endpoint was 28-day mortality,

which was reduced from 61% to 33% when
using the RAD, although the decrease in mortality

was not statistically significant. After 180 days, the

secondary endpoint measure of mortality was sig-

nificantly reduced by 50%. The authors state that

the RAD therapy was well tolerated, and that the
most common adverse events were hypotension,

thrombocytopenia, and hypoglycemia, with hypo-

glycemia associated with insulin residuals from

the cell culture process. A follow-up phase IIb

bridging study with 53 patients was discontinued
after an interim analysis predicted that the study

would not meet its efficacy goals.
In summary, these bioartificial kidney approaches

have provided initial evidence that incorporation of

functional tubule epithelial cells may result in bene-
ficial therapy of AKI or MOF as compared to

conventional RRTs. However, some limitations,

open questions, and unknown factors have come to

light when reviewing the entire body of published

data on this subject.

1.Significant complexity in the production of cell-
based cartridges for extracorporeal treatments has

become evident and been confirmed [67]. There is
a clear need for a commercial scaled-up manufactur-

ing process, which is further discussed in the next

paragraph of this article.
2.When using primary human cells, the availability

of tubule cells may be a limiting factor when scaling
up a bioartificial kidney system to make it accessible to

AKI and MOF patients [87, 108]. Finding alternative

cell sources, such as stem cells or stem cells differen-

tiated into tubule epithelial cell-like cells, may be a

future challenge for research in this field.
3.Logistic arrangements to ship bioartificial kid-

neys containing living cells worldwide may require

more research to ensure a high quality of products at

the site of application.
4.There is a lack of systematic testing of membrane

materials to identify membrane substrates that exhi-

bit the optimum conditions for adhesion, expansion,
and maintenance of tubule epithelial or epithelial-

like cells in a functional state. Most studies have been

performed using conventional dialysis cartridges.
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Hollow fibers were modified with extracellular
matrix proteins in order to allow for cell adhesion
and growth. When scaling up the technology, the
availability of matrix proteins at the required quality
for human use has to be ensured. The development of
synthetic membranes, which make matrix proteins
redundant, has to be a major goal in the field of
membrane development for cell culture purposes
(see also next paragraph of this article).

5.Bioincompatibility, especially the risk of blood
clotting, of the hemofilter, and the cell-containing
cartridge has been reported as a major risk and the
most common cause of early treatment terminations
[67, 87]. Specifically, whole blood perfusion of the
extra-capillary side of the cell-seeded cartridge may
be problematic because, if conventional dialyzers are
used, the outer membrane surface is not designed for
blood contact.

6.There is a lack of systematic permeability testing
of the primary filter to identify the optimum primary
filtrate being processed and modified in the corre-
sponding secondary cell-seeded cartridge and also to
identify the permeability of the secondary filter to
identify the optimum exchange conditions of the
cell-processed filtrate and blood.

As a long-term perspective, contributors to the field
see further developments directed toward wearable
or implantable bioartificial kidneys for both chronic
and acute kidney failure patients. Such developments
require a systematic approach that includes all the
systems’ components, such as miniaturized filters,
materials suitable for implantation, tailored mem-
branes and membrane surfaces, regeneration of
dialysate or filtrate, miniaturized pumps, nano-
electronics, etc. [87, 109]. An interdisciplinary
approach involving engineering, biological, and med-
ical competence will also be a crucial prerequisite for
successful future developments.
2.13.12 Membranes for Stem Cell-
Based Approaches to Treat Kidney
Diseases

2.13.12.1 Background

Regenerative therapies using stem cells represent a
promising and innovative alternative to conventional
symptomatic therapies for the causal treatment of
chronic and acute diseases.

Besides using kidney-derived cells in extracorpor-
eal systems to replace cellular kidney function, there
are several approaches to the use of stem cells [110].
Stem cells are special kinds of immature cells that
have a capacity to renew themselves and to give rise
to specialized cell types [111]. In general, two types
of stem cells are the focus of regenerative medicine:
embryonic (ES) and adult (AS) stem cells [112]. ESs
represent the most immature stem cells, which can be
propagated most extensively and which can differ-
entiate into virtually any body cell type. However,
there are ethical concerns associated with ES, and
clinical development is in a very early stage, with
only one company being cleared to begin a clinical
trial using ESs [113]. In contrast, AS cells are under-
going advanced phases of clinical trials, with a high
probability of their usage in clinical treatments in the
near future.

AS cells reside in virtually any tissue of the body.
Bone marrow-derived AS cells have drawn the atten-
tion of researchers and clinicians. In bone marrow, at
least two types of stem cells are present: hematopoie-
tic stem cells (HSCs) and mesenchymal stromal cells
(MSCs). HSCs are known as precursor cells of blood
cells whereby MSCs can differentiate into many
mesenchymal cell types, such as adipocytes, osteo-
blasts, chondrocytes, myocytes, and stromal cells,
both in vitro and in vivo.
2.13.12.2 Status of Stem Cell Therapies for
Kidney Disease

Since 2001, an increasing number of publications
have reporting the administration of bone marrow-
derived MSCs to treat both chronic and acute kidney
diseases in preclinical settings (reviewed in
References 114–129). MSCs have been administered
parenterally using animal and, most frequently,
rodent models of various kidney diseases. Regarding
chronic renal failure, rat and murine models have
shown proven beneficial effects in the treatment
of chronic diseases after partial nephroctomy
[130–132], in a model of anti-Thy1.1 glomerulonephri-
tis [133], and in models of Alport disease [134, 135].
The effects of MSCs have also been studied in chronic
models in conjunction with acute models [131, 132].
Most evidence has been generated in the successful
application of stem cells, mostly bone marrow-derived
MSCs, for the treatment of AKI. In nephrotoxic
[136–139] and ischemia/reperfusion [140–146] models
of AKI, MSCs are suggested to mostly exert their reno-
protective action through differentiation-independent
mechanisms [146]. In many more preclinical studies,
additional early evidence has reported the efficacy of
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stem cells to treat kidney diseases, including the
usage of kidney-derived stem or progenitor cells
[147–151a,b], although the role of kidney-derived
stem cells in renal repair has been controversially dis-
cussed [152]. The clinically most advanced study
(phase 1) is currently being run by the Salt Lake
City-based company Allocure, with the aim of demon-
strating that application of allogeneic MSCs at defined
doses is safe in patients who are at high risk of devel-
oping significant AKI after undergoing on-pump
cardiac surgery [153].
2.13.12.3 Technologies and Membranes to
Realize Stem Cell Therapies

In summary, stem cells and especially bone marrow-
derived MSCs represent a promising alternative to
conventional treatment modalities for acute and
chronic renal diseases. However, a huge technologi-
cal challenge to enable routine large-scale clinical
application of stem cells is the cell expansion process.
Stem cells are very rare cells in the body. For
instance, MSCs make approximately 0.01–0.001%
of mononucleated cells in human bone marrow
[154]. This means that several thousand MSCs can
be obtained from a few deciliters of bone marrow. As
a therapeutic dose, 1–10 million MSCs per kilogram
body weight of the patient are administered and,
depending on the disease, multiple doses may be
required over the course of treatment [155].
Today’s standard technology for MSC expansion
can be ascribed to the usage of conventional poly-
styrene-based cell culture flasks or cell stacks, which
are multiple flask-type culture devices that can be
stacked to up to 40 layers [156, 157]. The technolo-
gical realization of cellular therapies and tissue
engineering applications requires the entire process
chain, from harvesting stem cells, expansion of cells,
to harvesting of cells, to develop into a system that
allows for automation and provides for up-scaling to
an industrial scale. It is commonly acknowledged that
there is a strong need for bioreactor technologies in
the field of cellular therapies and tissue engineering
in order to facilitate the transition from discovery-
level science to large-scale clinical markets [158].
Because transition to large-scale manufacturing tech-
nologies needs to ensure precision, reliability,
regulatory compliance, and prerequisites for standar-
dization of manufacturing processes of cellular
products, while still providing an economically rea-
sonable structure, the success of this transition is
considered to be strongly connected to the success
of the industry in such breakthrough medical
technologies [159].

Several different kinds of bioreactor systems for
various applications are available as commercial pro-
ducts. Applications include recombinant protein
production, manufacturing of vaccines, liver-assist
devices, or cell expansion processes [160–163].
Some of these bioreactors contain hollow fiber mem-
branes as cell growth substrates. Most bioreactors are
designed to cultivate anchorage-independent cells,
such as cell lines used for protein production. The
above-mentioned MSCs, which currently represent
the most promising cellular candidate for stem cell-
based treatments for renal disease, are cells that grow
in an achorage-dependent way.

In contrast to flask-based devices for cell expan-
sion, which represent planar and solid substrates,
hollow fiber-based bioreactors provide several advan-
tages. Hollow fiber bioreactors have the capacity to be
integrated into a closed system. A closed system is
mandatory for safety reasons in terms of avoiding
microbial contamination. Furthermore, a closed bior-
eactor system is a basic prerequisite to expand cells
independently of clean room facilities. Once the bior-
eactor is part of a closed system, the cell expansion
process can be automated. Automation has benefits
regarding time consumption to avoid, for example,
manually performed media exchange or cell harvest
procedures in flask culture, reduced labor, reduced
handling steps, and, therefore, decreased number of
mistakes and increased reliability and reproducibility.
Furthermore, electronic documentation of all process
steps can be facilitated. The benefits of the high sur-
face-to-volume ratio of hollow fibers compared to flat
and planar cell substrates enable reduced space
requirements and potentially reduce consumption of
cell culture media.

An example of a hollow fiber-based bioreactor
system for expansion of anchorage-dependent
cells, such as MSCs, is currently under develop-
ment at CaridianBCT (Figure 23) [164]. The
system contains two principal flow pathways: the
intra-capillary (IC) loop (red lines) and the extra-
capillary (EC) loop (blue lines). This setup
provides freedom for the user to use variable
media at each side and to exchange media on
the IC and the EC sides at different rates. The
cells that need to expand are attached to the inner
surface of the hollow fibers. The major innova-
tions of this cell expansion system (CES), as
compared to conventional flask or stack cultures,
include reduced space requirement, reduced labor
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due to automation, and decreased contamination

risk due to it being a closed system. The system is

a computer-controlled automated culture system.

Cells are grown inside a hollow fiber bioreactor

that is part of a closed sterile single-use disposa-

ble set. Cells, media, and other support fluids are

contained in sterile docked bags with an attached

waste bag for the collection of spent fluids.

Typical culture process steps, such as cell seeding,

media exchange, and cell harvesting, are all man-

aged by the system using pumps and automated

valves. The CES disposable set also contains a

small oxygenator for gas management.
Membranes used in bioreactors for the cultiva-

tion of anchorage-dependent cells, such as MSCs

in the CES, consist of synthetic material or syn-

thetic materials coated with matrix proteins, as

described above. The advantage of eliminating the

need for matrix proteins as attachment-mediating

foci, that is, the usage of pure synthetic membrane

materials, simplifies the system. Using pure syn-

thetic membranes results in less operating steps

prior to loading the cell or tissue material, and

the application of chemically defined materials

lacks the batch-to-batch variations that frequently

occur with biologic materials. As a large-scale

application, the availability of matrix proteins at

the required quality for human use may represent
an issue. We have developed synthetic membranes

suitable for adhesion and expansion of cryopre-

served MSCs or MSCs from unprocessed bone

marrow. Several hundred million MSCs could be

expanded within 4 weeks starting with 10–50 ml of

bone marrow (data not shown). Characterization of

cells harvested from synthetic membrane bioreac-

tors in the CES show that cells fulfill the criteria

defined for MSCs [165]. Harvested MSCs were

plastic adherent when maintained in standard cul-

ture conditions, expressed CD105, CD73, and

CD90, and lacked expression of hematopoietic

markers, such as CD45, CD34, or HLA-DR (data

not shown). In addition, MSCs have differentiated

into osteoblasts, adipocytes, and chondroblasts in

vitro (data not shown). Figure 24 shows MSCs

expanded in a bioreactor in the CES. The scanning

electron microscope image shows MSCs growing

as a monolayer on the inner surface of the mem-

brane, and exhibiting the spindle-shaped

morphology typical for MSCs.
The CES represents a valuable tool for future

applications in the field of cell therapy and aims to

provide a technological tool to make cell therapies

become a reality for a large number of patients. The

therapy market is an emerging market: it is under-

going transition from clinical trial phase, to

implementation into clinical routine.
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Nomenclature
a constant –; activity (mol m�3); ion radius (m)

A area (m2)

b constant (–)

C concentration (mol m�3)
�C average concentration (mol m�3)

D diffusion coefficient (m2 s�1)

e elementary charge (As)

E energy (A V s)

f friction coefficient (kg s�1)

F Faraday constant (A s eq�1)

Fa acceleration force (kg m s�2)

Ff friction force (kg m s�2)

G Gibbs free energy (J)

i current density (A m�2)

ilim limiting current density (A m�2)
�i average current density (A m�2)

I current (A)

J flux (mol m�2 s�1)

k coefficient (various)

l length (m)

L coefficient (mol2 N�1 m�2 s�1)

N number (–)

p pressure (Pa)

Q volume flow rate (m3 s�1)

r area resistance (� m2)

R electrical resistance (�)
�R average electrical resistance (�)

R gas constant (J mol�1 K�1)

s drift speed (ms�1)

S conductivity (��1)

T temperature (K)

t time (s); transport number (–)

u ion mobility (m2 s�1 V�1)

U electrical potential (V)

V volume (m3)
�V partial molar volume (m3 mol�1)

x directional coordinate (m)

z charge number (eq mol�1)

� activity coefficient (–)

� cell thickness (m); recovery rate (–);

difference (–)

r gradient (–)

� specific conductivity (��1 m�1)

�eq equivalent conductivity (m2 ��1 eq�1)

�þ/– ion conductivity (m2 ��1 ion�1)

� chemical potential (J mol�1)

�̃ electrochemical potential (A V s mol�1)

� stoichiometric coefficient (–)

� osmotic pressure (Pa)
� membrane permselectivity (–)

� viscosity (kg m�1 s�1)

j electrical potential (V)

	 specific resistance (� m)

�mol molar conductivity (m2 ��1 mol�1)


 current utilization (–)
Subscripts
a anion

c cation

cell cell or cell pair

co coion

cou counterion

des desalination

Don Donnan

e electric charge

eff efficiency

eq equivalent

fix fixed ion

i component

lim limited value

mol mole

p pumping

pro product

ref reference

s salt

spec specific

st stack

tot total

unit cell element

w water
Superscripts
am anion-exchange membrane

b bulk solution

bm bipolar membrane

c concentrate

cm cation-exchange membrane

e electrode rinse

d diluate

diff diffusion

f feed

fc feed concentrate

fd feed diluate

in inlet

m membrane

max maximum value

mig migration

out outlet

pro product

s solution
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2.14.1 Introduction

During the middle of the last century, electrodialysis
was first applied on an industrial scale for the desali-
nation of brackish water. Since then a number of new
applications of electrodialysis and related processes
based on ion-exchange membranes have been devel-
oped and are utilized today on a large technical scale,
such as the chlorine–alkaline synthesis, the production
of ultrapure water by the continuous electrodeioniza-
tion, and the production of acids and bases by
electrodialysis with bipolar membranes. With the
development of processes, such as diffusion dialysis
and Donnan dialysis or capacitive deionization on a
laboratory scale, a number of new applications in
the chemical and pharmaceutical industry and in the
treatment and recycling of industrial effluents have
more recently been identified and have extended the
range of application of electromembrane processes
beyond their traditional use in brackish-water desali-
nation. The term electromembrane process is used to
describe an entire family of processes that can be quite
different in their basic concept and their application.
However, they are all based on the coupling of a mass
transport with an electrical current through an ion-
permselective membrane. Electromembrane processes
are used today mainly in three areas: (1) the
deionization of salt solutions, (2) the electrochemical
synthesis of inorganic and organic compounds, and (3)
the conversion of chemical energy into electrical
energy [1–3].
2.14.2 Ion-Exchange Membranes,
Their Function, and Preparation

The key components in electromembrane processes
are the ion-exchange membranes. They can be char-
acterized in terms of their properties into cation-
exchange and anion-exchange membranes or in
terms of their structure in heterogeneous and homo-
geneous membranes. Ion-exchange membranes should
have high permselectivity, low electrical resistance,
and good mechanical and chemical stability.
2.14.2.1 Ion-Exchange Membranes, Their
Properties, and Preparation

There are three different types of ion-exchange
membranes: (1) cation-exchange membranes, which
contain negatively charged groups fixed to the
polymer matrix; (2) anion-exchange membranes,
which contain positively charged groups fixed to the
polymer matrix; and (3) bipolar membranes, which are
composed of an anion- and a cation-exchange layer
laminated together.

In a cation-exchange membrane, the fixed
negative charges are in electrical equilibrium with
mobile cations in the interstices of the structure. The
mobile cations are referred to as counterions and
the mobile anions, which carry the same electrical
charge as the membrane, are referred to as coions.
Due to the exclusion of the coions, a cation-exchange
membrane is more or less impermeable to anions. An
anion-exchange membrane is preferentially perme-
able to anions and more or less impermeable to
cations. To which extent the coions are excluded
from an ion-exchange membrane depends on the
membrane as well as on the solution properties.
Bipolar membranes enhance the dissociation of water
molecules into Hþ and OH� ions and are used in
combination with monopolar membranes to convert
salts into the corresponding acids and bases [4, 5].
2.14.2.2 Properties of Ion-Exchange
Membranes

The most desired properties of ion-exchange mem-
branes are:

• high permselectivity;

• low electrical resistance; and

• good mechanical, chemical, and thermal stability.

Many of today’s commercially available membranes
meet most of these requirements. Especially, cation-
exchange membranes based on fluorocarbon poly-
mers have quite satisfactory properties [6, 7].

The properties of ion-exchange membranes are
determined by two parameters, that is, the basic
material they are made from and the type and con-
centration of the fixed ionic moiety. The basic
material determines to a large extent the mechanical,
chemical, and thermal stability of a membrane
[8–10]. The type and the concentration of the fixed
ionic charges determine its permselectivity and elec-
trical resistance, but they also have a significant effect
on the mechanical properties of the membrane. The
degree of swelling, especially, is affected by the type
of the fixed charges and their concentration.

The following moieties are used as fixed charges
in cation-exchange membranes:

– SO –
3 ; –COO – ; –PO2 –

3 ; –PHO –
2 ; –AsO2 –

3 ; – SeO –
3
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Figure 2 Schematic drawing illustrating the structure of a

heterogeneous cation-exchange membrane and the

pathway of an ion in the membrane.
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In anion-exchange membranes, fixed charges may be

– N
þ

H2R; – N
þ

HR2; – N
þ

R3; – P
þ

R3; – S
þ

R2

The sulfonic acid group is completely dissociated
over nearly the entire pH range, while the carboxylic
acid group is hardly dissociated in the pH range <3.
The quaternary ammonium group again is comple-
tely dissociated over the entire pH range, while the
secondary ammonium group is only weakly disso-
ciated. Accordingly, ion-exchange membranes are
referred to as being weakly or strongly acidic or
basic in character.
2.14.2.3 Preparation of Ion-Exchange
Membranes

The preparation of ion-exchange membranes is
described in numerous publications and patents
[11–14]. Ion-exchange membranes can be divided
according to their structure and the way they are
prepared into homogeneous and heterogeneous
membranes. In homogeneous ion-exchange mem-
branes, the fixed charged groups are evenly
distributed over the entire membrane polymer
matrix. Heterogeneous ion-exchange membranes
have distinct macroscopic domains of ion-exchange
resins in the matrix of a polymer.

The structure of a homogeneous membrane is
illustrated in Figure 1 which shows schematically a
cation-exchange membrane with negative charges
fixed to the polymer matrix that are neutralized by
mobile cations and a few anions in the interstices of
the polymer backbone. The ion-exchange capacities
of homogeneous ion-exchange membranes are in the
Counterions

Polymer matrix

Fixed ions Coions

Figure 1 Schematic drawing illustrating the structure of a

homogeneous cation-exchange membrane.
range of 2–3 equivalent per kilogram dry membrane.
Their water sorption in an electrolyte solution is
between 10 and 30 wt.% depending on the ion-
exchange capacity, the membrane polymer matrix,
and the electrolyte concentration.

The structure of a heterogeneous membrane is
illustrated in Figure 2 which shows a cation-exchange
membrane composed of fine cation-exchange
particles embedded in an inert binder polymer, such
as polyethylene or polyvinylchloride. Heterogeneous
ion-exchange membranes are characterized by the
discontinuous phase of the ion-exchange material.
The efficient transport of ions through a heteroge-
neous membrane requires either a contact between
the ion-exchange particles or an ion-conducting solu-
tion between the particles. Therefore, heterogeneous
membranes have generally a higher electric resistance
and a lower permselectivity as homogeneous mem-
branes. The ion-exchange capacities of heterogeneous
membranes are in the range of 1–2 equivalent per
kilogram dry membrane and thus significantly lower
than that of homogeneous membranes which is
between 2 and 3 equivalent per kilogram dry resin.
The water sorption is generally higher than that of
homogeneous membranes.
2.14.2.3.1 Preparation of heterogeneous

ion-exchange membranes

Heterogeneous ion-exchange membranes can be
easily prepared by mixing an ion-exchange powder
with a dry binder polymer, followed by extrusion of
sheets under the appropriate conditions of pressure
and temperature, or by dispersion of ion-exchange
particles in a solution of a film-forming binder poly-
mer, followed by casting a film and then evaporating
the solvent.

Heterogeneous ion-exchange membranes with use-
ful properties contain 64–68 wt.% of the ion-exchange
particles. Membranes that contain significantly less
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than 64 wt.% ion-exchange particles have high
electric resistance and membranes with significantly
more resin particles than 68 wt.% have poor mechan-
ical strength. Furthermore, heterogeneous membranes
often develop water-filled channels in the polymer
matrix during the swelling process, which affects
both the mechanical properties as well as the
permselectivity.

2.14.2.3.2 Preparation of homogeneous
ion-exchange membranes

Homogeneous ion-exchange membranes can be pre-
pared by polymerization of monomers that contain a
moiety that either is or can be made anionic or
cationic, or by polymerization of a monomer that
contains an anionic or a cationic moiety, or by intro-
ducing anionic or cationic moieties into a dissolved
polymer by a chemical reaction, or by grafting func-
tional groups into a preformed polymer film.

A widely applied method for preparing a cation-
exchange membrane is based on the polymerization
of styrene and divinylbenzene and its subsequent
sulfonation according to Scheme 1.

In a first step, styrene is partially polymerized and
crosslinked with divinylbenzene; and, then in a sec-
ond step, sulfonated with concentrated sulfuric acid.
H2C    CH
H2C    CH

H2C    CH

Polym

Sulf
+

Scheme 1

CH

CH3CH2OCH2Cl

Scheme 2
A homogeneous anion-exchange membrane,
which is used on a large commercial scale, is obtained
by introducing a quaternary amine group into poly-
styrene by a chloromethylation procedure followed
by an amination with a tertiary amine according to
Scheme 2.

The membranes are cast on a support screen to
increase their mechanical strength and form stability.

The membrane structures and their preparation
described above are just two examples. There are
many variations of the basic preparation procedure
resulting in slightly different products. Instead of
styrene, often, substituted styrene, such as methyl-
styrene or phenylacetate, is used. Instead of
divinylbenzene, monomers, such as divinylacetylene
or butadiene, are used.

More recently, cation-exchange membranes with
good mechanical and chemical stability and well-
controlled ion-exchange capacity are prepared by
sulfonation of dissolved polysulfone [13]. The sulfo-
nation is carried out with chlorosulfonic acid
according to Scheme 3.

To obtain membranes with different ion-exchange
capacity, the sulfonated polysulfone can be mixed
with unsulfonated polymer in a solvent, such as
N-methylpyrrolidone. By changing the ratio of the
erization

onation
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sulfonated to unsulfonated polymer, the fixed charge

density can easily be adjusted to a desired value.
Anion-exchange membranes based on polysulfone

can be prepared by halomethylation of the backbone

polymer and subsequent reaction with a tertiary

amine according to Scheme 4.
Ion-exchange membranes based on polysulfone

have excellent chemical and thermal stability.
For the preparation of cation-exchange membranes

also polyetheretherketone is used as the basic polymer

[14]. It can very easily be sulfonated with concentrated

sulfuric acid according to Scheme 5.
CI

CH3

CH3

CH2Cl
(C

CH2N(CH3)

C

CH3

CH3

C

CH3

CH3

C

O

O

O

Scheme 4
The sulfonation occurs on one polyetherether block
only and is thus very easy to control. To obtain mem-
branes with different ion-exchange capacity, the
sulfonated polyetheretherketone can be mixed with
polyethersulfone in a solvent, such as N-methylpyrro-
lidone. By changing the ratio of the sulfonated
polyetheretherketone to polyethersulfone, the fixed
charge density can easily be adjusted to a desired value.

2.14.2.3.3 Special-property membranes
In addition to the monopolar membrane described
above, a large number of special-property membranes
CH2OCH3

H3)N3
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are used in various applications. One of the commer-
cially most important special-property cation-
exchange membranes is based on a fluorocarbon poly-
mer. This membrane has extreme chemical and
thermal stability and is a key component in the chlor-
ine/alkaline electrolysis as well as in most of today’s
fuel cells. It can be prepared by copolymerization of
tetrafluoroethylene with perfluorovinylether having a
carboxylic or sulfonic acid group at the end of a side
chain as indicated in 1.

CF2

(CF2)n

CF l

(OCF2       CF)m O X

1

CF3

(CF2       CF2)k

k = 5–8, l = 600–1200, m = 1–2, n = 1–4, X = SO3, COO––

The synthesis of perfluorocarbon membranes is
rather complex and requires a multistep process.
There are several variations of a general basic struc-
ture commercially available today [15]. In addition to
the various perfluorinated cation-exchange mem-
branes, an anion-exchange membrane also has been
developed which so far has not reached the same
commercial relevance as the cation-exchange
membrane.

Other special-property membranes are the so-
called low-fouling anion-exchange membranes used
in certain wastewater treatment applications or com-
posite membranes with a thin layer of weakly
dissociated carboxylic acid groups on the surface,
and the bipolar membranes which resemble a lami-
nate of an anion- and a cation-exchange layer used in
the production of protons and hydroxide ions to
convert a salt in the corresponding acids and bases
by electrodialysis. The preparation techniques are
described in detail in numerous publications [16–18].
2.14.3 Transport of Ions in
Membranes and Solutions

The transport rate of a component in a membrane
and an electrolyte solution is determined by its con-
centration, its mobility in a given environment, and
by the driving force or forces acting on the compo-
nent. The mobility of a component is determined by
its interaction with other components in its sur-
rounding. The driving forces for the transport ions
are gradients in the electrochemical potential. For
applying an electrical potential in an electrolyte
solution, two electron conductors, generally two
electrodes, must be in contact with an electrolyte.
At the electrode/electrolyte interface, the electron
conductance is converted into an ionic conductance
by an electrochemical reaction. In electrolyte solu-
tions, the electrostatic forces must always be
balanced, that is, the number of positive and negative
electrical charges must always be equal in a macro-
scopic electrolyte volume.
2.14.3.1 Electric Current in Electrolyte
Solutions and Ohm’s Law

When an electrical potential difference is established
between two electrodes in contact with an electrolyte
solution, the anions will migrate toward the anode
where they are oxidized by releasing electrons to
the electrode in an electrochemical reaction.
Similarly, cations will migrate toward the cathode
where they are reduced by receiving electrons from
the electrode. Thus, the transport of ions in an elec-
trolyte solution between electrodes results in a
transport of electrical charges, that is, an electrical
current. In an electrolyte solution without concentra-
tion gradients, the relation between the electrical
current and electrical potential driving force can be
described by the same equation as the transport of
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electrons in a metallic conductor, that is, by Ohm’s
law which is given by

U ¼ RI ð1Þ

Here, U is the electrical potential between two points
in an electron-conducting material, such as a metal or
an ion-conductive system such as an electrolyte solu-
tion, I is the electrical current, and R the electrical
resistance.

The resistance R is a function of the specific
resistance of the material which is referred to as
resistivity, the distance between the two points in
the conducting material, and the cross-sectional
area of the material through which the electric cur-
rent passes. It is given by

R ¼ 	 l

A
ð2Þ

Here, R is the resistance, 	 is the resistivity which is
often also referred to as specific resistance, l is the
length, and A the cross-sectional area of the conduct-
ing material.

The reversal of the resistance or of the resistivity,
respectively, is the conductance and the conductiv-
ity; thus

S ¼ 1

R
and � ¼ 1

	
ð3Þ

where S is the conductance and � the conductivity.
2.14.3.1.1 Ion conductivity, drift speed,

and mobility

The conductivity of electrons in metal conductors,
however, is generally three to five orders of magni-
tude higher than that of ions in electrolyte solutions.
Furthermore, the conductivity of metals is decreas-
ing with increasing temperature, while the
conductivity of electrolyte solutions is increasing
with temperature. The most important difference
between electron and ion conductivity, however, is
the fact that ion conductivity is always coupled with
a transport of mass. The conductivity of an electro-
lyte solution is given by

� ¼ �molCs ð4Þ

where �mol is the molar conductivity and Cs is the
molar concentration of an electrolyte in solution.

The molar conductivity is the sum of the contri-
butions of its individual ions. This is referred to as the
law of independent migration of ions. Thus

�mol ¼ �þ�þ þ � –� –ð Þ ð5Þ
Here, � is the ion conductivity and � is a stoichio-
metric coefficient referring to the number of ions in a
mole electrolyte; the subscripts þ and – refer to
cation and anion, respectively.

The ion conductivity is a function of the ion
mobility, which is given by

� ¼ zj juF ð6Þ

Here, u is the ion mobility, z is the charge number of
an ion, and F is the Faraday constant. The ion mobi-
lity is related to the so-called drift speed of an ion in
solution.

Combination of Equations (4)–(6) leads to

� ¼ Cs�mol ¼ Cs

X
i

�i�i ¼ Cs

X
i

zi

�� ���i�eq

¼ FCs

X
i

zi

�� ���i ui ¼ FCeq

X
i

ui ð7Þ

Here, � and �eq are the ion and the equivalent con-
ductivity, respectively; Cs and Ceq are the molar and
the equivalent concentration, respectively, of the
electrolyte in the solution; zij j is the charge number
of ions in absolute value; �i is the stoichiometric
coefficient referring to the number of ions in an
electrolyte; and u is the ion mobility. Furthermore,

Ceq ¼
X

i

zi

�� ���iCs ð8Þ

and

�mol ¼
X

i

zi

�� ���i�eq ð9Þ

Thus, the stoichiometric coefficient gives the
number of ions in a mole electrolyte and the charge
number gives the number of charges related to an ion.

For example, for NaCl, the stoichiometric coeffi-
cients for cations and anions, that is, �c and �a are

identical and equal to 1, and also the charge numbers

of anions and cations are the same, that is, zc and za

are 1. However, for MgCl2, �c is 1 and �a is 2, and zc

is 2 and za is 1.
The drift speed of an ion is reached when the

acceleration force acting on an ion is balanced by

friction forces and the ion moves with constant velo-

city. The acceleration force is given by an electrical

potential difference and the friction force is caused

by viscous drag.
The acceleration force is given by

Fa ¼ Ff ¼
zj jedj

dx
¼ fs ð10Þ

The drift speed is given by
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s ¼ zj je
f

dj
dx
¼ zj je

6��a

dj
dx
¼ u

dj
dx

ð11Þ

Here, Fa and Ff are the acceleration and the friction
force, respectively, f is the friction factor, s the drift
speed, e the electrical charge, z is the charge number
of an ion, j is the electrical potential, x a directional
coordinate, u is the ion mobility, a is the ion radius,
and � the dynamic viscosity of the solution.

The friction factor is given by Stokes–Einstein
relation:

f ¼ 6��a ð12Þ

and the ion mobility is related to the friction coeffi-
cient by

u ¼ zj je
f
¼ zj je

6��a
ð13Þ
2.14.3.2 Mass Transport in Ion-Exchange
Membranes and Electrolyte Solutions

To describe the mass transport in an electrolyte
solution or in an ion-exchange membrane, three
independent fluxes must be considered, that is, the
fluxes of the cations, the flux of anions, and the flux of
the solvent [19]. The transport of ions can be accom-
plished by diffusion and migration on a molecular
level or by convection, that is, viscous flow, on a
macroscopic level. The transport of ions is the result
of an electrochemical potential gradient, and the
transport of the solvent through the membrane is a
result of chemical potential differences of the solvent,
that is, by osmosis or coupled with an electric cur-
rent, that is, electroosmosis.

2.14.3.2.1 Fluxes and driving force in ion

transport

The driving force for the flux of a component i in
electromembrane processes on a molecular level with-
out convective flux is a gradient in its electrochemical
potential which is given at constant temperature by

r�i ¼ r�i þrj ¼ �Virp þ RTr ln ai þ ziFrj ð14Þ

Considering the one-dimensional case in the
direction of the x coordinate, Equation (14) can be
expressed by

d�~i

dx
¼ d�i

dx
þ dj

dx
¼ �Vi

dp

dx
þ RT

d ln ai

dx
þ ziF

dj
dx

ð15Þ

Here, �~i , �i , ai , and �V i are the electrochemical
potential, the chemical potential, the activity, and
the partial molar volume, respectively, of a
component i; p and j are the hydrostatic pressure
and the electrical potential, x is the directional coor-
dinate, F is the Faraday constant, R the gas constant,
and T the temperature.

The mass transport of a component i at constant
temperature can be described as a function of the
driving force by a phenomenological equation [20],
that is,

Ji ¼ Li

d�~i

dx
¼ Li

�Vi

dp

dx
þ RT

d ln ai

dx
þ zi F

dj
dx

� �
ð16Þ

Here, Ji and Li are the flux and a phenomenological
coefficient relating the driving force to the corre-
sponding flux, and the subscript i refers to a
components in the system.

The activity of a component ai is given by the
concentration Ci multiplied by the activity coeffi-
cient �i, that is,

ai ¼ Ci�i ð17Þ

Here, ai is the activity and �i, is the activity coeffi-
cient of a component i.

Furthermore,

d ln ai

dx
¼ d ln Ci þ d ln �i

dx
¼ d ln Ci

dx
1þ d ln �i

d ln Ci

� �

¼ 1

Ci

1þ d ln �i

d ln Ci

� �
dCi

dx
ð18Þ

The flux of a component can also be expressed by

Ji ¼ Ci si – srefð Þ ð19Þ

Here, si the velocity with which a component moves
in a system and sref is the reference velocity of the
system, that is, the frame of reference for the moving
component.

In electromembrane processes, generally the sol-
vent or the membrane is used as frame of reference
and thus sref is 0.

The velocity si is identical to the drift speed as
expressed in Equation (11), which relates the drift
speed with friction coefficient, the ion mobility, the
phenomenological, and the diffusion coefficient.

Introducing the drift speed, the ion mobility, and
the diffusion coefficient into Equation (16) leads to

Ji ¼ Ci si ¼ Ci

d�~i

fi dx
¼ ui Ci

d�~i

dx
¼ Li

d�~i

dx
¼ DiCi

d�~i

dx
ð20Þ

Here, fi, Li, ui, and Di are the friction coefficient, the
phenomenological coefficient, the ion mobility, and
the diffusion coefficient, respectively; Ci is the con-
centration; and �~i is the electrochemical potential of
the component i.
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Assuming the solution is infinitely diluted and can
be considered ideal, and the activity coefficient is 1,

then the term d lnyi=d lnCi becomes 0.
If

d ln yi

d ln Ci

¼ 0

then

d ln ai

dx
¼ d ln Ci

dx
¼ 1

Ci

dCi

dx
ð21Þ

For an ideal solution and constant pressure and
temperature, the flux of a component i can be

expressed by

Ji ¼ –Di

dCi

dx
þ ziF Ci

RT

dj
dx

� �
ð22Þ

Here, Di is the diffusion coefficient, ji is the elec-
trical potential, Ci the concentration, and zi the
charge number of a component i.

Equation (22) is identical to the Nernst–Planck
flux equation [21].

The term DiðdCi=dxÞ represents the diffusion in
Equation (22) and the term

Di

zi Ci F

RT

dj
dx

the migration of a component. Thus, the Nernst–
Planck equation is an approximation of the more
general phenomenological equation assuming the
activity coefficient to be unity and neglecting all
kinetic coupling between different fluxes.

For an ideal solution, the relation between the
Fickian diffusion coefficient, the phenomenological

coefficient, the ion mobility, and the friction coeffi-

cient is given by

Di ¼
Li RT

Ci

¼ ui

RT

zij jF
¼ Ci

RT

fi

ð23Þ
2.14.3.2.2 Electrical current and ion flux

The flux of electrical charges, that is, the electrical

current in an electrolyte is proportional to the flux of

ions and given by

I ¼ U

R
¼ iA ¼ F

X
i

zi Ji A ð24Þ

Here, I is the current, U is the applied voltage, R is
the resistance, i is the current density, A is the cross-
sectional area of the conducting media, F is the
Faraday constant, J is the flux, and subscript i refers
to ions.
Introducing Equation (22) into (24) and rearran-
ging leads to

i ¼ F
X

i

ziJi ¼ F 2
X

i

z2
i

Ci Di

RT

RT

zi Ci F

dCi

dx
þ dj

dx

� �
ð25Þ

Here, i is the current density, C is the concentration,
F is the Faraday constant, j is the electrical potential,
z is the valence, D is the ion diffusivity, R is the gas
constant, T is the absolute temperature, and the sub-
script i refers to anions and cations.

The term
RT

ziCiF

dCi

dx
has the dimension of an

electrical potential gradient and represents the con-
centration potential which is established between two
electrolyte solutions of different concentrations.
2.14.3.2.3 The transport number and the

membrane permselectivity

In an electrolyte solution, the current is carried by
both ions. However, cations and anions usually carry
different portions of the overall current. In ion-
exchange membranes, the current is carried prefer-
entially by the counterions.

The fraction of the current that is carried by a
certain ion is expressed by the ion transport number
which is given by

ti ¼
zi JiP
i zi Ji

ð26Þ

Here, ti is the transport number of the component i, Ji

is its flux, and zi its valence.
The transport number ti indicates the fraction

of the total current that is carried by the ion i,
the sum of the transport number of all ions in a
solution is 1.

The membrane permselectivity is an important
parameter for determining the performance of a
membrane in a certain ion-exchange membrane pro-
cess. It describes the degree to which a membrane
passes an ion of one charge and retains an ion of the
opposite charge. The permselectivity of cation- and
anion-exchange membranes can be defined by the
following relations [4]:

�cm ¼ t cm
c – tc

ta
and �am ¼ t am

a – ta

tc
ð27Þ

Here, � is the permselectivity of a membrane, t is the
transport number, the superscripts cm and am refer
to cation- and anion-exchange membranes, and the
subscripts c and a refer to cation and anion,
respectively.
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An ideal permselective cation-exchange mem-
brane would transmit positively charged ions only,
that is, for a transport number of a counterion in a
cation-exchange membrane is t cm

c ¼ 1 and the
permselectivity of the membrane is �¼ 1. The

permselectivity approaches zero when the transport
number within the membrane is identical to that in
the electrolyte solution, that is, for t cm

c ¼ tc is
� cm ¼ 0. For, the anion-exchange membrane holds

the corresponding relation.
The transport number of a certain ion in the

membrane is proportional to its concentration in
the membrane which again is a function of its con-

centration in the solutions in equilibrium with the
membrane phase, due to the Donnan exclusion.
Thus, the selectivity of ion-exchange membranes
results from the exclusion of coions from the mem-

brane phase.
2.14.3.2.4 The Donnan equilibrium and

Donnan exclusion

The concentration of a coion in an ion-exchange
membrane can be calculated from the Donnan equi-
librium, which is established between phases, such as

an ion-exchange membrane and a solution that are in
electrochemical equilibrium. It can be calculated

from Equation (15) under the condition that
d�~i

dx
¼ 0.

d�~i

dx
¼ 0 ¼ �Vi

dp

dx
þ RT

d ln ai

dx
þ zi F

dj
dx

ð28Þ

Integrating and rearranging leads to

jDon ¼ jm –js ¼ 1

zi F
RT ln

as
i

am
i

þ �Vi ps – pmð Þ
� �

ð29Þ

Here, j is the electrical potential, p is the pressure, a

is the activity, z is the charge number, �V is the partial
molar volume, the subscript i refers to ions, the sub-
script Don refers to the Donnan potential, and the
superscripts s and m refer to the solution and the
membrane, respectively.

Introducing the osmotic pressure difference ��
for the pressure difference ps – pm between the mem-
brane and the solution into Equation (29) leads to

jDon ¼ jm –js ¼ 1

zi F
RT ln

as
i

am
i

þ �Vi��

� �
ð30Þ

The numerical values of the Donnan potentials cal-
culated from the cations and anions are identical;
thus
jDon ¼
1

zaF
RT ln

as
c

am
c

þ �Vc��

� �

¼ 1

zaF
RT ln

as
a

am
a

þ �Va��

� �
ð31Þ

and

1

zaF
RT ln

as
a

am
a

þ �Va��

� �
¼ 1

zcF
RT ln

as
c

am
c

þ �Vc��

� �

ð32Þ

Furthermore

za�a ¼ – zc �c and �Vs ¼ �a
�Va þ �c

�Vc ð33Þ

Here, � and z are the stoichiometric coefficient and
the charge number, respectively, �V is the partial
molar volume, and the subscripts a, c, and s refer to
anion, cation, and salt.

Introducing Equation (33) into Equation (32) and
rearranging leads to

as
a

am
a

� � 1
za as

c

am
c

� �1
zc

¼ e
– �� �Vs

RT�czc ð34Þ

Equation (34) describes the Donnan equilibrium
between the solution and the membrane.

Depending on the fixed ions of the membrane, the

anion or cation can be the coion, that is, in a cation-

exchange membrane the anion is the coion and in the

anion-exchange membrane the cation is the coion.
Introducing the ion concentration and the activity

coefficient for the ion activities in Equation (34) and

rearranging leads to

Cs
co

Cm
co

� �1
zco Cm

cou

Cs
cou

� �1
zcou

¼ �m
co

�s
co

� �1
zco �s

cou

�m
cou

� � 1
zcou

e
– �� �Vs

RT�czc ð35Þ

Here, C and � are the concentration and the activity
coefficient, the subscripts co and cou refer to coion,
and counterion, respectively, the superscripts s and m
refer to solution and membrane, respectively, the
subscripts c and s refer to cation and salt. All other
symbols are the same as in the previous equations.

The calculation of the coion concentration in the
membrane for a multicomponent electrolyte under

practical conditions is rather complicated. However,

for a monovalent electrolyte the coion concentration

in an ion-exchange membrane can be estimated

when certain assumptions are made:

• exponential function e – �� �Vs
RT�czc ffi 1;

• the ratio of the activity coefficient in the solution
and the membrane is 1; that is,
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�m
co

�s
co

� �1
zco �s

cou

�m
cou

� �1
zcou

ffi 1; and

• the counterion concentration is close to the fixed
ion concentration, that is,

Cm
cou¼Cfix þ Cco ffi Cfix

In many practical applications of electrodialysis,
these assumptions are valid to a first approximation
and the coion concentration in the membrane for a
monovalent salt is given by

Cm
co ¼

Cs2
s

Cfix
ð36Þ

Here, C is the concentration, the subscripts co, s, and
fix refer to coion, salt, and fixed ion of the membrane,
the superscripts s and m refer to solution and mem-
brane, respectively.

Equation (36) indicates that the coion concentra-
tion in the membrane and,thus, the permselectivity of
the membrane is decreasing with increasing salt con-
centration in the solution.
2.14.3.2.5 Membrane counterion

permselectivity

The transport number of counterions in an ion-
exchange membrane is always quite high compared
to that of the coions. However, the permselectivity of
a membrane for counterions can also be quite differ-
ent. The transport rates of ions through a membrane
are determined by their concentration and their
mobility in the membrane. The concentration of the
counterions in the membrane is always close to the
concentration of the fixed charges of the membrane.
The mobility of the ions in the membrane depends
mainly on the radius of the hydrated ions and the
membrane structure. The mobility of different ions
in an aqueous solution does not differ very much
with the exception of Hþ and OH� ions. Their
mobility is about a factor 5–8 higher than that
of other ions. This exceptionally high mobility of
the Hþ ion can be explained by the transport
mechanism of protons and hydroxide ions. Because
of the molecular interaction of water dipoles with
electrical charges, protons form hydronium ions.
Common salt ions move with their hydrate shell
through the solution. The proton, however, is trans-
ported by a mechanism that does not involve an
actual motion through the solution. According to
the chain mechanism, protons migrate through a
solution by the rearrangement of bonds in a cluster
of water molecules. The proton conductivity is gov-
erned by the rate at which the water molecules can
rotate into orientations in which they can accept or
donate protons and by the rate at which the protons
tunnel from one end of a hydrogen bond to another.
This explains not only the extraordinary high mobi-
lity of protons but it is also one of the reasons for the
high permeability of anion-exchange membranes for
protons, while these membranes generally have a
very low permeability for salt cations. The same
mechanism also holds true for the transport of hydro-
xide ions, thus the permeability of hydroxide ions in
an aqueous solution and also in a cation-exchange
membrane is much higher than that of other salt
anions. As protons and hydroxide ions are trans-
ported only to a small extent as individual ions
surrounded by a hydration shell, their water trans-
port number in the membrane is always quite low
and they contribute very little to the electroosmotic
transport of water.

The concentration of the different counterions in
the membrane is determined mainly by electrostatic
effects referred to as electroselectivity [10].
Generally, multivalent counterions are stronger
absorbed than monovalent ions in an ion-exchange
membrane. A typical counterion-exchange perme-
ability sequence of a cation-exchange membrane
containing SO –

3 -groups as fixed charges is [4]

Ba2þ> Pb2þ> Sr2þ> Ca2þ> Mg2þ >

Agþ> Kþ> NH4
þ > Naþ> Liþ

A similar counterion-exchange sequence is obtained
for anions in an anion-exchange membrane con-
taining quaternary ammonium groups as fixed
charges:

I – > NO –
3 > Br –> Cl – > SO2 –

4 > F –
2.14.4 Ion-Exchange Membrane
Deionization Processes

The processes that utilize ion-exchange membranes
as key components can conveniently be divided into
three types [22]:

• electrodeionization such as electrodialysis or con-
tinuous electrodeionization;

• electrosynthesis such as chlorine–alkaline or the
hydrogen production; and

• electrochemical energy conversion such as fuel
cells or batteries.
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In the first type, an electrical potential gradient is
used to remove charged components, such as disso-
ciated salts, from a solution. In the second type, the
transport of ions is combined with an electrochemical
reaction producing certain chemicals. The third type
involves the conversion of chemical energy into elec-
trical energy.
2.14.4.1 Electrodialysis

Among the ion-exchange membrane deionization
processes, electrodialysis is today by far the most
important one. Other processes such as diffusion
and Donnan dialysis or continuous electrodeioniza-
tion and capacitive deionization have had so far only
minor commercial impact.

Electrodialysis is a well-developed process with
reliable equipment and significant application know-
how commercially available.

2.14.4.1.1 The principle of electrodialysis

The principle of electrodialysis is illustrated in
Figure 3, which shows a schematic diagram of an
electrodialysis cell arrangement.

An electrodialysis cell arrangement consists of a
series of anion- and cation-exchange membranes
arranged in an alternating pattern to form individual
cells stacked between an anode and a cathode [23]. If
an ionic solution, such as an aqueous salt solution, is
pumped through these cells and an electrical poten-
tial is established between the anode and cathode, the
positively charged cations migrate toward the
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Figure 3 Schematic diagram illustrating the principle of desal

exchange membranes in alternating series between two electro
cathode and the negatively charged anions toward
the anode. The cations pass through the negatively
charged cation-exchange membrane, but are retained
by the positively charged anion-exchange mem-
brane. Similarly, the negatively charged anions pass
through the anion-exchange membrane, and are
retained by the cation-exchange membrane. The
overall result is an increase in the ion concentration
in alternate compartments, while the other compart-
ments simultaneously become depleted. The
depleted solution is referred to as the diluate and
the concentrated solution as the brine. The space
between two contiguous membranes is occupied by
the diluate or the brine and the two contiguous
anion- and cation-exchange membranes make up a
cell pair which is a repeating unit in a so-called
electrodialysis stack, which may have a few hundreds
cell pairs between two electrodes.

2.14.4.1.2 Principle of electrodialysis with

bipolar membranes

The conventional electrodialysis can be combined
with bipolar membranes and utilized to produce
acids and bases from the corresponding salts
[24, 25]. In this process, monopolar cation- and
anion-exchange membranes are installed together
with bipolar membranes in alternating series in an
electrodialysis stack as illustrated in Figure 4. A
typical repeating unit of an electrodialysis stack
with bipolar membranes is composed of three cells,
two monopolar membranes, and a bipolar membrane.
The cell between the monopolar membranes
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contains a salt solution and the two cells between the
monopolar and the bipolar membranes contain a base
and an acid solution. When an electrical potential
gradient is applied across a repeating unit, protons
and hydroxide ions form, with the cations and anions
removed from the salt solution, an acid and a base,
respectively.

The utilization of electrodialysis with bipolar
membranes to produce acids and bases from the
corresponding salts is economically very attractive
and has a multitude of interesting potential applica-
tions as discussed later.

The function of the bipolar membrane. The function
and structure of a bipolar membrane are illustrated in
Figure 5, which shows an anion- and a cation-
exchange membrane with a 4–5-nm-thick interphase
arranged in between two electrodes. When an elec-
trical potential difference is established between the
electrodes, all charged components will be removed
from the interphase, and only water is left between
the two ion-exchange membranes. Further transport
of electrical charges can be accomplished only by
protons and hydroxyl ions of the dissociated water.
However, Hþ and OH� ions removed from the
interphase are regenerated due to the water dissocia-
tion caused by the water dissociation equilibrium
which is given by

2H2O, H3Oþ þ OH –

The transport of Hþ and OH� ions from the transi-
tion region into the outer phases is determined by the
water diffusion rate into the interphase and by the
regeneration rate of Hþ and OH� ions which is

drastically increased in a bipolar membrane com-

pared to the rate obtained in water due to a

catalytic reaction [26–28]. Therefore, very high pro-

duction rates of acids and bases can be achieved in

electrodialysis with bipolar membranes.
The energy required for the water dissociation

can be calculated from the Nernst equation for a
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concentration chain between solutions of different
pH values. It is given by

�G ¼ F�j ¼ 2:3RT�pH ð37Þ

Here, �G is the Gibbs free energy, F is the Faraday
constant, R is the gas constant, T is the absolute
temperature, and �pH and �j are the pH value
and the voltage difference between the two solutions
separated by the bipolar membrane, respectively. For
1 mol l�1 acid and base solutions in the two phases
separated by the bipolar membrane, �G is
0.022 kWh mol�1 and �j is 0.828 V at 25 �C.

2.14.4.1.3 Electrodialysis equipment and

process design

The performance of electrodialysis in a practical
application is determined by several equipment com-
ponents, such as membranes and the arrangement in
a system, pumps, and rectifier, and also by several
process parameters, such as the flow velocities of the
different flow streams across the surface of the mem-
brane, the applied current density, and the product
recovery from a feed solution.

The electrodialysis stack.A key element in electrodia-
lysis is the so-called stack, which is a device to hold an
array of cation- and anion-exchange membranes
between two electrodes. A typical electrodialysis
stack used in water desalination contains 200–600
membranes stacked between the electrodes [4]. The
electrode containing cells at both ends of a stack are
often rinsed with a separate solution, which does not
contain Cl� ions to avoid chlorine formation.

The membranes in an electrodialysis cell are sepa-
rated by spacer gaskets as indicated in Figure 6, which
Concentrate

Diluate

Diluate cell

Feed solution

Feed solution

Electrode
rinse solution

Electrode
cell

Electrode

Figure 6 Exploded view of a sheet-flow type electrodialysis sta
gaskets containing the manifold for the distribution of the differe
shows schematically the design of a so-called sheet-
flow electrodialysis stack. The spacer gasket consists of
a screen, which supports the membranes and controls
the flow distribution in the cell. The gasket that seals
the cell to the outside also contains the manifolds to
distribute the process fluids in the different compart-
ments. To minimize the resistance of the solution in
the cell, the distance between two membranes is kept
as less as possible and is in the range of 0.5–2 mm in
industrial electrodialysis stacks. A proper electrodialy-
sis stack design ensures uniform flow distribution and
mixing of the solutions to minimize concentration
polarization at the membrane surfaces at minimized
pressure loss of the solution flow in the stack.

Concentration polarization and limiting current density.

The limiting current density is the maximum current
which may pass through a given cell pair area with-
out detrimental effects. If the limiting current density
is exceeded, the electric resistance in the diluate will
increase and water dissociation may occur at the
membrane surface, which effects the current utiliza-
tion and can lead to pH changes in the solutions.

The limiting current density is determined
by concentration polarization at the membrane
surface in the diluate containing compartment,
which is also a function of the diluate concentration.
Concentration polarization in electrodialysis is the
result of differences in the transport number of ions
in the solution and in the membrane. The effect of
concentration polarization is illustrated in Figure 7,
which shows the salt-concentration profiles and the
fluxes of cations and anions in the concentrate and
diluate solution at the surface of a cation-exchange
membrane.
Spacer Concentrate cell

Ion-exchange
membrane

ck arrangement indicating the individual cells and the spacer
nt flow streams.
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J and C in Figure 7 denote the fluxes and the
concentrations of ions; the superscripts mig and diff

refer to migration and diffusion, respectively; the super-

scripts d and c refer to diluate and concentrate solution;

the superscripts b and m refer to bulk phase and mem-

brane surface, respectively; and the subscripts a and c

refer to anion and cation, respectively.
The transport number of a counterion in an ion-

exchange membrane is generally close to 1 and that

of the coion close to 0, while in the solution, the

transport numbers of anion and cations are not very

different and are close to 0.5. At the surface of a

cation-exchange membrane, the cation concentration

in the solution is reduced due to the high transport

number of the cations in the membrane. Since anions

migrate in the opposite direction, the electrolyte

concentration in the diluate solution at the surface

of the membrane is reduced and a concentration

gradient is established between the membrane sur-

face and the well-mixed bulk solution. This

concentration gradient results in a diffusive electro-

lyte transport toward the membrane surface. A

steady-state situation is obtained when the migration

of ions from the membrane surface is balanced by the

diffusive transport of salt toward the membrane sur-

face. On the other side of the cation-exchange

membrane, which is facing the concentrate solution,

the electrolyte concentration at the membrane sur-

face is increased for the same reason.
The concentration polarization in electrodialysis

can be calculated by a mass balance taking into

account all fluxes in the boundary layer and the

hydrodynamic conditions in the flow channel

between the membranes. In practical applications,

the so-called Nernst film model, which neglects the
entrance and exit effects of the flow streams in the
stack, is used to estimate concentration polarization
effects. Due to the spacer effect, the flow distribution
in an electrodialysis stack and, thus, the thickness of
the laminar boundary is difficult to determine.
Nevertheless, the Nernst model provides a reason-
able description of the concentration polarization,
which results in an expression for the current density
as a function of the bulk solution concentration, the
transport number of the ions, the diffusion coefficient
of the electrolyte, and the thickness of the laminar
boundary layer.

i ¼ ziFDi

t m
i – t s

i

� ��Cd
i

�x
ð38Þ

Here, t is the transport number of the counterion, �C

is the concentration difference between the solutions
at the membrane surface and in the bulk, D is the
diffusion coefficient, F is the Faraday constant, z is
the charge number, and �x is the boundary layer
thickness; the subscript i refers to cations or anions;
the superscripts d, m, and s refer to diluate, mem-
brane, and solution, respectively.

When the flow conditions are kept constant, the
boundary layer will be constant and the current
density will reach a maximum independent of the
applied electrical potential. This maximum current
density, which is referred to as the limiting current
density, is reached when the counterion concentra-
tion at the membrane surface becomes 0; thus

i¼ ilim for mCd
s ! 0 : ilim ¼

ziFDs

t m
i – t b

i

� � bCd
s

�x

� �
ð39Þ

Here, ilim is the limiting current density and bCd
s is

the salt concentration of the diluate in the bulk
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solution. All other symbols have the same meaning as
in Equation (38).

In practical applications, the limiting current den-
sity is often experimentally determined and
described as a function to the diluate flow velocity
and the concentration by the following relation:

ilim ¼ a ubF Cd
s ð40Þ

Here, Cd
s is the concentration of the solution in the

diluate cell, u is the linear flow velocity of the solu-
tion through the cells parallel to the membrane
surface, F is the Faraday constant, and a and b are
the characteristic constants for a given stack design
and must be determined experimentally.

Water transport in electrodialysis. Water transport in
electrodialysis from the diluate to the concentrate
can affect the process efficiency significantly. If a
convective flux, as a result of pressure differences
between flow streams, can be excluded, there are
still two sources for the transport of water from the
diluate to the concentrate solution. The first one is
the result of an osmotic pressure difference between
the two solutions and the second is due to electro-
osmosis, which is caused by the coupling of water to
the ions that transported through the membrane due
to the driving force of an electrical potential.

Each of the two fluxes may be dominant,
depending on the ion-exchange membrane, the salt
concentrations in the solutions separated by the mem-
brane, and the current density. In electrodialysis with
relatively large differences in the salt concentration of
the diluate and concentrate, the electroosmotic flux is
dominant and generally much higher than the osmotic
flux. The water flux due to electroosmosis is propor-
tional to the flux of ions and given by

Jw ¼ mtw
X

i

Ji ð41Þ

Here, mtw is the water transport number, Jw is the
water flux, and Ji is the flux of ions. The water
transport number thus is

mtw ¼
JwP
i

Ji

ð42Þ

The water transport number refers to the number of
water molecules transferred by one ion through a
given membrane. It depends on the membrane and
on the electrolyte, that is, on the size of the ions, their
valence, and their concentration in the solution. In
aqueous salt solutions and commercial ion-exchange
membranes, the water transport number is in the
order of 4–8, that is, one mole of ions transports

�4–8 moles of water through a typical commercial

ion-exchange membrane.
Current utilization. In practical applications, elec-

trodialysis is affected by incomplete current

utilization, which is the result of poor membrane

permselectivity, parallel current through the stack

manifold, and water transport by convection by

osmosis and electroosmosis. In a well-designed

stack with no pressure difference between diluate

and concentrate, the convective water transport is

negligibly low and also the current through the mani-

fold can be neglected. Under these conditions, the

overall current utilization is given by


 ¼ Ncell  
cmt s

a þ  amt s
c

� �
1 – t cm

w þ t am
w

� �
�Vw Cc

s –Cd
s

� �� �
ð43Þ

Here, 
 is the current utilization,  is the membrane
permselectivity, t is the transport number, Ncell is the
number of cell pairs in the stack, �Vw is the partial
molar volume of water, C is the concentration; the
subscripts a, c, s, and w refer to anion, cation, solu-
tion, and water, respectively, and the superscripts cm,
am, c, and d refer to cation-exchange membrane,
anion-exchange membrane, concentrate, and diluate.

Electrodialysis equipment and plant design. In an elec-
trodialysis stack, the membranes are separated by

spacers that also hold the manifolds for the distribu-

tion of the individual flow channels for the diluate

and concentrate. There are two major concepts as far

as the construction of the spacers is concerned. One is

the so-called sheet-flow spacer concept which is illu-

strated in Figure 8(a) and the other is the so-called

tortuous path concept which is illustrated in

Figure 8(b).
The sheet-flow spacer is generally installed verti-

cally in a stack as shown in Figure 6. The flow

velocity in the cells is between 2 and 3 cm s�1 and

the pressure drop in the stack is generally less than

0.2 bar. The tortuous path spacer is generally

installed horizontally in a stack, the flow velocity in

the cells is between 6 and 10 cm s�1, and the pressure

drop in the stack is 1–2 bars. However, the process

path length is significantly longer than in a sheet-

flow spacer stack.
In the practical application of electrodialysis,

there are two main process operation modes. The

first one is referred to as the unidirectional electro-

dialysis and the second one as electrodialysis reversal

[29]. In a unidirectionally operated electrodialysis

system, the electric field is permanently applied in
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Figure 8 Schematic drawing illustrating (a) the sheet-flow and (b) a tortuous path spacer concept.
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one direction and the diluate and concentrate cells
are also permanently fixed over the period of opera-
tion. Unidirectionally operated electrodialysis plants
are rather sensitive to membrane fouling and scaling
and require periodical rinsing of the stack with acid
or detergent solutions. In the desalination of brackish
or surface waters, generally, electrodialysis reversal is
applied. In the electrodialysis reversal operating
mode, the polarity of the electric field applied to
the electrodialysis stack is reversed in certain time
intervals. Simultaneously, the flow streams are
Colloidal deposition
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Flow F

cam
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Figure 9 Schematic drawing illustrating the removal of depos

surface of an anion-exchange membrane by reversing the elect
reversed, that is, the diluate cell becomes the con-
centrate cell and vice versa with the result that the
matter that has been precipitated at the membrane
surface will be redissolved and removed with the
flow stream passing through the cell. The principle
of the electrodialysis reversal is illustrated in
Figure 9, which shows schematically an electrodia-
lysis cell formed by a cation- and an anion-exchange
membrane between two electrodes and a feed solu-
tion containing negatively charged large fouling
components. If an electric field is applied, these
Colloidal displacement
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ited negatively charged colloidal components from the

ric field in the electrodialysis reversal operating mode.
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components will migrate to the anion-exchange

membrane and will be deposited on its surface to

form a so-called fouling layer, which affects the effi-
ciency of the electrodialysis process. If the polarity is

reversed, the negatively charged components will

now migrate away from the anion-exchange mem-

brane back into the feed stream and the membrane

properties are restored. This procedure, which is

referred to as clean in place, is very effective not

only for the removal of colloidal fouling materials

but also for removing precipitated salts and is used
today in almost all electrodialysis water desalination

systems.
However, reversing the polarity of a stack has to

be accompanied with a reversal of the flow streams.

This requires a more sophisticated flow control. The

flow scheme of an electrodialysis plant operated with

reversed polarity is shown in Figure 10. In the

reverse polarity operating mode, the hydraulic flow
streams are reversed simultaneously with the polar-

ity, that is, the diluate cell will become the brine cell

and vice versa. In this operating mode, the polarity of

the current is changed at specific time intervals ran-

ging from a few minutes to several hours. During the

reversal of the polarity and the flow streams, there is

a brief period when the concentration of the desalted

product exceeds the product quality specification.
The product water outlet has a concentration sensor,

which controls an additional three-way valve. This

valve diverts the concentrated product to waste and,

then, when the concentration returns to the specified

quality, directs the flow to the product outlet. Thus,
Feed

Electrode feed

Feed inlet

Concentrate
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Figure 10 Flow scheme of electrodialysis reversal in a continu

electrode rinse.
in electrodialysis reversal, there is always a certain
amount of the product lost to the waste stream which
in praxis is less than 2%.

The degree of desalination that can be achieved in
passing the feed solution through a stack is a function
of the solution concentration, the applied current
density, and the residence time of the solution in the
stack. If the degree of desalination or concentration
that can be achieved in a single path of the feed
through the stack is insufficient, several stacks are
operated in series or part of the diluate or concentrate
is fed back to the feed solution as shown in Figure 11.

In the feed and bleed operating mode, both the
brine and the product concentration can be deter-
mined independently and very high recovery rates
can be achieved.
2.14.4.1.4 Electrodialysis process costs

The total costs in electrodialysis are the sum of fixed
charges associated with the plant investment costs and
the plant operating costs. Both the capital-related costs
as well as the plant operating costs per unit product
are a function of the feed solution concentration and
the required product and brine concentrations. They
are also strongly affected by the plant capacity and the
overall process design [30, 31].

Investment-related costs. The investment costs are
determined mainly by the required membrane area
for a certain plant capacity. Costs of other items, such
as maintenance, pumps, and process control equip-
ment, can be considered as being proportional to the
required membrane area. The required membrane area
Electrode waste
Product

Electrode waste

FI
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CI CI
trodialysis-
stack 

Concentrate
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ous operating mode with the feed solution also used as
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Figure 11 Flow scheme of an electrodialysis stack
operated in a feed and bleed mode, that is, with partial

recycling of the diluate and concentrate solutions.
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for a given capacity plant can be calculated from

the total current required to remove a certain number

of ions from the feed solution and the current density.

Thus, the total current required for the desalination

process is proportional to the concentration difference

between the feed and diluate solution and the total

volume flow of the dilutate through the stack. It is

inversely proportional to the number of cell pairs

in the stack and the current utilization. The total

current passing through a cell pair and the stack is

given by

I ¼ Acelli ¼
Qd

cell F Cf
eq –Cd

eq

	 




ð44Þ

Thus

NcellQ
d
cell ¼ Qd

st and NcellAcell ¼ Ast and Ast

¼
Qd

stF Cf
eq –Cd

eq

	 

i


ð45Þ

Here, I and i are the electric current and the current
density, A is the cell pair area, Ncell refers to the
number of cell pairs in the stack, Q is the volume
flow, C is the concentration expressed in equivalent
per volume, F is the Faraday constant, and 
 is the
current utilization. The subscripts eq, st, and cell
refer to equivalent, the stack, and cell pair, and the
superscripts d and f refer to diluate and feed solution.

The equivalent concentration determines the
charges in an electrolyte solution in mole as has

been discussed earlier. For a monovalent salt, such

as NaCl, the equivalent concentration is equal to the

molar concentration. For a multivalent electrolyte,

the equivalent concentration is za�aCs¼ zc�cCs. Since

on a macroscopic scale electroneutrality must pre-

vail, the number of positive and negative charges

must be identical za�a ¼ zc�c. Thus, the number of

charges removed from a feed solution is identical for

cations and anions.
The voltage drop across the stack is constant,

while the current density is changing over the cell

length from the feed inlet to the product outlet

because the resistance is changing from the feed
inlet to the product outlet. The average current den-
sity is given by

�i ¼ Ucell

�RAcell
ð46Þ

Here, Ucell is the voltage drop across a cell pair, Acell

is the area, and �R and �i are the average resistance and
current density of a cell pair, respectively.

The average resistance of a cell pair is

�R ¼ 1

Acell

�

�eq

1
�Cd

eq

þ 1
�Cc

eq

 !
þ r am þ r cm

" #
ð47Þ

Here, � is the cell thickness, �C is the average
concentration, �eq is the equivalent conductivity of
the salt solution, r is the area resistance, the super-
scripts d, c, am, and cm refer to the diluate, the
concentrate, and the anion- and the cation-exchange
membranes.

The average resistance of a cell pair is a function
of the average concentrations of the solutions, which
are changing from the inlet to the outlet of the cells.
The integral average concentrations are given by

�Ceq ¼
ln

Cout
eq

Cin
eq

� �

Cout
eq –Cin

eq

ð48Þ

Here, �Ceq is the average equivalent concentration of
the diluate and the concentrate in a cell pair and the
superscripts in and out refer to the cell inlet and
outlet, respectively.

Introducing Equation (48) into Equation (47)
gives the average resistance in a cell pair:

�R ¼ 1

Acell

�ln
Cfd

eq

Cfc
eq

Cc
eq

Cd
eq

�eq Cfd
eq –Cd

eq

	 
þ r am þ r cm

2
64

3
75 ð49Þ

Here, �R is the average resistance, Acell is the area of a
cell pair, Cfd and Cd are the salt concentrations of
the diluate at the inlet and outlet of the cell, respec-
tively, Cfc and Cc are the salt concentrations of the
concentrate cell at the inlet and outlet, respectively,
� is the cell thickness, �eq is the equivalent
conductivity, and ram and rcm are the area resistances
of the anion- and cation-exchange membranes,
respectively.

The current density in a stack should not exceed
the limiting current density. Thus, the applied cell
voltage should not exceed a certain maximum value
since the concentration of the diluate is lowest at the
cell pair outlet. Thus, the highest resistance and the
lowest current density are obtained at the outlet of



Electromembrane Processes: Basic Aspects and Applications 411
the stack. This current density determines the max-

imum cell voltage, which is given by

U max
cell ¼ ilim

�

�eq

1

Cd
eq

þ 1

Cc
eq

 !
þ r am þ r cm

" #
ð50Þ

Here, � is the cell thickness, �eq is the equivalent con-
ductivity of the salt solution, r is the area resistance, the
superscripts d, c, am, cm, and max refer to the diluate, the
concentrate, and the anion- and the cation-exchange
membranes, and maximum values, respectively.

The membrane area required for a certain plant
capacity as function of the feed and product concen-

tration is obtained by combination of Equations (44)–

(50) and rearranging:

Ast ¼
ln

Cfd
eq

Cfc
eq

Cc
eq

Cd
eq
þ �eq ramþrcmð Þ Cfd

eq –Cd
eqð Þ

�

� �

Cd
eq

Cc
eq
þ 1þ �eqCd

� r am þ r cmð Þ
� � Q d

stF Cd
eq

ilim

ð51Þ

Here, Ast is the total membrane area in a stack and
Ncell is the number of cell pairs in a stack. All other
symbols are as explained in Equations (44)–(50).

The total investment-related costs depend on the
price of the membranes and the additional plant com-

ponents and their useful life under operating

conditions, which in practical applications is 5–8 years.
Operating costs. The operating costs are energy and

plant costs. The maintenance costs are proportional

to the size of the plant and calculated as a percentage

of the investment-related costs.
The energy required in an electrodialysis process

is an additive of two terms: (1) the electrical energy to

transfer the ionic components from one solution

through membranes into another solution and (2)

the energy required to pump the solutions through

the electrodialysis unit. The energy consumption

due to electrode reactions can generally be neglected

since more than 200 cell pairs are placed between the

two electrodes in a modern electrodialysis stack. The

energy required for operating the process control

devices can generally also be neglected.
The energy required in electrodialysis for the trans-

fer of the ions from a feed solution to the concentrate

solution is given by the current passing through the

electrodialysis stack multiplied with the total voltage

drop encountered between the electrodes:

Edes ¼ IstUstt ¼ IstNcellUcellt ¼ I 2Ncell
�Rt ð52Þ

Here, Edes is the energy consumed in a stack for the
transfer of ions from a feed to a concentrate solution,
Ist is the current passing through the stack, Ust and
Ucell are the voltage applied across the stack, that is,
between the electrodes, and across a cell pair; t is the
time of operation.

The total current through the stack is given by
Equation (44) and the average resistance is given by
Equation (49). Combination of the two equations and
dividing by the diluate so produced gives the desali-
nation energy per volume product:

Edes;spc ¼
Ncell

�RcellI
2t

Vpro

¼ Ncellt

AVpro

�ln
Cfd

eq

Cfc
eq

Cc
eq

Cd
eq

�eq Cfd
eq –Cd

eq
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Here, Edes and Edes,spc are the desalination energy and
the specific desalination; I is the total current, t is the
time of operation; Cfd and Cfc are the equivalent
concentrations of the diluate and the concentrate at
the cell inlet, respectively; Cd and Cc are the concen-
trations of the diluate and the concentrate at the cell
outlet, respectively; �eq is the equivalent conductiv-
ity of the salt solution; ram and rcm are the area
resistances of the anion- and cation-exchange mem-
brane, respectively; � is the cell thickness; 
 is the
current utilization; Qd

cell is the diluate flow rate in a
cell; �R is the average resistance of a cell pair; A is the
cell pair area; Ncell is the number of cell pairs in a
stack; and Vpro is the volume product water.

Equation (53) shows that the energy dissipation
due to the resistance of the solutions and membranes
is increasing with the current density. The electrical
energy for a given resistance is proportional to the
square of the current, whereas the salt transfer is
directly proportional to the current. Hence, the energy
necessary for the production of a given amount of
product increases with the current density. However,
the required membrane area for a given capacity is
decreasing with the current density as illustrated in
Figure 12, which shows the total costs of desalination,
the membrane costs, and current-density-related costs
as a function of the current density. The figure shows
that at a certain current density the total desalination
costs reach a minimum. However, in a practical appli-
cation the operating current density must be lower
than the limiting current density.

The operation of an electrodialysis unit requires
one or more pumps to circulate the diluate, the con-
centrate, and the electrode rinse solution through the



Costs Total costs

Energy costs

Membrane costs

Current density

Figure 12 Schematic diagram illustrating the various cost

items in electrodialysis as function of the applied current
density.
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stack. The energy required for pumping these solutions
is determined by the volumes of the solutions to be
pumped and the pressure drop. It can be expressed by

Ep;spec ¼
Ep

Q dt
¼ keff

Qd�pd þ Qc�pc þ Qe�pe
� �

Qd
ð54Þ

Here, Ep,spec is the total energy for pumping the
diluate, the concentrate, and the electrode rinse solu-
tion through the stack per unit diluate water; keff is an
efficiency term for the pumps; and Qd, Qc, and Qe are
the volume flow rates of the diluate, the concentrate,
and the electrode rinse solution through the stack,
respectively.

The pressure losses in the various cells are deter-
mined by the solution flow velocities and the cell
design. The energy requirements for circulating the
solution through the system may become a significant
or even dominant portion of the total energy consump-
tion for solutions with rather low salt concentration.

2.14.4.1.5 Electrodialysis with bipolar
membrane system design and process

costs

The design of an electrodialysis process with bipolar
membranes is closely related to that of a conventional
Water

Water

Salt solution

Figure 13 Schematic diagram indicating the production of acid

and bleed operation.
electrodialysis desalination process as shown in the
schematic flow diagram of Figure 13. The main
difference is in the stack construction which requires
three independent flow streams, that is, the salt solu-
tion, the base, and the acid flow stream. Furthermore,
additional energy is required for the water dissocia-
tion, and the mono- and bipolar membranes (as well
as other hardware components) must have excellent
chemical stability in strong acids and bases,
respectively.

The determination of the costs for the production
of acids and bases from the corresponding salts fol-
lows the same general procedure as applied for the
costs analysis in electrodialysis desalination. The
contributions to the overall costs are the sum of the
investment-related cost and the operating costs.

Investment costs in electrodialysis with bipolar mem-

branes. The investment costs are directly related to
the required membrane area for a certain plant capa-
city and can be expressed as a certain percentage of
the total required membrane area for a given capacity
plant, which can be calculated from the current
density by

Aunit ¼
QproF Cpro

i 

ð55Þ

Here, Aunit is the required cell unit area which con-
tains a bipolar membrane, and a cation- and an anion-
exchange membrane, i is the current density, Qpro is
the product volume flow, F is the Faraday constant, 

is the current utilization, and Cpro is the concentra-
tion of the product.

Operating costs in electrodialysis with bipolar membranes.

The operating costs in electrodialysis with bipolar
membranes are strongly determined by the energy
requirements which are composed of the energy
required for the water dissociation in the bipolar mem-
brane and the energy necessary to transfer the salt ions
from the feed solution, and protons and hydroxide
ions from the transition region of the bipolar mem-
brane into the acid and base solutions. The energy
Salt solution
Base

Acid

s and bases from the corresponding salt in a stack with feed
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consumption due to the pumping of the solutions
through the stack can generally be neglected.

The total energy for the production of an acid and
a base from the corresponding salt is, as in electro-
dialysis desalination, which has been discussed
earlier, given by the total current passing through
the stack and the voltage drop across the stack. The
total energy required in electrodialytic water disso-
ciation in a practical process is given by the current
passing through the stack multiplied with the total
voltage drop encountered between the electrodes.

Epro ¼ IUt ð56Þ

Here, Epro is the energy consumed in a stack for the
production of an acid and a base, I is the current
passing through a stack or a series of stacks, U is the
voltage applied across the stack, that is, between the
electrodes, and t is the time of operation.

The current passing through the stack can be
derived by rearranging Equation (31):

I ¼ Ai ¼
QproF Cin

pro –Cout
pro



ð57Þ

Here, A is a cell unit area, i is the current density, I is
the current, Qpro is the flow rate of the product, Cpro is
the concentration of the product, F is the Faraday
constant, 
 is the current utilization, and the super-
scripts in and out refer to the in and outlet of the
stack.

The voltage drop across the stack is the result of
the electrical resistance of the membranes, that is,
that of the cation- and anion-exchange membranes
and the bipolar membranes and the resistances of the
acid, the base, and the salt containing flow streams in
the stack. In addition to the voltage drop required to
overcome the various electrical resistances of the
stack, additional voltage drop is required to provide
the energy for the water dissociation, which is given
by Equation (37). Assuming that the three cells of a
cell unit in the stack have the same geometry and
flow conditions, the total energy consumption in an
electrodialysis stack is given by

Epro ¼ NcellAcell

X
i

�

�i
�Ci

þ r am þ r cm þ r bm

 

þ 2:3RT �pH

Fi

!
QproF Cout

pro –Cin
pro

	 

NcellAcell


0
@

1
A

2

t

ð58Þ

Here, Epro is the energy for the production of a
certain amount of acid and base; I is the current
passing through the stack; Ncell is the number of cell
units in a stack; Acell is the cell unit area; C and �C are
the concentration and average concentration in a cell,
respectively; � is the thickness of the individual
cells; �eq is the equivalent conductivity; r is the area
resistance; 
 is the current utilization; R is the gas
constant; T is the absolute temperature; F is the
Faraday constant; �pH is the difference in the pH
value between the acid and base; the subscript pro
refers to product; the subscript i refers to salt, acid,
and base; the superscripts am, cm, and bm refer to the
cation-exchange, the anion-exchange, and the bipo-
lar membrane, respectively; the superscripts out and
in refer to cell outlet and inlet, respectively; Qpro is
the total flow of the acid or base through the stack;
and t is the time.

The average concentrations of the acid, the base,
and the salt in the bulk solutions are the integral
average of the solutions given by Equation (48).

The total costs of the electrodialytic water dis-
sociation with bipolar membranes are determined,
as in electrodialysis, by cost related to fixed
charges associated with the amortization of the
plant investment costs, the energy costs for the
transfer of ions, and pumping the different solu-
tions through the stack, and by operating costs,
which include maintenance and all pre- and
posttreatment procedure costs.

2.14.4.1.6 Practical applications of

electrodialysis

Currently, brackish water desalination is the largest
industrial-scale applications of conventional electro-
dialysis. However, other applications in the food and
chemical industry and in the treatment of wastewater
are becoming increasingly more important. In Japan,
electrodialysis is also used widely for the preconcen-
tration of seawater to the production of table salt.
Several of the more important applications of con-
ventional electrodialysis and the stack and process
design used in this application as well as the major
limitations are listed in Table 1.

Brackish water desalination by electrodialysis. The pro-
duction of potable water from brackish water
electrodialysis is competing directly with reverse
osmosis. Since, in electrodialysis, both the energy
consumption and the required membrane area
are strongly increasing with increasing feed water
concentration, reverse osmosis is considered to have
an economic advantage for the desalination of
brackish water with total dissolved salts in excess
of 10 000 mg l�1. Electrodialysis is mainly used with
feed water having a salinity of 1000–5000 mg l�1 total



Table 1 Industrial applications of conventional electrodialysis

Industrial applications Stack and process design
Status of
application Limitations Key problems

Brackish water

desalination

Sheet flow, tortuous path

stack, reverse polarity

Commercial Concentration of

feed and costs

Scaling, costs

Boiler feed water

production

Sheet flow, tortuous path

stack, reverse polarity

Commercial Product water

quality and costs

Costs

Waste and process
water treatment

Sheet-flow stack,
unidirectional

Commercial Membrane
properties

Membrane fouling

Ultrapure water

production

Sheet flow, tortuous path

stack, reverse polarity

Commercial Product water

quality and costs

Membrane

biofouling

Demineralization of food
products

Sheet flow, or tortuous path
stack, unidirectional

Commercial or
pilot phase

Membrane
selectivity and

costs

Membrane fouling,
product loss

Table salt production Sheet-flow stack,

unidirectional

Commercial Costs Membrane fouling

Concentration of

reverse osmosis brine

Sheet-flow stack,

unidirectional

Pilot phase Costs Waste disposal
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dissolved solids in small- to medium-size plants

with capacities less than a few 100 m3 d�1

to more than 20 000 m3 d�1. The plants are generally

operated in the polarity reversal mode. The

advantages of electrodialysis compared to reverse

osmosis are:

• high water recovery rates;

• operation at elevated temperatures up to 50 �C
possible;

• less membrane fouling or scaling due to process
reversal; and

• less raw water pretreatment requirements.
Figure 14 Industrial-size electrodialysis reversal drinking wate
For the production of potable water, a severe
disadvantage of electrodialysis compared to reverse
osmosis is that neutral toxic components, such as
viruses or bacteria, are not removed. Brackish
water desalination plants used for the production

of potable water can be rather different in size
ranging from 50 to 300 m3 d�1 plant capacity used
to supply potable water in hotels and villages
located in isolated areas or larger installations with
capacities between 10 000 and 20 000 m3 d�1 used
for municipal water supply. A typical large-scale
electrodialysis water desalination plant is shown in
Figure 14. The plant is built by Ionics Incorporated,
r plant. Courtesy of Ionics Incorporated.
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Watertown, MA, USA using the Aquamite XX EDR
system.

Treatment of industrial process water and wastewater

by electrodialysis. Depending on the application,
industrial process water must meet certain quality
standards in terms of total dissolved solids and col-
loidal material. Traditionally, precipitation,
filtration, and ion exchange are used in the produc-
tion of industrial water. Today, these processes are
replaced or complimented increasingly by microfil-
tration, reverse osmosis, and electrodialysis. Major
applications of electrodialysis in industrial water
processing include predemineralization of boiler
feed water, desalination of contaminated industrial
water for reuse, and the recovery of valuable waste-
water components. In many of these applications,
electrodialysis is in competition with conventional
ion-exchange techniques. However, for certain raw
water compositions electrodialysis has a clear cost
advantage over the competing processes. A typical
application of electrodialysis is the recycling of
cooling tower blow-down water. Electrodialysis
seems to be particularly suited for this purpose
because high recovery rates up to 95% and thus,
high brine concentrations up to 100 g l�1 can be
achieved which result in a significant reduction in
wastewater discharge compared to conventional
ion-exchange techniques. Another example of a suc-
cessful application of electrodialysis is the recycling
of produced water from crude oil production. In
many oil wells, steam is being injected into the
ground to heat and liquify the crude oil so that it
can be pumped. In the process, the steam is con-
densed and pumped out of the ground mixed with
the oil but it also contains large quantities of salts
extracted from the ground The water is first sepa-
rated from the oil by an oil/water separator. To be
reused as boiler feed for the generation of steam, the
produced water must be softened. Since the salt
concentration in the produced water is relatively
ED
Oil skimmer

Produced
water

Figure 15 Simplified flow diagram illustrating a produced wat
high, that is, in the order of 5000–10 000 mg l�1

large quantities of salt are used for the regeneration

of the ion-exchange resin. Substantial savings

in regeneration costs can be achieved by using elec-

trodialysis as a presoftening desalination step. The

process is illustrated in the simplified flow scheme

of Figure 15 which shows a typical produced water

recycling plant with an oil skimmer, an electrodia-

lysis predesalination unit, and a water softener. In

this application, electrodialysis is superior to other

desalination processes, such as reverse osmosis,

because of the thermal and chemical stability of

the ion-exchange membranes which can operate

reliably at temperatures in excess of 50 �C with a

minimum of feed water pretreatment.
Very closely related to the recycling of industrial

water is the recovery of toxic or valuable

components from an industrial effluent to avoid

pollution of the environment and to save costs. A

major source of pollution are effluents of the metal

processing industry containing heavy metal ions

such as nickel, zinc, cadmium, chromium, silver,

mercury, and copper ions which are highly toxic

even at relatively low concentrations. In combina-

tion with other processes, such as ion-exchange,

ultra-, and microfiltration, the application of elec-

trodialysis provides a solution to severe pollution

problems and can save substantial production costs

by recovering and recycling valuable components

and water.
A typical example is the recovery of nickel, cad-

mium, and copper from rinse solutions of galvanic

processes. Metal parts that have been plated in a

galvanic bath are rinsed in a series of rinse tanks to

remove metal ions carried out of the plating bath.

The first tank is referred to as still rinse. In this tank,

most of the components carried out of the plating

bath are rinsed off leading to a rapid increase in the

concentration of metal ions.
Water softener

To steam generatorBrine disposal

-unit

er recovering plant with an integrated electrodialysis unit.
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The ion concentration in the still rinse tank, how-
ever, determines the amount of material carried into
the next rinse tanks and must be removed by ion-

exchange from the last tank. The amount of ions that

must be removed by the ion-exchange process and

thus, ion-exchange regeneration costs depend on the
concentration in the still rinse tank. When a certain

concentration in this tank is reached, it must be

discharged to limit the amount of dragged out
metal ions. The concentration of the still rinse tank,

however, can be kept on a low level by treating the

solution of the still rinse tank by electrodialysis.

The concentrate of the electrodialysis processes is
recycled after further treatment to the galvanic bath

and the diluate is fed back into the still rinse keeping

the metal ion concentration at a predetermined low
level and the ion drag-over into the last water rinse

tank is kept correspondingly low. Due to the recov-

ery of the metal ions and the reduction of sludge and
wastewater treatment substantial cost reduction is

achieved [32, 33].
The prevailing method of metal surface treat-

ment is pickling with acids. The acids used are

H2SO4, HCl, HNO3, HF, etc. The pickling solution,
however, deteriorates with time and becomes

ineffective. Since the spent pickling solution con-

tains various heavy metals and substantial amounts
of acids it must be neutralized and the obtained

sludge must be deposited safely. For economic rea-

sons, it is interesting to recover the acids from the

spent pickling solution and reduce the sludge dis-
posal. One of the methods used today to recover and

recycle acids is retardation in combination with

electrodialysis.
There are many more interesting applications of

electrodialysis in wastewater treatment. Some of

these applications require only relatively small elec-

trodialysis units, as for example, the treatment of

small amounts of effluents from galvanic industry
containing highly toxic compounds. In other
Table 2 Examples for potential applications of electrodialysis

Industry Application of electrodialys

Dairy industry Demineralization of cheese

Sugar industry Demineralization of molasse
molasses,demineralization

Fermentation

industry

Demineralization of soy sau

Wine industry Removal of tartrate
Beverage industry Deacidification of fruit juice
applications, rather large quantities of water must

be treated. This is the case in the paper and pulp

industry. Here, electrodialysis has been successfully
used to remove NaCl selectively from the chemical

recovery cycle of Kraft pulp production [34]. The

removal of nitrate from polluted water is an option

that has been tested on a pilot plant scale.
Food processing by electrodialysis.Not only in the

food and beverage industry but also in biotechnol-
ogy and the pharmaceutical industry electrodialysis

has found a large number of potential applications.

Some of these applications can be considered as the

state-of-the-art processes such as the deionization

of whey. Other applications such as the removal of

salts from protein and sugar solutions or salts and
organic acids (such as lactic acid and certain amino

acids from fermentation) have been tested in the

laboratory and on a pilot plant scale. Typical appli-

cations of electrodialysis in the food industry are

summarized in Table 2. Most of the applications
listed in the table require small units and special

application know how. Therefore, the introduction

of electrodialysis in the food industry on a large

industrial scale has been rather slow in spite of the

clear advantages of the process compared to con-

ventional ion-exchange technology. The only
application which presently has reached some sig-

nificance is the deionization of cheese whey and

skimmed milk [35].
Other applications of electrodialysis in the food

industry such as the demineralization of soy sauce,

sugar molasses, and amino acids or the deacidifica-
tion of fruit juice have not yet reached the same

industrial relevance. In most cases, only pilot plant

studies have been carried out and only a few applica-

tions have been commercialized.
Several applications of electrodialysis in

biotechnology and the pharmaceutical industry

such as recovery of lactic acid from fermentation
broth have been studied on a laboratory scale [36].
in the food and beverage industry

is

whey,demineralization of nonfat milk

s in sugar production, demineralization of waste
of polysaccharide

ce, desalination of amino acids, recovering of organic acids
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But, very few commercial units have been installed
so far.

Preconcentration of salts by electrodialysis. The con-
centration of dilute salt solutions by electrodialysis is
of interest for the production of salts such as KBr or
KI from certain raw water sources prior to evapora-
tion. Of special interest is the preconcentration of
NaCl from seawater for the production of table salt
in countries that do not have native salt deposits such
as Japan. Conventional evaporation is rather costly
and with evaporation all seawater constituents are
equally concentrated. For the production of table
salt and as raw material for the chlorine–alkaline
production, it is desirable to have NaCl as pure as
possible. Using electrodialysis as a preconcentration
step not only substantial energy savings can be
achieved but with the development of low resistance
monovalent ion selective membranes a more effec-
tive concentration of NaCl was achieved. Further
improvements of the seawater pretreatment process
have eliminated the extensive cleaning procedures.
Operation for several years and cleaning without
disassembling the stack are now possible. Large
plants with a capacity of 20 000 to more than
200 000 tons of table salt per year are in operation
in Japan [37, 38].

2.14.4.1.7 Applications of bipolar
membrane electrodialysis

Since bipolar membranes became available as
commercial products in 1977, a very large number
of potential applications of electrodialysis with
Table 3 Potential applications of electrodialysis with bipolar m

advantages and experienced problems

Application
State of process
development Pote

Production of mineral acids

and bases

Pilot plant operation Lowe

Recovery of organic acids from

fermentation processes

Commercial and

pilot plant

operation

Simp

co

pH control in chemical and
processes

Laboratory tests Fewe
pro

Removal of SO2 from flue gas Extensive pilot plant

test

Decr

Recycling of HF and HNO3

from steel pickling solutions
Commercial plants Cost

ac

Ion-exchange resin

regeneration

Pilot plant tests Decr

High-purity water production Laboratory tests Bette
ba
bipolar membranes has been identified and has been
studied extensively on a laboratory or pilot plant
scale. However, in spite of the obvious technical
and economical advantages of the technology large-
scale industrial plants are still quite rare. The main
reasons for the reluctant use of bipolar membrane
electrodialysis are shortcomings of the available
bipolar and monopolar membranes which result in
poor current utilization and high product contamina-
tion. However, there are a number of smaller-scale
applications in the chemical process industry, in bio-
technology, in food processing, and in wastewater
treatment where bipolar membranes are successfully
used [39, 40]. Some of the potential applications of
electrodialysis are summarized in Table 3.

Production of acids and bases by bipolar membrane elec-

trodialysis. The largest potential application of bipolar
membrane electrodialysis is the production of acids
and bases from the corresponding salts. Presently,
caustic soda is produced as a coproduct with chlorine
by electrolysis. Bipolar membrane electrodialysis
would be an interesting alternative process for
economic reasons [41]. However, presently the pro-
cess has still severe problems due to shortcomings of
both the commercially available mono- and bipolar
membranes. The useful life of the membranes in con-
centrated acids and bases is insufficient leading to high
membrane replacement costs. The incomplete perms-
electivity of the bipolar membrane in concentrated
solutions results in salt leakage into the acid and base
and thus to a contamination of the products. The poor
permselectivity of the monopolar membranes for
embranes, their state of development, and possible

ntial advantages
Problems related to
application

r energy consumption Contamination of products

le integrated process, lower

sts

Unsatisfactory membrane

stability and fouling

r by-products, less salt
duction

Application experience,
process costs

eased salt production Long-term membrane

stability

savings due to recovered
ids and less salt disposal

Relatively complex process,
high investment costs

eased salt disposal High investment costs

r removal of weak acids and
ses

No long-term experience
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protons and hydroxide ions results in low current
utilization. Therefore, the production of high-quality
concentrated acids and bases is presently not yet
feasible.

However, the situation is different when acids or
bases can be recovered from salts of chemical reac-
tions or neutralization processes. In these cases,
the requirements for the concentration and the pur-
ity of the recovered acids or bases are not as
stringent as in the production of high-quality com-
mercial products.

Applications of bipolar membranes in wastewater treat-

ment. Recovering acids and bases from their salts
generated in neutralization reactions to control pol-
lution and minimize waste disposal is one of the
most promising applications of bipolar membrane
electrodialysis. One of the first commercial applica-
tions of bipolar membrane electrodialysis was the
recovering of hydrofluoric and nitric acid from
wastewater-containing potassium fluoride and
nitrite generated by neutralization of a steel pick-
ling bath [42].

The process is illustrated in the simplified flow
diagram of Figure 16.

The spent pickling acid is neutralized with
potassium hydroxide. The solution is then filtered
and the precipitated heavy metal hydroxides are
removed. The neutral potassium fluoride and
nitrite-containing solution is fed to the bipolar mem-
brane electrodialysis unit in which the salts are
converted to the corresponding acids and potassium
hydroxide. The potassium hydroxide is recycled to
the neutralization tank and the acids to the pickling
bath. The depleted salt solution from the bipolar
membrane electrodialysis unit is concentrated in a
conventional electrodialysis system and recycled
directly to the bipolar membrane unit.
Pickling bath Neutralization

KOH

Sludge disposal

Filtration

Water

Water

Figure 16 Simplified flow diagram illustrating the acid recyclin

membrane electrodialysis.
The treatment of alkaline or acid scrubbers that are
used to remove components which are harmful to
the environment, such as NOx, SO2, or certain amines
from waste air streams, is another interesting applica-
tion for bipolar membrane electrodialysis [43].

Other applications of bipolar membrane electro
dialysis are the recovering and recycling of an acid
from the salt of a spent liquor bath of the rayon
spinning process and pulping and bleaching pro-
cesses. The regeneration of ion-exchanger effluents
is another potential application of bipolar membrane
electrodialysis.

Applications of bipolar membrane electrodialysis in bio-

technology. A very promising application of
electrodialysis with bipolar membranes is the recov-
ery of organic acids from fermentation processes.
During the fermentation of an organic acid, such as
lactic acid, the pH in the fermentation broth shifts to
lower values due to the production of the acid. To
avoid product inhibition, the pH value of the fer-
mentation broth is maintained at a certain level by
addition of sodium or ammonium hydroxide which
reacts with the acid and forms a soluble salt. In the
conventional batch type fermentation process, illu-
strated in Figure 17(a), the spent medium is
separated from the biomass by filtration and the
free acid is recovered by lowering the pH value.
The pH-value adjustment in the fermenter as well
as in the spent medium is costly and creates a sub-
stantial amount of salts mixed with the product,
which complicates the final purification of the acid
and creates an additional waste disposal problem. By
integrating bipolar membrane electrodialysis, the
production of additional salts in the fermentation
broth can be eliminated and the fermentation and
thus the production of acid can be carried out more
efficiently in a continuous process as illustrated in the
Acid recycling

Base recycling

Bipolar
membrane

electrodialysis

Diluate
disposal

Conventional
electrodialysis

Concentrate
recycling

g from steel pickling neutralization bath with bipolar
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Figure 17 Simplified flow diagram illustrating (a) the conventional lactic acid production process and (b) the production
process with integrated electrodialysis.
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simplified flow diagram of Figure 17(b). In the first
process step, the fermenter constituents are passed
through a filtration unit where the biomass is sepa-
rated from the product containing solution. In the
second step, the lactate and salts are concentrated by
conventional electrodialysis and in the third step the
lactate is converted into lactic acid by bipolar
membrane electrodialysis. The simultaneously pro-
duced base is recycled to the fermenter to control the
pH value.

Other applications of bipolar membrane electro-
dialysis in biotechnology are the recovery of gluconic
acid from sodium gluconate and the production of
ascorbic acid from sodium ascorbate. For organic
acids with an anion of high molecular weight, the
migration of the ion through conventional anion-
exchange membranes is very slow and the membrane
exhibits a high electrical resistance. In this case, the
use of a bipolar membrane unit with two-cell repeat-
ing units seems to be better suited than the three-cell
unit in spite of an additional purification step that
might be required.

Many applications of bipolar membrane electrodia-
lysis for other separation problems in biotechnology
have been tested on a laboratory scale [44]. Some of
these applications are quite promising; others are pre-
sently not economic or do not provide the same quality
products as competitive conventional processes.
2.14.4.2 Continuous Electrodeionization

Continuous electrodeionization is a combination of
ion exchange and electrodialysis. The process is
similar to conventional electrodialysis. There are
some variations of the basic design of the process
as far as the distribution of the ion-exchange resin is
concerned. In some cases, the diluate cell is filled
with a mixed-bed ion-exchange resin; in other cases,
the cation- and anion-exchange resins are placed in
series in the cell [45]. More recently also bipolar
membranes are used in the process [46]. Continuous
electrodeionization is widely used today for the
preparation of high-quality deionized water to be
used as ultrapure water in the electronic industry or
in analytical laboratories.
2.14.4.2.1 System components and

process design aspects

The process design and the different hardware com-
ponents needed in electrodeionization are very
similar to those used in conventional electrodialysis.
The different concepts used for the distribution of
the cations and anions in the cell are illustrated in
Figures 18(a) and 18(b). Figure 18(a) shows an
electrodeionization stack with the diluate cell filled
with a mixed-bed ion-exchange resin which removes
the ions of a feed solution. Due to an applied elec-
trical field, the ions migrate through the ion-
exchange resin toward the adjacent concentrate
cells and highly deionized water is obtained as a
product. Compared to the deionization by a conven-
tional mixed-bed ion-exchange resin the continuous
electrodeionization has the advantage that no chemi-
cal regeneration of the ion-exchange resins is needed
which is time consuming, costly, and generates a salt-
containing wastewater.

However, in continuous electrodeionization
using a stack with mixed-bed ion-exchange resins
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weak acids and bases such as boric or silicic acid are
only poorly removed [30]. Much better removal of

weakly dissociated electrolytes can be achieved in a
system in which the cation- and anion-exchange
resins are placed in a stack in separate beds with a
bipolar membrane placed in between as illustrated
in Figure 18(b) which shows a diluate cell filled
with a cation-exchange resin facing toward the
cathode separated by a bipolar membrane from a
diluate cell facing the anode. A cation-exchange
membrane, a cation-exchange resin, a bipolar mem-
brane, an anion-exchange resin, an anion-exchange
membrane, and a concentrate cell build a repeating
unit between two electrodes.

The main difference between the electrodeioniza-
tion system with the mixed-bed ion-exchange resins
and the system with separate beds is that in mixed-
bed electrodeionization systems anions and cations
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are simultaneously removed from the feed while the
solution leaving the diluate cell is neutral. In the
electrodeionization system with separate ion-
exchange beds and bipolar membranes, the cations
will first be exchanged by the protons generated in
the bipolar membrane with the result that the solu-
tion leaving the cation-exchange bed is acidic. This
solution is then passed through the cell with
the anion-exchange resin where the anions are
exchanged by the OH� ions generated in the bipolar
membrane and the solution is neutralized. Both the
mixed and the separate bed ion-exchange continuous
electrodeionization systems are widely used today on
a large industrial scale.
2.14.4.2.2 Operational problems and the

practical applications of electrodeionization

In addition to the problems of removing weak acids
or bases in the electrodeionization system with the
mixed-bed ion-exchange resins, there are problems
of uneven flow distribution in the resin beds which
lead to poor utilization of the ion-exchange resins.
The fouling of the ion-exchange resins by organic
components such as humic acids, and bacterial
growth on the surface of the resin is a problem
which requires a very thorough pretreatment of the
feed solution to guarantee a long-term stability of the
system.

The main application of continuous electrodeio-
nization is in the production of ultrapure water. Not
only the electronic industry but also analytical
laboratories and power stations need water which is
free of particles and has a conductivity of less than
0.06 mS cm�1. Conventionally, well or surface water
is purified in a series of processes that include water
softening, microfiltration, reverse osmosis, UV ster-
ilization, and mixed-bed ion exchange. While reverse
osmosis, microfiltration, and UV sterilization can all
be operated in a continuous mode, the mixed-bed ion
Degasing

Microfiltration UV
sterilization

Storage
tank

Figure 19 Schematic diagram illustrating an ultrapure water p

step in stead of a mixed bed ion-exchange resin.
exchanger must be regenerated in certain time inter-
vals. This regeneration requires long rinse down
times to remove traces of regeneration chemicals
and is also affected by biological fouling due to
microorganisms brought into the resin during the
regeneration process. By replacing the mixed-bed
ionexchanger in the ultrapure water production
line, the process can be substantially simplified
producing consistently high-quality water in a com-
pletely continuous process. The process is illustrated
in Figure 19 which shows a simplified flow scheme
of an ultrapure water production line with a contin-
uous electrodeionization unit instead of a mixed-bed
ionexchanger.

The advantages of the ultrapure water production
with an integrated electrodeionization unit compared
to the use of a mixed-bed ion exchanger are a more
simple process, no regeneration chemicals, less raw
water consumption, and a substantial reduction in costs.
2.14.4.3 Diffusion Dialysis

In diffusion dialysis, the separation of ionic compo-
nents is not the result of an externally applied
electrical potential but a concentration gradient.
Diffusion dialysis is utilizing anion- or cation-
exchange membranes only to separate acids and
bases from mixtures with salts. The process has so
far gained only limited practical relevance [47].

2.14.4.3.1 The process principle

The principle of the process is illustrated in
Figure 23 which shows a schematic diagram of a
typical diffusion dialysis cell arrangement consisting
of a series of anion-exchange membranes arranged in
parallel to form individual cells. If a feed solution
containing a salt in a mixture with an acid is sepa-
rated by an anion-exchange membrane from a
compartment containing pure water, the so-called
Reverse
osmosis

Electrode ionization
unit

EDI concentrate
Pure water

roduction process using a continuous electrodeionization
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process used to recover acid from a pickling bath.

422 Electromembrane Processes
stripping solution anions will diffuse from the feed
solution through the ion-exchange membrane into
the stripping solution due to a concentration differ-
ence, but the salt cations will be retained by the
membrane. The protons, however, can pass the
anion-exchange membrane in spite of their positive
charge. Thus, the acid will be removed from the salt
solution. Correspondingly, a base can be removed
from mixtures with salts if cation-exchange mem-
branes are used (Figure 20).

2.14.4.3.2 System design, costs, and

application

Diffusion dialysis is used mainly to recover acids
from pickling solutions in the metal surface treating
industry. However, its commercial relevance is still
rather limited. Since the diffusion through the rela-
tively thick ion-exchange membranes is a rather slow
process, large membrane areas are required to
remove a significant amount of ions from a feed
solution resulting in high investment costs for a
given capacity plant.

A typical diffusion dialysis plant used to recover
acids such as HF, HNO3, or HCl from a pickling bath
is shown in the simplified flow diagram of Figure 21.
Depending on the specific application the diffu-
sion dialysis plant consists of a pretreatment unit and
the actual diffusion dialysis stack with pumps, filters,
flow control devices, and concentration-monitoring
instrumentation. The key component in the process
is the dialysis stack. Its construction is very similar
to that of a conventional electrodialysis unit
with 200–400 membranes in a stack. However, the
flow of the receiving solution and the feed solutions
is countercurrent and the linear flow velocities in the
stack are usually quite low, that is, generally less than
a few centimeters per second. Due to chemical
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potential gradients, and the fact that anion-exchange

membranes are permeable to protons, acid is

transported from the feed solution into the receiving

solution. When pure water is used as a stripping

solution and the system is operated in

countercurrent flow of the feed and stripping solu-

tions in a stack where all cells have the same

geometry and flow velocities, a simple relation can

be used to describe the mass transport [48]. The

amount of the component i removed from the feed

solution and transferred across the membrane is

equal to the amount of the component i received in

the stripping solution. Due to a mass balance

Cd
i ¼ Cf

i –C
pro
i ð59Þ

The membrane flux is

Ji ¼ k�Am Cf
i –C

pro
i

� �
¼ Qpro C

pro
i ð60Þ

and the recovery rate is

� ¼ C
pro
i

Cf
i

¼ k�

k� þ Qpro

Am

ð61Þ

Here, Cf
i and Cd

i are the concentrations of the compo-
nent i in the feed at the cell entrance and the cell exit,

C
pro
i is the concentration of the component i in the

product solution, that is, the concentration in the
stripping solution at the cell exit, Ji is the flux of the
component i across the membrane, k� is a mass transfer
coefficient describing the mass transport through the
membrane, Am is the membrane area, � is the recov-
ery rate of the acid, and Qpro is the volume flow rate of
the stripping solution, that is, the product.

Equations (59)–(61) give a simple relation
between the concentration of a component i in the

feed and stripping solution, the recovery rate, and the

total amount of the component i transferred through

the membrane. Modeling the diffusion dialysis pro-

cess and designing a plant for a typical practical

industrial effluent is complicated due to the complex

composition of the feed solution, which generally

contains a multitude of different ions in a relatively

high concentration, which results in a high osmotic

water flux. Thus, Equations (59)–(61) can only be

considered as a first approximation for designing

the diffusion dialysis process.
A key component in diffusion dialysis for recover-

ing acids from a feed solution is the anion-exchange

membrane. The membrane should provide high ion

fluxes and should also provide satisfactory chemical

stability in strong acid solutions. Of major concern in
operating a diffusion dialysis plant is also the flow
distribution in the stack.

The total costs in diffusion dialysis are deter-
mined mainly by charges related to the capital
investment while operating and energy costs are
generally quite low compared to other membrane
processes.

There are also some intrinsic limitations of the
diffusion dialysis process. An acid in a mixture with
its salt cannot be completely recovered because a
certain concentration difference between the feed
solution and the receiving solution is needed as driv-
ing force for acid transport through the membrane.
In addition, some salt will diffuse into the acid
because of the limited permselectivity of the anion-
exchange membranes at high ion concentrations.
This means the recovered acid will always be
contaminated with salt.
2.14.4.4 Donnan Dialysis

Donnan dialysis is an ion-exchange process between
two solutions separated by a membrane. Only cation-
or anion-exchange membranes are installed in a
stack. The driving force for the transport of ions is
their concentration difference in the two solutions.
A typical application of Donnan dialysis is the
removal of divalent ions such as Ca2þ ions from a
feed stream by exchange for monovalent ions such as
Naþ ion as illustrated in Figure 22 which shows a
feed solution containing CaCl2 in a relatively low
concentration and a stripping solution containing
NaCl in a relatively high concentration placed into
alternating cells of a stack of cation-exchange mem-
branes. Because of the concentration difference in the
feed and the stripping solution, Naþ ions diffuse from
the stripping solution through the cation-exchange
membrane into the feed solution. Since the Cl� ions
cannot permeate the negatively charged cation-
exchange membrane, an electrical potential is gener-
ated between the two solutions which acts as driving
force for the transport of Ca2þ ions from the feed to
the stripping solution. Because of the required elec-
troneutrality the identical charges are exchanged
between the two solutions, that is, for two Naþ ions
diffusing from the stripping into the feed solution one
Ca2þ ion is removed from the feed solution if the
membrane is completely impermeable for Cl� ions.
In addition to water softening, there are several
other interesting potential applications in wastewater
treatment, but presently there is no significant com-
mercial use of Donnan dialysis.
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2.14.4.5 Capacitive Deionization

Capacitive deionization is an electrosorption process
that can be used to remove ions from an aqueous
solution by charge separation [49, 50]. The process is
illustrated in Figure 23 which shows schematically a
capacitive deionization cell unit consisting of two
electrodes made out of activated carbon separated
by a spacer that acts as a flow channel for an ion-
containing solution.

In capacitive deionization, the anolyte and cath-
olyte are contained within the porous electrodes
and electrons are not transmuted by oxidation and
reduction reactions but by electrostatic adsorption.
(a)

Product B

Feed
AnodeCathode

Figure 23 Schematic diagrams illustrating the capacitive deio

the porous carbon electrodes producing deionized product wat

electrodes into the feed solution due to a change of polarity pro
The system resembles a flow-through capacitor. If

an electrical potential is applied between the elec-

trodes, ions are removed from the solution and

adsorbed at the surface of the charged electrodes.

When the carbon electrodes are saturated with the

charges the ions are released from the electrodes by

reversing the potential, that is, the cathode becomes

the anode and vice versa; the anode becomes the

cathode. Thus, capacitive deionization is a two-step

process. In a first step as shown in Figure 23(a), ions

are removed from a feed solution by electrosorption

and migration in the feed solution under an

electrical potential driving force resulting in
(b)

rine

Feed
Anode Cathode

nization process: (a) sorption of ions from a feed solution at

er and (b) desorption of ions from the porous carbon

ducing concentrated brine.
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deionized product water. In a second step as shown

in Figure 23(b), the adsorbed ions are released from
the carbon electrodes and transported back into the

feed solution by reversing the electrical potential

producing a concentrated brine.
A key component in this process is the carbon

electrode. The number of ions adsorbed at the elec-

trodes is directly proportional to the available surface

area. Therefore, the specific surface area, that is, the
surface area per unit weight of the electrodes should

be as high as possible. Activated carbon, carbon nano-

tubes, and carbon aerogels are the most promising
materials for the preparation of electrodes. Their

specific surface area is up to 1100 m2 g�1. Another

parameter is the applied potential which not exceeds
a certain maximum value to avoid water dissociation

caused by electrode reactions. In practical applica-

tions of capacitive deionization, cells are operated at
a voltage drop of between 0.8 and 1.5 V. The effi-

ciency of capacitive deionization is impaired by

incomplete sorption and desorption of ions and by
sorption of counterions from the concentrate during

the regeneration step. However, this effect can be

reduced significantly by placing an ion-exchange
membrane between the feed solution and the elec-

trodes [51] as illustrated in Figure 24 which shows

schematically the ion transport in membrane capaci-
tive deionization.

During the deionization step anions are pre-
vented to diffuse into the product water by

cation-exchange membrane on the cathode and an
anion-exchange membrane on the anode as shown

in Figure 24(a). During the regeneration step under

reverse polarity condition, the cation-exchange
(a)
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Cation-exchang
Anion-exchang

Figure 24 Schematic diagrams illustrating the capacitive deion

feed solution and the porous carbon electrodes: (a) shows sorptio

of ions due to a change of polarity producing concentrated brin
membrane prevents the transport of anions toward
the anode and the anion-exchange membrane pre-
vents the transport of cations toward the cathode as
shown in Figure 24(b) and thus, avoids an ion
adsorption at the electrodes during the regeneration
step. The consequence of introducing an ion-
exchange membrane between the feed solution and
the electrode is that more ions are adsorbed during
the deionization step and more ions are desorbed
and released during the regeneration step in a capa-
citive deionization process with ion-exchange
membranes than in a capacitive deionization pro-
cess without ion-exchange membranes between
feed solution and electrodes.
2.14.5 Ion-Exchange Membranes in
Electrochemical Synthesis

Ion-exchange membranes are also used in
electrochemical synthesis of certain organic and
inorganic compounds, such as chlorine and caustic
soda, or, oxygen and hydrogen.
2.14.5.1 The Chlorine/Alkaline Production

Today, the electrolytic production of chlorine and
caustic soda is one of the most important processes
using ion-exchange membranes in electrochemical
synthesis [7]. The process is illustrated in the sche-
matic drawing of Figure 25. The cell unit used in this
process is composed of two electrodes separated by a
cation-exchange membrane forming two compart-
ments. The compartment with the anode contains
(b)

rine

Feed
Anode

e membrane
e membrane

Cathode

ization process with ion-exchange membranes between the

n, that is, the deionization step and (b) shows the desorption

e, that is, the regeneration step.
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the anolyte, that is, a 25 wt.% NaCl solution, and the
other compartment with the cathode contains the
catholyte, that is, dilute sodium hydroxide. When
an electrical potential between the electrodes is
applied, the chloride ions in the anode compartment
migrate toward the anode where they are oxidized
and released as chlorine gas. The sodium ion from
the salt solution migrates through the cation-
exchange membrane toward the cathode where it is
reduced to sodium metal, which immediately reacts
with the water to sodium hydroxide and hydrogen,
which is then released as gas. A multitude of the cell
units are integrated in a stack using bipolar electro-
des. High-performance perfluorinated membranes
with excellent chemical stability are used in the
process. There are many more very interesting pro-
cesses with ion-exchange membranes as key
elements used today in organic synthesis and cataly-
tic membrane reactors.
O2 + 4H+2H+ 2H2O

O2CatalystH2 Oxidizing mediaFuel

H2 H+

Figure 26 Schematic drawing illustrating the principle of

the fuel cell based on the electrochemical oxidation of

hydrogen by oxygen.
2.14.6 Ion-Exchange Membranes in
Energy Conversion and Storage

Ion-exchange membranes play an increasingly
important role in energy storage and conversion
systems such as battery separators and fuel cells.
They are also considered in generating electrical
energy from mixing salt solutions and surface water.
2.14.6.1 Ion-Exchange Membranes in Low-
Temperature Fuel Cells

The most prominent application of ion-exchange

membranes in energy conversion systems is in low-

temperature fuel cells [52]. The principle of a fuel

cell based on the electrochemical oxidation of hydro-

gen by oxygen is illustrated in Figure 26 which
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shows a single unit cell consisting of two porous
electrodes and two catalyst layers separated by a
cation-exchange membrane.

Hydrogen gas is passed through the porous anode.
It reacts in the catalyst layer forming protons and
releasing electrons at the anode to an electric circuit.
The protons diffuse through the ion-exchange mem-
brane and react in the catalyst layer at the surface of
the porous cathode with oxygen gas to form water
and take up electrons from the electric circuit. The
overall reaction in a fuel cell is the oxidation of
hydrogen by oxygen to water. Instead of hydrogen
hydrocarbons also, such as methanol or ethanol, are
used as fuel and often air is used as oxidation medium
instead of oxygen.
2.14.6.2 Energy Production by Reverse
Electrodialysis

The production of energy by mixing seawater with
river water through ion-exchange membranes is a
process referred to reverse electrodialysis. The pro-
cess, which is illustrated in Figure 27, provides a
clean and sustainable energy source and is certainly
very interesting.

The design of a stack to be used in reverse electro-
dialysis is very similar to the stack used in
electrodialysis. The main difference is that the cells
arranged in parallel between the electrodes are rinsed
in alternating series by sea and by river water as
indicated in Figure 27. The ions in the seawater
indicated as Naþ and Cl- ions permeate from the
seawater into the river water through the correspond-
ing ion-exchange membrane due to their
electrochemical potential gradient. This leads to an
electrical current between the cathode and anode.
The maximum amount of energy that can be recov-
ered is the Gibbs free energy of mixing fresh water and
seawater which is � 10.7 kWh when 1 m3 of fresh
water is mixed with seawater that has a total salt
content of �35 kg m�3. The driving force for the ion
transport through the cation- and anion-exchange
membranes which separates the seawater from the
fresh water is the electrochemical potential difference
between the sea and the river water. The flux that can
be achieved with today’s ion-exchange membranes is
in the range of a few kg m�2 h�1. Concentration polar-
ization effects at the membrane surface will further
reduce the effective flux and energy needed to pump
the sea and the fresh water through the membrane
device will reduce the efficiency of the process further.
Therefore, it seems that membrane costs must be
drastically decreased and membrane ion transport
rates must be increased to make reverse electrodialysis
a competitive energy-production process.!!
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Glossary
Casting procedure A method for the preparation

of polymer electrolyte membranes in which a

solution (or dispersion) of the ionomer is cast on a

suitable flat solid surface (e.g., a glass plate). After

the elimination of the solvent (usually by heating),

the formed membrane is detached from the

support. In industrial preparations, percolating films

of ionomer dispersions are rapidly air-dried during

their percolation.

Copolymerization A chemical reaction in which

macromolecules are formed from different kinds of

monomers.

Counter-osmotic pressure The external pressure

required to prevent the flow of water entering into

the osmotic cells. With reference to ionomer

membranes, counter-osmotic pressure is

produced by the counter-elastic force of the

membrane matrix that balances the inner osmotic

pressure.

Cross-linking The formation of covalent bonds

between adjacent chains of macromolecules

(polymers). The introduction of cross-linking in

ionomer membranes can significantly reduce their

swelling due to water uptake.

Four-probe impedance measurements A direct

(DC) or alternating (AC) electrical current (I) is

driven through a membrane strip by two

electrodes located at the ends of the strip. The

potential drop along the strip (V) is measured by a

couple of electrodes, separated by a distance d.

For DC measurements, the membrane

conductivity is: s¼ (Id)/(VA), where A is the area of

the membrane cross section. The same relation

also holds for AC measurements if the phase

angle is close to zero.

Impedance measurements Impedance is a

quantity, usually indicated by Z, that relates the

alternating current (I) passing through a circuit to

the alternating potential (V) applied to it. It

consists of two components: resistance (R) and

reactance (X). If V is expressed as the sum of a

component (V9) in phase with I and a component

(V0) leading or lagging I by �/2, then R¼V09/I0
and X¼V00/I0, where V09, V00, and I0 are the
amplitudes of V9, V0, and I, respectively.

Impedance measurements within a suitable

frequency range (e.g., from mHz to MHz) are

usually employed to separate the ohmic

resistance of an electrolyte from the impedance

of the electrode–electrolyte interface (see Nyquist

plot).

Keggin structure A cage-like structure, which is

built up by four equivalent sets of octahedra

made of oxygen atoms (oxide ions, together with

hydroxyl ions and water molecules) coordinating

a central metal ion. Each set is formed by three

condensed octahedra sharing edges and is

connected to the other three sets through

octahedron corners. Within each set, there is one

oxide ion shared by three octahedra. These oxide

ions are also tetrahedrally coordinated to a p-

block element located at the center of the cage.

Nyquist plot A representation of the data

obtained from impedance measurements drawn

by plotting Z0 as a function of Z9. The analysis of

the Nyquist plot usually allows for the separation

of the ohmic resistance of an electrolyte from

the impedance of the electrode–electrolyte

interface.

Osmotic water inside an ionomer

membrane The fraction of water (usually

expressed as the number of water moles per

equivalent weight of fixed ionogenic groups) that

enters an ionomer for equilibrating differences

between the water activity inside and outside the

ionomer.

Polycondensation A chemical reaction in which

compounds of high molecular mass are formed

from monomers with the elimination of small

molecules, such as water.

Swelling An expansion of the volume of the dry

membrane due to the uptake of water or other polar

solvents.

Water-sorption isotherms of polymeric

electrolytic membranes Plots in which, at

constant temperature, the water uptake of the

membrane is reported as a function of the external

relative humidity.
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2.15.1 Introduction

Both the continuous increase in petrol costs and the

necessity for reduction of pollution, especially in

large towns, have reinforced interest in electrical

cars based on fuel cells (FCs). Among the recently

developed types of FCs, preference is given to poly-

meric electrolyte membrane fuel cells (PEMFCs)

because these cells exhibit the best characteristics of

weight, volume, and current density for automotive

applications [1].
We recall that hydrogen PEMFC is a primary

electrochemical device [2] where a fuel (e.g., hydro-

gen) is fed to a catalytic electrode (usually Pt) that is

able to catalyze, at the working temperature, the

anodic semi-reaction:

H2 ! 2Hþ þ 2e ðIÞ

while an oxidant (usually air or oxygen) is fed to a
catalytic electrode (usually Pt) specific for the cath-
ode semi-reaction:

2Hþ þ 1=2 O2 þ 2e! H2O ðIIÞ

Hydrogen and oxygen (air) are separated by a
proton-conducting polymeric membrane. The pro-

tons produced at the anode cross the membrane and

react at the cathode with the formation of water. The

chemical energy derived from the fuel oxidation is

therefore continuously converted into electrochemi-

cal energy.
At temperatures lower than 130 �C, only hydro-

gen and a few other fuels (e.g., alkanols) are able to

produce protons at an acceptable rate. Therefore, our

attention will be limited to membranes for PEMFC

types using hydrogen or methanol as fuel.
Before discussing current knowledge of these

membranes, it is assumed that there are still many

unsolved problems which delay the commercializa-

tion of PEMFCs being used in cars.
In short, the main problems in PEMFCs using

hydrogen as fuel are related to: (1) the high costs of

both proton-conducting polymeric membranes and

catalysts; (2) the low proton conductivity of the pre-

sently available membranes at low relative humidity

(RH); and (3) their instability and short lifetime at

temperatures higher than about 80 �C (see later for

details).
Other problems that arise in PEMFCs using

methanol as fuel are either too high methanol cross-

over through the present polymeric membranes or
the high costs and low efficiency of catalysts at the
anodic electrode.

In this situation, it is now becoming clear that
intensive efforts must be made to develop completely
new types of polymeric membranes with the required
characteristics for automotive application.

However, since it is not probable that new PE
membranes better than the existing ones based on
perfluorosulfonic acid (PFSA) will be found in the
near future, efforts to improve the characteristics of
existing membranes by appropriate modifications
must also be made. In order to do this in the best
manner, we need to know the basic aspects of unmo-
dified proton-conducting membranes.

Therefore, in the first part of this chapter, we
begin by examining the general properties of PE
membranes such as ion exchange, sorption of elec-
trolyte and nonelectrolyte solutes, swelling, and
shrinking. Then, after a short discussion of the rea-
sons for which, especially for automotive
applications, we need membranes of high conductiv-
ity, high stability, and a long lifetime, we examine the
properties of some unmodified PFSA membranes.

Especially for Nafion, the morphology, the evolu-
tion of its conformation during hydration/
dehydration processes, the equilibrium water uptake,
and its relation to the tensile modulus and proton
conductivity are discussed in some detail. The very
recent advancement in understanding the reasons for
their thermal instability at medium temperatures will
then be illustrated.

Nonperfluorinated ionomers with polyaromatic
or inorgano-organic backbones, which are considered
as possible alternatives to Nafion membranes, are
also described and compared with Nafion. Due to
the large variety of these materials, only representa-
tive examples are reported here with focus on the
main synthetic procedures and physicochemical
properties.

Finally, some remarks on the expected develop-
ments of membranes for PEMFCs in the near future,
including recent progress on thermal-annealing pro-
cedures for increasing their durability in the
temperature range 80–130 �C, are reported.
2.15.2 General Properties of Polymer
Electrolyte Membranes

Other than in solutions or in ionic liquids, ionic
conduction can also take place in the solid state.
The solids that exhibit ionic conduction are called
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solid-state ionic conductors (SSICs). Fundamental

aspects of the conduction mechanism for inorganic

SSICs are not discussed here. The interested reader

is referred to [3]. Based on the charge of ionic species

responsible for conduction, they are divided into

cationic and anionic conductors; then, based on spe-

cific species involved in the conduction, they are

further subdivided into sodium ion conductors, pro-

ton conductors, fluorine ion conductors, and so on.

The class of inorganic solid-state proton conductors

(SSPCs) has been particularly investigated for its

potential applications [4].
If the solid conductor is a polymer, we refer more

specifically to polymer electrolytes (or ionomers).

Many ionic groups such as �SO3
– , –PO3H�,

–COO�, �NH3
þ , and ¼Nþ¼, whose electric

charge is balanced by mobile counterions of opposite

sign, can be easily attached to a variety of polymers

and the chemistry of the obtained materials has been

developed since 1935, when the first polymer-ion

exchangers were obtained by Adams and Holmes

[5]. The interest in these materials has grown con-

siderably after World War II for their application as

cation and anion exchangers and a large variety of

polymeric ion exchangers were developed. Many

books on this subject are available. Among them, we

recommend, in particular, the book Ion Exchange by

Helfferich [6].
The most important cation exchangers are sulfo-

nation products of cross-linked polystyrene. The

most important anion exchangers are cross-linked

polystyrene into which strong- or weak-base groups

have been introduced by chloromethylation and sub-

sequent amination. Reaction with tertiary alkyl

amines gives strong-base quaternary ammonium

groups. Most part of the polymer-ion exchangers

exhibits some amount of ionic conduction. The

importance of this conduction is due to the fact that

thin sheets or membranes can be easily obtained by

casting procedure or by extrusion of polymer elec-

trolytes at high temperatures. These thin membranes

are usually flexible and very compact and can be

used as separators in many electrochemical processes

and electrochemical devices.
PEMs in sodium form are used as separators in the

electrolytic preparation of Cl2 and NaOH and in the

processes of electrodialysis, in which desalting of

brackish water can be obtained by an alternating

arrangement of cationic and anionic PEMs. Finally,

there is an increasing interest in the use of PEM in

Hþ form as separators in FCs, and also in the
electrolytic processes for the local production of
hydrogen.

An almost unlimited variety of resins with
different fixed ionic groups and different composi-
tions and degrees of cross-linking of the matrix can
be prepared. However, in spite of the large number of
possible polymer electrolytes, only a few are able to
exhibit the required electrochemical properties for
their use as membranes in electrochemical processes
of interest.
2.15.2.1 Ion Exchange

As a rule, polymer electrolytes are insoluble in aqu-
eous solutions. When a polymer electrolyte
containing Aþ as counterion is placed in an electro-
lyte solution containing the cation Bþ, an exchange
between the two counter ions takes place:

Aþ þ Bþ! Bþ þ AþðIIIÞ

The original counter ion Aþ in the ionomer is
partially replaced by Bþ. Ion-exchange equilibria
are of great practical and theoretical importance
and have therefore been extensively investigated.
Without getting into the details of these studies, it
has been observed that the polymer electrolyte
usually retains or takes up certain counter ions in
preference to others (ion-exchange selectivity).
Independently of specific interactions with the fixed
ionic groups, counter ions of higher valence are
greatly preferred. This selectivity is known as elec-
troselectivity. The presence of counter ions of high
valence or having specific interactions with the fixed
ionic groups must therefore be carefully avoided in
PEMs which are used in electrochemical processes
because, as a rule, the higher the selectivity of a
certain counter ion, the lower its mobility in the
membrane. This is why proton-conducting mem-
branes employed in FCs are boiled in 0.5 mol l�1

sulfuric acid before being used.
The ion-exchange capacity is usually expressed in

milliequivalents per gram (meq. g�1) of dry ionomer
in Hþ form. Polymer electrolytes in Hþ form and
–OH� form can also be considered as insoluble poly-
acids and polybases, respectively. Therefore, their
weighed amounts can be titrated with standard
bases and acids. In such a titration, the insoluble
polyelectrolyte gel reaches equilibrium with the
solution to which the titrant is added. If the equili-
brium is slowly reached, a new titrant must be added
only when the previous one has been completely
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consumed. The neutralization of the acid or basic
fixed groups can be easily observed by recording
the pH of the supernatant solution by an automatic
titrator. The titration curve obtained can be evalu-
ated to give the number of ionogenic groups.
Information on the acid strength of fixed ionogenic
groups can also be obtained by the titration curves.
2.15.2.2 Sorption of Nonelectrolyte
Substances from Solutions or Vapors

Nonelectrolytes are sorbed by ionomers in a manner
similar to that by nonionic sorbents. Sorption is
favored by specific interactions between the sub-
stance under consideration and the polymer
electrolyte. These interactions can occur either with
the polymeric matrix (London interactions) or with
the counter ions. The latter interaction is particularly
important in the case of strong acidic ionomers that
can take up many protonable molecules such as water
and basic organic solvents. The sorption of water is
essential for proton transport in PEM for FCs and
this subject is dealt later in the Sections 2.15.2.4 and
2.15.2.6. The sorption of methanol is also very impor-
tant for PEMFCs using methanol as fuel (Me
PEMFCs). Finally, some basic solvents such as
dimethylformamide (DMF), N-methylpyrrolidone
(NMP), and alkanols are used in the preparation of
membranes for FCs by the so-called casting proce-
dure. Large amounts of these solvents can remain
inside the membranes even after drying. Strong
acidic membranes such as Nafion in Hþ form must
be stored in closed systems because many organic
vapors present in the air even in small concentrations
can be taken up. The basic solvents present in the
membranes must be eliminated before their use in
FCs. This elimination can be done either by oxida-
tion with a boiling solution of 3% H2O2 or by
washing with acid solutions.
2.15.2.3 Sorption of Electrolyte Solutes
(Donnan Exclusion)

Sorption of electrolytes is affected by electrostatic
forces. The origin of these electrostatic forces when
an electrolyte polymer with fixed negative charge is
placed in a dilute solution of a strong electrolyte is
first discussed briefly. As in this case the concentra-
tion of positively charged counter ions inside the
polymer electrolyte is higher than in the external
solution, there is a natural tendency for these counter
ions to diffuse out into the solution in order to level
out the concentration differences. On the contrary,
the concentration of the negative species is higher in
the solution, and a diffusion of these species from the
solution into the electrolyte polymer must be
expected. However, because the moving species are
charged, the diffusion process disturbs electroneu-
trality. Even a limited migration of both cations into
the solution and anions into the electrolyte polymer
produces an excess of positive charge in the solution
and of negative charge in the polymeric phase. The
electric potential difference at the interface is known
as Donnan potential. This potential attracts the
cations back into the negatively charged polymeric
phase and repels anions back into the positively
charged solution. An equilibrium is established at
which the natural tendency of both positive and
negative ions to migrate is balanced by the attractive
and repulsive forces of the electric field. The result is
that the concentration of the counter ions in the
polymeric phase remains higher than in solution,
while the opposite takes place for the anions
(co-ions). Owing to the requirement of electroneu-
trality, low coion uptake is equivalent to low
electrolyte sorption in the polymeric phase. In other
words, the electrolyte is, at least partially, excluded
inside a cationic polymer electrolyte (Donnan exclu-
sion). The situation within a polymer electrolyte
carrying fixed positive charges can be described in a
similar manner and Donnan exclusion of the electro-
lytes also occurs in this case. Obviously, the Donnan
potential will take an opposite sign to that previously
described. Donnan exclusion increases with increas-
ing concentration of the fixed charges and decreases
with the concentration of the electrolyte in solution.
Donnan exclusion also decreases if counter ions and
coions have high and low valence, respectively.
2.15.2.4 Swelling

As seen before, dried polymer electrolytes are able to
sorb a large variety of solvents. The solvent uptake
provokes an expansion of the polymeric matrix.
Particularly important is the uptake of water and
we refer essentially to this solvent; however, large
amounts of other solvents such as alkanols and some
basic solvents such as NMP and DMF are also taken
up. The driving forces for solvent uptake are the
solvation tendency of the counter ions and fixed
ionic groups, as well as the tendency of the highly
concentrated polyelectrolyte solution to dilute itself.
The elastic matrix is stretched to make room for the
incoming solvent. Swelling equilibrium is achieved



Figure 1 The mechanical model of Gregor in which the

matrix of a polymer electrolyte is represented as an elastic
spring that is stretched when water enters into the liquid

pores.

436 Electromembrane Processes
when the swelling pressure balances the driving
forces for solvent uptake. As early as 1948, Gregor
[7] developed a very simple model for solvent
uptake that is schematically illustrated in Figure 1.
According to this model, the matrix of the polymer
electrolyte is an elastic network that acts as an
elastic spring. When the polymer swells, the
network is stretched and exerts a pressure on the
internal water-filled pores just as the skin of an
inflated toy balloon exerts a pressure on the air
inside. In the Gregor model, solvation shells are
considered as being part of both fixed charged
groups and counter ions. This choice is not well
defined from a thermodynamic point of view, but
it brings out a clear picture of the physical action of
the swelling pressure.
2.15.2.5 Kinetics of Swelling and Shrinking

Swelling and shrinking may be described in terms of
diffusion of solvent molecules. No electric coupling
is involved because the solvent molecules are not
charged. The fact that swelling progresses from the
external surface of the membrane toward its center
should be taken into account. As the external part of
the matrix progressively expands, the solvent mole-
cules become more and more mobile in the already
swollen part. Thus, swelling equilibrium is rapidly
attained in the external part of the membranes, while
the solvent diffusion remains low in the still shrunken
inner part of the membrane. The result is that there is
the formation of a sharp phase boundary that moves
from the external part toward the center of the
membrane. When the swollen membrane is dehy-
drated, the external layers are the first to lose their
solvent. The shrinking of the external part increases
the resistance to solvent diffusion, whereas in the
inner part, the higher solvent mobility keeps the
solvent concentration rather uniform. The result is
that the formation of a moving phase boundary does
not occur. Furthermore, shrinking is much slower
than swelling, particularly in the last stages of dehy-
dration, because the solvent must travel long
distances in the shrunken polymer matrix.

Swelling and shrinking are important properties
for PE membranes, which are discussed in detail
later.
2.15.2.6 Water-Vapor Sorption Isotherms
in Cross-Linked Polymer Electrolytes

Especially for FC membranes, it is important to know
the water uptake when the polymer electrolyte is
equilibrated at constant temperature and various
values of RH. The water taken up by a polymer
electrolyte is conveniently reported as the number
of water molecules per ionogenic group and usually
denoted by �.

A typical water-vapor sorption isotherm at room
temperature for the Hþ forms of sulfonated styrene
at various degrees of cross-linking [8] is shown in
Figure 2.

Note that, for RH < 0.3, the water uptake is low
and almost independent of the degree of cross-linking.
As shown later (see Equation (3)), the reason is that the
osmotic water taken up for the different water activ-
ities outside and inside the ionomer (�os) is very less at
low RH values. Thus, at low RH values, the most
important factor for the water uptake is the hydration
tendency of the ionogenic groups (which is indepen-
dent of the degree of cross-linking). In other words,
the first water that enters into the anhydrous pores at
low RH is very likely strongly bound as a hydration
shell (�hyd).

The �os appreciably increases with RH.
Generally, very high values can be obtained at
RH > 0.7, even for low degrees of cross-linking of
the ionomer. Taking into account that the cross-
linking is expected to increase the counter-elastic
force of the polymer matrix, the strong dependence
of water uptake on the degree of cross-linking can be
simply explained by the Gregor model discussed
earlier.
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Figure 2 Typical water-vapor sorption isotherms for the
Hþ form of sulfonate styrene ion exchange resin at various
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To account for the possibility of anisotropic swel-
ling, the counter-elastic forces in the three space

directions can be introduced into the original model

[9]. Furthermore, by eliminating fixed ionized groups, a

simple three-dimensional model for the study of water-

vapor sorption isotherms of solutions under different

applied pressures can also be obtained (Figure 3(a)).
Acid
solution

Water

(a)

a = 1 RH = 1

λtot = C

Figure 3 A simplified model of (a) a three-dimensional cell fille

be a semipermeable membrane. The cell is immersed in liquid w
reached when the osmotic pressure is balanced by the counter

swelling, the counter-elastic force is the same in the three direc

force.
Let us suppose that inside this three-dimensional
model, without any applied pressure (Figure 3(b))

there is a solution of an undissociated solute which

does not appreciably interact with water.
We can write

Xs ¼ 1 –Xw ð1Þ

where Xs and Xw are the molar fraction of the solute
and of the water, respectively.

Taking into account Raoult’s law, we can also
write

Xw ¼
P

P0
¼ RH ð2Þ

Finally, by remembering that

Xw ¼
nw

nw þ ns

where nw and ns are the number of water and solute
molecules, respectively; by dividing numerator and
denominator by ns, we obtain

Xw ¼
�os

�os þ 1
¼ RH ð3Þ

where �os is the osmotic water due to the difference
in activity between the water in the external vapor
phase and the water inside the osmotic box. If the
solute strongly interacts with water with formation of
hydration shells, additional water is taken up for
hydration (�hyd).
(b)

RHx = Px /P0 = λ /(λ  + 1)

Vapor

Acid
solution

λtot = C

d with acid solutions. The surface of the cell is considered to

ater. An equilibrium between the external and inner water is
-elastic force of the springs (in absence of anisotropic

tions). (b) The cell (a), without any applied counter-elastic
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Since in the Gregor model the solvation shell is
considered as being part of the protons and anions,
the total water becomes

�tot ¼ �os þ �hyd ð4Þ

Thus, Equation (3) can be written as

RH ¼ �tot –�hyd

�tot –�hyd

� �
þ 1

ð5Þ

Let us now apply similar considerations to a polymer
electrolyte containing –SO3H groups. In this treatment,
–SO3H groups are considered as completely dissociated
when �tot� 3 [10]. However, unlike soluble acids, only
dissociated protons contribute to the osmotic pressure,
while the dissociated�SO3

– groups contribute only to
the total hydration. By defining total hydration (�hyd) as
the sum of the hydration numbers of protons (�þhyd) and
�SO3

– groups (� –
hyd), we have

�hyd ¼ �þhyd þ � –
hyd ð6Þ

Thus, the osmotic behavior of a polymer electro-
lyte can be described using Equation (5), by inserting
the hydrations of protons and fixed charges, similar
to Equation (6) derived for an acid solution.

There are various methods for the estimation of
�hyd that cannot be discussed here. In short, as an

average of much data (based on various vapor sorption
isotherms of solutions of sulfuric and phosphoric acids
at various temperatures), a useful estimation for the
proton hydration at 20 �C could be the following: �1

for RH < 0.1; �3 for RH¼ 0.25; and �3.5 for
RH¼ 0.4. For RH > 0.4, the estimation is more diffi-
cult because �hyd begins to be influenced by the
counter-elastic force of the ionomer while additional

water can also be taken from the fixed�SO3
– groups.

By assuming that the protons are completely disso-
ciated when �tot > 3, it can be estimated that the
hydration number of the proton at RH¼ 0.8 is about

6 for an ionomer that exhibits a �tot in the range 12–16
when equilibrated in liquid water at 20 �C. Taking
into account the hydration of the fixed dissociated
groups, the total �hyd can be assumed to be about 7.

Equation (5) can therefore be written as

RH ¼ ð�tot – 7Þ=ð�tot – 6Þ ð7Þ

According to Equation (7), �tot greatly increases
with increasing RH and becomes1 for RH¼ 1.

The fact that finite water-uptake values are experi-
mentally found at RH¼ 1 is due to the counter-elastic
force of the polymeric matrix that prevents its
dissolution.
A plot of Equation (7) can be considered as an
isotherm for an ideally soluble polymer electrolyte
with degree of cross-linking equal to zero and in
which no interactions between adjacent polymeric
chains occur. Note that this ideal isotherm 0,
reported in Figure 2 as an isotherm of reference, is
very near to the experimental curve with degree of
cross-linking 0.25 divinylbenzene (DVB).

Now, we can apply an increasing degree of cross-
linking to the ionomer. It can be shown [9] that due
to the increased counter-elastic force, the isotherm 0
is shifted more and more toward the right, as experi-
mentally observed. The derivation of these shifts as a
function of the counter-elastic force of the polymeric
matrix is discussed in Section 2.15.4.1.4.
2.15.2.7 Schroeder Paradox

About 100 years ago, Schroeder [11] reported that the
water taken up by a sample of gelatin immersed in
liquid water is greater than that taken up by the same
sample when equilibrated in vapor at 100% RH. This
phenomenon was called the Schroeder paradox
because, the chemical potential of liquid water being
equal to that of its saturated vapor at the same tem-
perature, no differences in water uptake were
expected. In the last century, the Schroeder paradox
was then reported for many other amorphous materi-
als, including ionomers, and many different
explanations have been reported. Due to the large
number of papers on this subject, this thermodynamic
paradox was believed to be true and therefore taken
into account in many papers concerning the water
uptake of ionomer membranes. In our systematic
investigations on the water uptake of Nafion 117
membranes (see later), the Schroeder paradox was
never clearly found. This led us to conclude that
many of the previous water determinations were
strongly influenced by differences in permanent
deformations in ionomers that were not well con-
trolled [9]. These conclusions were then confirmed
in a recent paper of Onishi et al. [12] in which it has
been definitively confirmed that the Schroeder para-
dox does not exist, at least for ionomer membranes.
2.15.3 General Consideration on
Membranes for PEMFCs

Before describing the state of the art of important
proton-conducting membranes for PEMFCs, some
general considerations about the desirable operating



Basic Aspects in Proton-Conducting Membranes for Fuel Cells 439
temperature of the stacks, membrane resistance to
radical attack, gas permeability, lifetime, and thick-
ness of the membranes are reported. For additional
information, the reader is referred to Li et al. [13]

Next, two main types of polymeric membranes
are taken into consideration: (1) perfluorinated mem-
branes containing superacid protogenic –SO3H
groups and (2) nonperfluorinated membranes con-
taining acid protogenic –SO3H groups.

There is a brief information on membranes con-
taining basic groups (e.g., PBI) soaked with
phosphoric acid, to give suitable proton conductivity
at low RH and high temperature.
2.15.3.1 Desirable Operating Temperature
of the Stacks

In contrast to an internal combustion engine (ICE),
which rejects almost half the heat through the
exhaust, an FC has to reject most of the heat
through the radiator. On the other hand, for rea-
sons of weight and dimensions, the size of a
PEMFC radiator must be smaller or comparable
with that of existing ICEs of similar power. The
cooling efficiency obviously depends on the differ-
ence between the stack temperature and the
external temperature. From a practical point of
view, in order to use a radiator having a front
area comparable with that of an ICE of similar
power, we need membranes that are able to oper-
ate up to 90 �C when the external temperature is
lower than about 25 �C and in the range 90–110 �C
when the external temperature is in the range 25–
40 �C. Further reductions in the radiator front area
obviously require higher stack temperatures.
However, temperatures higher than 130–140 �C
are not desired by car producers because they
prefer to use the same radiators of the existing
ICE without any change of cooling liquid and
thermal resistance of the connecting tubes. Other
problems also arise on very cold days. In this case,
especially when the membrane hydration is greater
than 3–4 molecules of water for each –SO3H
group, freezing of water can provoke irreversible
damages to the membrane. Furthermore, in subzero
conditions, the proton conductivity of the mem-
brane becomes very low and problems can arise
in starting the FC. Finally, the water generated at
the cathode can freeze near the electrode interface
leading to limited or totally blocked oxygen
permeation.
2.15.3.2 Membrane Resistance to Radical
Attack

Superoxide radicals can be formed in a working
PEMFC by oxygen crossover through the mem-
brane onto the anode side with formation of HO2

�

at the platinum catalyst. Furthermore, hydrogen
peroxide is formed at the cathode side in sufficient
amounts for its detection. In the presence of cataly-
tic platinum, H2O2 decays, especially at high
temperature, into HO� radicals. These species are
all very reactive, and are therefore responsible for
the degradation of membranes [14]. Thus, to ensure
long-term durability of the membranes, we need
ionomers of high chemical stability. The first com-
parative assessment of membrane stability can be
carried out using the Fenton reaction (H2O2/
Fe(II)) and characterizing membrane physical integ-
rity, conductivity, mechanical properties, etc. as a
function of time.
2.15.3.3 Permeability to Gases

The permeability of both oxygen and hydrogen
through the membrane is of the order of 10�11 to
10�10 mol s�1 atm�1, corresponding to an equivalent
loss of 1–10 mA cm�2, approximately 1% of the
performance.
2.15.3.4 Lifetime

The Teflon-like molecular backbone provides excel-
lent long-term stability to PFSA membranes. A
lifetime of over 60 000 h under the working condition
of FCs at temperatures lower than 90 �C has been
achieved, for example, with commercial Nafion
membranes.

At temperatures >90 �C, the durability is till date
too short for practical applications.
2.15.3.5 Thickness of the Membranes

Weight and volume of the PEMFC are particularly
important for automotive applications; thus, very
thin membranes which also exhibit high proton con-
ductivity are required in order to reach current
density of about 7–10 kA m�2. The thickness of the
membranes is, however, limited by the mechanical
properties of the polymer used and by its permeabil-
ity to hydrogen and oxygen. The membrane must
prevent the diffusion of these reacting gases as much
as possible. High permeability would defeat the main



Table 1 Perfluorinate sulfonic acid membranes

Some Nafion� 1100 membranes, produced by Du Pont de
Nemours:

Nafion 117 (180mm)

Nafion 115 (130mm)
Nafion RE212 (50mm)a

Nafion 112 (50mm)

Some Hyflon Ion membranes, produced by Solvay Solexis:
Aquivion E87-10S (100mm)

Hyflon Ion 890 (50mm)

Hyflon Ion 790 (30mm)

PFSA membranes, produced by Fumatech�:
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purpose of the FC because the oxidation of hydro-
gen occurring for diffusion of oxygen to the anode
or for diffusion of hydrogen to the cathode will not
contribute to the generation of electricity. It would
simply result in wasting heat, thus reducing the
efficiency of the PEMFC. The thickness of many
membranes is therefore between 50 and 200 mm.
High energy density sufficient for automotive
application can be obtained with this thickness
only if proton conductivity is of the order of
0.1 S cm�1.
Fumapem F950

Fumapem FZP-930b

Aciplex membranes produced by Asahi Chemical Company

Flemion membranes produced by Asahi Glass Company

Dow membranes produced by DowChemical (not
commercially available)

a Prepared by casting procedure.
b Composite PFSA–zirconium phosphate membrane.
2.15.4 Perfluorinated Membranes
Containing Superacid –SO3H Groups

The PFSA membranes are characterized by high
mechanical stability, excellent chemical inertness,
very interesting thermal stability, and high proton
conductivity. For these unique characteristics, they
have been the material of choice for automotive
PEMFCs for many years. We may recall that the
use of PFSA membranes in PEMFCs started about
45 years ago with the US space program Gemini in
which the first successful realization of low-tempera-
ture PEMFCs was possible. In spite of their high cost
and some important limitations, that are discussed
later, they are used even now because better pro-
ton-conducting membranes with fixed protogenic
groups are not commercially available for automo-
tive PEMFCs.

Many commercial forms of PFSA membranes
exist today. Some of these are listed in Table 1.
Our attention here is essentially limited to Nafion�,
being till date the most investigated membrane. Some
comparisons between Nafion� and the recent Hyflon
Ion� membranes are also made.
2.15.4.1 Nafion Membranes

Nafion 1 membranes differ from conventional ion-
exchange membranes in that they are not formed by
cross-linked polyelectrolytes but by thermoplastic
perfluorinated polymers with pendant side chains
terminated by –SO3H groups.

Nafion
In commercial materials, m varies from about 5 to
11. This generates an equivalent weight (EW) ran-
ging from about 1000 to 1500 g of dry Nafion per
mole of sulfonic acid groups, corresponding to
an ion-exchange capacity ranging from 1.0 to
0.67 meq. g�1.

Nafion membranes are designated by three num-
bers, the first two referring to the EW and the last one
to the thickness. For example, the numbers 112, 115,
and 117 refer to Nafion membranes having 1100 EW
and a nominal thickness of 2� 10�3, 5� 10�3, and
7� 10�3 inches, respectively. The molecular weight
is in the range 105–106 Da.

Due to the presence of the electronegative fluor-
ine atoms, the acidity of the –CF2–SO3H groups is
very high (the value of the Hammet acid function is
equal to �12). Thus, this particular polymer electro-
lyte combines in one macromolecule the high
hydrophobicity of the backbone with the high hydro-
philicity of the sulfonic superacid groups.
2.15.4.1.1 Preparation
A sulfonylfluoride precursor of Nafion membranes is
first obtained by copolymerization of sulfonylfluor-
idevinylether with tetrafluoroethylene. This –SO3F
precursor is thermoplastic and therefore it can be
extruded into membranes of required thickness.
These precursor membranes possess Teflon-like
crystallinity and this morphology persists even
when the precursor is converted into, for example,
Naþ form. In the –SO3H form, the clustered
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Figure 4 Schematic representation of the nanophase
separation in hydrophobic/hydrophilic domains for Nafion.

Reproduced with permission from Kreuer, K. D. J. Solid

State Ionics 2001, 185, 29–39.[20]
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morphology, that is essential for proton percolation,
is achieved only in hydrated dissociated forms.
Extrusion of the sulfonylfluoride precursor can
cause microstructural orientation in the machine
direction resulting in some anisotropy in the swelling
and proton-conductance properties of Nafion
membranes.

2.15.4.1.2 Nafion morphology

It is widely accepted that hydrogen bonding between
the –SO3H groups in Nafion is favored and, with
even minimal amount of water, there is the formation
of a continuous network of water among these
groups. In other words, the sulfonic acid groups
aggregate to form interconnected hydrophilic
domains (or ionic clusters) and a nanoseparation of
hydrophobic–hydrophilic domains takes place.

Whereas the connected hydrophilic domain is
responsible for the transport of protons and water,
the hydrophobic domain gives morphological stabi-
lity to the matrix, avoiding excessive swelling unlike
that produced due to cross-linking in ion-exchange
resins.

Ion clustering in Nafion was first suggested by
Gierke [15]. In this historical model, the ionic clus-
ters were approximately spherical in shape with an
inverted micellar structure. The cluster diameter, the
number of exchange sites per cluster, and the number
of water molecules per exchange site increase line-
arly with water content. To explain the percolation
of protons, the spherical ionic clusters were proposed
to be interconnected in the fluorocarbon backbone
network by narrow channels of around 1 nm dia-
meter. The growth of cluster size with increasing
hydration was supposed to occur due to a combina-
tion of expansion in cluster size and a redistribution
of the sulfonate sites to yield fewer clusters in a
highly hydrated Nafion. Although this model gained
fairly wide acceptance, it became clear that the sphe-
rical shape of the clusters is an oversimplification.
Many other morphological models were therefore
proposed. These models are shown and discussed in
a recent review of Mauritz and Moore [16] and the
interested reader is referred to this review. Here,
only the recent representation of the hydrated mor-
phology of Nafion derived from experiments and
modeling is illustrated in Figure 4.

Presently, it is accepted that there is a continuous
morphological reorganization of Nafion with hydra-
tion. According to Gebel, for a water-volume fraction
greater than 0.5, the spherical interconnected ionic
clusters are transformed in a connected network of
polymer rods and finally, for water-volume fraction
greater than 0.75, a colloidal dispersion of rod-like
particles is formed. We discuss this part in greater
detail in Section 2.15.4.1.6.

For its unique properties, Nafion has been largely
investigated (in the literature about 33 000 papers,
patents, and so forth dealing with Nafion can be
found, and the number is growing). However,
although a significant number of critical relationships
between structure and properties of Nafion have
been elucidated, much remains to be discovered.

In our opinion, the difficulty in obtaining reliable
comparisons between results obtained from various
laboratories is due to the fact that Nafion is essen-
tially composed of an amorphous matrix in which
some microcrystalline phases are embedded. All
amorphous materials can have metastable phases
that can appear kinetically stable although thermo-
dynamically unstable, as previously discussed. Many
of the properties of Nafion determined in conditions
of apparent equilibrium strongly depend on the pre-
vious pretreatment procedures of the membranes
(Nafion history or memory). The thermal treatments
in dry or nearly dry conditions are particularly
important. Yeo and Yeager have observed that
water uptake is reduced by thermal treatments and
the original uptake is gained again only after long
equilibration in warm water (see later). More
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importantly, recent research performed in our
laboratory showed that the memory effects of ther-
mal treatment are particularly important at
temperatures lower than 50 �C. Large hysteresis
loops in the water uptake are therefore found at
room temperature. These loops decrease with
increasing temperature and completely disappear at
about 140 �C. Since the same value of the water
uptake was reached from two opposite directions, it
can be concluded that memory effects due to pre-
vious treatments are completely cancelled at this
temperature. As the pretreatments performed in the
various laboratories can be considerably different,
many different results, in some cases in apparent
contrast, can also be found in recent literature. To
avoid these unpleasant disagreements, all the mea-
surements of Nafion, or similar ionomers, must be
accompanied with complete information on the pre-
vious membrane pretreatments. In the case of
comparison, very similar pretreatments of the mem-
branes must be performed. A typical standard
procedure useful for the elimination of metal cations
and organic impurities is as follows: Nafion mem-
branes, as received, are boiled for a half an hour in
3% H2O2, then half an hour in 0.5 M H2SO4, and
later in distilled water for 1 h. The membrane is then
dried at about 70–80 �C for 3 h and finally thermally
treated in air at 120 �C for 15 h. This procedure is
useful in comparing data collected in different
laboratories because it assures that the characteriza-
tion has been made on membranes that have received
the same pretreatment and therefore have the same
history.

2.15.4.1.3 Water uptake in liquid water at
different temperatures

The water uptake of Nafion 117 when equilibrated
in liquid water at different temperatures has been
investigated by Hinatsu et al. [17] and Zawodzinsky
et al. [18]. As the time necessary to reach equilibrium
values was not reported, more recently, Alberti et al.

[9] investigated the water uptake, for each tempera-
ture, as a function of the equilibration time.
Furthermore, because water-uptake was influenced
by the thermal annealing of the examined sample
(see later), all measurements were made using
a well-defined thermal treatment (120 �C in air
for 15 h).

It was found that the time necessary for these
membranes (thickness 180 mm) to attain equilibrium
was very long (150–225 h). Furthermore, the percen-
tage of equilibrium after 1 h is sufficiently high at low
temperatures but appreciably decreases with the
increase in temperature of liquid water [9].

Both the long equilibration times and the decrease
in kinetic rate with temperature can be explained if
the total water uptake is the result of two distinct
processes, the first, very fast and the second, very
slow. Reasonably, the fast process can be attributed
to the water diffusion within the thin membrane
while the slow process can be associated with a mod-
ification of the Nafion conformation with
temperature (see later).

The equilibrium � values obtained at the various
temperatures of water are plotted in Figure 5. In
agreement with other authors [17, 18], the hydration
process was not reversible when the temperature was
again decreased. As indicated by the arrows, hydra-
tion reached at a given temperature tends to be
maintained at lower temperatures (memory of the
higher hydration attained). As is discussed later in
detail, this behavior has to be related to the viscoe-
lastic properties of perfluorinated ionomers.

2.15.4.1.4 Water-vapor sorption

isotherms of Nafion

Water-uptake sorption isotherms for cross-linked
ionomers with different degrees of cross-linking
have already been discussed (see Section 2.15.2.6).
We discuss now water-uptake sorption isotherms
for ionomers that are not cross-linked. Nafion was
chosen as a typical example of a noncross-linked
ionomer since many investigations on its water-
vapor sorption isotherms have been carried out.

Let us now examine before the effect of an applied
external pressure on the isotherm 0 previously dis-
cussed using the model shown in Figure 3. For
simplicity, we assume that the Nafion membrane
examined is isotropic and therefore springs with
equal elastic force are applied to the three-dimen-
sional model (Figure 3(a)). The applied springs
counteract the inner osmotic pressure and the water
content inside the osmotic cell decreases. Note that
the pressure exerted by the springs can be calculated
by the following ideal experiment [9]. Suppose that
the model is first equilibrated in water (100% RH). A
given � value, depending on the strength of the
springs, is obtained at equilibrium (see Figure 3(a)).
The springs are then removed and the tendency of
the water to enter in the osmotic cell is now balanced
by decreasing the external water activity. This can be
obtained by equilibrating the cell at a certain external
RH value whereby the same �os value is obtained
(Figure 3(b)).
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Since �os is not changed, the shift (1–RH) corre-
sponds to the pressure exerted on the osmotic cell by
the applied springs. The value (1–RH) can therefore
be taken as an index of this pressure. We called this
index of counter-elastic force (nc) the shift in RH%
unit in order to maintain the same value of �os

nc ¼ 100ð1 –RHÞ ð8Þ

As an example, in Figure 6, these shifts are shown
for a solution of phosphoric acid (Figure 6(a)) and
for an ideal solution of Nafion (Figure 6(b)). We
remember that isotherm 0 for an ideal solution of
Nafion is obtained by plotting Equation (7).

The inner counter-elastic force of Nafion can
therefore be estimated using Equation (8) by repla-
cing RH with Equation (5). This equation, after
simple rearrangements, becomes

nc ¼ 100=ð�tot –�hydÞ þ 1 ð9Þ

Finally, if we assume �hyd¼ 7 for Nafion equili-
brated in liquid water at 20 �C, we can write the
simple relation

nc ¼ 100=ð�tot – 6Þ ð10Þ

Note that the experimental determination of nc

for Nafion is very simple. It is sufficient to determine
�tot in liquid water at 20 �C and apply Equation (10).
The expected water-vapor sorption isotherm at
20 �C of a given sample M will be the one obtained

by shifting toward right, the isotherm 0 by the num-

ber of RH% units equal to the nc value found for the

examined sample.
Referring to Alberti et al. [9] for particulars, we

note here that Equation (3) can be replaced by the

equivalent equation

�os ¼ RH%=ð100 –RH%Þ ð11Þ

Thus, the shifted isotherms of Figure 6 can also
be calculated by the equation

�os ¼ ðRH% – ncÞ=ð100 – ðRH% – ncÞÞ ð12Þ

From the above considerations of the water-vapor
sorption isotherm of noncross-linked ionomers, it is
evident that reproducible isotherms for Nafion can
be expected only if samples of the same conformation
(hence characterized by same nc values) are exam-
ined. Therefore, as discussed in Alberti et al. [9], the
large differences in the water-vapor sorption iso-
therms of Nafion reported by various authors [17–
21] are not due to experimental errors but due to the
fact that these isotherms have been determined with
samples not having a defined history, very likely due
to different thermal treatments, and hence exhibit
different nc values.
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It is of interest to compare the Nafion isotherms
with those of cross-linked ionomers previously dis-

cussed (Figure 2). Note that the shape is very similar
and that the index of the counter-elastic force of the

matrix plays the same function as the degree of cross-

linking. However, the index of the counter-elastic
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force of the matrix produces a marked dependence of
many important properties of the noncross-linked
ionomer on their previous history. Thus, nc index
can also be taken as an index of the actual conforma-
tion of the ionomer, which reassumes all the effects of
the previous history of the ionomer membrane. For
example, the low nc values of Nafion samples after
the standard treatment with H2O2 and sulfuric acid
can be increased by thermal annealing. Thus, thermal
treatments reinforce the morphological stability of
the Nafion matrix in the same way as the degree of
cross-linking reinforces styrene cation exchangers.
2.15.4.1.5 Curves T/nc

We have seen that the Nafion conformation depends
on RH, temperature, and time of equilibration. The
introduction of the nc index greatly facilitates the
study of this dependence because this index, besides
being proportional to the counter-elastic force of the
ionomer matrix, can also be taken as an index of the
actual ionomer conformation. For this reason, a sys-
tematic investigation on the variation of the initial nc

values of well-defined samples of Nafion membranes
after equilibration for different times at different
temperatures and different RH values was recently
carried out [21].

In this study, the inner osmotic pressure is con-
sidered as a force for surface unit applied in the three
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Figure 7 Change of nc values at 94% RH when the temperatu

membranes having initial nc values of 13.6 and 2.1, respectively
space directions to a viscoelastic polymeric matrix. In

other words, the elastic spring balancing the inner

osmotic pressure is replaced by a polymeric viscoe-

lastic spring in which a permanent deformation can

remain when the inner osmotic pressure is removed

or reduced by decreasing the external RH and/or the

system is quickly cooled.
A first set of Nafion 117 membranes, after a stan-

dard treatment with H2O2 and sulfuric acid was

annealed in air at 120 �C for 15 h. These samples

had an initial nc value of 13.6 and are denoted as

Nafion 117 (120–15).
These samples were then equilibrated for 360 h at

constant RH of 94% and at different temperatures.

Then, the samples were equilibrated in liquid water

at 20 �C for 24 h, the water uptakes were determined,

and nc values were calculated using Equation (10).

A plot of nc obtained at different temperatures is

shown in Figure 7.
At the same time, another set of membranes, after

the above standard treatment, was hydrothermally

treated in water at 130 �C in order to obtain an initial

nc value of 1.5. In addition, these samples were equi-

librated for 360 h at constant RH of 94% and at

different temperatures and the results are reported

in Figure 7 [21]. Note that the samples with an initial

nc value of 13.6 decrease their index of counter-

elasticity when the temperature is increased, while
c(m)

7

 RH

6 5 4 3 2 1

re is increased from 20 to 140 �C for two Nafion 117

.
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the opposite occurs for the samples with an initial nc

value of 2. Two series of nc values are therefore
obtained, corresponding to undersaturated and over-

saturated hydrated samples, respectively. The arrows

show the direction of these changes. Very large hys-

teresis loops between the two series of samples,
indicating the presence of metastable conformations,

can be noted. This hysteresis considerably decreases

with increasing temperature and practically disap-

pears at about 140 �C.
The memory due to permanent deformations and

the evolution of this memory with the change in

experimental conditions can therefore be quantita-

tively followed by the experimental determination of

the variation of the counter-elastic index of the
matrix with RH and temperature.

From a detailed examination of many other equi-
librium data on the nc evolution of undersaturated

Nafion 1100 samples (see Figure 8), it was discov-

ered that same nc values can be obtained with
different couples of RH–temperature. The couples

RH–T giving the same nc value are called iso-(RH;T)

couples.
Note that the experimental T/nc curves at con-

stant RH values fit well parallel curves (shown in
Figure 8 as dashed curves) to that obtained in liquid
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Figure 8 T–nc plot for samples of Nafion 117 (120–15) equilibra

by shifting the solid line referring to 100% RH by steps of 1 RH%

good agreement between these dashed lines and experimental
water (i.e., RH¼ 100%). Although T/nc curves of
Nafion 117 are not linear in the large range of exam-
ined temperatures, two ranges of temperatures
(20–50 �C and 50–140 �C) can be found where nc is
roughly linear with the temperature. The linearity in
the range of 50–140 �C is of high interest for
medium-temperature PEMFCs and therefore is
examined here in more detail. Taking as reference
the curve with RH¼ 100%, the linear dependence is
of the type

ncðTÞ ¼ ncð50Þ – ðT – 50Þ=11:4 ð13Þ

Being 9.2 the experimental value of nc(50), we can
write

ncðT Þ ¼ 9:2 – 0:087ðT – 50Þ ð14Þ

in which T� 50 �C. Note that the initial nc(T) value
at 50 �C decreases by one unit for each increment of
temperature of 11.4 �C.

Let us now consider the change in the counter-
elastic index with RH at constant temperature
(nc(RH)). This change can be easily found by recalling
Equation (8). Taking RH¼ 100% as reference, we
can write: nc(RH)¼ 100–RH%. Thus, at constant
temperature, nc(RH) increases by one unit for each
decrement of one RH% unit. Therefore, taking
c(m)

7 6 5 4 3

100% RH100% RH

99% RH

99
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98% RH

97% RH
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94% RH
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2 1

ted at the indicated RH values. The dashed lines were drawn

unit, corresponding to 1 nc unit (see Equation (8)). Note the

points.
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nc¼ 9.2 as reference point for T¼ 50 �C and

RH%¼ 100, we can write

ncðRH�TÞ ¼ ncðRHÞ þ ncðTÞ
¼ 9:2þ ð100 –RH%Þ – 0:087ðT – 50Þ ð15Þ

Preliminary experiments seems to indicate that a
general equation of the type

ncðRH –T Þ ¼ ncð50Þ þ ð100 –RH%Þ – kðT – 50Þ ð16Þ

is valid not only for Nafion 117 but also for many
other PFSA membranes and, very probably, for all
the ionomer membranes. This equation can be very
useful to estimate the water uptake of an ionomer
after equilibration at a couple of given RH–T values.
By recalling Equation (10), we can write

�ðRH –T Þ ¼ ð100=ncðRH –T ÞÞ þ 6 ð17Þ

By replacing nc(RH�T) with Equation 15, we
obtain

�ðRH –T Þ ¼ 100=ðð100 –RH%Þ þ 9:2 – 0:087ðT – 50ÞÞ þ 6

ð18Þ

Finally, by recalling Equation (12), we can also
write the equivalent equation

�ðRH –T Þ ¼ ðRH% – ncðTÞÞ=ð100 – ðRH% – ncðT ÞÞÞ þ 7

ð19Þ

As an example, suppose that we wish to estimate
the value of water uptake of a sample Nafion 117
(120–15) after an equilibration at 80 �C and 97% RH.
By applying Equation (18), we obtain �(97%;

80�)¼ 16.3. Note that if the value of nc(T) obtained
by Equation (14) (i.e., nc(80�)¼ 6.59) is placed in
Equation (19), the same value for the water uptake
is obtained. This estimated value is in good agree-
ment with the experimental value of 16.2. Indeed, a
very good agreement between estimated and experi-
mental values has been obtained for many other
samples of Nafion 117 membranes [21].

Furthermore, a similar comparison is presently
being developed for Hyflon Ion membranes and a

good agreement was found in this case too [22].

Thus, we believe that the calculated indices of con-

formation really allow reliable predictions for the

equilibrium vapor water uptake of ionomers at dif-

ferent temperatures and RH values. This discovery is

expected to be very important in the prediction of

the fundamental properties of ionomer membranes in

medium-temperature FCs.
2.15.4.1.6 Water uptake and tensile

modulus

It is reasonable to suppose that tensile modulus and

counter-elasticity of the matrix are related to each

other. Therefore, the water uptake of many ther-

mally treated samples was first determined by

equilibrating the samples in liquid water at 20 �C;

their nc was then calculated using Equation (10) and

their tensile modulus was experimentally deter-

mined. By plotting the tensile modulus as a function

of water uptake in the �tot range 10–100 (see

Figure 9), it was found that the experimental points

fit a curve of the equation

E ¼ 500=ð�tot – 6Þ ð20Þ

where E is the tensile modulus (in MPa).
Note that this equation, apart from the multipli-

cative factor, is identical to that previously found for

nc (Equation (10)). The ratio between the two equa-

tions is E/nc¼ 5. Both the tensile modulus and the

counter-elastic index can be considered as indices of

ionomer conformation. The determination of the

counter-elastic index is, however, very simple and

does not require an expensive apparatus.
Note that in both Equations (3) and (4), the pro-

tons are considered to be hydrated. It must be

recalled that ion solvation is thermodynamically not

well defined, and therefore the distinction between

free solvent and solvation shells is, to a certain extent,

arbitrary. Nevertheless, the hydration of the ions is

largely accepted and greatly helps in understanding

and explaining quite a number of phenomena, at least

in a semi-quantitative way.
The classic representation of the Nafion confor-

mations proposed by Gebel [23] for the various water

contents is reported in Figure 10. To make clear the

correspondence between the counter-elastic index

and tensile modulus with Nafion conformation at

various stages of hydration, the water-volume frac-

tion has been converted into �tot and the

corresponding nc and E values are also reported.
Note that the nc index can replace, in a more

quantitative way, the qualitative nomenclature

introduced by Yeo and Yeager [24] who, on the

basis of thermal treatments performed, classified

the membranes in E-, N-, and S-form (expanded-,

normal-, and shrunken-form); a further shrunken-

form (indicated as FS-form) was then introduced

by Sone et al. [25].
Other important properties such as the conduc-

tivity and the electro-osmotic drag depend on the
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water content, while lower crossover of methanol is
expected for high values of counter-elasticity index
of the membranes.

Taking into account the previous discussions, it
can be easily understood why previous thermal pre-
treatments greatly influence many important proper-
ties of Nafion membranes. In conclusion, if low RH is
used to avoid cell pressurization, the conductivity of
Nafion membranes becomes too low. On the other
hand, if pressurization and high RH are used, an
irreversible decay of Nafion conductivity takes
place (see Section 2.15.4.1.8).

2.15.4.1.7 Proton conductivity

Hydration is a crucial aspect as far as proton con-
ductivity of Nafion is concerned. In the presence of
water, even for � values as low as 3, the sulfonic
groups are fully dissociated and proton conductivity
arises from both proton diffusion (through water as
vehicle) and intermolecular proton transfer
(Grotthuss transport). The prevalence of one or the
other mechanism depends on the hydration of the
membrane [26]. It was observed that at high water
content, the mobility of the protonic charge carriers
(Ds), as obtained from conductivity data through the
Nernst –Einstein equation, is somewhat higher than
the water self-diffusion coefficient (DH2O). This is
due to the fact that intermolecular proton transfer is
involved in the mobility of protonic charge carriers
as in the case of dilute aqueous solutions of acids.
However, with decreasing hydration, Ds approaches
DH2O thus indicating the prevalence of the vehicle-
type mechanism. At room temperature, the conduc-
tivity of Nafion 1100 shows a nearly linear
dependence on � and reaches 0.1 S cm�1 for �� 22
[27, 28].

2.15.4.1.8 Instability maps for proton

conductivity

Above about 80 �C and at constant RH, the through-
plane conductivity of Nafion 117 membranes (i.e., the
conductivity measured with the electric field perpen-
dicular to the membrane surface) remains nearly
constant within a more or less wide temperature
range [29]. However, when temperature and RH
exceed certain critical values, the conductivity
undergoes an irreversible decay: in particular, the
higher the RH, the lower the temperature threshold
at which the decay occurs. The analysis of the evolu-
tion of both frequency response and through-plane
conductivity during the decay suggested that it arises
from changes in the bulk-transport properties of the
Nafion membrane [30]. This was confirmed by
determining, under stability conditions, the conduc-
tivity of membranes pretreated under decay
conditions. Since the decay does not occur when
the membrane is free to swell, it is inferred that it is
associated with the anisotropic deformation taking
place, under certain conditions of temperature and
RH, when the membrane is constrained between the
electrodes and forced to swell only in the direction
parallel to the them. In this case, the effects of the
anisotropic swelling can be considered to be similar
to those provoked by an applied stretching parallel to
the membrane surface. It must be pointed out that the
conductivity decay was found to be associated with a
significant decrease in the membrane density even in
the anhydrous state thus indicating that the anisotro-
pic membrane deformation gives rise to changes in
the ionomer conformation. Research on the charac-
terization of the membrane after decay is still in
progress [31].

Conductivity measurements can therefore give
information on the membrane dimensional stability
under temperature and RH conditions that are of
interest for FC operation but hardly accessible with
the standard equipment for testing mechanical prop-
erties. More specifically, the results of systematic
conductivity determinations at controlled tempera-
ture, RH, and applied pressure on the electrodes can
be used to build up an instability map, that is, a plot
providing the (T–RH) couples for which the con-
ductivity is unstable. To define the instability
domain, the conductivity is recorded as a function
of time for a maximum of 150 h at controlled tem-
perature and RH, using a new membrane sample
each time in order to avoid the influence of previous
thermal treatments. The border of the instability
domain is the line separating the (T–RH) couples
for which the conductivity is stable for at least 150 h
from those for which the conductivity decays within
150 h.

Figure 11 shows the instability map of an as-
received Nafion 117 membrane. The plot is step
shaped because conductivity measurements were
carried out at temperature and RH intervals of 5–
10 �C and 5 RH units, respectively. In the tempera-
ture range 70–130 �C, the stability-to-instability
transition is weakly affected by temperature changes,
being confined between 95% and 100% RH.
However, in the range 130–150 �C, the transition is
suddenly shifted to RH values as low as 70%. This
behavior could be related to a different physical
origin of the membrane swelling in the two ranges
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of temperature. While at low temperature the
instability is probably due to the sharp increase in
hydration at RH close to 100% and to the consequent
plasticizing effect of water, at high temperature, and
in particular above the glass transition temperature,
the weakening of the hydrophobic interactions
between the ionomer chains is expected to lower
the RH value at which the swelling occurs.

Thermal treatment of Nafion 117 (2 h at 120 �C)
reduces the swelling and therefore an enhancement
of stability is found between 70 �C and 100 �C.
A significant increase in stability in the range
135–150 �C is achieved by growing nanosized zirco-
nium phosphate within the hydrophilic clusters of
Nafion 117 [32–34] (see Section 2.15.4.2.3). In agree-
ment with the fact that the conductivity decay
depends on the occurrence of an anisotropic defor-
mation of the membrane, the enhanced stability of
the conductivity is associated with higher values of
the elastic modulus.
2.15.4.2 Composite Nafion Membranes

A possible approach to the solution of the problems
hindering the development of suitable polymeric
proton-conducting membranes for FCs working at
low RH and temperature above 80 �C (see
Introduction) is the improvement of the membrane
properties through the incorporation, preferably on a
nanometric scale, of an inorganic solid (filler) into the
polymer that serves as the matrix component. In a
composite system, the filler–polymer interaction can
range from strong (covalent, ionic) bonds to weak
physical interaction. In the last decade, several stu-
dies reported consistent improvements of the
performance of PEMFCs at temperatures above
80 �C when inorganic nanoparticles, such as metal
oxides, zirconium phosphate/phosphonates, or het-
eropolyacids, were inserted into the polymeric
membrane [34–37]. According to the literature,
there are several membrane properties that may ben-
efit from the presence of homogeneously dispersed
inorganic fillers. These improvements include
reduced permeation of reaction gases and radical
species that could contribute to oxidative degrada-
tion, reduced swelling, enhanced water management
and mechanical properties, as well as improved con-
ductivity if the filler possesses higher proton
conductivity compared to the neat polymer. The
main types and properties of Nafion-based composite
membranes are reviewed in the following sections.

2.15.4.2.1 Oxide-filled membranes

The first nanocomposite Nafion–SiO2 membranes
were obtained by growing the silica particles inside
a preformed membrane [38–45]. According to this
approach, tetraethoxysilane is incorporated into pre-
viously swollen Nafion membranes and then
hydrolysed via a sol–gel reaction catalyzed by the
superacid sulfonic groups of Nafion. The
in situ grown silica is represented by the formula
SiO2(1�x/4)(OH)x, with x significantly higher than
zero. Characterization of the these nanocomposites
by Fourier transform-infrared (FT-IR) spectroscopy
[38], dielectric relaxation [39], thermal analysis [40],
and small-angle X-ray scattering (SAXS) [41] sug-
gested that the nanophase-separated morphology of
Nafion acts as a template for the growth of the silica
particles because the SAXS peak characteristic of
quasi-ordered clusters in unfilled Nafion persists in
the composites filled with silica. In situ hydrolysis of
metal alkoxides was also used to prepare a number of
nanocomposite Nafion membranes containing zirco-
nium oxide [45, 46], titanium dioxide [46], mixed
silicon–titanium oxide, and mixed silicon–aluminum
oxide [47].

Nafion–MO2 membranes (with M¼ Si, Ti, Zr)
displayed a larger water uptake than Nafion in the
range 90–120 �C at a given RH value [46] according
to the sequence ZrO2 > TiO2 > SiO2. However, in
the same temperature range, only the Nafion–ZrO2

membrane showed slightly higher conductivity than
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Nafion. The FC performance of perfluorosulfonic
membranes filled with in situ grown silica was tested
in the temperature range 80 to 140 �C. At 130 �C,
under a pressure of 3 atm, the composite membranes
delivered a current density at least six times higher
than that of the unmodified membranes due to their
better water management and higher rigidity [48].

Nafion–SiO2 composite membranes were also
obtained by hydrolysis/polycondensation of alkoxy
silanes in water–propanol Nafion solutions [49, 50].
Since the growth of the inorganic polymer is not
limited to already existent ionic clusters, this
approach offers the possibility of obtaining diverse
morphologies depending on the amounts of the
incorporated inorganic component. Transparent but
brittle films, containing up to 54 wt.% silica, were
obtained using tetraethylorthosilicate (TEOS) as a
precursor to the inorganic polymer. The film flex-
ibility was increased by replacing 1,1,3,3-
tetramethyl-1,3-diethoxydisiloxane (TMDES) for
TEOS. However, for substitution higher than 10%,
phase separation was observed by electron micro-
scopy. The conductivity of these films was
determined by impedance measurements in the
range 25–100 �C in an argon atmosphere. The high-
est conductivity (s� 2.10�3 S cm�1 at 100 �C) was
found for the film prepared using a Nafion/TEOS/
TMDES mixture of composition 50/40/10 wt.%,
respectively. Unfortunately, a direct comparison
with the conductivity of Nafion under the same
experimental conditions is missing.

On the basis of the same synthetic approach, a
significant enhancement of the conductivity of
Nafion 117 and recast Nafion was achieved with
Nafion–bifunctional silica composite membranes,
where sol–gel-derived silica particles bear both
–SiOH and –SO3H functional groups [51]. These
membranes were prepared by casting Nafion–ethanol
solutions mixed with sulfonated phenethylsilica sol.
Due to the presence of sulfonated silica, their ion-
exchange capacity increases linearly with silica load-
ing from 0.9� 10�3 mol –SO3H g�1 for bare recast
Nafion up to about 2� 10�3 mol –SO3H g�1 for 7.5
wt.% silica. Concomitantly, the water content per
gram of dry membrane grows from 0.26 to 0.4 g at
room temperature, and from 0.36 to 0.7 g at 80 �C.
However, the degree of hydration, expressed as num-
ber of water molecules per sulfonic group, is fairly
constant and nearly coincident with that of Nafion
117. At 80 �C and 100% RH, the conductivity of
composite membranes loaded with 2.5–5 wt.% silica
(s¼ 0.11 and 0.23 S cm�1, respectively) is 2.7–5.8
times higher than that of Nafion 117 under the same
conditions.

Nanocomposite Nafion membranes can also be
prepared by bulk mixing of a polymer solution with
oxide nanocrystallites and subsequent casting. This
approach was first described by Watanabe [52, 53].
Membranes containing 3 wt.% SiO2 were also loaded
with highly dispersed platinum by ion exchange of
the Pt(II) tetra-amino complex and subsequent Pt
reduction with hydrazine. When used as proton elec-
trolytes in FCs, these membranes effectively
suppressed H2 and O2 crossover and allowed efficient
operation at 80 �C even without gas humidification.
This is possible because the Pt particles catalyze the
combination of crossover hydrogen and oxygen to
generate water, which in turn is retained by the
membrane.

Thermal treatment of Nafion – 3 wt.% SiO2

nanocomposite membranes by hot pressing up to
160 �C was shown to increase the polymer crystalline
fraction [54, 55]. Direct methanol FCs based on this
type of membrane and fed with 2M methanol were
characterized by low methanol crossover and were
able to work up to 145 �C with open circuit voltages
of 0.82–0.95 V and power density peaks of 150–
240 mW cm�2 in air and oxygen, respectively.

The FC performance of Nafion filled with TiO2

[56] and ZrO2 [57] preformed nanoparticles turned
out to be better than that of neat recast Nafion, over
the temperature range 80–130 �C at 3 abs. bar H2/air,
with power densities of 500–600 mW cm�2 at 110 �C
and 250–390 mW cm�2 at 130 �C.

A series of Nafion composite membranes contain-
ing binary oxides (MxOy, with M¼ Si, Ti, Zr, Hf, Ta,
and W) were recently prepared by casting of mixtures
of the polymer solution with the oxide nanopowder
[58–60]. FT-IR and FT-Raman studies indicated that
the hydrophobic polytetrafluoroethylene (PTFE)
domains of these membranes consist of a blend of
fluorocarbon chains with helical conformation 157

and 103 and that the presence of the filler affects the
relative amounts of the two conformations.
Particularly along group IV of the periodic table, the
103 conformation increases in the order Ti < Zr < Hf,
while along group VI, it decreases in the order
Hf > Ta > W. Four different species of water domains
were detected including (1) bulk water, (2) water-
solvating oxonium ions directly interacting with the
sulfonic group, [H3O

þ??�SO3
�]?(H2O)n, (3) acid

water, [H3O
þ??(H2O)n], and (4) water molecules

interacting with metal oxoclusters, [MxOy??(H2O)n].
It was found that the amount of each type of water
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domain depends on the acidity of the MxOy oxoclus-
ters and that the mechanical, thermal, and dynamic
characteristics of the host polymer depend on the
dynamic cross-links, R–SO3H???MxOy???HSO3–R.

Composite Nafion membranes containing ZrO2

nanoparticles covered with a layer of SiO2 were
also investigated [60]. These membranes are repre-
sented by the general formula Nafion/

[(ZrO2)?(SiO2)0.67]x, where x is the ZrO2/–SO3H
molar ratio, and their conductivity is higher than
that of neat Nafion for x in the range 0.313–1.253.
The best conductivity value, 0.043 S cm�1, was found
for x¼ 0.313 at 135 �C and 100%RH.

2.15.4.2.2 Heteropolyacid-filled

membranes

Heteropolyacids, besides being electrocatalytically
active [61, 62], possess strong acidity and high proton
conductivity in hydrated form [63]. Most of them
exhibit the Keggin structure and their molecules
(about 1 nm in diameter) can be regarded as
nanoparticles. Due to these characteristics, heteropo-
lyacids appear to be suitable membrane fillers to
increase the number of protonic carriers and to
improve the hydrophilic character of the membranes.

Composite Nafion membranes containing hetero-
polyacids were obtained either by simple
impregnation of preformed membranes with a het-
eropolyacid solution [64] or by mixing a Nafion
solution with an appropriate amount of a heteropo-
lyacid followed by casting [65,66]. Nafion-recast
membranes loaded with silicotungstic acid (STA),
phosphotungstic acid (PTA), and phosphomolybdic
acid (PMA) were systematically investigated by ionic
conductivity, water uptake, tensile strength, and
thermal behavior determinations. In comparison
with Nafion 117, all these membranes exhibited lar-
ger water uptake, higher proton conductivity
especially at low RH and temperature above
100 �C, enhanced FC performance with increasing
temperature, but decreased tensile strength.

Although Nafion membranes filled with hetero-
polyacids maintain sufficient proton conductivities
for FC operation at atmospheric pressure and tem-
perature above 100 �C, the membrane and the
membrane electrode assembly (MEA) processing is
severely curtailed because of the solubility of the
filler in aqueous media. To overcome this problem,
the protons of PTA were partially or fully exchanged
by Csþ ions and the thus-modified PTA was used for
the preparation of recast Nafion membranes [67].
After protonation treatment in 1 M sulfuric acid at
85 �C, these membranes turned out to be more stable
toward PTA leaching compared to those containing
the unmodified heteropolyacid.

If the ion-exchange process is applied to an entire
MEA, both the Nafion membrane and the Nafion in
the electrodes are converted to a melt-processible
form, which permits thermal treatment at tempera-
tures as high as 200 �C and greatly simplifies the
MEA manufacturing [68]. The thermal treatment
does not alter FC performance at elevated tempera-
tures and low RH and does not hamper the integrity
of the membrane.

A different approach to the problem of reducing
the heteropolyacid leaching consists in the immobi-
lization of the heteropolyacid onto a metal dioxide
support, which in most cases is made of silica. Three
main synthetic procedures were used to prepare the
Nafion/metal oxide/heteropolyacid composite
membranes: (1) impregnation of the heteropolyacid
onto oxide particles, dispersion of the impregnated
oxide within a Nafion solution, and membrane for-
mation by casting of the Nafion/oxide/
heteropolyacid mixture [69–72]; (2) formation of
oxide particles by sol–gel within a preformed
Nafion membrane and subsequent impregnation of
the heteropolyacid onto the oxide [73]; and
(3) hydrolysis of oxide precursors within a Nafion
solution in the presence of the heteropolyacid and
subsequent membrane formation by casting [74]. The
last procedure was also used to obtain membranes
where silica/heteropolyacid particles were functio-
nalized with solfonic groups to make the filler more
hydrophilic [75].

2.15.4.2.3 Zirconium-phosphate-filled
membranes

Nafion/zirconium phosphate (ZrP) composite mem-
branes can be prepared using two main synthetic
procedures. According to the earlier procedure, the
filler is grown within the preformed ionomeric
matrix by ion exchange of the ionomer protons with
zirconium cationic species and subsequent mem-
brane treatment with an aqueous solution of
phosphoric acid [33, 76–86]. The more recent syn-
thetic approach is based on the coprecipitation of the
filler and the ionomer from a solution containing the
ionomer and a ZrP precursor [32, 87].

The composite membranes prepared by the two
procedures have similar physicochemical properties
although the ZrP particles show different morpholo-
gies as proved by the different features of the X-ray
powder patterns [32, 33, 80, 82, 88]. However, in both
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cases, strong decrease of the crystallinity degree of
the matrix with increase in the filler concentration is
observed.

The presence of ZrP results in an increase of
the tensile modulus and a decrease in the peak of
the tan � versus temperature curve with increasing
ZrP loading [32, 33, 82, 85]. In the presence of water,
the differences in mechanical behavior between
Nafion and its composites with ZrP are progressively
less evident as the water content increases and nearly
vanish at �� 12.

In all cases, the composite membranes take up
more water than Nafion at the same water activity,
but both water and methanol diffusion are reduced
relative to diffusion in the pure ionomer [80, 82]. In
spite of the larger water content, the composite mem-
branes do not show improved conductivity in
comparison with Nafion over the entire range of
water activities at temperatures from 80 to 140 �C
[32, 33, 79, 80, 83, 85] with the only exception of a
composite containing 10 wt.% ZrP which is slightly
more conductive than Nafion for RH < 50% [86].
The fact that at 100% RH the activation energies
for the conductivity of the composite membrane and
unmodified Nafion are close indicates that the pre-
sence of ZrP does not significantly change the
proton-conduction mechanism in well-hydrated
membranes.

Taking into account that the conductivity of
amorphous ZrP approaches 0.01 S cm�1at 80 �C in
water [89], it can be inferred that the lower proton
conductivity of the composites arises to some extent
from the fact the filler is less conductive than Nafion.
Surprisingly, the Nafion/ZrP composites exhibit bet-
ter FC performance than bare Nafion under high
temperature and low RH conditions as reported
independently by several groups [77–81]. Even
when the performance is slightly decreased, as is
the case of some composites in a direct methanol
fuel cell (DMFC) environment [84], higher efficien-
cies can be reached due to the reduced methanol
permeability of the composite membrane. The fac-
tors underlying the better FC performance above
100 �C at RH values lower than 100% are not yet
completely understood. However, it was shown that
after FC operation in hydrogen and oxygen at
130 �C, the Nafion 117 composite membranes under-
went much less dimensional changes than bare
Nafion 117 [84].

It was recently reported that treatment of Nafion/
ZrP composite membranes with sulfophenylpho-
sphonic acid leads to partial replacement of the
monohydrogen phosphate group of ZrP through a
topotactic anion-exchange reaction. The membrane
thus obtained showed improved conductivity and
stiffness with respect to both Nafion 117 and the
parent composite membrane [33].
2.15.4.3 Some Information on Dow and on
Recent Hyflon Ion� Ionomers

A perfluorinated ionomer with a structure similar to
that of Nafion, except for a shorter pendant side
chain carrying the –SO3H ionogenic group, was pre-
pared by Dow Chemicals in the beginning of the
1980s. This perfluorinated ionomer, called Dow
ionomer, was investigated for its use in FCs with
encouraging results by Ballard Power Systems. In
spite of these results, the industrial development of
the Dow ionomer was unfortunately abandoned,
probably due to the high costs of the production.

Recently, a more simple route for the synthesis of
the base monomer was found by Arcella et al. [90]. On
the basis of these results, Solvay Solexis has restarted
the development of membranes based on short side-
chain perfluorinated ionomers. These membranes,
known earlier by the trade name Hyflon Ion and
recently renamed Aquivion� 2, are now under
investigation with very interesting results.

Hyflon Ion

A comparison of a polarization curve at 75 �C
obtained with a Hyflon Ion membrane (EW¼ 850;
thickness 50mm) with that obtained with Nafion
N112 shows that Hyflon Ion exhibits a slightly better
performance, especially in FCs at high current density
[91]. However, we note that it is too early for defini-
tive conclusions because information on the previous
pretreatments of the membranes was not reported.
Furthermore, different equivalent weights for Hyflon
Ion and Nafion were used. Memory effects of the
employed membranes could therefore be responsible
for the small variation of the performance curves.

Short-side-chain Dow membranes (therefore
similar to Hyflon Ion) of different equivalent weights
have been recently characterized with respect
to water sorption, transport (proton conductivity,
electro-osmotic drag, and water diffusion), micro-
structure, and viscoelastic properties as a function
of temperature and degree of hydration [92].
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The data are compared to those of Nafion 117. From
this comparison, it is concluded that ‘‘no distinct
differences in water and proton transport and in the
hydrophobic/hydrophylic separation as a function of
water-volume fraction were observed for Dow iono-
mers compared to Nafion of the same equivalent
weight. The significant higher elastic modulus of
Dow may be the sole reason for its superior perfor-
mance as electrolyte in a fuel cell.’’

Further research on these very interesting mem-
branes is therefore necessary, especially concerning
their conductivity at low RH and their durability in
the temperature range 80–130 �C.
2.15.5 Nonperfluorinated
Membranes

A different approach to overcome the limits of PFSA
membranes is based on the design of nonfluorinated
ionomer matrices with polyaromatic or inorgano-
inorganic backbones. An excellent review covering
the field of nonfluorinated ionomers till the year
2003 can be found in Reference 93.

Polyaromatic ionomers are considered as an alter-
native to perfluorosulfonic ionomers mainly because
of the good oxidation resistance of the aromatic car-
bon atoms. In most cases, the structure of these
polymers is built up by (–Ar–X–) units where Ar is
an aryl group (e.g., phenyl) and X is an oxygen or
sulfur atom (which gives the polymer chain a certain
degree of flexibility and hence processability) or a
group such as –CO– in polyketones, –SO2– in poly-
sulfones, –COO– in polyesters, or –NHCO– in
polyamides. The polymer repeat unit may consist
in a single (–Ar–X–) unit or in a combination of
different units.

Aromatic polymers are easily sulfonated by direct
sulfonation using concentrated sulfuric acid, fuming
sulfuric acid, or sulfur trioxide. This approach is
simple but has some drawbacks such as the occur-
rence of side reactions, the possibility of degradation
of the polymer backbone, and the fact that the thus-
formed material is not necessarily the most stable
toward desulfonation. Alternatively, the sulfonated
polymer can be prepared by grafting of sulfonated
functional groups onto a polymer main chain or by
direct copolymerization of sulfonated monomers.
The last approach allows building up repeat units
that are sulfonated on deactivated sites. This is of
interest because sulfonic groups attached to electron-
deficient sites are expected to possess enhanced
stability and higher acidity [94]. Due to the very
large variety of sulfonated aromatic polymers, only
representative examples, including poly(ether
ketone)s, poly(sulfone)s, poly(imide)s, block copoly-
mers, and PBI, are reported in the following sections.
Among polymers with inorgano-inorganic back-
bones, polyphosphazenes are briefly reviewed.
2.15.5.1 Poly(ether ketone)s

Poly(ether ketone)s 3 are a class of polyarylenes
linked through varying sequences of ether (E) and
ketone (K) units. Depending on the prevalence of one
of the two units, these polyarylenes can be rich in
ethers (e.g., poly(ether ether ketone) (PEEK)),
ketones (e.g., poly(ether ketone ketone (PEKK)), or
balanced (e.g., poly(ether ketone) (PEK)). These
polymers possess a number of beneficial attributes
for use in FCs including good thermal stability,
mechanical strength, and adequate conductivity,
which is brought on by sulfonation of the polymer
backbone. Oxidative and hydrolytic stability are
expected to increase with increase in the proportion
of ketone segments.

Examples of poly(ether ketone)s: poly(ether ether
ketone), PEEK; poly(ether ketone ketone), PEKK;
and poly(ether ketone), PEK

Sulfonated PEEK (sPEEK) and sulfonated
poly(ether ether ketone ketone) (sPEEKK), with the
sulfonic group attached to the aromatic backbone,
were synthesized by either direct sulfonation or copo-
lymerization of sulfonated monomers [93, 95–99].
sPEEK obtained by direct sulfonation is substituted
at one of the four equivalent sites of the hydroquinone
unit situated between the ether groups. The solubility
of sPEEK in N-methylpyrrolidinone, ethanol, and
water increases with the degree of sulfonation.
Dissolution in N-methylpyrrolidinone, needed for
membrane casting, is only possible for an exchange
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capacity >0.9 meq. g�1. The problem of the insolubi-
lity of the PEEK matrix can be overcome by
introducing a phthalide unit in the PEEK repeat unit
[97, 100].

The proton conductivity of sPEEK was deter-
mined under various conditions of temperature and
RH for samples with different ion-exchange capaci-
ties [29, 97, 100, 101]. The dependence of
conductivity on RH, at constant temperature, is
affected to a great extent by the degree of sulfonation
in such a way that the lower the degree of sulfona-
tion, the more sensitive the conductivity to changes
in RH. In addition, RH changes have greater influ-
ence on the sPEEK conductivity than on the Nafion
conductivity: for RH decreasing from 100% to 66%,
the conductivity of Nafion and that of sPEEK, with
ion-exchange capacity of 1.6 meq. g�1, decrease by a
factor of 4 and 10, respectively. This is probably due
to the stronger acidity of the sulfonic function in
Nafion and to the fact that the higher flexibility
and hydrophobic character of the perfluorinated
backbone of Nafion in comparison with the polyaro-
matic backbone of sPEEK results in a larger
nanophase separation in Nafion and, consequently,
in more continuous conduction pathways even at low
hydration levels [102]. In agreement with this model,
it was found that, at 150 �C and 75% RH, the con-
ductivity of sPEEK approaches that of Nafion 117
only for ion-exchange capacity as high as 2.48 meq.
G�1 [29].

The different morphology of sulfonated
poly(ether ketone)s in comparison with Nafion also
seems to be responsible for the low methanol perme-
ability of this class of polymers. Either sPEEKK [98]
and sPEEK [99] synthesized by copolymerization or
sPEEK obtained by direct sulfonation [96, 97] shows
conductivity to methanol permeability ratios that in
the most favorable cases are nearly 10 times higher
than that of Nafion.

sPEEK was also investigated as an ionomer in the
catalyst layer for DMFC [103]. The optimum ion-
exchange capacity and content (wt.%) of the SPEEK
ionomer in the catalyst layer were found to be,
respectively, 1.33 meq. g�1 and 20 wt.%. The MEAs
fabricated with sPEEK membrane and sPEEK iono-
mer in the electrodes exhibited superior performance
in DMFC compared to those fabricated with Nafion
ionomer.
2.15.5.2 Poly(sulfone)s

The repeat unit in poly(arylene ether sulfone)s, PES
4, consists of phenyl rings separated by alternate
ether and sulfone linkages, whereas the repeat unit
in polysulfones, PSU 5, contains four phenyl rings
connected through two ether oxygens, one sulfone,
and one 2-propylidene group. Direct sulfonation
reactions lead to PES and PSU sulfonated at the
ortho position to the ether bond which for PSU is
located in the bisphenol A part of the repeating
unit. However, it is also possible to sulfonate PSU
at the ortho position to the sulfone group through a
procedure based on PSU lithiation, reaction with
SO2, and oxidation of the sulfinate thus obtained
[104]. Polymers with ion-exchange capacity in the
range 2.5–3 meq. g�1 have conductivity close to that
of Nafion, but they swell significantly at 80 �C [105].

Sulfonated polyethersulfone
Sulfonated polysulfone
Sulfonated PES, with the sulfonic function at the
more stable ortho-sulfone position, was obtained by

copolymerization of 4,49-dichlorodiphenylsulfone,

4,49-biphenol, and 3,39-disulfonate-4,49-dichlorodi-

phenylsulfone [106, 107]. These random copolymers
showed a hydrophilic/hydrophobic nanophase

separation where the hydrophilic domains increase

in size with the percentage of the disulfonated

monomer (%DS, in mol.) and form a semicontinuous

morphology once %DS exceeds 50 mol.%.
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Concomitantly, an increase in water uptake is
observed and a dramatic swelling occurs for
%DS > 50 mol.%. The proton conductivity of these
membranes is in the range 0.08–0.17 S cm�1 for ion-
exchange capacities of 1.72 and 2.42 meq. g�1,
respectively.

High-molecular-weight sulfonated poly(arylene
ether benzonitrile) random copolymers, containing
as much as 55 mol.% disulfonate units, were also
synthesized from disulfonated and unsulfonated
monomers [108]. In comparison to Nafion, the
benzonitrile-containing copolymers with up to
35 mol.% disulfonated units adsorbed less moisture.
Nevertheless, the conductivity of the 35 mol.% dis-
ulfonated copolymer reached values of 0.1 S cm�1 at
110 �C under full hydration, therefore being compar-
able with the conductivity of Nafion 117.

Disulfonated PES copolymers containing car-
boxylic acid groups were synthesized for use in
DMFC applications [109]. Membrane conductivity
and methanol permeability increased with the degree
of sulfonation and the conductivity to permeability
ratio reached a maximum for 20 mol.% disulfonated
units, being about 5 times higher than the value
correspondingly found for Nafion 117.

Sulfonated poly(arylene) ionomers containing
merely electron-accepting sulfone units (–SO2–)
connecting the phenyl rings have recently been
synthesized and characterized, particularly with
respect to properties relevant for their application
as membrane materials in PEMFCs [110]. This new
class of polymers with extremely electron-deficient
aromatic rings shows very high thermal, thermoox-
idative, and hydrolytic stabilities, low solubilities,
and reduced swelling in water at high temperature
compared to other sulfonated poly(arylene)s. The
latter property allows for the preparation of mem-
branes with very high ion-exchange capacity and
high proton conductivity especially at high tempera-
ture and low humidification, which makes them
interesting materials for applications such as
PEMFCs.

PSUs with very high local concentration of immo-
bilized phosphonic acid were prepared by grafting
poly(vinylphosphonic acid) side chains onto the
PSU backbone through anionic polymerization of
diethyl vinylphosphonate initiated from lithiated
PSU [111]. Fully polymeric membranes were cast
from solutions and showed high thermal stability
with decomposition temperatures exceeding 300 �C
in air. These membranes are among the best proton-
conducting polymers under nominally dry conditions,
their conductivity being around 5� 10�3 cm�1

at 120 �C.
2.15.5.3 Poly(imide)s

Polyimides are a class of high-performance materials
endowed with thermal and oxidative stability.
Random and sequenced sulfonated copolyimides
were first synthesized by reacting naphthalene-
1,4,5,8-tetracarboxylic dianhydride (NTCD) or
4,49-oxydiphthalic anhydride (OPDA) with 4,49-dia-
minobiphenyl-2,29-disulfonic acid (BDSA) and
nonsulfonated diamine monomers, such as 4,49-oxy-
dianiline (ODA), according to a two-step synthetic
route, which allows for controlling the degree of
sulfonation [112–116]. The first step consists in
the preparation of short sequences of BDSA con-
densed with NTCD or OPDA. Adjusting the
diamine/dianhydride molar ratio allows the creation
of different block lengths of the sulfonated sequence.
In the second step, the degree of sulfonation can be
precisely controlled by regulating the unsulfonated
diamine/BDSA molar ratio.

As far as use in FC is concerned, naphthalenic
polyimides 6 are favored in comparison with phthalic
polyimides because of lower ring strain and better
hydrolytic stability [117, 118].
Naphthalenic sulfonated polyimide
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However, naphthalenic polyimides have, in gen-
eral, poor solubility, which limits membrane
formation. Solubility can be enhanced by making a
suitable choice of the unsulfonated diamine used in
the second step of the synthesis [114, 119].

For BDSA–NTCD–ODA polyimides, the length
of the ionic block for a constant equivalent weight has
greater influence on water uptake than a variation of
the equivalent weight for polymers with the same
block length [115]. Surprisingly, while the number
of water molecules per sulfonic group increases when
the ionic block length (x) goes from 1 to 9, the highest
proton conductivity (�0.02 S cm�1 for fully hydrated
membranes at room temperature) is observed for
x¼ 3. According to Rozière et al. [93], this behavior
seems to indicate the occurrence of microstructural
changes accompanying the increase in the ionic block
length. It should be pointed out that both the number
of water molecules per ionic group and conductivity
are systematically lower for random microstructures
than for sequenced copolymers [120].

In general, sulfonated polyimides may have pro-
ton conductivity as high as that of Nafion membranes
with significantly lower methanol permeability
[117, 118, 121]. Nevertheless, the short-term
DMFC performance of several polyimide copolymer
membranes is similar to the performance of
Nafion 117.

Successful H2/air FC operation for 5000 h at
80 �C and 60–90% RH was recently reported for
sulfonated polyimides containing aliphatic segments
[122, 123]. This is one of the longest successful FC
operations for a nonfluorinated ionomer membrane.
It was suggested that introducing aliphatic segments
both in the main and side chains could significantly
reduce the chances of nucleophilic attack by water
onto the imide linkage resulting in enhanced hydro-
lytic stability of polyimide ionomers [124].
2.15.5.4 Sulfonated Block Copolymers

Block copolymers are made of chemically different
oligomers (blocks) which are bonded to each other by
covalent bonds [125, 126]. Blocks of different nature
(in terms of length, structure, and chemical composi-
tion) tend to produce a nanophase separation, which
is responsible for the fact that, in general, these
copolymers combine the properties of different
polymers.

Block copolymers, where oligomers with a high
density of acid groups (e.g., sulfonic groups) are
covalently linked to neutral oligomers, are expected
to show improved properties as compared to the
properties of random copolymers of the same chemi-
cal composition. The nanoseparated morphology
should favor the formation of proton-conducting
channels, hinder the swelling of the conducting
phase, and therefore reduce methanol permeability.
Due to these properties, block copolymers appear to
be suitable materials for the design of proton-
conducting polymer electrolytes for FC applications.

As in the case of random copolymers, the prepara-
tion of sulfonated block copolymers can be performed
either by postsulfonation of nonsulfonated block
copolymers at specific sites (e.g., phenyl rings of styr-
ene block copolymers) or from monomers bearing
sulfonic acid groups. A large number of styrene
block copolymers were prepared by postsulfonation.
Here, only the phenyl rings of the poly(styrene)
blocks are sulfonated so as to favor a phase separation
between the different types of blocks [127–133]. The
poly(styrene)–poly(isobutylene)–poly(styrene) sys-
tem may be taken as a representative example [129]
showing highly ordered hexagonally packed poly(-
styrene) cylinders dispersed in a poly(isobutylene)
matrix. As demonstrated by TEM and SAXS, the
distances between the cylinders remain unchanged
with increase in poly(styrene) weight fraction while
the cylinder diameters are changed.

A large variety of sulfonated poly(imide)s, sulfo-
nated poly(aramide)s, and sulfonated poly(arylene
ether)s were synthesized from sulfonated monomers.
An interesting comparison between the properties of
sulfonated poly(aramide) block copolymers, obtained
from terephthaloyl chloride, 4,49-oxydianiline, and
2,5-diamino benzene sulfonic acid, and those of the
corresponding random copoly(aramide)s was
reported [134, 135]. It was shown by wide-angle X-
ray diffraction that a phase separation between sulfo-
nated and nonsulfonated domains occurs when the
block length exceeds 20 repeating units. This phase
separation results in reduced methanol permeability
and water uptake as compared to Nafion and random
copoly(aramide)s. In particular, water uptake
decreases with increase in block length, thus proving
that nonsulfonated domains restrict the swelling of
the sulfonated blocks. Unfortunately, the perfor-
mance of these poly(aramide) membranes in
DMFC is much lower than that of Nafion because
the lower methanol diffusion coefficient is also asso-
ciated with a reduced proton-diffusion coefficient.

A comparison between the properties of block and
random copolymers, in terms of proton conductivity,
methanol permeability, and self-diffusion coefficient
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of water, was also recently reported for biphenol-
based sulfonated poly(arylene ether sulfone)s [136].
As far as proton conductivity is concerned, it is inter-
esting to observe that the decrease in conductivity
caused by the decrease in hydration is much more
severe for the random than for the block copolymers.
Moreover, under partial hydrated conditions, the
block copolymers with the longest blocks are more
conductive than those with the shortest blocks in
spite of their very low ion-exchange capacity and
hydration level. This is an indirect evidence for an
increase in both nanophase separation and connec-
tivity between hydrophobic domains with an
increase in block length. Another remarkable differ-
ence is found for methanol permeability, which
increases with the water-diffusion coefficient for ran-
dom copolymers and is independent of it for block
copolymers. Therefore, it can be inferred that in
ionomeric block copolymers, the hard hydrophobic
segments lower methanol permeability, while the soft
hydrophilic segments provide pathways for water
and proton transport.
2.15.5.5 Polybenzimidazole

PBI 7 is a basic polymer endowed with high thermal
stability (melting point above 600 �C) and good
mechanical properties (glass transition temperature
of 425–436 �C). PBI by itself is a poor proton con-
ductor for use in FCs with conductivity of the order
of 10�4 S cm�1 at 40 �C–100% RH [137].

Polybenzimidazole

Attempts were made to improve PBI conductivity
by replacing the imidazole hydrogen with aryl or
alkyl substituents. This method provides an oppor-
tunity to tune the properties of the polymer by a
suitable choice of the substituent. Benzylsulfonate
PBI [137, 138] is remarkably stable in solutions of
3% H2O2/F(II) and starts to decompose at around
360 �C, thus showing better thermal stability than
polyarylene polymers where the sulfonic group is
directly bonded to the polymer chain. By increasing
the degree of sulfonation up to about 75%, the water
uptake increases up to 33 wt.%, corresponding to a �
value �7 almost independent of the degree of sulfo-
nation. Concomitantly, the conductivity increases up
to a maximum of 0.02 S cm�1 in water at 25 �C [95].
The same synthetic route used to graft benzylsulfo-
nate groups onto the PBI backbone allowed the
preparation of phosphorylated PBI, but the resulting
polymer turned out to be insoluble in organic sol-
vents and could not be recast as a membrane [139].

The presence of a basic site on the imidazole
ring(pK� 5.5) enables PBI to form blends with
polymers possessing acidic groups, such as sulfonated
poly(etheretherketone) and poly(sulfone) [140],
sulfonated poly(phosphazene) [141], sulfonated
poly(arylenethioether)s [142], poly(arylenethioether-
sulfone) [143], and Nafion [144, 145]. PBI complexes
with strong acids, such as sulfuric and phosphoric
acid [93], exhibit strongly enhanced proton
conductivity in comparison with pristine PBI.
However, this is not the case of complexes of PBI
with heteropolyacids, unless the heteropolyacid is
supported by high surface area inorganic fillers such
as hydrated silica, which is supposed to provide the
main pathway for proton conduction [146–148].
Relatively high conductivity (�4� 10�3 S cm�1 at
200 �C and 100% RH) was instead obtained for PBI
incorporating 50 wt.% zirconium tricarboxybutylpho-
sphonate [149].

Due to its outstanding properties in terms of high
proton conductivity in a dry environment at tem-
perature up to 200 �C, low methanol permeability,
and low electro-osmotic drag, the system PBI/
H3PO4 was extensively investigated since 1994
[150–156]. PBI/H3PO4 complexes can be obtained
by treating the preformed PBI membrane with
phosphoric acid, by casting from a solution of PBI
and phosphoric acid in trifluoroacetic acid [93], or
by casting from solutions of high-molecular-weight
PBI in polyphosphoric acid (PPA) [157]. In compar-
ison with pristine PBI, the acid-doped polymer has
much higher oxygen and hydrogen permeability,
higher by a factor of �1000 and �100, respectively.

The investigation of the influence of molecular
weight on the physicochemical properties of PBI
[158, 159] showed that at high acid-doping levels
the membrane mechanical strength decreases espe-
cially for polymers of low molecular weight.
However, changes in molecular weight do not sig-
nificantly affect proton conductivity. For the PBI/
H3PO4 complex containing 1 mol H3PO4 per repeat
unit (x¼ 1), the proton conductivity is lower
than 0.01 S cm�1 even at 200 �C. However, at the
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same temperature, the conductivity rises from

0.025 S cm�1 for x¼ 2 to about 0.08 S cm�1 for

x¼ 5.7 and is high enough for FC applications

[160]. The effect of inorganic fillers on the conduc-

tivity of acid-doped PBI was also investigated.

Membranes containing 15–20 wt.% of zirconium

phosphate had higher conductivity than the corre-

sponding PBI/H3PO4 membranes, while membranes

incorporating 20–30% PWA or SiWA had higher or

comparable conductivity to PBI/H3PO4 up to

140 �C.
One of the problems affecting PBI/H3PO4 mem-

branes is the leaching of phosphoric acid at high acid-

doping levels, although it was shown that for PBI/

PPA membranes operating at 160 �C, the phosphoric

acid loss was sufficiently low to allow long-term

operation (>10 000 h) [161]. To improve the acid-

retention capability, it was recently suggested to

increase the basic character of the polymer by mod-

ulating the number of nitrogen atoms and their

interspacing along the polymer backbone [162], or

to incorporate silica particles functionalized by an

imidazole-based structure endowed with good che-

mical affinity toward PBI [163]. In both cases, a

significant improvement in the acid-retention prop-

erties and in the permanent proton conductivity after

leaching was observed.
A different approach to avoid electrolyte leaching

consists in replacing H3PO4 with polyvinylphospho-

nic acid (PVPA) which is immobilized in the PBI

matrix by interpenetration, cross-linking, and cova-

lent bonding [164]. PBI acts as the host material,

while the continuous PVPA network serves as proton

electrolyte. This membrane was designed for appli-

cation in DMFC and showed lower methanol

crossover, water permeability, and electro-osmotic

drag in comparison with Nafion 117.
Finally, a novel sulfonated polybenzimidazole

(SOPBI) was recently synthesized [165] by

postsulfonation of the phenylene rings of poly[2,29-

(p-oxydiphenylene)-5,59-bibenzimidazole]. SOPBI

showed good solubility in dimethyl sulfoxide

(DMSO), high thermal stability, good film-forming

ability, and excellent mechanical properties. Cross-

linked SOPBI membranes were also prepared by

thermal treatment of phosphoric-acid-doped SOPBI

membranes and showed much improved water stabi-

lity and radical oxidative stability in comparison with

the corresponding noncross-linked ones, while the

proton conductivity did not change largely

(�0.15 S cm�1 at 120 �C in water).
2.15.5.6 Poly(phosphazene)s

Among inorgano-organic polymers, poly(phospha-
zene)s have been considered as suitable materials
for the development of proton-conducting mem-
branes due to their good thermal and chemical
stability. Poly(phosphazene)s have a general formula
(P(R1R2)¼N)n and their backbone consists of alter-
nating phosphorus and nitrogen atoms where each
phosphorus atom bears two side groups (R1, R2). The
main advantage of poly(phosphazene)s over hydro-
carbon polymers is that the properties of the final
polymer can be finely tuned through substitution
reactions starting from the parent poly(dichloropho-
sphazene), PDCP, because the chlorine atoms can be
replaced by a wide range of different organic groups.
Aryloxy susbstituted poly(phosphazene)s 8 are con-
sidered the most suitable poly(phosphazene)s for
PEM application because they combine barrier prop-
erties with high thermal, mechanical, and chemical
stability. In addition, the possibility to cross-link the
polymer by � radiation allows one to improve
mechanical and barrier properties.

Poly[bis(3-methylphenoxy)phosphazene]

Several poly(dialkylphosphazene)s, with R1 and
R2¼methyl, ethyl, propyl butyl, and hexyl,
were considered for the fabrication of solid proton-
conducting electrolytes due to their capacity to be
protonated at the chain N atom [166]. Protonated
poly(dipropylphosphazene) (PDPrP?nHþ) turned
out to be the most suitable material for this purpose.
The proton conductivity and structural stability of
PDPrP?nHþ, with molar ratio H3PO4/N¼ 1, in
composite materials with poly(phenylensulfide)
(Ryton�) were studied by thermal analysis, nuclear
magnetic resonance (NMR) spectroscopy, and impe-
dance measurements as a function of temperature up
to 79 �C at RH in the range 0–33%. The highest
conductivity turned out to be of the order of
10�3 S cm�1 at 52 �C at 33% RH.
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In order to make the poly(phosphazene)s highly
proton conductive, acidic groups including –SO3H,
–PO3H2, and sulfonimide were incorporated into the
polymer matrix. Two main approaches can be used
to prepare sulfonated poly(phosphazene)s. In the
first, an already sulfonated aryl oxide, alkoxide, or
arylamine substitutes the chlorine atoms in PDCP.
According to this approach, PCDP reacts in a single
step with the nucleophile–hydroxybenzenesulfonic
acid using the noncovalent protection of the sulfonic
acid functionality with a hydrophobic ammonium
ion which can be easily removed after the completion
of the reaction [167].

Alternatively, sulfonation can be carried out on
unsusbstituted aryloxy side groups of a preformed
poly(phosphazene). Chlorosulfonic acid, concen-
trated and fuming sulfuric acids [168], SO3 [169,
170], and propanesulfone [171] were used as sulfo-
nating agents. Sulfonation with chlorosulfonic and
fuming sulfuric acid causes some chain cleavage
depending on temperature and reaction time, while
sulfonation of side groups with SO3 occurs after the
initial formation of a complex between SO3 and the
backbone nitrogen atoms.

The conductivity at 25 �C of noncross-linked sul-
fonated poly(bis(3-methylphenoxy) phosphazene)
with an ion-exchange capacity in the range 0.8–
1.6 meq. g�1 increases with water uptake from 10�8

to 10�7 S cm�1 up to about 0.1 S cm�1 for membrane
swelling in the range 0–50 vol.% [172]. It was also
shown [173] that cross-linked sulfonated poly(bis(3-
methylphenoxy)phosphazene) with an ion-exchange
capacity of 1.4 meq. g�1 combines high conductivity
(0.08 S cm�1 at 65 �C) with a low methanol-diffusion
coefficient (8.5.10�8 cm2 s�1 at 45 �C).

Sulfonated poly(bis(phenoxy) phosphazene)
(s-BPP) was used to build up an interpenetrating
network with cross-linked hexa(vinyloxyet-
hoxyethoxy)cyclotriphosphazene (CVEEP) [174].
Membranes with good mechanical and thermal sta-
bilities were obtained exhibiting high ion-exchange
capacities in the range of 1.62–1.79 mmol g�1 and
proton conductivity of 0.013 S cm�1 at 25 �C in liquid
water. The same sample held at 75 �C and�12% RH
exhibited a conductivity as high as 5.7� 10�3 S cm�1.

Phenylphosphonic acid functionalized poly(pho-
sphazene)s cosubstituted with 4-methylphenoxy or
3-methylphenoxy side groups were synthesized for
use in PEMFCs. These materials have an ion-
exchange capacity in the range 1.17–1.43 meq. g�1

and ionic conductivity between 0.04 and
0.06 S cm�1 in fully hydrated state at room
temperature [175]. At 80 �C, the methanol crossover
of 3-methylphenoxy-substituted poly(phosphazene)
in contact with a 3 M aqueous solution is about 12
times lower than that of Nafion. In general, when the
conductivity to permeability ratio is taken into
account, it is found that sulfonated poly(phospha-
zene) is superior to Nafion 117 at temperatures
below 85 �C while the phosphonated poly(phospha-
zene) is superior to Nafion 117 over a wide
temperature range of 22–125 �C [176].

Cross-linked poly(phosphazene) incorporating
17% aryl sulfonimide side groups and 83% p-
methylphenoxy side groups had a conductivity of
about 0.07 S cm�1 in fully hydrated state at room
temperature [177] and a maximum power density
of 0.47 W cm�2 at 1.29 A cm�2 and 80 �C [178] was
achieved with an MEA based on this kind of
poly(phosphazene).
2.15.6 Some Final Remarks

We have seen that in spite of the large number of
polymeric proton-conducting membranes available
today, the obtained characteristics for their applica-
tions in commercial FCs are, unfortunately, rather far
from those required by automotive firms, especially
with regard to price, durability, and proton conduc-
tivity at medium temperatures and low RH.

When hydrogen is used as a fuel, car producers
would like to operate in the temperature range 70–
130 �C with FCs not pressurized and using only the
water produced at the cathode for hydration of the
membrane (i.e., at low RH). The recently modified
PFSA membranes are able to work, at least for short
times, in the desired range of temperature, but the
conductivity in the RH range 20–40% is too low
even for very thin membranes. Conversely, PBI–
H3PO4 membranes are able to work well even at
low RH values in the range 150–200 �C, but their
conductivity is unfortunately too low in the tempera-
ture range 70–130 �C and other problems, such as
phosphoric acid leaching, are not completely solved.
Therefore, efforts must be made either for increasing
the conductivity of PFSA membranes at RH lower
than about 30–40% or for increasing the conductivity
and decreasing phosphoric acid leaching of
PBI–H3PO4 membranes in the temperature range
70–130 �C.

Note that, if hydrogen containing traces of CO is
used as fuel, the temperature range 150–220 �C could
be accepted since the poisoning effect of CO is
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strongly reduced at high temperature. Concerning

membrane durability, efforts must be made in finding

more stable ionomer matrices. At the same time,

efforts must also be made for reducing the oxygen

permeability as much as possible from the cathodic to

the anodic side of the membrane as this may lead to

the formation of very aggressive oxidized radicals

when the oxygen reaches the anode. According to

Alberti [21], an excessive hydration of the membrane

is usually made in the starting procedures, and this

could be responsible for the fast membrane degrada-

tions observed in swelling–de-swelling cycles,

especially at high temperatures. As discussed before,

while hydration equilibrium with the external vapor

water activity is quickly attained, the change in the

matrix conformation provoked by hydration at high

RH values can remain for long times even at high

temperatures when vapor activity is drastically

reduced. Thus, if the membrane during the starting

procedures is equilibrated at a level of hydration

greater than that attained under the stationary work-

ing conditions, it is reasonable that an appreciable

increase of oxygen permeability can take place in

these permanently deformed membranes when the

water content is decreased.
On the basis of what is discussed above, it is

therefore advisable to prepare annealed perfluoro-

sulfonic acid membranes exhibiting nc indexes

appropriate to the final working conditions while

procedures of excessive hydration in the starting

procedures must be avoided. Some experiments

on membrane durability at medium temperatures,

performed in collaboration with the Electricité de

France (EDF), are in progress. Although it is too

early for definitive conclusions, the first results

seem to confirm our expectations and are really

very encouraging [179].
When a liquid aqueous solution of methanol is

used as fuel, present research efforts must be mainly

addressed to reduce the methanol permeability of the

membranes. Here, as discussed before, the presence

of nanoparticles in the ionomer matrix could be very

important. An association with appropriate thermal

annealing could also be of interest.
Finally, PBI–H3PO4 membranes working in the

temperature range 200–220 �C and/or with reduced

permeability to methanol should be the preferred

ones when methanol–water vapor mixtures are used

as fuel.
In conclusion, the availability of new, less

expensive, and efficient membranes is an important
key for the future development of PEMFCs for

automotive application and appreciable progress

in this field can be expected in the forthcoming

years. However, the problem of the commercial

production of medium-temperature PEMFCs can-

not be solved even with substantial progress in

proton-conducting membranes if more efficient

and less expensive catalytic electrodes with long

durability are not found.
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Antonucci, V. Electrochem. Solid-State Lett. 2001, 4,
A31–A34.

[78] Yang, C., Costamagna, P., Srinivasan, S., Benziger, J.,
Bocarsly, A. B. J. Power Sources 2001, 103, 1–9.

[79] Costamagna, P., Yang, C., Bocarsly, A. B., Srinivasan, S.
Electrochim. Acta 2002, 47, 1023–1033.

[80] Yang, C., Srinivasan, S., Bocarsly, A. B., Tulyani, S.,
Benziger, J. B. J. Membr. Sci. 2004, 237, 145–161.

[81] Lee, H.-K., Kim, J.-I., Park, J.-H., Lee, T.-H. Electrochim.
Acta 2004, 50, 761–768.

[82] Bauer, F., Willert-Porada, M. J. Membr. Sci. 2004, 233,
141–149.

[83] Bauer, F., Willert-Porada, M. J. Power Sources 2005, 145,
101–107.

[84] Bauer, F., Willert-Porada, M. Fuel Cells 2006, 6, 261–269.
[85] Bauer, F., Willert-Porada, M. Solid State Ion. 2006, 177,

2391–2396.
[86] Bauer, F., Müller, A., Wojtkowiak, A., Willert-Porada, M.

Adv. Sci. Technol. 2006, 45, 787–792.
[87] Alberti, G., Casciola, M., Donnadio, A., Narducci, R.,

Pica, M., Sganappa, M. Desalination 2006, 199,
280–282.

[88] Truffier-Boutry, D., De Geyer, A., Guetaz, L., Diat, O.,
Gebel, G. Macromolecules 2007, 40, 8259–8264.

[89] Alberti, G., Casciola, M., Costantino, U., Levi, G.,
Ricciardi, G. J. Inorg. Nucl. Chem. 1978, 40, 533–537.



Basic Aspects in Proton-Conducting Membranes for Fuel Cells 463
[90] Arcella, V., Ghielmi, A., Tommasi, G. Ann. N.Y. Acad. Sci.
2003, 984, 226–244.

[91] Ghielmi, A., Vaccarono, P., Troglia, C., Arcella, V. J.
Power Sources 2005, 145, 108–115.

[92] Kreuer, K. D., Schuster, M., Obliers, B., et al. J. Power
Sources 2008, 178, 499–509.

[93] Rozière, J., Jones, D. J. Annu. Rev. Mater. Res. 2003, 33,
503–555.

[94] Kim, Y. S., Wang, F., Hickner, M., et al. J. Polym. Sci. Part
B: Polym. Phys. 2003, 41, 2816–2828.

[95] Jones, D. J., Rozière, J. J. Membr. Sci. 2001, 185,
41–58.

[96] Li, L., Zhang, J., Wang, J. J. Membr. Sci. 2003, 226,
159–167.

[97] Drioli, E., Regina, A., Casciola, M., Oliveti, A., Trotta, F.,
Massari, T. J. Membr. Sci. 2004, 228, 139–148.

[98] Li, X., Zhao, C., Lu, H., Wang, Z., Na, H. Polymer 2005, 46,
5820–5827.

[99] Gil, M., Ji, X., Li, X., Na, H., Hampsey, J. E., Lu, Y. J.
Membr. Sci. 2004, 234, 75–81.

[100] Regina, A., Fontananova, E., Drioli, E., Casciola, M.,
Sganappa, M., Trotta, F. J. Power Sources 2006, 160,
139–147.

[101] Bauer, B., Jones, D. J., Rozière, J., et al. J. New Mater.
Electrochem. Syst. 2000, 3, 93–98.

[102] Kreuer, K.-D. J. Membr. Sci. 2001, 185, 29–39.
[103] Lee, J. K., Li, W., Manthiram, A. J. Power Sources 2008,

180, 56–62.
[104] Kerres, J., Cui, W., Reichle, S. J. Polym. A 1996, 34,

2531–12438.
[105] Nolte, R., Ledjeff, K., Bauer, M., Mülhaupt, R. J. Membr.

Sci. 1993, 83, 211–220.
[106] Wang, F., Hickner, M., Kim, Y., Zawodzinski, T. A.,

McGrath, J. E. J. Membr. Sci. 2002, 197, 231–242.
[107] Wang, F., Hickner, M., Ji, Q., et al. Macromol. Symp.

2001, 175, 387–396.
[108] Summer, M., Harrison, W. L., Weyers, R. M., et al. J.

Membr. Sci. 2004, 239, 199–211.
[109] Kim, D. S., Shin, K. H., Park, H. B., Chung, Y. S.,

Nam, S. Y., Lee, Y. M. J. Membr. Sci. 2004, 278, 428–436.
[110] Schuster, M., Kreuer, K.-D., Andersen, H. T., Maier, J.

Macromolecules 2007, 40, 598–607.
[111] Parvole, J., Jannasch, P. Macromolecules 2008, 41,

3893–3903.
[112] Cornet, N., Diat, O., Gebel, G., Jousse, F., Marsacq, D.,

Mercier, R., Pineri, M. J. New Mater. Electrochem. Syst.
2000, 3, 33–42.

[113] Genies, C., Mercier, R., Sillion, B., et al. Polymer 2001, 42,
5097–5105.

[114] Genies, C., Mercier, R., Sillion, B., Cornet, N., Gebel, G.,
Pineri, M. Polymer 2001, 42, 359–373.

[115] Cornet, N., Beaudoing, G., Gebel, G. Sep. Purif. Technol.
2001, 22–23, 681–687.

[116] Besse, S., Capron, P., Diat, O., et al. J. New Mater.
Electrochem. Syst. 2002, 5, 109–112.

[117] Einsla, B. R., Hong, Y. T., Kim, Y. S., Wang, F.,
Gunduz, N., McGarth, J. E. J. Polym. Sci. Part A: Polym.
Chem. 2004, 42, 862–874.

[118] Einsla, B. R., Kim, Y. S., Hickner, M. A., et al. J. Membr.
Sci. 2005, 255, 141–148.

[119] Vallejo, E., Pourcelly, G., Gavach, C., Mercier, R.,
Pineri, M. J. Membr. Sci. 1999, 160, 127–137.

[120] Hickner, M. A., Ghassemi, H., Kim, H. S., Einsla, B. R.,
McGrath, J. E. Chem. Rev. 2004, 104, 4587–4611.

[121] Miyatake, K., Zhou, H., Matsuo, T., Uchida, H.,
Watanabe, M. Macromolecules 2004, 37, 4961–4966.

[122] Asano, N., Aoki, M., Suzuki, S., Miyatake, K.,
Uchida, H., Watanabe, M. J. Am. Chem. Soc. 2006, 128,
1762–1769.
[123] Aoki, M., Asano, N., Miyatake, K., Uchida, H.,
Watanabe, M. J. Electrochem. Soc. 2006, 153,
A1154–A1158.

[124] Miyatake, K., Zhou, H., Watanabe, M. Macromolecules
2004, 37, 4956–4960.

[125] Meier-Haack, J., Taeger, A., Vogel, C., Schlensted, K.,
Lenk, W., Lehmann, D. Sep. Purif. Technol. 2005, 41,
207–220.

[126] DeLuca, N. W., Elabd, Y. A. J. Polym. Sci. Part B: Polym.
Phys. 2006, 44, 2001–2225.

[127] Serpico, J. M., Ehrenberg, S. G., Fontanella, J. J., et al.
Macromolecules 2002, 35, 5916–5921.

[128] Weiss, R. A., Sen, A., Willis, C. L., Pottick, L. A. Polymer
1991, 32, 1867–1874.

[129] Storey, R. F., Baugh, D. W. Polymer 2000, 41, 3205–3211.
[130] Kim, J., Kim, B., Jung, B. J. Membr. Sci. 2002, 207,

129–137.
[131] Lu, X. Y., Steckle, W. P., Weiss, R. A. Macromolecules

1993, 26, 5876–5884.
[132] Edmondson, C. A., Fontanella, J. J., Chung, S. H.,

Greenbaum, S. G., Wnek, G. E. Electrochim. Acta 2001,
46, 1623–1628.

[133] Elabd, Y. A., Napadensky, E., Sloan, J. M.,
Crawford, D. M., Walker, C. W. J. Membr. Sci. 2003, 217,
227–242.

[134] Taeger, A., Vogel, C., Lehmann, D., et al. React. Funct.
Polym. 2003, 57, 77–92.

[135] Taeger, A., Vogel, C., Lehmann, D., Lenk, W.,
Schlensted, K., Meier-Haack, J. Macromol. Symp. 2004,
210, 175–184.

[136] Roy, A., Hickner, M. A., Yu, X., Li, Y., Glass, T. E.,
McGrath, J. E. J. Polym. Sci. Part B: Polym. Phys. 2006,
44, 2226–2239.

[137] Glipa, X., Hadda, M. E., Jones, D. J., Rozière, J. Solid
State Ion. 1997, 97, 323–331.

[138] Pu, H., Liu, Q. Polym. Intl. 2004, 53, 1512–1516.
[139] Rikukawa, M., Sanui, K. Prog. Polym. Sci. 2000, 25,

1463–1502.
[140] Walker, M., Baumgartner, K.-M., Kaiser, M., Kerres, J.,

Ulrich, A., Rauchle, E. J. Appl. Polym. Sci. 1999, 74,
67–73.

[141] Wycisk, R., Lee, J. K., Pintauro, P. N. J. Electrochem.
Soc. 2005, 152, A892–A898.

[142] Lee, J. K., Kerres, J. J. Membr. Sci. 2007, 294, 75–83.
[143] Bai, Z., Price, G. E., Yoonessi, M., Juhl, S. B.,

Durstock, M. F., Dang, T. D. J. Membr. Sci. 2007, 305,
69–76.

[144] Ainla, A., Brandell, D. Solid State Ion. 2007, 178,
581–585.

[145] Wycisk, R., Chisholm, J., Lee, J., Lin, J., Pintauro, P. N. J.
Power Sources 2006, 163, 9–17.

[146] Staiti, P., Freni, S., Hocevar, S. J. Power Sources 1999,
79, 250–255.

[147] Staiti, P., Minutoli, M. J. Power Sources 2001, 94, 9–13.
[148] Staiti, P. J. New Mater. Electrochem. Syst. 2001, 4,

181–186.
[149] Jang, M. Y., Yamazaki, Y. J. Power Sources 2005, 139,

2–8.
[150] Wainright, J. S., Wang, J.-T., Savinell, R. F., Litt, M.,

Moaddel, H., Rogers, C. Proc. Electrochem. Soc. 1994,
94, 255–264.

[151] Wainright, J. S., Wang, J.-T., Weng, D., Savinell, R. F.,
Litt, M. J. Electrochem. Soc. 1995, 142, L121–L123.

[152] Glipa, X., Bonnet, B., Mula, B., Jones, D. J., Rozière, J. J.
Mater. Chem. 1999, 9, 3045–3049.

[153] Kawahara, M., Morita, J., Rikukawa, M., Sanui, K.,
Ogata, N. Electrochim. Acta 2000, 45, 1395–1398.

[154] Pu, H., Meyer, W. H., Wegner, G. J. Polym. Sci. B 2002,
40, 663–669.



464 Electromembrane Processes
[155] Qingfeng, L., Hjuler, H. A., Bjerrum, N. J. Polym. Sci.
2001, 31, 773–779.

[156] Li, Q., He, R., Jensen, J. O., Bjerrum, N. J. Fuel Cells
2004, 4, 147–159.

[157] Xiao, L., Zhang, H., Scanlon, E., et al. Chem. Mater. 2005,
17, 5328–5333.

[158] Lobato, J., Canizares, P., Rodrigo, M. A., Linares, J. J.,
Aguilar, J. A. J. Membr. Sci. 2007, 306, 47–55.

[159] He, R., Li, Q., Jensen, J. O., Bjerrum, N. J. J. Membr. Sci.
2006, 277, 38–45.

[160] He, R., Li, Q., Xiao, G., Bjerrum, N. J. J. Membr. Sci. 2003,
226, 169–184.

[161] Yu, S., Xiao, L., Benicewicz, B. C. Fuel Cells 2008, 8,
165–174.

[162] Carollo, A., Quartarone, E., Tomasi, C., et al. J. Power
Sources 2006, 160, 175–180.

[163] Mustarelli, P., Quartarone, E., Grandi, S., Carollo, A.,
Magistris, A. Adv. Mater. 2008, 20, 1339–1343.

[164] Gubler, L., Kramer, D., Belack, J., Ünsal, Ö.,
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